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1. 

GASOLINE PRODUCTION 

RELATED APPLICATION 

This application is a continuation-in-part of applica 
tion Ser. No. 31,300, filed Apr. 23, 1970. 

BACKGROUND OF THE INVENTION 

1. Field of the Invention 
The present invention relates to a process for the pro 

duction of high-octane gasoline, which gasoline may 
contain no lead additive or very little lead additive. 
More particularly, the present invention is an inte 
grated process involving paraffin dehydrogenation, ole 
fin hydration, etheration and gasoline blending. 

2. Prior Art angl Related Disclosures 
Gasoline compositions comprising dialkyl ethers 

have been disclosed in the prior art; for example, in 
U.S. Pat. No. 3,168,385 a motor fuel composition con 
taining dialkyl ethers is disclosed. The fuel composi 
tions disclosed in U.S. Pat. No. 3,168,385 include a sat 
urated aliphatic hydrocarbon base stock in an amount 
from about 50 to about 90% by volume of the blend, 
a small amount of tetraethyl lead, a small amount of an 
alkyl ester of a C to Cs carboxylic acid, and a small 
amount of dialkyl ether. According to U.S. pat. No. 
3,168,385, preferably the ether is tertiary butyl methyl 
ether or diisopropyl ether. 
There have not been a very large number of over-all 

processes disclosed for the production of etherated gas 
olines starting from the base feedstocks. However, an 
over-all process for the production of gasoline is dis 
closed in U.S. Pat. No. 3,482,952. According to the 
process disclosed in U.S. Pat. No. 3,482,952, a basic 
step in the over-all gasoline production process is the 
cracking of a hydrocarbon feedstock. The effluent 
from the cracking zone is fractionated into a plurality 
of streams, including at least a first stream and a second 
stream. The first stream boils in the range, of about 15 
to 170°F. and contains the major portion of the C4 to 
Cs tertiary olefins present in the cracking zone effluent. 
This first stream is contacted with a lower alcohol in 
the presence of an etheration catalyst to convert ter 
tiary olefins in the first stream to ethers. Then the 
ether-containing first stream is combined with at least 
one hydrocarbon stream boiling in the range of about 
15 to 425°F. to form a gasoline. 
Methods for producing high-octane gasolines of re 

duced smog-forming tendencies in addition to those in 
volving hydrocarbon cracking are desirable in view of 
the wide variety of gasoline-producing methods, in 
cluding catalytic reforming, alkylation such as HF alky 
lation or HSO alkylation, hydrocracking, distillation 
of crude oil to obtain straight-run gasoline, and other 
methods. 

SUMMARY OF THE INVENTION 

According to the present invention, an integrated 
process is provided for producing a high-octane gaso 
line having reduced smog-forming tendencies, which 
process comprises: 

a. thermally dehydrogenating-cracking isobutane to 
obtain a mixture of propylene and isobutene; 

b. separating the mixture into an isobutene-rich 
stream and a propylene-rich stream; 

c. hydrating the propylene-rich stream to obtain iso 
propanol; 
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2 
d. etherating the isopropanol with the isobutene-rich 
stream to obtain t-butyl isopropyl ether; and 

e. blending the t-butyl isopropyl ether with gasoline 
boiling-range hydrocarbons. 

In the process of the present invention, it is particu 
larly preferred to carry out the thermal dehydrogen 
ation under conditions, specifically including a temper 
ature between about 1 125 and 1275F., to produce a 
molar ratio of isobutene to propylene between 1.0 and 
1.25. 

It has been found that for an isobutane feedstock, ap 
proximately equal molar amounts of propylene to iso 
butene up to about 1.25 moles of isobutene to propy 
lene can be obtained by thermal dehydrogenation 
cracking of the isobutane feedstock at a temperature 
within the range of 1125 to 1275F., and, more prefer 
ably, within the range of about 1175 to 1235°F. This 
particular aspect of the present invention is discussed 
further hereinbelow with respect to FIG. 2. It is to be 
understood that the term “dehydrogenation-cracking' 
is used herein to connote a combination of dehydro 
genation and cracking that produces both isobutenes 
and propylenes. 
Feed to the dehydrogenation step of the present in 

vention can be any of several isobutane hydrocarbon 
streams produced in refinery processes. In general, a 
substantially isobutane feed is composed mainly (at 
least 55 mol percent) of isobutane plus minor amounts 
of propane, n-butane and pentane fractions. For exam 
ple, in hydroconversion processes - particularly hy 
drocracking - substantial quantities of normal butane 
and isobutane are commonly produced. The isobutane 
may be fractionated from other hydrocarbons and then 
fed to the thermal dehydrogenation-cracking step of 
the process of the present invention. However, it is pre 
ferred in the process of the present invention to more 
fully utilize light hydrocarbon streams composed of 
normal butane and isobutane by processing them 
through a deisobutanizer and normal-butane-isomeri 
zation reactor, as is schematically indicated in FIG. 1. 
Thus, according to a preferred embodiment of the pres 
ent invention, the isobutane feedstock to the thermal 
dehydrogenation-cracking step is obtained at least in 
part by isomerization of normal butane. 
The propylene produced by isobutane dehydrogena 

tion-cracking is hydrated to produce isopropanol. The 
propylene hydration step in the process of the present 
invention is carried out by contacting a mixture of the 
propylene and HO with a solid acidic hydration cata 
lyst, preferably in acidic sulfonated resin catalyst, at a 
temperature between 100 and 400°F., and at a pres 
sure between 10 and 1500 psig. It is particularly pre 
ferred in the process of the present invention to carry 
out the propylene hydration step in a nonferrous reac 
tion zone. Iron has been found to poison the preferred 
acidic sulfonated polymeric resin catalysts used in the 
process of the present invention. 
A particularly preferred sulfonated resin catalyst for 

use in the hydration step of the present invention is 
Amberlyst 15, manufactured by Rohm and Haas Com 
pany. 
Other preferred operating conditions for the propy 

lene hydration step of the present invention are dis 
cussed in more detail in application Ser. No. 21,360, 
entitled “Olefin Conversion,' filed by Jacob D. Kemp 
on Mar. 20, 1970, the disclosure of which patent speci 
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fication is incorporated by reference into the present 
patent specification. 

In the process of the present invention, the etheration 
of the isopropanol with the isobutene to obtain tertiary 
butyl isopropyl ether is carried out by contacting a mix 
ture of the isopropanol and isobutene with a solid 
acidic etheration catalyst, preferably a sulfonated resin 
catalyst, in a reaction zone at a temperature between 
about 50 and 20OF. 

In the process of the present invention, a hydrocar 
bon feedstock, preferably boiling within the gasoline 
boiling range, is blended with the tertiary butyl isopro 
pyl ether to produce high-octane gasoline. By “gaso 
line-boiling-range hydrocarbons' is meant those hydro 
carbons boiling at least within the range of 15 to 
500F., and, more usually, within the range of about 
50° to 400°F. Preferred gasoline-boiling-range hydro 
carbons for blending with the tertiary butyl isopropyl 
ether, according to the process of the present inven 
tion, include catalytic reformate, catalytic hydrocrack 
ate, acid-alkylation alkylate, catalytically cracked gaso 
line, and crude-oil-distillation straight-run hydrocar 
bons. 
According to a particularly preferred embodiment of 

the present invention, a process is provided for produc 
ing a high-octane gasoline having reduced smog 
forming tendencies which comprises: 

a. thermally dehydrogenating-cracking isobutane 
under conditions, specifically including a tempera 
ture between about 185 and 12 15F., to produce 
a molar ratio of propylene to isobutene between 
about equal molar amounts of propylene to isobu 
tene and 1.25 mols isobutene to 1.O mol of propy 
lene, 

b. separating effluent from the thermal dehydrogena 
tion-cracking step into a propylene-rich stream and 
an isobutene-rich stream; 

c. hydrating the propylene-rich stream by contacting 
a mixture of the propylene-rich stream and water 
with an acidic sulfonated resin catalyst at a temper 
ature between about 100 and 400F. to obtain iso 
propanol; 

d. etherating the isobutene with the resulting isopro 
panol, using a sulfonated resin catalyst having an 
acidity between 2 and 6 meq. of H per gram of 
catalyst, to obtain t-butyl isopropyl ether, and 

e. blending the t-butyl isopropyl ether with a hydro 
carbon boiling in the gasoline range. 
BRIEF DESCRIPTION OF THE DRAWINGS 

FIG. 1 is a schematic process flow diagram illustrat 
ing a preferred embodiment of the combination pro 
cess of the present invention. 
FIG. 2 is a graph pertaining to the dehydrogenation 

cracking step in the present invention, and showing the 
yields of isobutene and propylene from isobutene dehy 
drogenation-cracking at various temperatures. 
DETALED DESCRIPTION OF THE DRAWINGS 

Referring now to FIG. 1, the feed stream to the pro 
cess of the present invention can begin, for example, at 
either line or line 3. That is, a refinery hydrocarbon 
stream rich in isobutane may be fed directly via line 3 
to thermal dehydrogenation zone 7. However, as indi 
cated above, it is preferred in many instances to obtain 
the isobutane feedstock for the thermal dehydrogena 
tion-cracking step of the present invention by isomeri 
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4. 
zation of a feed stream containing normal butane. 
Thus, according to a preferred embodiment of the pres 
ent invention, a feed stream comprising normal butane 
and isobutane is fed via line 1 to deisobutanizer Zone 
2. Deisobutanizer Zone 2 consists primarily of a 
deisobutanizer column and related equipment. Isobu 
tane is distilled overhead in the deisobutanizer fraction 
ation column and is ultimately passed via line 3 to de 
hydrogenation zone 7. The normal butane bottoms ma 
teria from the deisobutanizer fractionation column is 
ultimately passed via line 4 to isomerization zone 5. 

It is to be understood that the blocks used to indicate 
the process of the present invention in FIG. are sche 
matic only, and that many of the minor processing steps 
are not shown. 
The normal butane feed to isomerization zone 5 is 

preferably mixed with hydrogen, heated and charged at 
moderate pressure to a reactor. Preferably the butane 
feed is contacted with a platinum-on-alumina catalyst 
in the reactor. The reactor effluent is cooled, hydrogen 
and light gases are separated from the liquid in a sepa 
rator for recycling via a compressor, and the liquid then 
is stabilized in a conventional distillation column. The 
stabilized bottoms product is deisobutanized by passing 
the bottoms product via line 6 to deisobutanizer zone 
2. High-purity isobutane is taken overhead together 
with any isobutane introduced in the fresh feed via line 
1 to desiobutanizer Zone 2. The isobutane stream is fed 
via line 3 to thermal dehydrogenation zone 7. Further 
description of the isomerization and related deisobuta 
nizer step of the present invention can be found in 
“The Oil and Gas Journal, Vol. 56, No. 13, Mar. 31, 
1958, pp. 73-76. This last-mentioned disclosure is in 
corporated by reference into the present patent specifi 
cation. - 

The thermal dehydrogenation-cracking step of the 
present invention is carried out at a tempeature above 
1 100°F., and preferably above 1 150°F. Catalysts can be 
used in the thermal dehydrogenation-cracking step. 
Thus, for purposes of the present patent application, 
thermal dehydrogenation is defined as dehydrogen 
ation at a temperature above 1 1 00F. in the presence 
or absence of catalysts. In accordance with a preferred 
embodiment of the present invention, the thermal 
dehydrogenation-cracking step is noncatalytic, thereby 
avoiding the expense of using catalysts such as CrO 
3-Al2O3. 

In the process of the present invention, a mixture of 
propylene and isobutene is obtained from the thermal 
dehydrogenation-cracking step. As can be seen from 
FIG. 2, there is little propylene product attemperatures 
below 1 1 00F., under the conditions employed to gen 
erate the dehydrogenation data graphically presented 
in FIG. 2. Yields of propylene are substantially limited 
at temperatures below about 1 100°F. by equilibrium 
factors. The data shown in FIG. 2 were obtained under 
the following reaction conditions: 

Feed 88 wt.% isobutane 
12 wt.% n-butane 

Pressure 47 psig 
Liquid hourly space velocity (LHSV) O.833 
Wt.% conversion of the feed 4. 
Volumetric hydrogen-to-hydrocarbon 
ratio 90 
Catalyst (CrOa-AlO-KO 
Surface area of catalyst 76 m/g. 
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As can be seen from FIG. 2, the amount of isobutene 
produced in the laboratory dehydrogenation reaction 
decreased somewhat with the increasing temperature 
over the range 1 100 to about 1230°F. Conversely, the 
amount of propylene produced increased over the 
same temperature range. At about 1230F., approxi 
mately 13 weight percent propylene was produced, and 
about 17 weight percent isobutene was produced. This 
corresponds to an approximately equal molar ratio of 
propylene to is butene. As will become more apparent 
from the further description hereinbelow, it is pre 
ferred in the process of the present invention to pro 
duce approximately equal molar amounts of isobutene 
and propylene in the thermal dehydrogenation 
cracking step, up to about 1.25 mols of isobutene per 
mol of propylene. Preferred temperatures to accom 
plish the desired production of isobutene and propy 
lene are within the range 1 125 to 1275F., and it is 
particularly preferred to operate within the range of 
about 1175 to 123OF. 
As is indicated by the solid dots at the end of the 

curves for propylene and isobutene in FIG. 2, noncata 
lytic cracking was used to obtain data points at a tem 
perature of about 1230F. The material used in the 
high-temperature laboratory reactor was alundum 
chips, the alundum being a fused alumina having very 
little surface area and essentially no catalytic activity. 
As can be seen, these noncatalytic cracking points co 
incided well with the curves for the data obtained over 
the temperature range of about 1 100 to 1 125°F. using 
the chromiaalumina catalyst. This may be expected, 
particularly at the higher temperature range, where the 
thermal-cracking nature of the dehydrogenation reac 
tion is of particular importance. As indicated previ 
ously, in the process of the present invention it is re 
quired that a relatively high temperature be used in the 
dehydrogenation-cracking step. However, a catalytic 
or a noncatalytic material may be used in the dehydro 
genation reactor or furnace, so long as the required 
ratio of isobutene to propylene is produced. 
The runs which were used to obtain the data graphi 

cally presented in FIG. 2 were carried out with hydro 
gen added to the dehydrogenation reactor along with 
the isobutane feedstock. The hydrogen aids in reducing 
the fouling rate in the dehydrogenation reactor. The 
hydrogen also would have some effect equilibrium-wise 
in inhibiting the formation of olefins in the dehydrogen 
ation reaction. However, it is believed that temperature 
is the dominant factor involved in controlling the 
amount of propylene obtained in the dehydrogenation 
reaction. Considering the data points at about 1230F., 
it is expected that if hydrogen were not present in the 
feed, approximately the same ratio of isobutene to 
propylene could be obtained by lowering the tempera 
ture approximately 10 or 15F. The yields of propy 
lene and isobutene may be maintained while doubling 
the LHSV by a compensating increase in temperature, 
from about 1230°F. to 1250F. Given the data of the 
present application, minor changes in the operation of 
the dehydrogenation-cracking step and other steps of 
the present invention can be made without departing 
from the spirit or scope of the present invention. 
The effluent from thermal dehydrogenation zone 7 is 

passed via line 8 to distillation zone 9. In distillation 
zone 9, the dehydrogenation zone effluent is separated 
into an off-gas fraction which is rich in hydrogen and 
light hydrocarbons. The off-gas fraction is withdrawn 
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6 
via line 10. An isobutene-rich fraction is withdrawn via 
line 11 from distillation zone 9, and a propylene-rich 
stream is withdrawn via line 12. 
The propylene is hydrated in hydration zone 13 by 

reacting propylene with water over an acidic solid cata 
lyst. Preferred catalysts include phosphonated or sulfo 
nated acidic resins. Sulfonated resins such as Amber 
lyst 15, manufactured by Rohm and Haas, are particu 
larly preferred. It is also preferred to carry out the 
propylene hydration reaction in a nonferrous reactor, 
as it has been found that iron is a catalyst poison for the 
sulfonated resin catalyst. 

Isopropanol produced in propylene hydration zone 
13 is withdrawn via line 14 and ultimately blended with 
isobutene withdrawn from distillation zone 9 via line 
11. The isopropanol and isobutene are passed to ether 
ation zone 16, wherein they are reacted to form t-butyl 
isopropyl ether. Preferably the etheration reaction is 
catalytically carried out by contacting the isopropanol 
and isobutene with an acidic solid catalyst, such as a 
phosphonated or sulfonated resin in the acid form. 
Preferred etheration catalysts for use in the process 

of the present invention are relatively high-molecular 
weight, water-insoluble, carbonaceous materials con 
taining an appreciable amount of -SO3H groups per 
100 grams of the solid as the acidic functionality. These 
catalysts are exemplified by the sulfonated coals (Zeo 
Karb H, Nalcite X and Nalcite AX), produced by the 
treatment of bituminous coals with sulfuric acid and 
commercially marketed as zeolitic water softeners or 
base exchangers. These materials are usually available 
in neutralized form, and in this case must be converted 
to the hydrogen from by treatment with a mineral acid, 
such as hydrochloric acid, and water-washed to remove 
sodium and chloride ions prior to use. Also suitable are 
the sulfonated resin-type catalysts, which include the 
reaction products of phenolformaldehyde resins with 
sulfuric acid (Amberlite IR-1, Amberlite IR-100 and 
Nalcite MX). Also useful are the sulfonated resinous 
polymers of coumarone-indene with cyclopentadiene, 
sulfonated polymers of coumarone-indene with furfu 
ral, sulfonated polymers of coumarone-indene with cy 
clopentadiene and furfural, and sulfonated polymers of 
cyclopentadiene with furfural. The most preferred cati 
onic exchange resins are strongly acidic exchange res 
ins consisting essentially of sulfonated polystyrene 
resin, for instance a divinylbenzene cross-linked poly 
styrene matrix having about 0.5 to 20%, preferably 
about 4 to 16%, of copolymerized divinylbenzene 
therein to which are attached nuclear sulfonic acid 
groups. These resins are manufactured and sold com 
mercially under various trade names, e.g., Dowex 50, 
Nalcite HCR and Amberlyst 15. 
Amberlyst 15 is a particularly preferred catalyst for 

use in the etheration step of the present invention. Am 
berlyst 15 has a divinylbenzene cross-linked polysty 
rene matrix, having between 0.5-20% of copolymer 
ized divinylbenzene by weight of the resin catalyst to 
which are attached sulfonate groups, and having a mac 
roreticular structure. More specifically, Amberlyst 15 
has the following properties: 

Property Amberlyst 15 

Appearance Hard, spherical, 
dark brown parti 
cles, toluene 
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-Continued 
Property Amberlyst 15 

Saturated 
Typical particle size distribution, 
percent retained on: 

16 mesh U.S. Standard Screens 2.4 
-1620 mesh U.S. Standard Screens 24.2 
-20-30 mesh U.S. Standarc Screens 47.9 
-30-40 mesh U.S. Standard Screens 8.8 
-40-50 mesh U.S. Standard Screens 5.7 
Through 50 mesh, 9% .0 max. 

Whole bead content, % OO 
Buik density, g/l. as supplied 85() 

lbs.fcu. ft. 
True density, g/ml., as supplied 1.4 
Moisture, wt.% a . 
Solids, a 55.60 
Percentage swelling from dry state to 

solvent-saturated state: 
hexane 2 
toluene 15 
ethylene dichloride 7 
ethyl acetate 35 
ethyl alcohol (95%) 66 
Water 66 

Hydrogen ion concentration 
mec.f.g. dry 4.9 
mec/ml. packed column 2.4 
Surface area, m?g. 40-50 

Porosity, ml. pore/ml. bead 0.30-0.35 
Average pore diameter, Angstroms 200-600 

As can be seen from the properties given above, Am 
berlyst 15 is generally obtained with a hydrogen ion 
concentration (-SOH concentration) of about 4.9 
med. per gram of catalyst. 
The relatively high acidity of Amberlyst 15 is pre 

ferred in the process of the present invention. Particu 
larly, acidities in the range of about 2 to about 6 meq. 
of Hit per gram of catalyst are preferred for the catalyst 
used in the etheration step of the present invention. 
The tertiary butyl isopropyl ether produced in zone 

16 is withdrawn via line 17 and passed to blending zone 
18. In blending zone 18, the ether is blended with a 
gasoline-boiling-range hydrocarbon introduced via line 
19. Table I below illustrates the relatively high octanes 
which can be obtained by blending tertiary butyl iso 
propyl ether with gasoline-boiling-range hydrocarbons. 
In particular, Table illustrates the advantage of ter 
tiary butyl isopropyl ether as a blending component in 
contrast to other components such as diisopropyl ether 
or tertiary butyl alcohol. 

Table 

Linear Blending Octane Numbers of Ethers and Alcohols 
(Linear Blending Octanes in 10% Blend with Gasoline) 

F-1 F-2 

T-butyl isopropyl ether, TMI g/Gal. 
O 13.9 103.2 
5 18.3 108.9 

2.5 w 11.9 

Diisopropyl ether, TMI g/Gal. 
O (7.6 99.9 
3 1 13.8 O.2 

T-butyl alcohol, TML g/Gal. 
() 104.1 89.7 
3 48 98.4 

EXAMPLE 

5,350 barrels per calendar day of mixed butanes are 
passed via line 1 to deisobutanizer 2 so that normal bu 
tanes may be isomerized in zone 5. The mixed butanes 
are composed of 55.8% normal butane and 44.2% iso 
butane. The total amount of isobutane which is ulti 
mately withdrawn via line 3 is 4,790 barrels per calen 
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8 
dar day. The isobutane is sent to thermal dehydrogen 
ation Zone 7. 
Thermal dehydrogenation reactor effluent is sepa 

rated into three streams, an off-gas of H2, C and C2's, 
o C3 cut rich in propylene, and a C cut containing iso 
butene and unreacted isobutane. 
The C3 cut is sent to a hdyration plant in which the 

propylene is hydrated to make high-purity isopropyl al 
cohol. The composition of the Cs cut is approximately 
12,590 lbs./hr. of propylene, 2,050 lbs./hr. of propane, 
and 1,150 lbs./hr. of C's -- C's. The C cut is com 
bined with about 13,250 lbs./hr. of demineralized water 
and passed to a reactor at about 500 psig and 250F. 
The catalyst used in the reactor is Amberlyst 15, having 
an acidity of about 5.0 meq of Hit per gram of catalyst. 
The reactor effluent is fractionated to obtain about 
17,240 lbs./hr. of isopropanol. 
The isobutene stream from thermal dehydrogena 

tion-cracking (after separating an off-gas stream and a 
propylene stream in distillation zone 9) contains about 
20,850 lbs./hr. of isobutene, 38,350 lbs./hr. of isobu 
tane, and about 4,000 lbs./hr. of other hydrocarbons. 
In FIG. 1, this isobutene stream is shown as being 
passed to etheration zone 16 via line 11. It is preferred 
to carry out further distillation of this isobutene stream, 
as is indicated in this example. The distillation of the 
isobutene stream can be considered as part of ethera 
tion zone 6. Thus, it is preferred to pass the isobutene 
stream to a deisobutanizer fractionation column 
wherein isobutane is distilled overhead for recycle to 
thermal dehydrogenation zone 7 via line 22. A bottoms 
stream rich in isobutene is withdrawn from the bottom 
of the deisobutanizer. This isobutene-rich bottoms 
stream from the deisobutanizer is passed to a relatively 
Small rerun column. A normal-butane-rich stream 
amount to about 3,000 lbs./hr. is withdrawn from the 
bottom of the small rerun column and about 20,300 
lbs./hr. of isobutene is withdrawn from the top of the 
rerun column. 
This isobutene is combined with isopropanol fed via 

line 4 to the etheration zone and passed downflow 
through an etheration reactor. In the etheration reac 
tor, isopropanol and isobutene are contacted with an 
Amberlyst 15 catalyst at a temperature which is con 
trolled to between about 120F. and 95°F. The temper 
ature may be controlled by various means, and one pre 
ferred method is to use interbed quench; i.e., to with 
draw a portion of the material between reactor beds, 
cool the reactants and then return the reactants to the 
top of the next bed in the etheration reactor. It has 
been determined that it is advantageous to control the 
reaction temperature to between about 50 and 200F., 
and particularly to about 75 to 125F. The reaction of 
isopropanol -- isobutene to form t-butyl isopropyl ether 
is exothermic, and the temperature greatly affects the 
equilibrium constant (at 100°F., K = 10.0, and at 
150°F., K = 4.0). 
The effluent ether product is withdrawn from the 

etheration reactor at about 200 psig and 105°F. The 
raw ether product is passed to a rectifier column, 
wherein it is fractionated to obtain an overhead stream 
containing several thousand lbs./hr. of isobutane. This 
Overhead stream is passed to the deisobutanizer col 
umn contained in etheration zone 16. The bottoms 
from the rectfifier column consist primarily of ether 
and isopropanol. This ether-and-isopropanol stream is 
fed to an alcohol recycle fractionation column. Essen 
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tially all of the alcohol is distilled overhead in the alco 
hol recycle column and is then recycled back to the 
etheration reactor. The recycled isopropanol amounts 
to about 19,450 lbs./hr. The bottoms from the alcohol 
recycle column is primarily the product t-butyl isopro 
pyl ether, amounting to about 31,500 lbs./hr., obtained 
from the net feed streams to the plant of about 17,240 
lbs./hr. isopropanol and about 20,850 lbs./hr. isobu 
tee. 

Although various embodiments of the invention have 
been described, it is to be understood that they are 
meant to be illustrative only and not limiting. Certain 
features may be changed without departing from the 
spirit or scope of the invention. It is apparent that the 
present invention has broad application to the produc 
tion of etherated gasolines by an integrated process, in 
cluding dehydrogenating-cracking to obtain a propy 
lene and isobutene mixture, separating the mixture, hy 
drating the propylene, and etherating the isopropanol 
with the isobutene produced in the dehydrogenation 
cracking steps. Accordingly, the invention is not to be 
construed as limited to the specific embodiments or ex 
amples discussed, but only as defined in the appended 
claims. 
what is claimed is: 
1. In a process for producing a high-octane gasoline 

by blending a hydrocarbon mixture of the gasoline 
range with an ether, the improvement which comprises: 

a. producing a mixture comprising propylene and iso 
butene in which the mol ratio of the isobutene is to 
propylene is in the range from about 1-1.25 to 1, 
respectively, by maintaining a refinery process 
stream comprising a substantially isobutane feed in 
a reaction zone at a temperature in the range from 
about 1125R, to 1275F.; 

b. separating by distillation said mixture into a propy 
lene-rich stream and an isobutene-rich stream; 

c. producing isopropanol by contacting a mixture of 
the propylene-rich stream and water with a solid 
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d. producing t-butyl isopropyl ether by reacting said 
isopropanol with said isobutene-rich stream by 
contacting a mixture of said reactants with a solid 
acidic etheration catalyst in a reaction zone at a 
temperature between about 50 to 200F.; and 

e. producing a high-octane gasoline by blending said 
ether with said gasoline-range hydrocarbon mix 
ture. 

2. The process as in claim 1 wherein the propylene 
isobutene mixture is produced in the absence of a dehy 
drogenation catalyst. 

3. The process as in claim 2 wherein the propylene 
isobutene mixture is produced at a temperature in the 
range from about 1175 to 1235°F. 

4. The process as in claim 2 wherein the 
propyleneisobutene mixture is produced at a tempera 
ture in the range from about 1 185° to 1215F. 

5. The process as in claim 1 wherein the hydration 
and etheration catalysts are selected from the group 
consisting of acidic sulfonate resins. 

6. The process as in claim 5 wherein the production 
of the isopropanol is carried out at a pressure in the 
range from about 10 to 1500 psig. 

7. The process as in claim 5 wherein the resin catalyst 
has a hydrogen ion concentration of about 4.9 millie 
quivalents per gram of the catalyst. 

8. The process as in claim 5 wherein the etheration 
reaction is carried out at a temperature in the range 
from about 75 to 125°F. 

9. The process as in claim. wherein said feed com 
prises an n-butane isomerizate. 

10. The process as in claim 1 wherein the 
propyleneisobutene mixture is produced in the pres 
ence of a dehydrogenation catalyst. 

11. The process as in claim 10 wherein the 
propyleneisobutene mixture is produced at a tempera 
ture in the range from about 1 175° to 1235°F. 

12. The process as in claim 10 wherein the 
propyleneisobutene mixture is produced at a tempera 

acidic hydration catalyst at a temperature in the 40 ture in the range from about 1 185 to 1215F. 
range from about 100 to about 400F.; 
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