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Delaware 

Application November 20, 1953, Serial No. 393,375 
11 Claims. (C. 260-666) 

This invention relates to the production of petrochemi 
cals. Such as olefins, diolefins. and aromatics by high tem 
perature fluid coking of heavy hydrocarbon oils. In par 
ticular it relates to a multi-stage coking process wherein 
the vapor product from a low-temperature stage serves as 
the feed of a high-temperature stage so that the petro 
chemicals can be recovered from the latter stage in rela 
tively high concentrations. 

High temperature fluidized coking of heavy hydrocar 
bons such as reduced crude or petroleum residuum is 
assuming increasing importance as a process for making 
valuable chemical raw materials from a relatively cheap 
feed stock. However, in schemes heretofore proposed 
for this purpose comparatively low yields of distillate 
were obtained. Furthermore, the gaseous product con 
tained the desired ethylene fraction in relatively low con 
centration, due to dilution with hydrogen and methane. 
In fact, the major expense involved in such an operation 
is incurred with product recovery rather than in the 
conversion itself. 

It is, therefore, the object of the present invention to 
produce olefins, diolefins and aromatics such as ethylene, 
propylene, butylenes, butadiene-1,3, isoprene, cyclopenta 
diene, benzene, toluene, xylene, styrene, methylstyrene, 
indene, methyl indene and the like. A more specific ob 
ject is to produce these petrochemicals so that they can be 
recovered at the least possible cost, that is, in the largest 
possible yield and with a minimum of dilution by hydro 
gen and methane. A still more specific object is to pro 
vide a high temperature fluid coking process and apparatus 
wherein the heavy hydrocarbon feed is cracked in stages 
at progressively higher temperatures in such a fashion 
that the very refractory and high boiling feed fractions 
are kept out of the principal cracking zone and thus are 
prevented from diluting the desired product with hydro 
gen and methane which tend to be produced in large 
amounts when the high boiling fractions are pyrolized. 
These and other objects, as well as the general scope and 
specific nature of the invention will become more clearly 
apparent from the subsequent description, particularly 
when read in connection with the accompanying drawing. 

In the drawing 
Fig. 1 is a schematic illustration of a specific embodi 

ment of the invention wherein residuum is partially con 
verted by thermal cracking in a first stage in the presence 
of finely divided inert solids at a relatively low tempera 
ture between about 950 and 1100 F., the resulting vapor 
product is separated from the first-stage solids, and con 
verted into desired unsaturated and/or aromatic hydro 
carbons by contact with other relatively hot solids at a 
temperature of about 1300 to 1600 F., while conversion 
of the more refractory feed portions which are adsorbed 
on the separated first-stage solids is completed separately 
from the first-stage vapors. 

Fig. 2 is a schematic illustration of another embodiment 
wherein the residuum feed and the hot contact solids pass 
through a series of stages in essentially countercurrent 
flow with respect to each other. 
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2. 
According to the invention it is possible to accomplish 

efficient conversion of relatively cheap stocks such as 
vacuum residuum, long residuum, reduced crude, whole 
Crude, or heavy catalytic cycle stocks and the like into 
valuable olefins, diolefins, aromatic hydrocarbons and 
other chemical raw materials. Generally the feed stocks 
are such that a major or at least a substantial fraction 
thereof cannot be completely vaporized at atmospheric 
pressure without thermal decomposition. The feeds may 
have a gravity between about -10 and 20 API, a 
Conradson carbon content of about 5 to 40 weight percent, 
and a boiling range extending well above 950 or even 
above 1300 F. Typical of such stocks are residual having 
an initial boiling point above about 1050 F., and gravity 
of about 11 API. 
The multi-stage conversion of the present invention is 

usually carried out at substantially atmospheric pressure, 
e.g. at 0 to 25 p. s. i. g., though substantially higher 
pressures as well as subatmospheric pressures may be used 
when special considerations warrant this. The tempera 
ture in the first stage preferably is kept between about 
950 to 1100 F., after which the resulting vapors are 
Separated and further converted in one or more consecu 
tive stages at temperatures which may range from about 
1300 to 1600 F. Depending on reaction temperature, 
refractoriness of the feed, desired degree of conversion, 
and other specific, conditions the vapor residence time in 
the first stage is kept down to about 0.3 to 8 seconds, 
preferably about 0.6 second at 1100 F. or about 4 seconds 
at 950 F. The vapor residence time in the one or 
more consecutive stages may add up to as much as a total 
of about 1.5 seconds at 1300 F. down to extremely short 
times such as about 0.01 second at 1600 F. Preferred 
conditions may involve residence times of about 0.8 sec 
ond at 1300 F. to about 0.05 second at 1500 F. 
The wet solids separated from the low-temperature stage 

and containing the more refractory, unconverted high 
boiling fractions of the feed are dried by coking in a 
separate Zone, preferably in the form of a dense fluidized 
bed. Here the residence time may be considerably 
longer, e.g. 5 seconds to 5 minutes, and the temperature 
may be anywhere from about 950 to 1600 F., and 
preferably at least 50 to 100 F. higher than the first 
conversion stage, e.g. 1200 to 1500 F. The pressure 
again preferably is substantial atmospheric. In general, 
of course, the conditions in this drying zone are quite 
flexible since the resulting hydrogen-rich vapors are of 
relatively low value anyway and are recovered separately 
from the primary reaction products. 
The solids from the drier may then be stripped and a 

portion thereof supplied directly to the first conversion 
stage to serve as contact solids therein. Alternatively, it 
is possible to pass essentially all of the solids from the 
drier through a burning zone where the solids are heated 
to about 1350 to 1700° F. by partial combustion and 
the heated solids are then supplied to the various conver 
sion stages as needed. Since the process normally pro 
duces more coke than is consumed in the combustion 
stage, net coke product may be withdrawn at any con 
venient point. Also, since the solid particles used in 
the process tend to grow in size by continuous deposition 
of coke, at least a portion of the circulating solids is 
preferably passed through a grinding zone such as a ball 
mill or through a high velocity gas jet grinder so as to 
maintain the particle size of the solids essentially constant. 
The contact solids used in the system may be any ma 

terial which is substantially catalytically inert and re 
fractory such as coke, sand or pumice. Coke is usually 
used in preference to all others at temperatures below 
1350 F., though above this temperature sand may be 
preferred in view of the , excessive water-gas reaction 
which may occur between stripping, steam and the hot 
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coke. The size of the particles may range predominantly 
between about 40 and 500 microns, with the greatest con 
centration of particles preferably in the 80 to 300 micron 
range. The solids pass through the conversion stages or 
transfer line reactors while suspended in the hydrocarbon 
vapors and, where necessary, an auxiliary inert gas such 
as steam may also be added so as to maintain the gas 
velocity in the desired range. This gas velocity in the 
Several transfer line reactors may range between about 5 
and 100 ft./sec. The suspension of solids in gases passing 
through the transfer line reactors typically will have a 
density of about 0.5 to 25 lbs./cu. ft. The weight ratio of 
solids to hydrocarbons may be between about 2 and 30 in 
the first contacting stage, and about 8 to 70 in subsequent 
Stages. 

Referring to Figure 1 of the drawing, a specific embodi 
ment of the invention will now be described. 

Fresh feed such as South Louisiana vacuum residuum 
having a gravity of 11 API, a Conradson carbon content 
of 17 weight percent and an initial boiling point of about 
1050 F., preferably after preheating to about 700° F., is 
fed into the vaporizer or first conversion stage 10 through 
line 1. The vaporizer 10 may be a transfer line about 1. 
to 5 feet, e.g. 3 feet, in diameter and of such length as to 
give a vapor residence time of about 1 to 3 seconds, e.g. 2 
seconds. Since the vapor velocity is preferably held be 
tween about 10 to 50 feet/second, e.g. at 25 feet/second, 
a practical reactor may have a length of about 3 to 80 feet 
long, e.g. 50 feet. Also present in reactor 10 are hot finely 
divided solids which are introduced into the bottom of 
the reactor through line 2 at a weight ratio of about 2 to 30 
parts, preferably 8 parts of solid per part of hydrocarbon 
feed. These incoming solids will be at a temperature of 
about 1200 to 1400 F., e.g. 1300 F. Finally, it is usual 
ly also necessary to introduce an extraneous gas such as 
superheated steam through line 3, at a rate sufficient to 
maintain the gas velocity in reactor 10 within the afore 
said limits so as to make it possible for the solids and the 
hydrocarbon feed to pass through the reactor in the 
form of a suspension having a density of about 1 to 40 
lbs./cu. ft., e.g. 2 lbs./cu. ft. 
The temperature in reactor 10 near the liquid feed inlet 

may be about 1050 to 1200 F., e.g. 1120 F., and some 
what lower near the exit end of the reactor, due to the 
endothermic nature of the evaporation and mild cracking 
taking place in the reactor. For instance, if the mixture 
of liquid hydrocarbon feed and hot solids is 1120 F. near 
the inlet of the reactor, the temperature near the exit end 
of the reactor may be about 1000 F. While the hydro 
carbon feed passes through reactor 10, it is partially 
vaporized and converted, giving about 85 to 98 weight per 
cent, e. g. 95%, of hydrocarbon vapors boiling below 
about 1050 F. The unvaporized refractory high boiling 
remainder of the feed remains adsorbed on the solids, at 
least partially in liquid form. 

After passage through reactor 10 the mixture of vapors 
and solids is rapidly separated in a dust separating device 
such as a conventional small cyclone 4 or in a spiral sepa 
rator of the type described hereafter with reference to 
Figure 2. It is desirable that this separation be of rela 
tively short duration compared to the vapor residence 
time in reactor 10, or in any event the total time elapsed 
from the time feed is injected into reactor 10 to the in 
stant that the solids are substantially separated therefrom 
in separator 4 should not exceed the residence time limits 
indicated earlier herein, e.g. 0.5 second at an average 
temeprature of 1050 F. Otherwise the refractory high 
boiling portion of the feed will begin to decompose ex 
cessively and give off undue amounts of hydrogen and 
methane. On the other hand, the completeness of the 
separation between vapors and solids is not especially im 
portant, since it is sufficient that the bulk of the wet solids, 
e.g. at least 90% of the total solids present, be removed 
from the vapors before the solids are passed through dip 
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4. 
leg 6 to a drier or stripping vessel 30, the operation of 
which will be described later. The separated completely vaporized feed portion is 
passed from separator 4 to a second reactor 20 through 
line 21. Reactor 20 again preferably is an elongated con 
duit or transfer line about 1 to 5 feet in diameter and about 
3 to 50 feet long. For instance, it may be a tube about 2 
feet wide and 20 feet long. Upon admission into reactor 
20 the hydrocarbon vapors are mixed with a stream of 
hot solids introduced through pipe 29. These solids will 
be at a relatively high temperature, e.g. at about 1500 F., 
and may be added to the hydrocarbon vapors in a weight 
ratio of about 15 parts of solids per part of hydrocarbon. 
The vapors in the resulting suspension thus will be rapidly 
heated to approximately 1500 F. As the suspension 
passes through transfer line reactor 20, the vapors will be 
extensively cracked and somewhat cooled in the process. 
The exit temperature thus may be about 100 F. lower 
than the solids inlet temperature while the vapor residence 
time in reactor 20 may be about 0.2 second, the pressure 
being about 10 p.s. i. g. The vapor velocity in reactor 20 
may be kept at about 100 ft./sec., some of this velocity 
being due to the steam which is added through aeration 
lines 23 for the purpose of carrying the hot solids into the 
reactor. The cracked vapors are separated from the solids 
in a separator such as cyclone 24, and the separated vapors 
are finally quenched to a temperature below about 600 F. 
by injection of cooling medium such as water or steam or 
recycled liquid hydrocarbon fraction or even cool solid 
particles through line 25. The separated product vapors 
may then be drawn off through line 26 and passed to a 
conventional recovery system which may comprise a 
primary fractionator for separating the tar, gas oil and 
lighter distillate fractions; a compressor for the overhead 
gas; and suitable recovery equipment for the light gases 
such as oil absorption or low temperature distillation. 
Table I below shows a typical product distribution ob 

tainable by following the inventive procedure just de 
scribed, as compared with a product composition obtained 
under the same conditions when the pitch feed is injected 
directly into a transfer line coking reactor in accordance 
with prior art practice. 

TABLE I 

Product yield and distribution 

Typical Comparable 
Product of Composition, 
Invention w. Feed Di 

(Wt. percent rect to Coker 
based on (Wt. percent 

feed) based on 
feed) 

Hydrogen--------------------------------- 0.2 0,4 
Methane- 4.3 6.9 
Ethylene- -- i 12.4 210.6 
Ethane.-- 2.7 2.7 
Propylene 9.7 8, 7 
Propane-- 0.4 0.4 

C3 and lighter----------------------- 29.7 29.7 
Butadiene 1-3 2.7 2.4 
Butylenes--------------------------------- 4.8 4. I 
Butanes----- 0.2 0.6 

Total C4---------------------------- 7.7 7. 
Isoprene----------------------------------- 0.8 0, 6 
Piperylene--------- - - - 1.0 0.9 
Cyclopentadienes------------------------- 0.7 0.6 
Other Cs's--------------------------------- 1.6 2.0 

Total C5---------------------------- 4. 4.1 
Benzene.---------------------------------- 3.1 2.2 
C6430°F. (ex benzene) 5.3 13. 
Tar (430°F.--)-------- - - - 25. 26.8 
Coke-------------------------------------- 15.0 17.0 

00.0 00, 0 

1 49 mol percent in C2 and lighter cut. 
234 mol percent in C and lighter cut. 
In comparing the results of the two runs summarized 

in Table I, several important differences are noted. First 
of all, by operating in accordance with the invention 
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the total ethylene yield is increased by about 20% and 
that of propylene by more than 10%. Furthermore, it 
is even more significant to observe that according to the 
invention the concentration of ethylene in the C2 and 
lighter cut is about 63 weight percent or 49 mol percent, 
as against about 52 weight percent or only about 34 
mol percent in the prior art. This increase in ethylene 
concentration is of course very important as far as re 
covery of the olefinis.concerned. 

In addition it is seen that the invention produces ap 
preciably increased amounts of all other olefins, notably 
the butylenes, and also of aromatics as indicated by an 
almost 50% greater yield of benzene. On the other 
hand, the formation of the less desirable products such 
as tar and coke is repressed. 
The solids recovered in separator 24 may be passed 

through dip leg 27 either to the same stripper and 
drier 30 as that mentioned previously in connection 
with the first-stage solids, or, as an alternative, sep 
arate drying units may be used for each stage. In vessel : 
30 the solid are preferably kept in the form of a dense 
fluidized bed by injecting stripping steam through line 
31 upwardly through the vessel at a rate sufficient to 
give a superficial gas velocity of about 0.5 to 5 ft./sec. 
within the dense bed, e.g. 2 ft./sec. Here the conversion 
of the refractory high boiling desidues adhering to the 
Solids is substantially completed, with the production of 
relatively low molecular weight vapors and a dry, solid 
carbonaceous residue. For this purpose the solids in 
vessel 30 are preferably kept at a temperature intermediate 
between the respective temperatures prevailing in transfer 
lines 0 and 20, e. g. at about 1300 F. Thus, the heat 
content of the solids fed into vessel 30 from separators 
4 and 24 is normally sufficient to maintain vessel 30 at 
the desired temperature. However, if a higher stripping 
temperature should be preferred, further heat may be 
added to vessel 30 by introducing into it hot solids di 
rectly from the burner, or by other appropriate heating 
naeans. The relatively poor vapor products, which will 
contain at least about 30 mol percent of hydrogen and 
methane, are finally recovered through line 32. Nor 
mally, liquid fractions may be condensed out of this 
stream by cooling, while, the uncondensed gas may be 
used as fuel. 
The hot stripped and dried solids may be withdrawn 

from vessel 30 and passed to a burner 40 through stand 
pipe 35 and riser 36. A portion of the hot solids, equal 
to about one-third of the solids going to burner 40, 
may be drawn off from riser 36 substantially at or near 
Stripper temperature and passed through line 2 to supply 
heat to the first-stage vaporizer 10, as previously described. 
As normally the temperature of the solids coming from 
drier 30, will be sufficient to satisfy the heat requirements 
of the vaporizer 10, an inert gas such as steam will 
be injected through line 37 at the foot of riser 36 to 
serve as lift gas therein. However, if hotter solids are 
preferred in vaporizer 10, an appropriate amount of an 
oxygen-containing gas such as air may be injected through 
line 37 to produce some combustion in riser 36 before 
the solids are drawn off through line 2. Such combus 
tion in riser 36 has the advantage over combustion direct 
ly in drier 30. in that it does not dilute the hydrocarbon 
vapors liberated in the drier. Of course, where such 
combustion is carried out in riser 36, it will be desirable 
to inject a stripping gas through line 38 into the solids 
in line 2. So as to keep the flue gases from diluting the 
valuable hydrocarbons evolved in vaporizer 10. 
The remainder of the solids present in line 36 are passed 

to a heating Zone 40 where they are reheated in any known 
manner to a temperature at least slightly above that 
desired in the -high-temperature conversion stage 20, e.g. 
to 1500 F. This heater 40 may be either in the form 
of another transfer line reactor as shown, air being in 
jected through line 41, or the heating may be accom 
piished by burning a portion of the circulating solids while 
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6 
in the form of a dense bed. Still further alternatives. 
may include heating the solids by contact with hot flue 
gases, or by indirect heat exchange, all of which are well 
known. 

Referring to illustrated transfer line burner 40, the 
unburnt portion of the solids is separated from the flue 
gases by a dust separator Such as cyclone 47 and the 
hot separated solids, preferably after stripping with steam 
from line 44 in vessel 42, are finally passed through 
standpipe 43 and riser 29 back to the main conversion 
stage 20 to Supply the required heat of cracking as previ 
ously described. 

It will be noted that the main advantage of the in 
vention is due both to keeping the refractory hydrogen 
producing bottoms out of the principal reaction zone, and 
to the fact that the cracking reaction is kept more nearly 
homogeneous throughout the main conversion stage in 
asmuch as the feed to this stage is essentially entirely 
gasiform and therefore permits use of high vapor velocities 
and correspondingly high turbulence throughout. In 
contrast, if the liquid residuum feed were injected in 
conventional manner directly into the bottom of dilute 
phase transfer line coker 20, not only would the re 
fractory feed portions produce large volumes of hydrogen 
and methane, but even the lighter feed portions would 
become unduly degraded by a combination of under 
cracking and over-cracking portions thereof. The latter 
would be due to the fact that the initial vapor velocity 
would have to be kept relatively low so as to allow for 
a considerable increase in velocity as more vapors are 
produced by the progressive cracking of the liquid feed. 
Consequently, such cracking of an at least partially liquid 
feed would not be nearly as homogeneous as in the case 
of the all-vapor feed present in the cracking zone of the 
instant invention. 
An alternative embodiment of the invention will now. 

be described in which the hydrocarbons to be cracked pass 
through a series of stages of increasing temperature in 
countercurrent contact with the heat-carrying contact 
scids, with separation of solids and vapors between stages. 

Referring specifically to Figure 2, preheated residuum 
feed of the type previously described is injected through 
line 101 into the bottom of the first conversion stage or 
vaporizer 10. This stage 10 is again a transfer line 
through which the hydrocarbon feed passes at a gas ve 
locity of about 10 to 50 ft./sec., together with about 15 
parts by weight of finely divided coke per part of hydro 
carbon. This coke may be fed into the stage 10 from 
line 02 with the aid of an inert carrier gas such as steam 
injected at 103. Additional steam may also be injected 
through line 104 to help atomize the liquid feed and to 
bring the gas velocity in the vaporizer 110 to the required 
value. The temperature of the coke in line 102 may be 
about 1200 F. As a result of the introduction of these 
hot solids into vaporizer 10, the latter may be close to 
about 1000 F. at its vapor outlet 105 as the feed is par 
tially vaporized and cracked. 
The resulting vapors are rapidly separated from their 

burden of solids which contain the unvaporized refractory 
portion of the feed. Preferably the residence time of the 
feed in low temperature vaporizer 10 is again kept with 
in the aforementioned ranges, depending on temperature, 
nature of feed, etc. For instance, the hydrocarbons may 
remain in contact with the vaporizer solids for about 2 
seconds at 1000 F. Separation of the solids from the re 
Sulting vapors. can be accomplished in a variety of well 
known ways, a convenient way being simply to bend the 
end of the vaporizer line 110 in the shape of a loop 106. 
The resulting change in direction will cause the suspended 
coke particles to be thrown centrifugally against the outer 
wall. So, that a substantially solids-free vapor stream can 
be withdrawn from the inner wall of the loop through 
line 05: 

After this separation the wet solids may be passed 
through dip pipe. 107 into a drier and stripper vessel 108 



2,813,916 
7 

essentially similar to vessel 30 described in connection 
with Figure 1. In this vessel the wet residue adhering 
to the coke particles is essentially dried by completing 
the coking reaction so as to convert all liquid hydro 
carbons into vapors and a solid carbonaceous residue. 
This, of course, requires a considerable residence time, 
e.g. the average residence time of the coke particles in 
fluidized vessel 108 may be about 5 sec. to 5 minutes. 
The resulting vapors, which will tend to be high in hy 
drogen and methane, may be withdrawn through line 109 
for use as fuel or the like. The dried solids may be with 
drawn from vessel 108 through line 112, for passage to 
a heater or burner. This heater may be essentially of 
the same type as burner 40 described in connection with 
Figure 1, or any equivalent device. The purpose of such 
a heater is to raise the heat content of the solids suf 
ficiently so as to heat the hereafter described highest 
temperature conversion stage 30 to the required tem 
perature, e.g. to 1400 or 1500 F. 
The separated first-stage vapors are substantially free 

of any liquid feed portions and of solid particles, and 
comprise predominantly an essentially uncracked gas oil 
fraction boiling up to about 1050 F., as well as sub 
stantial amounts of thermally cracked naphtha and gas. 
These vapors are withdrawn from the aforementioned 
vaporizer 110 through line 105 and passed to the inlet of 
the next conversion stage 120, where they become ad 
mixed with the solids present in the U-bend 121. These 
solids are at a temperature of about 1300 or 1400 F. 
inasmuch as they have been separated from the next 
higher temperature stage. As the vapors from line 105 
enter the transfer line reactor 120, they will form a sus 
pension with the solids from U-bend 121 and the resulting 
suspension will pass through reactor 120 at a vapor ve 
locity of about 50 ft./sec. The suspension may contain 
the hot solids in a weight ratio of about 16 parts of solids 
per part of hydrocarbon, and the suspension may have 
an apparent density of about 2 lbs./cu. ft. As the sus 
pension passes through reactor 120, the gas oil type vapors 
are extensively cracked into the desired low molecular 
weight compounds, usually with an attendant drop in 
temperature. Thus the temperature in reactor 120 may 
range from about 1350 or 1400 F. at its inlet to about 
1200' F. at its outlet after passage through reactor 120 
the cracked vapors are separated from the solids which 
may be done substantially in the same manner as already 
described in connection with the vaporizer stage 110. 
After separation the solids from the second conversion 
stage 120 are allowed to drop through line 102 so as to be 
available for introduction to the inlet of the first con 
version sage 110, as already described. 
The substantially solid-free vapors withdrawn from the 

Second conversion stage through line 125 may then be 
passed to still another conversion stage 130, to be cracked 
therein at still higher temperature so as to provide the 
very highest temperature cracking zone immediately ad 
jacent to the product quench. Such a three-stage sys 
tem makes it possible to operate under conditions ap 
proaching the ideal which requires having a progressively 
higher temperature as the cracking reaction proceeds. 

However, even a two-stage system is similarly feasible 
and offers major yield advantages over a single-stage op 
eration. 
The hydrocarbon vapors from line 125 may be mixed 

in the high temperature reactor 130 with hot coke com 
ing at about 1500 F. through line 142 from the heater 
previously mentioned. The re-cracked vapors will final 
ly be separated from the hot solids in loop 136. The 
separated solids, cooled to say about 1400 F. while pass 
ing through reactor 130, will be passed through line 132 
and U-bend 21 to the aforementioned intermediate con 
version stage 120 to supply the heat of reaction thereto. 
To prevent subsequent degradation the separated vapors 
are promptly quenched by injection of a cooling medium 
such as water, steam or cold solids through line 138 and 
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8 
finally recovered from line 135. Quenching by indirect 
heat exchange can serve the same purpose. The compost 
tion of these product vapors will be substantially similar 
to those described in connection with the two-stage proc 
ess of Figure 1, except that the yield of distillate fractions 
will be somewhat greater and the yield of tar less by a 
corresponding amount. 

While all stages have been shown as operating with up 
ward flow, it is possible to operate alternate stages with 
opposite directions of flow, thereby saving on total re 
actor height. 
Wherever ratios or percentages are given in this spec 

ification and the claims, they are to be taken as referring 
to a weight basis unless specifically stated otherwise. 

Having described the general nature of the invention 
as well as two specific embodiments thereof, it will be ap 
parent to those skilled in the art that within the scope of 
the appended claims the invention may be embodied in 
still other modifications without departing from the scope 
or spirit hereof. 
The claims: 
1. A process for converting heavy oils containing con 

stituents nonvaporizable without cracking which com 
prises the steps of vaporizing a heavy oil in an elongated 
vaporization zone by passing said heavy oil and heated 
particulate solids there through at a temperature between 
about 950 and 1100 F., separating tarry solids contain 
ing adhering liquid hydrocarbons from the vapors so 
formed, contacting said vapors with additional amounts 
of particulate solids at a chemicals coking temperature 
and passing the resulting mixture through an elongated 
conversion zone, separating from the effluent of said elon 
gated conversion zone gasiform conversion products and 
spent solids, passing said spent solids and said tarry Solids 
to a fluid coking zone and completely drying said solids 
therein, recovering gases comprising hydrogen and meth 
ane from said fluid coking zone, passing a portion of the 
dried solids from said fluid coking zone to said elongated 
vaporization zone, heating the remainder of the dried 
solids to above said chemicals coking temperature and 
transferring the solids so heated to said elongated con 
version zone. 

2. In a process for converting heavy liquid hydrocar 
bon oil containing at least a substantial fraction boiling 
above about 900 F., into olefinic and aromatic hydro 
carbons, the improvement which comprises mixing said 
liquid hydrocarbon oil with finely divided inert solid par 
ticles passing the resulting mixture in the form of a gasi 
form suspension through a confined elongated vaporizing 
zone at a temperature between about 950 and 1100 F. 
so that the oil is partially vaporized, promptly separating 
the resulting vapors from the unvaporized oil which ad 
heres to the solid particles, mixing the separated vapors 
with dry finely divided inert solid particles, passing the 
resulting mixture in the form of a gasiform suspension 
through a confined elongated conversion zone at a tem 
perature between about 1300 and 1600 F., recovering 
cracked product vapors rich in olefins, diolefins and aro 
matics from said conversion zone, passing said separated 
wet solids from said vaporizing zone to a fluid coking 
zone, maintaining said solids therein at a temperature 
between about 950 and 1600 F. while passing a stripping 
gas upwardly therethrough, recovering vapors rich in hy 
drogen and methane from said coking zone, withdrawing 
dried solids from said coking zone, and reheating and re 
cycling at least a portion of said withdrawn dried solids 
to the process. 

3. A process according to claim 2 wherein the contact 
time of the vapors with the hot solids in said conversion 
zone is limited to about 0.01 to 1.5 seconds. 

4. A process according to claim 2 wherein the solids 
separated from the conversion zone product are passed 
to said coking Zone. 

5. A process according to claim 4 wherein a portion 
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of the solids withdrawn from the coking zone is introduced 
into the vaporizing zone, and another portion of the last 
mentioned solids is passed to a combustion zone where 
these solids are heated to at least 1300 F. by combustion 
with an oxygen-containing gas, and the reheated solids 
are passed from the combustion zone to said conversion 
ZO.C. 

6. A process for converting a heavy petroleum resid 
uum into olefinic and aromatic hydrocarbons which com 
prises mixing said residuum with finely divided coke par 
ticles, passing the resulting mixture in the form of a gasi 
form suspension through a confined elongated vaporizing 
zone at a temperature between about 950 and 1100 F. 
until said residuum is partially but not completely 
vaporized, separating the resulting vapors from the coke 
particles and unvaporized liquid hydrocarbons adhering 
thereto, passing the separated wet coke particles to a fluid 
coking Zone, passing a stripping gas upwardly through the 
particles in the coking zone until the liquid hydrocarbons 
are converted into a solid residue and gases rich in hy 
drogen and methane, withdrawing said gases from the 
coking zone, withdrawing dried coke particles from said 
coking Zone, mixing the aforesaid separated hydrocar 
bon vapors with dry finely divided coke particles, passing 
the resulting mixture in the form of a gasiform suspen 
sion through a confined elongated conversion Zone at a 
temperature between about 1300 and 1600 F. and at a 
velocity corresponding to a vapor residence time therein 
cf about 0.01 to 1.5 seconds, separating the resulting 
cracked vapors from the high temperature solids, 
quenching the separated cracked vapors to a temperature 
below about 600 F., and passing the separated high 
temperature solids to the vaporizing zone for mixing with 
additional residuum feed. 

7. A process according to claim 6 wherein the said con 
version zone comprises a plurality of distinct elongated 
reaction zones through which the hydrocarbon vapors 
pass in series, the hottest solids being introduced to the 
inlet of the last reaction zone of the series, and the solids 
Separated at the outlet of each reaction Zone being in 
troduced to the inlet of the next preceding zone. 

8. In a process wherein olefinic and aromatic hydro 
carbons are produced from a heavy residual hydrocarbon 
feed boiling at least in substantial part above about 950 
F. by contacting said feed with hot substantially inert 
powdered contact solids, the improvement which com 
prises mixing said feed with the hot contact solids 
so as to produce a mixture heated to about 950 
to 1100 F., passing this mixture as a dilute gasiform 
suspension through a confined elongated vaporizing zone 
at a high velocity corresponding to a residence time of 
about 0.3 to 8 Seconds in said vaporizing zone, separating 
the resulting hydrocarbon vapors from the suspended wet 
solids which containincompletely vaporized feed adhering 
thereto, mixing the separated hydrocarbon vapors with 
contact solids heated to a temperature at least 100 F. 
higher than the aforesaid solids introduced into said 
vaporizing Zone, passing the resulting mixture as a dilute 
gasiform suspension through an intermediate confined 
elongated conversion zone at a velocity corresponding to 
a residence time of about 0.01 to 1.5 seconds therein, sepa 
rating the resulting cracked hydrocarbon vapors from the 

10 

5 

20 

25 

30 

35 

40 

45 

55 

60 

O 
solids suspended therein, mixing the separated cracked 
hydrocarbon vapors with contact solids in ratio of about 
10 to 100 parts of solids per part of hydrocarbon, said 
solids being heated to a temperature of at least 1300 F. 
and at least 100 F. higher than the aforesaid solids intro 
duced into the said intermediate confined elongated con 
version zone, passing the resulting suspension in the form 
of a gasiform suspension through a last confined elongated 
conversion zone at a temperature between about 1300 to 
1600 F. and a residence time of about 0.01 to 1.5 seconds, 
separating the resulting cracked product vapors from the 
soids suspended therein, quenching the separated product 
vapors by mixing with an inert cooling medium, recover 
ing the quenched products, passing the solids separated 
after passage through a given elongated zone to the inlet 
of the next preceding elongated zone, the wet solids sepa 
rated from the first named vaporizing zone being passed 
to a fluid coking zone where the said solids are dried, and 
passing the dried solids from the coking zone to a com 
bustion zone where the solids are heated to a temperature 
sufficient for feeding to the aforesaid last conversion zone. 

9. An apparatus for converting heavy hydrocarbon 
feed into olefins, which comprises a substantially vertical 
elongated vaporizer conduit, means for feeding said hydro 
carbon feed and finely subdivided solids into the lower 
end of Said vaporizer conduit, separating means for sepa 
rating vapors from the powdered solids at the upper end 
of said vaporizer conduit, a substantially vertical elon 
gated conversion conduit communicating at its bottom in 
let end both with the vapor outlet of the aforesaid sepa 
rating means and with a reservoir of hot dry powdered 
solids, which reservoir is separate and independent from 
said first-named means for feeding solids other separating 
means at the outlet end of the said conversion conduit 
adapted to separate vapors from solids, and means for 
passing solids from said last-named separating means to 
said first-named means for feeding solids. 

10. An apparatus according to claim 9 further com 
prising a coking chamber adapted to receive the solids 
Separated from the said vaporizer conduit, means for in 
jecting a fluidizing gas upwardly through said chamber, 
means for removing gases from an upper part of the cham 
ber, and means for removing dried powdered solids from 
said chamber. 

11. An apparatus according to claim 9 wherein both 
Said separating means consist essentially of the terminal 
portion of the respective conduit arranged in the shape of 
a U-bend and adapted for removal of substantially solid 
free vapors from the inner wall of said U-bend. 
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