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3,239,449
SELECTIVE CONVERSION OF UNSTABLE
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21 Claims, {(Cl 208—143)

The present invention relates to a process for the se-
lective conversion into more stable substances of unstable
liquids which tend to deposit solids upon heating. It is
particularly concerned with improved control of vapori-
zation of intermediate liquid products between reaction
stages in selective conversion processes having both liquid
or mixed phase reactions and vapor phase reactions. In
a preferred embodiment it involves the selective hydro-
genation in two or more stages of a liquid hydrocarbon
mixture containing aromatic hydrocarbons, olefins,
diolefins and sulfur compounds, and especially a mixture
of narrow boiling range.

Selective hydrogenation serves many purposes and the
instant invention is particularly concerned with a proc-
ess in which an unstable hydrocarbon mixture of the type
mentioned above is hydrogenated in at least two stages
of increasing severity to prepare a stable product from
which valuable aromatic hydrocarbons can readily be
separated by solvent extraction with a solvent such as
diethylene glycol. In such extraction, it is relatively
easy to separate benzene and other aromatic compounds
from paraffins or naphthenes; but this is not true of
separating benzene from unsaturated aliphatic compo-
nents and especially from organic sulfur compounds in
the mixture.

To prepare a suitable feed for the soivent extraction,
it is mecessary to convert the organic sulfur compounds
to a readily separable material such as hydrogen sulfide
gas, to saturate the unstable gum-forming diolefins and
also to saturate the mono-olefins without converting aro-
matic hydrocarbons into naphthenes by excessive hydro-
genation. Although it is easy to specify the reactions
with hydrogen for obtaining these results, performing
them in commercial practice has been an entirely dif-
ferent matter. There is an increasing demand for the
production of aromatic hydrocarbons from petroleum so
that the supplies of these compounds are not restricted
to the current production level of the steel and coking
industries. Despite this demand there was still no fully
satisfactory commercial method for the hydrogenation
of such mixtures of aromatic and unsaturated aliphatic
hydrocarbons prior to the present invention.

It is not feasible to saturate and desulfurize such feed
stocks in a single operation because the relatively high
temperatures suitable for hydrodesulfurization also pro-
mots the formation of coke and olefins polymers or gums
and may induce the hydrogenation of aromatics to
naphthenes. Prior to the present invention, conducting
the hydrogenation reactions in two stages to avoid or
minimize the aforesaid deficiencies has not been entirely
satisfactory by reason of the accumulation of polymeric
deposits that reduce the activity of hydrogenation cata~
lysts, thereby necessitating frequent regeneration. Such
deposits also plug up piping and other equipment. Not
only thermal polymerization but also catalytic polymeri-
zation must be minimized as some hydrogenation and de-
sulfurization catalysts also catalyze the polymerization
of diolefins. While various techniques are known for at
least partially reducing polymer formation in hydrocar-
bons at elevated temperatures, nevertheless polymer for-
mation has remained a critical problem in commercial
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plants for the selective hydrogenation of charging stocks
oi the type described.

An object to the invention is to provide an improved
process for the selective conversion of unstable liquids
into relatively stable liquids having little or no tendency
to polymerize or otherwise deposit solids upon standing.

Another object of the invention is to provide an im-
proved process that includes simple, direct and positive
control of the vaporization of liquid at a heat labile stage
during a selective conversion process.

A further object of the invention is to provide an im-
proved selective conversion process for the direct regula-
tion of the vaporization of a liquid of narrow boiling
range.

An object of the present invention is to provide an
improved process for the selective hydrogenation of an
unstable mixture of organic compounds.

Another object of the invention is to provide a process
for hydrogenating a mixture boiling below about 500°
F. of aromatic and unsaturated aliphatic hydrocarbons
without the formation of substantial quantities of naph-
thenes or polymers.

A further object of the invention is to provide an im-
proved process for the selective, nondestructive hydro-
genation of unstable, thermally-cracked, petroleum prod-
ucts with a boiling range below about 500° F., which
hydrogenation is performed in stages of increasing
severity without excessive deactivation of the contact
catalysts.

Still another object of the invention is to provide an
improved process for the selective, nondestructive hy-
drogenation of a mixture of aromatic and olefinic hydro-
carbons boiling below about 500° F., and preferably
below about 275°, in which contact catalysts are kept on
stream for substantiaily longer periods.

A still further object of the invention is to provide an
improved process for the selective hydrogenation of an
unstable hydrocarbon mixture in which not more than
a very small amount of polymeric material is formed
and it is removed from the intermediate product siream
prior to the final hydrogenation reaction.

Other objects and advantages of the invention will be
apparent to those skilled in the art upon consideration of
the following detailed disclosure in which all tempera-
tures are expressed in terms of degrees Fahrenheit, all
proportions in terms of weight and all boiling point or
ranges of temperatures are measured at atmospheric pres-
sure according to the ASTM procedure unless otherwise
stated.

The present invention relates to the selective conversion
of unstable liquids with a pronounced tendency to deposit
solids upon heating by a process which includes partially
converting unstable compounds in a liquid feed into more
stable substances within a confined initial reaction zone
under conversion conditions in which a considerable pro-
portion of said feed is maintained in the liquid phase,
vaporizing a substantial portion of the effluent liquid
from the initial conversion reaction by controlled heating,
and passing the gaseous phase derived from said initial
effluent through a confined conversion zone while sub-
stantially completing the conversion of unstable com-
ponents of said feed; and in which the improvement
comprises separating in an enlarged separation zone a
liquid flux in an amount equal to at least about 0.5% (at
least 5% being preferred) of said liquid feed from said
gaseous phase, withdrawing said liquid flux at a substan-
tially constant rate from a pool thereof maintained in said
separation zone and regulating said controlled heating
operation in direct response to the rate of collecting said
liquid flux in said separation zone as determined from the
level of said pool.
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Narrower aspects of the invention include; inter alia
the use of contact catalysts in the various reaction and
conversion zones, increased- severity of conversion con-
ditions in a ‘subsequent conversion stage incomparison
with the initial reaction, retaining specified proportions of

the initial effluent in the liquid state after the-controlled.

heating and separation, heating the effluent during passage
through a restricted transfer: conduit (a term employed
" herein in its broad sesse to include heaters, etc.), heat-
ing the initial effluent by the injection of a hotter. stable
gaseous ‘reactant either upstream:or. downstream . from
the separation-zone or both; which heating by injection
may be regulated ‘as described ‘hereinbefore, and the
sources, -amounts and circulation of liquid flux. Feeds

of  narrow. boiling range (e.g. those" with -a breadth of:

boiling range which does not exceed about 150° or does
not exceed about 80° on the Fahrenheit scale) are par-
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ticularly contemplated since the .vaporization control of: -

such materials by conventional methods lacks precision;

whereas the present method is especially suitable for- the
vaporization of liquids of very narrow boiling ranges or
even those having boiling point rather than a range be-

cause regulation of the controlled heating is indépendent -
of the boiling and vaporization characteristics of the ini-:

tial effluent liquid.

A preferred embodiment of this invention involves the
selective, nondestructive hydrogenation of a hydrocarbon
liquid :boiling below. about :500° (the - range "of about
140-275° being preferred) which contains aromatic. hy-
drocarbons, preferably in relatively large amounts, and
also olefins, diolefins” and sulfur compounds. It com-
prises reacting this material substantially in the liquid
phase with hydrogen in contact with a porous solid hydro-
genation catalyst of high hydrogenation activity and low
polymerization activity in an initial hydrogenation zone
while controlling the hydrogenating conditions therein

within certain specified ranges to provide a hydrogenation -

effluent in which at least about 35%, and preferably -at
least about 60%, of the diolefins have been at least par-
tially saturated and in which an amount equal to at least
about 20%, and preferably at least about 60%, of the
liquid feed remains in the liquid phase, 'The Bromine
Number of the normally liquid .fraction of said effluent
is also desirably reduced at least 25% below that of the
liquid -feed. - Said conditions which are regulated there,
include maintaining a hydrogen - partial. pressure within
the range of about 200~800 (about 300-600 being pre-
ferred) pounds per-square inch absolute pressure( herein-
after abbreviated p.s.i.a.), an hourly space velocity ‘with-
in ‘the range of about 0.2-15.0, and preferably :about
0.5-8.0, based on the volume of liquid feed, the hydrogen
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“gaseous material -derived from said: vaporization step, is

passed through a_subsequent convérsion’ zone in contact..
with a porous. solid-conversion ‘catalyst of at:least mod-:.
erate hydrogenation :activity -and high: desulfurization ac-

-tivity -at.a substantially higher: average temperature than

in said initial.zone while regulating conversion conditions .
within. certain specified ranges-to produce ;a‘conversion .
effluent with-a normally liquid fraction having a Bromine .
Number:less than about. 4, preferably below: about 2, and :
an organic sulfur content below: about. 20. p.p.m.; and :
preferably below 15 p.p.m. . The specified ‘ranges of con-
version conditions. include: maintaining a hydrogen par- ..
tial pressure within the range.of about 200-800 (about
300-600 being preferred) p.s.i.a.; an hourly space velocity
within the. range of about 0.2-6.0 (about.0.5-4.0 being: :
preferred) based on the volume of-original- liquid feed,
the total hydrogen charge (unreacted hydrogen plus any
newly introduced hydrogen) within -the range of about
500-10,000- -(preferably - about 2,000-5,000) s.c.fb. of
said . liquid feed .and an inlet temperature ‘within - the. -
wide range. ‘of about 350-700°, and: preferably about -
400-650° F. ;

In performing the preferred modification'of the instant::
process, a feed stock with a pronounced tendency toward
undesired polymerization is subjected to a selective hydro-
genation process in which it is first hydrogenated imildly
in the liquid or mixed phase; the resulting effluent is va-

porized under controlled conditions and finally treated in - -

the gaseous phase with hydrogen under more sevére con- -
ditions.: The initial hydrogenation is:conducted at a tem- -
perature sufficiently low to avoid ‘or minimize both ther-
mal and catalytic ‘polymerization:while hydrogenating a .
substantial portion and usually almost all of the diole- -
fins; including all .of the more: reactive ones. During the -
initial “hydrogenation little, if any, desulfurization is. ac-’
complished and a substantial:proportion:of the mono-ole-: .
fins: usually remain unsaturated here as, under some con-- .
ditions,:a more severe hydrogenation at this stage would
produce substantial polymerization. . :
By reason :of the stabilizing effect of -thé. partial hydro-
genation, most of the initial effluent can now be vaporized
without depositing polymeric solids on the equipment; if: "
the vaporization is accomplished by heating in a carefully
controlled manner up until the liquid and gaseous:phases
are separated from:one another completely and rapidly

" in an enlarged separation-zone. . If is to be noted that the

50

_.charge within-the range of about 500-5000, and prefer- .

ably about. 1200-3000, standard cubic feet per barrel -

-(hereinafter abbreviated s.c.f.b.) of liquid and a feed
temperature within the broad range of about 75-300° F.;
and preferably -not over about 250°. = Controlled vapori-
zation of liquid in said hydrogenation effluent and sep-
aration -of the. gaseous. phase thereof :in:an enlarged
separation- zone ‘is effected in the presence of a.liquid
flux, for-example an amount of flux equal to at least
- about 5% (preferably over 10%) .of said liquid feed.

hydrocarbon vapor phase ‘is sharply and completely. sep~
arated for the first time .from the circulating flux liquid.
and the. unvaporized. fraction of the .effluent by removal
of the wapor phase and met by evaporating the. liquid -
phase to dryness or a close approach:to-dryness.

This: gaseous. phase is further: heated without.any: fur-

~ ther special .precautions to a temperature suitable for de-:

55

60:

Such vaporization is:produced by a controlléd heating : -

operation that is regulated in direct response to the .rate
of collecting said flux:in said separation zone and prefer-
ably in direct response to the rate of collecting the liquid:
fraction of fresh initia} hydrogenation effluent. The flux

may be any liquid substance or mixture which is miscible -

with and 'unreactive with said liquid .feed including im-
mediate reaction products, recycled partially or fully
hydrogenated products of the instant. process or -extra-
 neous liquids; preferably having a substantial content-of
aromatic - hydrocarbons. ' The flux may be - withdrawn
from said vaporization step and from the process in an
amount equal to at least about 0.5% (about 1-10%’ being
preferred): of said. liquid feed,- Hydrogen, together with

65:
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sulfurization and also for .olefin saturation ‘and then it.is
subjected to o catalytic. conversion: with hydrogen at a
distinctly. higher temperature -than in the initial hydro-:
genation. 'In this conversion, the saturation of ‘all re-
maining :mono-olefins and diolefins is substantially com-

‘pleted and ‘organic sulfur compounds are converted ‘into.

hydrogen sulfide without any -appreciable . polymer - for-

mation occurring in either the preliminary heating or-im.

the vapor phase: reaction even-though ‘the catalyst is. cus=:
tomarily of a type of high polymerization potential.: :
When the catalyst in the initial reactor is in relatively.
fresh condition, most. of the hydrogenationof mono-ole~
fins: (often more than 80%), as well as diolefins; occurs
there. So little hydrogenation. of the hydrocarbons oc--
curs_in the: final reactor thaf:thé exotherm there:is: quité
small with little temperature différence being: noted . be-~
tween the inlet-and outlet. Eventually as the activity-
of the .catalyst iin- the first reactor. decreases with -con-
tinued: use, more- of the hydrogenation load is shifted to-

the second or-final reactor. and-substantial-increases bes= -

tween the-inlet and outlet temperatures of this -reactox);
are then apparent.. - - -
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As the starting material, any mixture of aromatic and
unsaturated aliphatic hydrocarbons with organic sulfur
compounds may be employed in this embodiment proc-
ess if the final boiling point of the liquid does not exceed
about 500°. A narrow boiling range material, for ex-
ample, one having a boiling range between about 140
and 275°, is desirable, and preferably a charging stock
boiling in the range about 160 to 220°.

As a source of aromatic hydrocarbons, the liquid feed
desirably contains a total of between about 20 and 90%
aromatics, especially benzene and toluene. Typically, it
also has substantial contents of diolefins and olefins as
evidenced by Diene Numbers of about 10 to 22 which
measure the proportion of conjugated diolefins as de-
termined by the maleic anhydride condensation method
and Bromine Numbers of about 15 to 30 which represent
the total content of unsaturated aliphatic hydrocarbons.
Feeds with Diene and Bromine Numbers as high as about
40 and about 75 respectively may also be processed ac-
cording to this phase of the present invention. The or-
ganic sulfur content is typically about 20 to 300 p.p.m.
and may be as high as about 700 p.p.m.

In other utilizations of the instant process, the charg-
ing stock need not be rich in aromatic hydrocarbons. For
instance, in producing a stable gasoline blending stock
from a pyrolysis liquid, a feed containing 6 to 20% aro-
matics compounds is typical.

Feed stocks of the nature described are unstable as they
tend to form polymeric gums readily. It has been found
desirable to keep the period of storing them as brief as
possible in order to minimize the introduction of gum into
the present process. In addition, it is recommended that
the liquid feed stock be free of dissolved oxygen and be
stored in the substantial absence of oxygen or air, for ex-
ample, under a blanket of an inert gas such as nitrogen.
This prolongs the activity of the catalysts usable in this
process. Such feed stocks are generally obtainable by
severely thermally cracking a petroleum fraction suitable
for the manufacture of gasoline or light olefins, as exem-
plified by ethylene. It is preferred here to depentanize
the cracked product. A partially suitable feed is one
within an end point not exceeding 220° and a maximum
gum content of less than 15 milligrams per 100 milliliters.

The total consumption of hydrogen in this meodification
of the invention varies of course with the patticular feed
stock employed; but in general, it is in the range of about
150-800 s.c.f.b. of liquid feed stock. A typical value is
300 s.c.f.b. with a charging stock of Diene and Bromine
Numbers of 15 and 24 respectively, and the consumption
is usually found to be less than 500 s.c.f.b. Substantial
excesses of hydrogen have been specified hereinbefore to
avoid a drop in the hydrogenation rates as a result of an
inadequate supply of hydrogen. Although pure hydrogen
may be used, it is customarily supplied as a mixture of
hydrogen and gaseous hydrocarbons in the off gases of
units for reforming naphthas or hydrodesulfurizing gas
oils, etc. The gas charge preferably has a hydrogen con-
tent of at least 60% by volume but gaseous mixtures with
as little as 40% hydrogen may be used.

The partial pressure of hydrogen in the two or more
reactors is important in avoiding undesired side reactions,
such as the formation of gum or coke on the catalysts.
1t should be maintained within the range of about 200-
800 p.s.ia., in which the 300-600 p.sd.a. range is pre-
ferred. The total pressure in the reactors is not critical,
but it should not be so high as to interfere significantly
with the vaporization of the feed and reaction products
described herein. A major proportion of the product
gases with much unconsumed hydrogen is recycled to the
process after any excessive quantities of hydrogen sulfide
have been scrubbed out and this usually constitutes & ma-
jor proportion of the total quantity of gases charged to
the reactors.

The charging stream of combined recycle and make-up
gases containing hydrogen is divided into several streams.
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A substantial quantity of hydrogen must be introduced
into the first reaction zone along with the liquid feed, and
unreacted hydrogen is present in the effluent of that reac-
tion which is subjected to further hydrogenation reactions.
While in theory all of the hydrogen-rich gas required
for the series of selective hydrogenations can be charged
to the initial reactor, this is not particularly desirable in
practice. [Especially since the circulating gas may be
employed after heating to a high temperature in a furnace
as a heat source to aid in vaporizing the effluent from
the initial reactor and also to regulate the temperature
of the vapor phase charge of hydrocarbons and hydrogen
to a subsequent reactor. Alene this hydrogen-rich gas
stream can be heated without decomposition or other
difficulty to a temperature several hundred degrees higher
than it is possible to heat the liquid or mixed phase ef-
fluent of the first reactor without the coincident deposi-
tion of polymeric gum or coke. Such deposition from the
mixed phases can occur at temperatures of 300° and even
lower. In serving as a heat source, a substantial part of
the total circulating gas, say about 30 to 85%, is heated
to a temperature in the range of about 500 to 950°, and
preferably in the range of about 600-850°, while the un-
heated balance of the gas is charged to the initial reactor.
One stream desirably containing more than half of this
heated gas is used to supply the final temperature incre-
ment to the initial mixed phase effluent just prior to en-
tering the enlarged separating and vaporizing chamber,
and the remainder may be introduced into the whoily
gaseous stream leaving the top of said chamber on its
way to the second stage conversion reactor as the final
heat increment to adjust the charge to the desired inlet
temperature.

In the preferred modification of the novel process, a
catalyst of high hydrogenation activity is required for
the initial reaction zone as it must hydrogenate at a rela-
tively low temperature the more reactive conjugated di-
olefins and usually at least some of the other olefins, but
its polymerization activity must be relatively low in order
to avoid the formation of gums which will deactivate
the catalyst. While suitable hydrogenation catalysts also
incidentally possess relatively high desulfurization activity
initially, this property drops ofl rapidly in a period of a
few days to a week, because such catalysts are readily
poisoned with respect to desulfurizing ability at desul-
furizing temperatures by feeds containing much organic
sulfur.

These qualities of the catalysts may be defined in terms
of arbitrary activity indexes which are described herein.
Unless otherwise stated, all such indexes are measured
using fresh new catalyst. The activity indexes enable
one to clearly differentiate between the two or more cat-
alysts employed at various stages in the instant process.

For delineating hydrogenating activity in a preferred
embodiment, two different indexes are available. The hy-
drogenation activity index is defined herein as the per-
centage or proportion of isoprene which is converted to
pentenes and pentanes when a blend of 8-10% isoprene
and 50-500 p.p.m. of thiophene sulfur in benzene is
passed over the catalyst with 1500-3000 s.c.f.b. of hy-
drogen gas at 150° F., 300 pounds per square inch gage
(hereinafter designated p.s.i.g.) as the total pressure and
a liquid hourly space velocity of 5. Thus a conversion
of half of the isoprene present, or 4.5% out of a total of
9.0% isoprene present, signifies that the activity index
is 50. For the initial catalyst, a hydrogenation activity
index of at least about 40 is recommended.

In determining the benzene conversion index as an-
other and usually supplemental measure of hydrogenation
activity, a sulfur-free mixture of 17% benzene and 83%
cyclohexane is passed through the catalyst under test at
400° F. and 400 p.si.g. with 1500-3000 s.c.f.b. hydrogen
circulation and a liquid hourly volumetric space velocity
of 2. The test mixture must be sulfur-free inasmuch as
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organic sulfur in a content as small-as 50 p.p.m., and even
less in the form of hydrogen-sulfide, -totally inhibits the
hydrogenation .of benzene with such catalysts under the
specified reaction conditions. A suitable catalyst for the
initial reactor has a benzene -conversion index of at least

about 50, meaning that half of the benzene present or -

8.5% is converted into cyclohexane, but an index of about
100 is typical with the preferred catalysts.
Another: means for designating suitable catalysts for

the first reactor is the polymerization activity index. - This :

is another arbitrary index which equals the.percentage. of
isoprene that is polymerized when 25 cc. of a mixture

of 8-10% isoprene in benzene is heated with 5 cc. of the .

catalyst to be tested in a stationary bomb of 30-55 cc.
capacity to a temperature of 350° under a blanket of
inert nitrogen gas and-held there for one hour. The
polymer formed from the isoprene remains on the-catalyst
or the interior surface of the bomb and the liquid consist-
ing of benzene and unreacted isoprene is poured -off and
analyzed chromatographically.  The decrease in isoprene.

monomer due to polymerization is calculated by difference ..

15

20

between the isoprene content of the reaction product and -

- that of the test blend charged. A satisfactory catalyst
for the -first reactor has a polymerization activity index
less than about 35, as polymerization there is undesir-
able.

An arbitrary desulfurization activity index may also be
used -in this modification of the present invention, princi-
pally for determining suitable catalysts. for the subsequent
desulfurization operation. This index is the percent re-
duction in sulfur content obtained when a blend of pure
compounds consisting of 10% hexene and 10% isoprene
in 80 volume percent of benzene with a total thiophene
sulfur content of 500 p.p.m.is passed over the catalyst
in question at 500° F.-and 450 p.s.d.g. together with be-

25

30

35

tween 1500 and 4000 s.c.f.b. of hydrogen at a liquid hour- -

1y volumetric space velocity of 2. - For suitable desulfuri-
zation the final stage catalyst desirably has a desulfuriza-

tion activity index of at least about 80,-both fresh and .

after one week of operating with the test-feed stock. ' It
has been observed that good catalysts for the initial hydro-

genation zone also have desulfurization indexes in the

80-100 range initially but these catalysts are quickly
poisoned or deactivated by a sulfur content equivalent
to that in the test feed so that after one week of opera-
tion the activity index is in the 0 to 50 range.

Catalysts of substantial acid activity are not desirable
for -this particular process since they produce unwanted
cracking reactions, so silica-alumina catalyst supports are
usually avoided. However, while it is preferable that
the catalyst support is substantially free of halogens, a
relatively low" halogen content up to about 0.5% may
be tolerated. Furthermore, a catalyst is- favored which
is substantially devoid of alkylation activity and thus does
not promote . the alkylation of -aromatics with olefins.. .

A varlety of catalysts of differing chemical constitution
may be employed in the initial hydrogenation step as
long as.they have the necessary activity described herein.
Platinum in amounts ranging from about 0.05 to 2.0%,
preferably about- 0.2-1.0%), supported on various alu-
minas, and especially gamma and chi alumina, is suitable
as are the other noble materials in group VIII-of the
Periodic Table .of Elements, such as rhodiom and pal-
ladium.  The -concentration of palladium in such. cata-
lysts may be about 0.05-10%. and -about 0.2-2.0% is
preferred for the purpose.  Nickel either unsupported or
on known supporting materials in concentrations rang-
ing down to about 10% nickel in the composite catalyst
also provides satisfactory results, as does copper chro-
mite. - For instance, good hydrogenating characteristics
for the first reactor: are obtained with 55% nickel sup-
ported on kieselguhr.
genation activity at low temperature, palladium or plati-
num on gamma alumina are recommended, palladium
being -preferred for the initial reaction, since its greater

By reason of their high hydro-.

40

45

50

55

60

75

. & .
activity catalyzes the desired.hydrogenation.reactions at
a temperature about:100° lower than in the case of plati-
num. The palladium composite is desirably ‘promoted
in some instances: with-a quantity of chromia in the same .
range as the palladium. Among the many suitable .spe-
cific catalysts'are 5% palladium on activated carbon and
0.6% platinum on eta alumina of less. than 0.01% ‘chlo-
rine content. The manufacture.of such catalysts is well
known in the art and accordingly is not described.here.

The catalyst or catalysts employed in the second or a:
final reactor operate under quite different reaction- con-
ditions from those in the initial reactor. The charge .is
entirely in-the :gaseous phase and substantially higher
temperatures are required in the second reactor to desul-
furize the intermediate product: and ‘to. complete the .
hydrogenation of the less reactive unsaturated hydrocar-
bons, namely the: mono-olefins-and any remaining diole-
fins. This catalyst may also.be :defined in terms of an
arbitrary desulfurization - activity | index- -activity -as set
forth hereinbefore in the 80-100 range, which is;retained .
for-a period -of atleast one week and usually much longer:
It should have' at least:moderate-hydrogenation activity. -
The increased temperature of the final:reaction greatly -
increases-the -actual hydrogenation:activity of these cata-
lysts.: Also-it-has:been . found.that-some: and perhaps -
all -catalysts -which -are -well ‘suited for- the final stage
reaction -have : relatively. -high. polymerization: activity
indexes exceeding about 25 on. the scale defined herein-
before, even though such: activity is neither directly con-
cerned ‘with nor desired in the instant process.- By rea-
son of the prior partial hydrogenation of the: more reac-
tive diolefins -in the charge to' the final: desulfurization
stage, there is little tendency.for polymerization-to occur.
The. preferred’ catalyst for the final. stage is .a sulfided..
composite of cobalt molybdate on:the surface of gamma
alumina. L o .

In illustration, the presulfiding .or. final. step in the.
preparation of a preferred type of- desulfurization cata-
lyst. may desirably be performed in situ in the reactor:
A fresh contact; catalyst containing cobalt molybdate on:
the surface of -a suitable support such as gamma alumina
or a catalyst regenerated to the -oxide state by combus-
tion with air diluted by steam: is’subjected first.to pre-
reduction for six hours at-700 p.s.i.g. and 700° with a
hydrogen-rich recycle gas substantially free of hydrogen
sulfide. . Following the prereduction step-the catalyst is
then -contacted with a circulating stream of mixed hy-
drogen. sulfide and hydrogen under conditions such that
the minimum partial pressures are 8 p.s.i.a. for hydrogen
sulfide and: 100 ‘p.s.i.a. in the case:of hydrogen and the
temperature is in the range of 500.to 700°. The treat-:
ment is concluded ‘at a temperature.of about 700° after
being continued ‘until” the sulfur: content of the . content.
of the composite catalyst rises- to the range. 6.5-7.5%
whereupon the catalyst is ready to be placed on-stream::
Later during desulfurizing operations, the sulfur in the
catalyst drops from that range to an equilibrium content:
of about 4.6%. ‘ ‘ ,

Returning now to-the first reactor,. suitable ranges of-
reaction conditions for this preferred- process. have been
described earlier and the actual reaction:conditions -are
selected and regulated:within those: ranges in a:manner:
known to those:skilled in:the art to produce an initial
hydrogenation effluent in: which ‘at least-about 35%; and
preferablyat least .60%, of the original ‘diolefins have
been :converted .into' mono-olefins .or paraffins and . in
which an amount.equal to at least about:20%, and pref--
erably at least about 60%, of the liquid feed-rate remains
in the liquid phase. Tt is also preferred to obtain an
effluent liquid fraction with Bromine Number. at. least
about.25% below that of the liquid. feed. : :

The regulation of such reaction conditions “and -the
effect of one operating wariable upon another are well
understood by those skilled in the -art and need not-be
explained in detail here:- For instance, if the degree of:
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hydrogenation tends to drop below the minimum speci-
fied or perhaps below the preferred value, this condition
can be corrected by increasing the feed temperature or
decreasing the space velocity or both. Also if the pro-
portion of initial reactor effluent in the liquid phase drops
below the minimum specified, the feed temperature may
be decreased, the space velocity increased to reduce the
total exothermic heat generated and provide a greater
quantity of reactants to absorb the heat liberated, or the
pressure increased or any combination of these measures
may be employed in reducing the degree of vaporization
in the initial reactor. Using the same circulating gas,
an increase in total pressures of course results in a corre-
sponding increase in hydrogen partial pressure.

With a fresh catalyst, either new or regenerated, it is
obviously most economical to maintain the feed or charg-
ing temperature at the lowest temperature at which the
gaseous and liquid components of the charge are readily
available thus avoiding any heating or cooling expense.
The feed temperature should of course be within the stated
range and, in the preferred operation, the feed tempera-
ture is maintained at a substantially constant value with-
in the narrow range of 75-190° F., and desirably in the
lower part of that range, while the catalyst is fresh. Gen-
erally, this temperature is subsequently increased either
gradually or by steps but not beyond about 300° F. in
order to maintain a diolefin saturation above the specified
minimum, and preferably substantially constant degree
of saturation, as the hydrogenation activity of the catalyst
decreases with continued use. Even with a fresh cata-
lyst, the first hydrogen treatment customarily does not
fully saturate all of the olefinic or unsaturated aliphatic
compounds for the Bromine Number reduction usually
is in the range of about 25-95%.

Regeneration of the initial hydrogenation zone catalyst
is required when the Diene Number reduction is less than
the prescribed minimum of 35%, or the degree of vapori-
zation exceeds 80%, or both, even after the feed tempera-
ture has been adjusted upward to the stated maximum.
These are better criteria than prescribing a maximum out-
let temperature for the initial reactor inasmuch as the
degree of vaporization of the effluent and the degree of
saturation of its more reactive original components, are
more significant than the outlet temperature in the instant
embodiment of the novel process. In addition, it appears
that the maximum permissible outlet temperature can
vary considerably for different feed stocks over the range
of about 275 to 400°. For instance, a reactor outlet
temperature of 325° is considered excessive for certain
low boiling feed stocks but will give satisfactory results
with other feeds boiling at higher temperature ranging
up to end points near 500°,

An attempt to define acceptable outlet temperatures is
not feasible in consideration of the variations in per-
missible pressures in the reactor. For example, an outlet
temperature of 325° would be suitable for a relatively
high reaction pressure in retaining the necessary propor-
tion of liquid phase effluent while a lower temperature
would be necessary if the minimum pressure were em-
ployed while all other conditions were held constant.
Thus as a result of the close interrelation of the various
operating conditions, it is more significant to define the
initial hydrogenation in terms of the regulation of cer-
tain reaction conditions within restricted ranges to pro-
vide an intermediate product in which a certain propor-
tion is retained in the liquid phase and a certain amount
of the more reactive feed components are at least par-
tially saturated.

An entirely different situation prevails at the outlet of
the desulfurization reaction zone as it is unlikely that any
exotherm created by the stated reaction conditions can
reach a temperature sufficiently high to deactivate the
catalyst. To permit the use of ordinary construction
materials, the maximum outlet temperature should not
exceed about 850°
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Although catalysts in the form of palladium or platinum
supported on alumina retain their activity for extremely
long periods, as for instance, 3 months or more in the
case of palladium catalysts, regeneration of the catalyst
is eventually necessary and this may be readily accom-
plished by heating the reactor to a temperature of about
700-900° for a palladium-alumina bed while passing a
gas containing 1 or 2% oxygen therethrough. A diluent
is usually introduced with the air to avoid excessive re-
generation temperatures which can reduce catalyst activity
considerably. Nitrogen or flue gas may be used generally
for that purpose and the more convenient medium of
steam may be utilized as the diluent with a palladium
catalyst.

The desulfurization or final stage catalyst is conven-
tionally regenerated in similar fashion at even longer
intervals of about 6 months or more. In the case of a
sulfided composite of cobalt and molybdenum on alumina,
this converts the cobalt and molybdenum compounds to
oxides and a presulfiding treatment such as the one de-
scribed hereinbefore is employed to restore the catalyst
to its original form.

It has also been found that purging the initial catalyst
with hydrogen at 200-500 p.s.i.a. and 750-850° for 16-4
hours sometimes serves to regenerate certain catalysts,
such as palladium, almost as effectively as conventional
regeneration by combustion with air diluted to an oxygen
content of 1 or 2 percent. Accordingly, it is contemplated
that, in the absence of severe deactivation of the catalyst,
this catalyst may be regenerated several times by such
treatment with hydrogen-rich gas before it is necessary to
regenerate the contact agent by the combustion technique.

Only a limited amount of hydrogen sulfide may be
tolerated without substantial deactivation by certain of
the catalyst suitable for the first reaction stage of this
species of the invention. Although this loss of activity
may be readily restored either by regeneration of the
catalyst in the usual fashion or the hot hydrogen treat-
ment described earlier, frequent regenerations reduce the
over-all efficiency of the process. Accordingly, in the
case of a platinum catalyst supported on alumina, it is
desirable that the concentration of hydrogen sulfide in the
gaseous phase should not exceed 0.05 p.s.i.a. and prefer-
ably should be less than 0.03 p.sia. The effect on a
palladium catalyst is similar. Organic sulfur generally
has a lesser effect on the catalyst and it is a relatively
simple matter to control the hydrogen sulfide which is
introduced in the hydrogen-containing gas by simply pass-
ing either or both of the make-up and recycle gases
through an alkaline scrubber, or other unit for remov-
ing hydrogen sulfide such as a diethylamine absorber.

Under severe conversion conditions, for example a high
desulfurization temperature in combination with a low
space velocity of perhaps less than 1, a sulfided com-
posite of cobalt and molybdenum on alumina may cata-
lyze the hydrogenation of a part of the aromatic hydro-
carbons, as exemplified by the conversion of benzene to
cyclohexane. This is usually undesirable and may be
easily avoided by inhibiting the reaction by maintaining
a concentration of sulfur compounds in the charge equiv-
alent in inhibiting effect to at least about 50 p.p.m. of
thiophene sulfur (e.g., about 20 p.p.m. of hydrogen sul-
fide). Where the charge contains less of such compounds
it is a simple matiter to supply additional hydrogen sulfide
in the hydrogen-rich gas which is introduced upstream
of the final reactor. Selection of a make-up gas of suit-
able hydrogen sulfide content or by-passing the recycle
gas around the caustic soda scrubber are some of the
methods useful in attaining any additional inhibiting
effect.

Despite the unstable nature of the hydrocarbon feed
stock, especially when subjected to substantially complete
vaporization, very little if any gum is formed in the first
reactor of this particular process. The relatively low
reaction temperature is not conducive to thermal polym-
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erization. = A catalyst having little or no polymerization .

activity is employed. A substantial proportion of the
reaction mixture is maintained in the liquid phase to.avoid
approaching the point of dryness in the reactor. In addi-
tion, the usually substantial aromatic content of this lig-

uid ‘makes it a good solvent for polymeric gums, so the: .

liquid phase flowing downwardly through -this mixed
phase reactor dissolves and carries along in solution most
of any polymer formed therein.:
The second catalytic reaction with hydrogen is entirely
a vapor phase operation; hence, it is necessary to vaporize
most of the effluent of the first reactor.
this by merely passing the initial effluent through a heater.
and into the second stage reactor is not satisfactory even
* though this technique has been suggested inthe prior art.
Such procedure deposits polymer: either in the heater or

in the catalyst mass or both, and stoppages of this nature :

call for. much cleaning and/or regeneration that reduce
the overall operating efficiency. Instead the instant proc-
ess is concerned with vaporization of the initial.effluent
in the presence of a flux lignid. This may be. accom-

plished by various methods, one of which involves a com- -

bination of stages-in which the initial hydrogenation efflu-
ent is gradually heated under good temperature control
in the presence of a flux, preferably circulating in sub-

stantial quantity through the transfer line between the .

initial reactor and a vaporizing and separating chamber
of enlarged cross section. In that chamber vaporization
of the initial original feed and products thereof is com-
pleted to the desired extent of about 90 to 99% and
seldom more than-99.5%. The small but significant bal-
ance of unvaporized effluent is withdrawn from the proc-
ess as‘a liquid leaving the enlarged chamber and carrying
a small amount of polymer formed during the vaporiza-
tion operation and possibly also in the initial hydrogena-
tion step or perhaps present in the original charge stock.
Once this separation of the gaseous and liquid-phases has
been accomplished, there is no longer a tendency toward
any significant polymerization.in the gaseous.phase con-
taining the major proportion of the hydrocarbons even
when it is heated up to temperatures of 350 to 700 which
would have produced an-unacceptable degree .of polym-
erization in the mixed phase material from the initial
reactor. )

The gradual heating of the initial effluent to effect con-
trolled vaporization during passage of the effluent through
the restricted transfer conduit (including heater passages,
etc.) leading from the initial reactor to the vaporizing
and separating chamber may be accomplished by several
means. One, comprises an optional but preferred .tech-
nique in which a circulating liquid flux at a substantially
higher temperature, than the effluent  typically of the
order of 75-200° higher, is injected into the initial hy-
drogenation effluent near the outlet of the first. reactor.
It will be appreciated that the exotherm of the injtial
reaction has already increased the temperature of - this
effluent substantially above the temperature of the feed
to that reactor. The temperature of the mixture of flux
and reaction effluent is preferably increased further dur-
ing passage through an indirect heater which- is:desirably
heated with steam or another easily controllable medium
for even heating. A relatively low temperature differ-
ence between the heating and the heated media is highly
desirable to provide the gentle heating that minimizes
polymerization in such equipment. Indirect heat ex-
change is recommended for the major heat input into the
stream passing through the transfer conduit.  In one-em-
bodiment of the invention, an amount of the initial re-
action effluent equal to between:about 20 and 50% of
the original liquid feed may be- retained in the liquid
phase in this controlled heating operation when :further
vaporization is” subsequently produced by the injection
into the heated effluent of a stable gaseous reactant.at a
higher temperature as described hereinafter.- Finally, and
preferably closely adjacent to the inlet of the separator,

Accomplishing -
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12
an additional stream of the hydrogen-rich gas used in
this process may be-injected into- the ‘mixture at.a tem-
perature several hundred’ degrees higher than:the tem-
perature of the mixture.. This.direct.contact heating with
jet of hot.gases-is an-optional but highly desirable feature
which minimizes-polymer: deposition on equipment sur-
faces. With each of these increments of heat; more of
the first reactor effluent is: converted: in the. transfer con-
duit from the liquid phase into the gaseous state under
conditions in which-the presence at all times of a substan-
tial liquid phase assists:in preventing or-at least in mini-
mizing the deposition. of polymeric material or heated .
surfaces. - The enlarged cross section: of the chamber pro-
vides good conditions  for separating the two: phases by
reducing the -vapor velocity sufficiently to sayless than
2 feet per second to minimize .the :entrainment of drop-
lets therein and a suitable demister is usually -provided to
catch any traces of entrained liquid -in the rising -vapors. .

The supply of steam to the indirect heater may. be
‘manually controlled to maintain a predetermined tempera-
ture in the vaporizing chamber-as steady ‘as possible, but
far better results are usually obtainable in regulating the
steam supply in response to the liquid level in the separat-
ing chamber. :

In briefsuch a regulating system involves.controlling the
input of steam manually, but preferably automatically,
in direct response to.the signalsiof-a conventional liquid
level indicator or: controller attached to the vaporizing
and separating chamber. - The removal of liquid streams
from that chamber as well as any input of external flux
is desirably maintained at constant flow rates under the:
regulation of automatic flow controllers; therefore, a rise
in the liquid level in the separating chamber represents a
decrease in the vaporization of the initial hydrogenation -
effluent and a fall in that level-means:that the effluént is
being vaporized in a greater-degree. -To maintain a steady
degree of -vaporization more steam or less steam respec-
tively is supplied to the indirect heater. The heating steam
may be adjusted by means of a valve in the steam supply -
line or one in the line used for draining condensed heating
steam from the heater.

Conventionally, control of vaporization of a generally
similar nature is regulated in response.to.the temperature
of the vapor or perhaps the liquid temperature.. Such

-control is subject to the usual deviations encountered in

efforts to obtain :precise:elevated ‘temperature measure-
ments that-arise. from radiation or evaporization.of liquid
on a temperature sensing element, etc. Motreover,: it is’
not particularly satisfactory for liguids of narrow boiling
range, such asthe preferred feeds'of the present invention,:
inasmuch as a small temperature differential of only a few
degrees at a substantially elevated temperature generally
is'related to a large differential in the proportion of liquid
vaporized.: Thus: control of: heating : of - the . liquid -in
direct responseto the actual proportion of unreacted feed.
stock plus reaction products (initial effluent). retained in
the liquid phase is much simpler and far more -accurate
here than control based on -the -indirect factor of tem-
perature which is further influenced by variations:in pres-
sure, in the composition of the liquid and system lag. =
Either manual or automatic control of the heating of:
the initial effluent in direct response: to the liquid-level in
the flash chamber may also:be-extended-to controlling the
quantity of heat supplied by the stream of hot hydrogen-'
rich gas injected into the transfer line near the inlet of the
vaporizer pot. - This regulation may. be exercised either: -
on the quantity of said gas being admitted to the transfer.
line or on the temperature atthe charge outlet of the
furnace described hereinafter for-heating that gas. - ‘Also,
it is possible to control both the heat input to the indirect: .
heater through which the .initial effluent passes -and the
heat . furnished to: the effluent by the: hot hydrogen-rich
stream’ in response- to ‘the liquid level -controller -on the
vaporizing - and - 'separating chamber. ~ However, it is:
usually preferred from a standpoint. of practical opera-:
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tions to apply such regulation only to the steam input to
the indirect heater.

The flux liquid comprising the liquid fraction of the
effluent from the initial reactor and any inert liquid mis-
cible therewith that is introduced into the transfer line may
perform several functions before being separated from the
gaseous portion of that effluent in the separation chamber.
It minimizes or inhibits gum formation at this critical stage
of the preferred process wherein a stream of mixed gase-
ous and liquid hydrocarbons containing gum-forming
precursors is catried to a relatively high degree of vapori-
zation by heating, for the flux prevents the effluent from
approaching dryness too closely, for example, not closer
than about 5% based on the original liquid feed rate.
Secondly, the circulating flux serves as an economical and
relatively gentle direct heating medium for vaporizing a
portion of the initial effluent. Finally, the flux liquid
prevents, or at least minimizes, the deposition of any gums
or polymeric solids on the pipes and other apparatus by
reason of its washing action on the surfaces thereof and its
solvent characteristics which enable it to retain in solu-
tion any polymeric material whether formed at this stage
or earlier.

Although any hydrocarbon liquid of suitable boiling and
stability characteristics may be employed as the flux in this
particular embodiment of the new process, it is preferred
that the content of aromatic compounds should amount to
at least 15% to improve its capability for dissolving
gummy material. A flux liquid from an external source
may be used, and it is suggested that its volatility should be
sufficiently low that a major proportion and preferably
substantially all of the flux remains in the liquid state
under the conditions.in the vaporizing chamber while its
resistance to coking and polymerization should desirably
be at least as good as that of the initial effluent. Its boil-
ing range is preferably located between about the boiling
point of benzene and about 950°. However, an eco-
nomical and readily available flux liquid may be obtained
very simply by merely reducing the heating in the trans-
fer line between the first reactor and vaporizer pot at the
start of a run in order to retain a larger than usual propor-
tion of the initial reactor efffuent in the liquid phase untit a
sufficient body of flux liquid has been built up in the sys-
tem. This of course amounts to accumulating the least
volatile fraction of the feed stock as the liquid flux.

The rate of recirculating the flux liquid in the pre-
ferred process may amount to at least 5%, and prefer-
ably at least 10%, of the rate of introducing the liquid
feed stock into the first reactor, and lesser amounts may
be recirculated where an appreciable proportion of the
initial effluent is retained in the liquid phase throughout
the vaporizing step. As used herein, all flux (liquid
effluent plus any added liquid) quantities or rates relate
to the proportions at the moment when the maximum
degree of vaporization of the initial effluent is attained;
and, of course, the proportion of material in the liquid
phase reaches its minimum—mnamely, the instant of sepa-
ration of the gaseous and liquid phases—rather than at
the confluence of a circulating flux stream with the ini-
tial hydrogenation effluent. Much higher flux circulat-
ing rates can be employed ranging up to 40%, and even
to 200% or more, for the only real limitations are phys-
jcal ones relating to the capacities of the equipment and
economic ones relating to pumping costs and the cost of
larger equipment. When the total proportion of liquid
in the transfer line and heater is ample by a substantial
margin to avoid dryness and bathe the walls of the equip-
ment, further increases in the flux circulation rate do
not achieve a corresponding or even a significant re-
duction in the amount of polymer formed in the system
or even in the polymer concentration in the flux liquid;
hence, circulation rates provide no important advan-
tages.

The concentration of polymer in the circulating flux
is dependent on the small but significant proportion of
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spent flux withdrawn from the vaporizing step and from
the instant process either intermittently or preferably
continuously. This spent liquid is derived from an un-
vaporized fraction of the effluent of the initial reactor
or from a supply of external flux or from both sources,
and over any substantial periods the rate of withdrawal
must equal the supply from these sources. Under the
preferred steady state conditions, reducing the degree
of vaporization of the initial effluent and correspond-
ingly increasing the spent flux withdrawal results in a
decrease in the polymer concentration in the circulating
flux and vice-versa. As indicated earlier, this removal
of spent flux liquid amounts to at least about 0.5% and
desirably about 1 to 10% based on the liquid feed rate.
While the amount may be larger, it is generally uneco-
nomical to withdraw much more in the liquid phase for
purification or further processing. In actual practice
of the instant embodiment a flow controller on the spent
flux line from the vaporizing chamber may be adjusted
manually as needed to keep the gum content of the circu-
lating liquid low enough to avoid the deposition of poly-
meric material in the equipment; for example, by keep-
ing the gum content below about 200 milligrams per 100
milliliters.

Where a flux liquid from an external source is sup-
plied to the system at a constant and usually relatively
low rate, it is possible to vaporize a correspondingly
greater proportion, in fact the whole, of the liquid efflu-
ent fraction of the first reactor. However, it is prefer-
able to retain the least volatile 0.5% or 1% of said ef-
fluent in the liquid state in order to keep the temperature
as low as possible during the vaporizing operation. For
example, with all percentages based on the liquid feed
rate, one may continually charge 5% of a hydrocarbon
oil having an atmospheric boiling range of 600-700°
and a major proportion of aromatic hydrocarbons to the
separating chamber as circulating flux, and recycle 25%
liquid from this pot to the transfer line immediately
downstream of the first reactor; then vaporization of the
efflunt-flux mixture in the transfer line may be controiled
by appropriate heating to retain 1% of the initial ef-
fluent in the liquid phase in that chamber and 6% spent
flux may be withdrawn continually from the bottom
thereof in maintaining steady operations.

The size and shape of the separating and vaporizing
chamber are not critical. In avoiding or minimizing ap-
preciable entrainment of liquid droplets in the vaporous
phase that is leaving, it is desirable to keep the velocity
of the gaseous phase relatively low, perhaps 2 feet/
second or less. This can be achieved by providing a
reasonably large cross-sectional area perpendicular to
the direction of gas flow in the upper part of the vessel.
On the other hand, where the heat for vaporization
is regulated in response to liquid level in the chamber,
it is desirable to have a relatively small cross-sectional
area in the neighborhood of that level in order that a
significant change in level will occur whenever a sig-
nificant change in the degree of vaporization of initial
effluent occurs. Such factors ppose no great problems,
as there is no necessity for maintaining a constant cross-
sectional area throughout the length of the vessel. As
one illustration, the vessel may be in the general form
of a double cylinder having a lower section of consider-
ably smaller diameter than the upper section.

After separation of the flux liquid from gaseous ma-
terial derived from the effluent of the initial reactor,
this gaseous phase is heated if necessary to bring its
temperature up to the desired inlet temperature of the
second reactor and its proportion of hydrogen is boosted,
if necessary, to the desired level for that reactor by the
introduction of a hydrogen-rich gas. These steps may
be combined, if so desired, by introducing the extra hy-
drogen-containing gas at a substantially greater tempera-
ture, say about 100° to 400° more, than that of the gas-
eous phase leaving the separating chamber. This is one



3,239,449

- 15

of the suitable methods of making the final temperature
adjustment in the charge to the final reactor. It is pref-
erably .accomplished by regulating the volume of fuel
gas ‘burning. in - a furnace for heating circulating gas
and consequently the outlet temperature of that circu- 5
lating gas stream either manually or automatically’ in
response to signals from a temperature sensing device
located in the conduit leading to the inlet of the second
reactor.

For. a better understanding of the nature and objects
of this invention, reference should be had to the detailed
description and examples hereinafter taken in conjunc-
tion with the accompanying drawing which is a simpli-
fied flow sheet or schematic representation of the process
of the present invention. - It will be appreciated that
many details well known to petroleum engineers have
been omitted from the drawing or simplified. for sim-
plicity and greater- clarity including pumps, valves, al-
ternate and parallel piping and equipment and- control
equipment; especially instruments for indicating, record-
ing or regulating temperature, pressure, level, flow, etc.

EXAMPILE 1

Turning now to the drawing, a freshly-distilled stream
of thermally cracked and depentanized gasoline . (170-
220° B. R.) of the composition set forth in part in col-
umn 1 of Table I hereinafter enters the feed conduit 2°
at ambient- temperature and. a - pressure of 740 p.sig.:
at the rate-of 2300 b./d. - This narrow cut is substantially
free from two easily polymerizable and therefore par-
ticularly troublesome compounds, namely cyclopentadi-
ene which boils about 106° and styrene which boils
around 293°. A fresh or make-up gas rich in hydro-
gen and obtained from the off-gas of a conventional unit
for catalytically hydrodesulfurizing gas oil is admitted-in .
pipe 4 at a pressure of 750 p.s.i.g. - The.quantity and
composition of this gas are specified in column 2 of Table
I. This make-up gas joins the recycle gas stream, which-
is described later, in conduit 6. . The resulting mixture has
a temperature of 125° F. and its composition and rate
of flow are designated in column 3 of the table.

Half of the mixed gas stream in conduit 6 is taken off
in the valved line 8§ for purposes that will -be apparent
later. The other half of the gaseous material continues
to travel along pipe 6 until it joins the hydrolysis liquid
hydrocarbons in conduit 2, and this gas-liquid mix-
ture of the composition and flow rate given in column 4
of Table I passes through the heater 10 where its. tempera-
ture is adjusted to 115° (herein designated as the feed
temperature) by heating, if necessary, on its way to re-
actor 12.. This charge temperature produces good results
with the catalyst described hereinbefore which has been
partially deactivated by a liquid feed containing undesired
polymeric materials.

Column 4 of Table I sets forth the total charge to the
first or initial reactor 12 which contains a fixed or sta-
tionary catalytic bed of chromia-promoted palladium on
a gamma alumina support in the form of %s’" diameter

. cylinders % long. Based on the total weight, there is a
surface deposit on the alumina of 0.50 percent of palladi-
um metal and 0.51 percent of chromium in the form:of
oxides.

The reaction conditions in the first reactor 12:are:
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Inlet temperature — . 115° F. 65
Outlet temperature - o coommemom 170° F.
Pressure - oo 730 p.sig
Hydrogen partial pressure .-..———.———__.. 420 p.sia..
H,: liquid feed charging ratio. - <o —ceee 1795 s.c.f.b.
Liquid space velocity ————cmcocmaeno 2.2 v./hr./v. 70
Catalyt Activity Indexes:
Hydrogenation ___ - . 100.
Polymerization - ______. <22.
Desulfurization —_ ... . 0.

In the first stage reaction the primary reaction is one of 75

16
the nondestructive hydrogenation of: diolefins; especially.
conjugated- diolefins, accompanied- by considerably less
saturation of the less reactive mono-olefins. The tempera- -
tures are below the level required .for desulfurization -and
no significant-hydrogenation of aromatics or’ polymeriza-
tion takes place there. . ) )

Any trace of gum formed in the: catalyst bed dissolves.
in-the descending liquid and the reaction:effiuient-is drawn
off -at the bottom of the reactor via-conduit 14 in- which
it is transported to heater 15.° A ‘minor portion of the
liquid -feed- stock -or reaction products-thereof. vaporizes
in reactor 12 as a result of:the heat evolved in the exo-
thermic hydrogenation -reaction.-

A circulating flux liguid ‘at 350° is injected from the
conduit:16 into the products in pipe 14 partly to: increase-
the temperature of the initial reactor effluent: about-45°
thus promoting its vaporization but. chiefly to reduce .any
tendency toward the deposition:of any gummy solidsiin
the transfer line:14.. This flux liquid is.drawn off near.
the ‘bottom of the vaporizer:pot 18:in pipe 16 and recir-
culated by pump 22 at the rate.of 9,220 1bs./hr. or 720
b./d. ‘This liquid is composed of the higher: boiling hy-
drocarbons of the initial reactor effluent’ which :are: re--
tained in the liquid phase and a small quantity of dissolved.
polymeric material. . The latter is a by-produect of the
present process and is readily soluble in the benzene and
othér aromatic. hydrocarbons constituting most of the
liguid flux.

Two other-modes of heating the first reaction effluent:
are also.employed during its passage. to.the vaporizer:pot.
18.. Saturated steam- at 220:p...g.. is admitted to the
heater 15 under:a control technique described hereinafter
to indirectly heat the first reaction products:to a tempera-:
ture of 337°. In addition, a heated hydrogen-rich gase-
ous mixture is injected into :the products in conduit 20
upstream . but close to the-chamber 18.  This hydrogen-: -
rich stream is part of that drawn off in line.8 from.the
total circulating gas (recycle and make-up. gases) in con-
duit- 6. The gas .in pipe 8 flows through the heat:ex-
changer 24, where its temperature is raised to 380°, and
finally into gas-fired heater 26.. Firing of: this heater is
controlled in a unique manner which-is described.later;
and it provides an effluent leaving:in: conduit 28 -at a
temperature of 645°, whichis divided by means of the
three-way. valve 30 with 209 of the total circulating-gas .
being introduced into pipe: 32.and -the remaining. 30%
passing through conduit 34:to join the first reaction efflut
ent in ling 20, This further heating of the product stream
in line 20 of course results. in . more vaporization: and :
vaporization is completed to- the: desired extent-in vapo-: -
rizer 18.-. The latter is a vessel of enlarged cross section:
with an internal diameter of 4.5 feet:and a height of 12.5
feet which provides-favorable conditions for the substan-
tially complete separation of the gaseous phase from' the: -
liquid phase in a mixture thereof at a temperature of.360°
and pressure of 695 p.s.i.g. ’

Based -on the . rate of-feeding pyrolysis: gasoline, 4%
of said liguid feed and reaction products thereof vaporizes
in reactor 12, :much more is evaporated during passage:
through line 14 and: heater: 15, ‘further substantial vapori-
zation is produced by’ the hot gas-injected -from -pipe 34
and only 8.5% is collected in the :liquid phase-in the::
vaporizer pot 18 in addition -to the. circulating: flux.

The gaseous phase going overhead passes through: the
demister-blanket or pad 36 of coarse steel wool designed-
to catch any entrained droplets of: liquid. .- No substantial
deposition of polymers or gums occurs:in the line 14 and. .
20 or. heater 15, but the liquid in the bottom -of-pot:18 :
contains-an amount of- dissolved polymer; (ASTM : gum
content=76 -mg./100  ml.) which is.small butsufficient
to foul and thereby deactivate .a contact:catalyst. within
a fairly. short time at desulfurizing temperatures. .. A por-
tion  of the. flux is continually being:rémoved at.a con-
stant rate of 200 b./d. as spent flux through the bottom
line. 38 under- the regulation of the flow- .controller 40.
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operating the automatic valve 42. The rate of with-
drawing spent flux from the system is manually reset
from time to time to the minimum rate that will hold the
gum content thereof below about 100 milligrams per 100

i8
The firing of the furnace 26 for heating hydrogen-rich
circulating gas is controlled by the automatic valve 64
operating in the fuel gas supply line 66 in response to
two temperature controllers. Temperature controller 68

mls. The spent liquid flux is transferred to a rerun tower 5 senses the temperature in the outlet line 28 from the
(not shown). heater and maintains a temperature 645° at this point,
While an extraneous flux, may be alternatively sup- but this device is reset to other temperatures as may be
plied to the system at a constant rate through the line 50 required in response to the temperature controller 70
connected to vaporizer 18, a suitable flux is obtained which is connected to conduit 56 and maintains a tem-
from the effluent of the first reactor by temporarily op- 1o Perature of 515° in the charge entering the second reactor.
erating heater 15 in the manner described hereinbefore The second reactor 58 contains a bed of a composite
to accumulate sufficient liquid in vaporizer pot 18 for of cobalt and molybdenum sulfides on a gamma alumina
recycling as a flux; and thereafter normal operating con- of %4 inch particle size prepared by hydrogen sulfide
ditions are employed in the vaporizing system. The treatment in the manner described hereinbefore with a
overhead or vapor phase passes through heat exchanger 15 sulfur content of 4.6% at operating equilibrium and a
52 on its way from vaporizing chamber 18 via conduit weight ratio of Al,03:Mo:Co of 84.7:7.9:2.7 respectively.
54 to join the hydrogen-rich gas from pipe 32 in line 56 In the initial reaction effluent the remaining less re-
as the charge for the second stage reactor 58. In this active diolefins are saturated in the second reactor along
passage, the heat exchanger 52 raises the temperature of ~ Wwith all of the mono-olefin in said effluent in a nonde-
the overhead effiuent to 485° and admixture with the 20 structive manner with no substantial saturation of aro-
hydrogen-rich gas at about 645° further raises the tem- matic compounds. The reaction conditions in the sec-
perature of the total charge to 515° at the reactor inlet. ond stage reactor are as follows:
As indic_ated previously, two unique temperature con- Tnlet temperatire - ——___. 515°
trol techniques are employed for heating and thereby Outlet temperature - ____________ 535°.
vaporizing liquid effluent from the first reactor to pre- 25 Tqpal pressure — - _——ooo___, 685 psig
pare a vapor phase charge for the second reactor.  First, H, partial pressure — .. 335 psia.
the rate of flow of heating steam through conduit 59 to Total Hy charged - oo _. 3350 s.c.fb.
heater 15 is controlled by automatic valve 60 in response Space velocity calculated
to an external liquid level controller 62 which is con- on liquid feed - oo 1.7 v./hr./v.
nected in conventional manner to sense the liquid level 30 Catalysts activity indexes:
in separator pot i8. Since the rates of circulation of Desulfurization — - e 98-100
flux liquid and removal of the spent flux are customarily Polymerization .o ——___________. 43,
held constant, a rise in the level of liquid in pot 18 in- . . .
dicates that the liquid feed stock and its liquid products g From the inlet and outlet temperatures given, it is ap-
are being vaporized at a lower rate. This is corrected parent that significant hydrqgenatxon reactions with sub-
automatically by the level controller 62 generating a Star.ltlz.d exotherms are taking p lace in both reactors.
function or signal in response to which valve 60 auto- Th1s is borne out by a comparison of the unsaturation
- . . indexes of the reactor charges and effluents of column 4
matically opens to admit more steam into heater 15 a.nd with column 5 in Table I and also column 6 with 7. The
thus vaporize more of the first reactor effluent passing 40 juster two indicate that a minor hydrogenation of diolefins
through the heater 15. Conversely, a fall in liquid level is completed in the final reactor along with the principal
in the vaporizing chamber mdlcates_ that a greater pro- hydrogenation that saturates substantially all mono-olefins
portion is being vaporized, and this is corrected by a and a substantially complete hydrodesulfurization of or-
signal from the level controller 62 to the automatic valve ganic sulfur compounds. Again there is no appreciable
66 which reduces the steam input to heater 15, and there- 45 polymerization or deposition of coke and no noticeable
fore results in a lower rate of vaporization in the liquid conversion of aromatic hydrocarbons to naphthenes oc-
passing therethrough. curs.
Table 1
1 2 3 4 5 6 7 8 9 10
Stream Fresh Total Tirst First Final Final P. Stabi- Stabi-
Gasol. H,-Rich | Hi-Rich | Reactor | Reactor | Reactor | Reactor | Sep. Off lizer lized
Feed Gas Gas Charge | Effluent | Charge | Effluent 3as Off Gas | Liquid
T10W, 108 /ROUT- - e memmccmmmee 28,220 2, 520 14, g%g 35,230 35,230 | 39, ggo 39, i?;o lggg 9%8 25,403

Flow, c.f./min.l_
Gravity, ° APL..

Percent Va

Organic S, PP oo .

D
PP

Mols per Hour:
Ha

Croeees - -
Co.....
I(‘JI2S 6700535 4351079 U

F S -

C

Cs Saturates. -
Cs Unsaturate:
Cs Saturates - -
Cs Unsaturates oo ooooomommeeoooo

1 Measured under actual process conditions.
2 Based on weight of original liquid feed.
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The gaseous product stream leaves the bottom of re-
actor 58 via conduit 74 and is cooled by passing through

heat exchangers 52 and 24 respectively, as well as. the :

cooler 76, on its way to the high pressure separator 78
where the vapor phase is separated from the newly. con-
densed liquid at a temperature of 100° and pressure of
640 p.s.i.g. - From this vessel the gaseous phase is taken
overhead . in lines 86 and 82.  About 15% of this gas is
bled off to the refinery fuel system through pipe 84 and
the pressure regulator 86 which maintains the desired
pressure on the hydrogenation system. The rate of re-
moval of this separator gas from the- instant system is
tabulated in column-8 of Table I.. Most of the gaseous

10

material, however, enters the line 99 wherein it meets -

with any make-up gas diverted from supply conduit 4 via
valved line 92 that also may require scrubbing to remove
excessive hydrogen sulfide. These gases are introduced
into the lower half of the combination washer 94 which

15

is equipped with a lower caustic scrubber section 96 be- .

neath a water washing section 98. :

20

Fresh aquecus sodium - hydroxide solution is admitted:

in conduit 100 and joins recirculating caustic. scda solu- -

tion in.the line 162 on its way to. the perforated scrubber

trays over which it cascades downwardly against the rising :

gases.
conduit 106 at the bottom and divided between an-exit

line 108 for spent solution and conduit 116 leading to .

the recirculation pump 112.

Cold water is admitted to the section 98 of the tower
from supply line 114 and is-drawn off through the. valved
conduit 116. It will be noted that substantially all of

This. alkaline liquid is. drawn off through the -

30

the water is collected in the trough 118 and is not allowed

to descend therebelow and dilute the caustic scrubbing
solution.  The gases rising countercurrently -through the
tower 94 at 640 p.s.i.g. lose most of their hydrogen sul-
fide content in being scrubbed first by intimate contact
with curtains of caustic soda solution, next -they pass
through the demisting pad 120 into the washing section
where they are washed with curtains of falling water to
remove the last traces of HoS as well as any entrained
particles of the caustic soda solution and then through
the demisting pad 122.

The scrubbed and washed gases exit through the con-
duit 124 which connects with the valved by-pass line 126,
that may be used to divert some or all of the separator
off-gas around tower 94. The by-pass conduit:is useful
when the hydrogen sulfide ‘content of the separator gas
is low enough for a recycle gas.

40

45

These two pipes feed :

into the line 128 which leads to the knockout pot 130 :

in which any entrained liquid is separated. From here
the hydrogen-rich gas passes through conduit 132 to com-
pressor 134 where its pressure is boosted sufficiently to
circulate it through the recycle gas line 6 and associated
conduits:in the manner described earlier.

Returning now to the scrubber 94, it is apparent that
an extremely flexible arrangement is shown for control-
ling the hydrogen sulfide content of the circulating gases
passed into the two reactors with the feed. For example,
the operator can divide the gaseous product from separa-
tor 78 between inlet line 90 of the caustic scrubber and
the by-pass conduit 126 in any desired proportions.
Similarly, the make-up gas entering in conduit 4 can be
introduced -directly into circulating gas line 6 or part or
all of it can be taken off via conduit 92 for treatment
in the caustic scrubber. Also, either or both of the rates
of recirculation of caustic soda solutions in scrubber sec-
tion 96 and the introduction of fresh caustic soda thereto
can be controlled to set the rate of reaction and removal
of hydrogen sulfide from the gas stream passing through
the tower. )

The liquid phase withdrawn from the bottom of high

pressure separator 78 is treated in the stabilizing tower :
136 :at 180 p.s.i.g. after-being carried in the conduit 138 -

through the pressure reducing valve 140 and heat ex-
changer 142 in which the temperature of the stream:is
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raised to 240° F.  Attached to the 30-tray. stabilizer are
valved  inlet lines 144 to -146 to-introduce the charge
selectively and in any proportions onto the 18th and 12th
trays. respectively counting from the ‘bottom-of the col-
umn. A reboiler 148 ‘is provided to maintain -the bot-
toms at a temperature of abéut:385°°F, and a stable, sub-
stantially - saturated: liquid product is withdrawn' as ‘the
product of the process via pipe.150: into heat exchanger
142 at the rate given in column 10 of the:table. This
liquid, rich in aromatic -hydrocarbons, is suitable for ex-
traction processes, such as-extraction with diethylene gly-
cols, for the .concentration .of aromatics. by reason of its
negligible -content of diolefins, olefins and sulfur: It is
essentially. a mixture of paraffinic and aromatic hydro-
carbons, and a sharp separation: can readily. be obtained
between these constituents. 8

An -overhead fraction is conveyed -via the.conduit 152
and cooler 154 in which cold water. reduces-its tempera-
ture from 295 to 125° in transit to-the reflux accumula-
tor 156. Liquid reflux-is returned -from the "bottom of
this accumulator- to the: stabilizer 136through line 158"
and pump 160 at a rate of 9840 Ibs.. per -hour and a-
gaseous by-product of the process is withdrawn through
the valved conduit 162 at-the rate set. foith in column 9
of Table I for use as:fuel or other suitable purposes.

Starting up the process described herein in a commercial
plant is relatively free. of difficulties. - Make-up ‘gas ob-
tained from a catalytic reformer is charged.at: ambient
temperature and the -usual operating’ partial pressure ‘of
hydrogen into the initial reactor-12 and also through the
furnace 26 into the final reactor 58. . This is continued
until the heat carried by the. gas from the furnace brings
the second reactor close to its normal operating tempera-
ture. Meanwhile, recycle. gas is substituted for: most of
the f.resh supply of -hydrogen-rich gas after a thorough
purging of the system. Next, a typical reformate derived
from  naphtha and relatively free from  unsaturated
aliphatic compounds is introduced as. a temporary feed
along with the-circulating gas.. An unusually high pro-
portion of liguid ‘accumulates in‘the flash chamber 18
from the -time the reformate is: first charged. until the.
f:hamber reaches normal operating temperature and none
Is ‘withdrawn' through the spent flux line at first. = After
the circulating flux system is allowed to fill up :with the
liquid phase cotllecting: in the vaporizer chamber, liquid is
drained off in the. spent flux line at an abnormally high :
rate until normal feed isibeing processed at normal vapor-
1zing temperatures. The final step is to gradually blend
’ghe regular pyrolysis liquid feed stock into the reformate
in gradually increasing proportions. with a correspond-
ing reduction in the supply of the reformed product until
the latter component is shut off completely.

EXAMPLE 2:

The .process of Example 1 is: repeated using the same
fe'ed, equipment and reaction conditions except as other-
wise specified herein. The ccatalysts are of identical com-
position with' those described. in- Example .1 .except that
tl}e data tabulated hereinafter represents steady state con-.
ditions: after operating for only five days with fresh new
catalysts in both reactors.

Table II -
OPERATING CONDITIONS

Flow rates—b./d.: )
Pyrolysis. liquid charge .o ___ . ____.__ 3060
First reactor outlet oo Lo ____ 2900
Flux oil circulation . ____._____-__ 710
Spent flux . 14
Stabilizer feed . __~ 3090
Circulating gas (72.5% Hj)—m.s.c.f./hi: :
From caustic and water scrubber —..________ 742
To first-stage (Pd) reactor - o e . 341
To furnace 26: —— 336

To fuel line 84 _
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To transfer line 34 oL 218
To transfer line 32 ___ . _________ 118
Make-up gas (76% Hg) - —cemm 98.8
Pressures—p.s.i.g.:
Recycle gas compresser outlet —_________ 730
Recycle gas compressor inlet - __._ 630
First reactor inlet — - 700
First reactor—H, partial pressure—p.si.a. .. 405
Vaporizer pot oo 690
Second reactor inlet — o 685
Second reactor—H,, partial pressure—p.s.i.a. .- 330
Temperatures—° F.:
First reactor, inlet we_ o 103
First reactor, outlet . 197
First reactor, AT e 94
Second reactor, inlet _ e 486
Second reactor, outlet 490
Second reactor, AT oo 4
Gas furnace outlet 28 . 630
Outlet of heater 18 _ . _ 350
Vaporizer pot inlet . ___________ 356
Circulating flux oil in line 16 . .__ 350
Space velocities—LHSV:
First reactor oo 2.88
Second reactor o 2.24

In comparison with Example 1, the temperatures listed
immediately above demonstrate a considerably larger
temperature rise in passing through the first reactor and a
considerably smaller exotherm in the second reactor.
This means that a distinctly greater degree of hydrogena-
tion is taking place in the first reactor and less in the
second than is the case in Example 1 where a catalyst of
somewhat impaired activity is used in the first reactor.

The following properties of several streams are estab-
lished by analyses:

Table 11

First Spent | Stabilizer

Characteristics Charge Reactor Flux | Bottoms

Effluent (Produet)
Gum, mg./100ml__..______ 5 1.5 53 1
Specific Gravity. ... - 0.828 0.830 | 0.837 0.824

Unsaturation:

Bromine No - Nil
‘Diene No_. . Nil
Sulfur, p.p.m. 1.1

The results in Table III for catalysts with an age of
five days amount to reductions of 100% in Diene Num-
ber and 84% in Bromine Number for the product of the
first reactor based on the values for the feed stock. Reduc-
tions of 85 and 55% respectively after 20 days of opera-
tion, and 80 and 50% reductions respectively after a total
of 75 days are obtained in operating the initial reactor
under the same reaction conditions. It is estimated that
the first stage reactor can be operated for a period of
at least 6 months before regeneration of the catalyst is
likely to be required to maintain a diolefin reduction of
50% while keeping the charge temperature below 250° F.

The detailed examples given hereinabove are intended
only to illustrate the invention. It will be apparent to
those skilled in the art that many other modifications and
variations may be made in the embodiments set forth in
the examples without departing from the invention. For
instance, standby units arranged in parallel with alternate
piping may be provided for all equipment that requires
periodic regeneration or cleaning. For simplicity and to
provide comparative results, catalysts manufactured in
the same manner are employed in both of the detailed
examples; but the invention is not limited to such cat-
alysts for a wide variety of other known hydrogenation
and desulfurization catalysts may be used instead. Ac-
cordingly, the present invention is not to be considered
as limited in any respect other than the recitals of the
appended claims.
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Certain features of the selective hydrogenation process
disclosed hereinabove are also described and claimed in
concurrently filed application Serial No. 238,693 of Rich-
ard G. Graven et al.

What is claimed is:

1. In a process for the selective conversion of unstable
liquids with a pronounced tendency to deposit solids upon
heating which includes partially converting unmstable
compounds in a liquid feed into more stable substances
within a confined initial reaction zone under conversion
conditions in which a substantial portion of said feed is
maintained in the liquid phase, vaporizing a substantial
portion of the effluent liquid from the initial conversion
reaction by controlled heating and passing the gaseous
phase derived from said initial effluent through a con-
fined conversion zone while substantially completing the
conversion of unstable components of said feed; the im-
provement which comprises separating in an enlarged
separation zone a liquid flux in an amount equal to at
least about 0.5% of said liquid feed from said gaseous
phase, withdrawing said liquid flux at a substantially con-
stant rate from a pool thereof maintained in said separa-
tion zone and regulating said controlled heating opera-
tion in direct response to the rate of collecting said liquid
flux in said separation zone as determined from the level
of said pool.

2. The process according to claim 1 in which said
controlled heating is effected during passage of said
initial effluent through a restricted transfer conduit.

3. A process according to claim 1 in which said liquid
flux is separated in an amount equal to at least about
5% of said liquid feed.

4. A process according to claim 1 in which a substan-
tial portion of said liquid flux is initial effluent liquid.

5. A process according to claim 1 in which a major
portion of said liquid flux is a material which has been
subjected at least to said initial conversion reaction.

6. A process according to claim 1 in which a substan-
tially constant portion of said initial effluent is retained
in the liquid phase and separated from the gaseous phase
thereof in said separation zone.

7. A process according to claim 1 in which the breadth
of the boiling range of said liquid feed does not exceed
about 150° on the Fahrenheit scale.

8. A process according to claim 1 in which the breath
of the boiling range of said liquid feed does not exceed
about 80° on the Fahrenheit scale.

9. A process according to claim 1 in which said initial
effluent liquid is separated in said enlarged separation
zone in an amount equal to between about 1 and 10% of
said liquid feed.

16. A process according to claim 1 in which an in-
direct heat exchanger is employed in said controlled heat-
ing operation.

11. A process according to claim 1 in which a stable
reactant in gaseous form is introduced into said transfer
conduit immediately upstream of said separation zone at
a substantially higher temperature than that of said
heated initial effluent.

12. A process according to claim 1 in which an amount
of said initial effluent equal to between about 20 and
50% of said liquid feed is retained in the liquid phase in
said controlled heating operation and further vaporiza-
tion of said heated initial effluent is produced by the in-
jection therein upstream of said separation zome of a
stable gaseous reactant at a temperature substantially
higher than that of said effluent.

13. A process according to claim 1 in which a stable
gaseous reactant is injected into said gaseous phase at a
location between said separation zome and said conver-
sion zone at an injection temperature substantially higher
than that of said gaseous phase, which injection tempera-
ture is regulated in response to the inlet temperature of
said conversion zone to maintain said inlet temperature
constant.
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14. A process according to claim 1 in which a hot .

stable gaseous reactant is injected into said heated initial

effluent and into said gaseous phase both upstream and °

downstream, respectively, from said separation zone.

15. A process for the selective nondestructive hydro-

genation of a liquid hydrocarbon : feed boiling - below
about 500° F. and containing aromatic hydrocarbons,
and olefins, diolefins and sulfur compounds which com-
prises passing said feed substiantially in the liquid .phase
and hydrogen through an initial hydrogenation zone-in

contact with ‘a porous solid hydrogenation catalyst of

high hydrogenation activity and low  polymerization
activity -while - controlling hydrogenating conditions  in

said zone including hydrogen partial pressure within the-

range of about 200-800 p.s..g., hourly space velocity
within the range of about 0.2-15.0 based on the volume

of liquid feed, the hydrogen charge within the range of.

about 500-5000 s.c.f.b. of liquid feed and feed tempera-
ture within the broad range of about 75-300°
hydrogenating conditions being regulated to provide a
hydrogenation effluent from said zone in which at least
about 35% . of ‘the diolefins have been: at least partially
saturated  and-in which an amount equal to at least:about
20%- of the liquid feed remains in the liquid phase, ef-
fecting controlled vaporization of said hydrogenation ef-

fluent by controlled heating and separation of the gaseous.
phase of said hydrogenation -effluent in ‘an enlarged sep- -

aration zone in the presence of a liquid flux in.an amount
equal to at least about 5% of said liquid feed, withdraw-
ing said liquid flux from a pool thereof maintained in said
separation zone at a substantially constant rate equal to

at least about-0.5% of said: liquid feed, regulating. said :

10

15

F., said §
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controlled heating operation in direct response to the rate ..

of collecting said liquid flux in said separation zone as de-
termined from the level of said pool, passing hydrogen to-
gether with gaseous material derived from said vapori-
zation step through a subsequent conversion zone in con-
tact with-a porous solid conversion catalyst of at least
moderate hydrogenation -activity and. high desulfuriza~
tion activity at a substantially higher average temperature
than in said initial zone while controlling conversion con-
ditions in said conversion zone, including hydrogen par-
tial pressure within the range of about 200-800 p.si.g.,
hourly space velocity within the range of about 0.2-6.0
based on the volume of said liquid feed, the total hydro-
gen charge within the range of about 500-10,000 s.c.f.b.

of said liquid feed and inlet temperature within the wide-

range. of about 350-700°.F.; said conversion conditions
being regulated to produce a conversion effluent from

40
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said conversion zone with a normally.liquid fraction hav-
ing a Bromine Number less than about 4 and an organic
sulfur content below 20-p.p.m.
16. A process . accordmg to claim 15 in ‘which said
liquid. feed is rich'in-aromatic hydrocarbons: and boils

“within the range of about 140-275° F.

17. A process -according -to claim: 15 in>-which said
initial catalyst. has a -hydrogenation-activity index of at
least about 40 and a polymerlzatxon activity index less
than about-35 and said conversion catalyst has-a. desul-
furization activity index of at least.about 80.

18. A process according to claim -15.in which said
vaporizing. step is effected in the presence: of a quantity
of éiquid flux equal to at:least about 10% of said liquid
fee

19 A process accordmg ‘to clalm 15 in whlch said
vaporizing step is efiected in thé presence of a liquid flux -
recirculating at a rate equal to at least about 10% of
that of said liquid' feed .and- said- flux -.comprises- the less
volatile - fraction ~obtained" from ' said - hydrogenation
effluent.

20. A process_according to clalm 15 in which vapori-
zation in said conduit is also- effected by heating said hy-
drogenation effluent: by introducing a recirculating liquid
flux into said effluent at.a substantially higher tempera-
ture than that of said effluent’ and at a rate equal to at
least about 10% of that of said liquid feed, a major por-
tion - of ‘said flux is continuously recirculated from -said
separation zone to a restricted transfer. conduit connect-
ing said initial zone and said seéparation zone and & minor -
portion of said flux is removed ‘at least: intermittently
from said -recirculating flux to minimize the accumula-
tion of polymeric material in said flux.

21. A process according to claim 20 in which ‘further.
vaporization of :said hydrogenation effluent is produced
by the injection therein upstream of said separation zone
of ‘hydrogen at a . temperature -substantially higher: than
that . of said effluent:
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