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@ Oil upgrading by thermal processing.

@ A heavy oil such as a crude or petroleum re-
siduum is upgraded to a liquid product suitable for
use as a low sulfur fuel or as an FCC feedstock by
mild thermal cracking to produce a two-phase reac-
tion mixture comprising a liquid, predominantly para-
ffinic product and a thermoplastic carbonaceous
product which may be separated from the liquid
product in a phase separator. The liquid product
e\ may be hydrotreated to remove residual heteroat-
&L oms, after which it may be used as fuel or as FCC
feedstock. The carbonaceous product may be coked
I Or used as such. Some heating of the heavy oil feed
I for the mild thermal cracking may be done by mix-
ing it with hot hydrogen to achieve the desired
¢ temperature. Solvent addition, or use of whole crude
N as feedstock, aids liquid/liquid separation in the
cphase separator.
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OIL UPGRADING BY THERMAL PROCESSING

This invention relates to a process for upgrad-
ing petroleum residual oils or whole crudes of low
quality to make products of higher economic value,
especially high quality feedstocks for subsequent
catalytic processing or fuels.

The high cost of peiroleum and the decreasing
availability of high quality crudes, with increased
demand for gasoline and distillate range materials,
led to a greater reliance on processes for upgrad-
ing petroleum residua. Peiroleum residua or resids
contain metals, mosily in the form of oil soluble
porphyrins, nitrogen, sulfur and other contaminants
which interfere with many processing steps or re-
duce the value of the products obtained from these
processing steps. Meials and nitrogen are un-
desirable if the resid is to be fed to a fluid catalytic
cracking (FCC) or hydrocracking unit. The metals
and nitrogen deactivate the catalyst. If the residu-
um is to be coked, the metals end up in the coke
and reduce its value. It is desirable to remove the
contaminanis in a predictable manner.

Various methods have been used io upgrade
resids. These include hydrogenative processing,
solvent extraction and thermal processes.

Thermal processes used range from mild to
severe. Visbreaking is a mild thermal cracking pro-
cess in which the higher molecular weight compo-
nents in the residuum are cracked to lighter pro-
ducts. During severe visbreaking, condensation re-
actions vyield carbonaceous materials including
toluene insolubles which are incompatible with the
remaining products and which therefore tend to
form a sludge which separates out of the visbroken
effluent. In coking, which is a severe thermal pro-
cess, the heavy oil feed is heated to cracking
temperatures and converted inio solid coke and
lower molecular weight products which are re-
moved as a vapor. Various coking processes are
known, including delayed coking, fluid coking and
contact coking and of these, delayed coking is the
most common.

These techniques all have disadvantages.
Hydroprocessing requires high pressure hydrogen
at high temperatures and this leads to high capital
and operating costs.

Solvent exiraction lacks selectivity for many
contaminants, resulting in a requirement for a high
solvent/residuum ratio. The capital cost and energy
consumption to handle the solvent in each step of
the process are high. The poor selectivity of sol-
vent extraction leads to the production of a large
volume of low value product (asphalt).
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Mild thermal processing, such as visbreaking,
requires relatively litile equipment and relatively
little in the way of process heat. Visbreaking re-
duces the viscosily of the product, but not the
contaminant content, so the "upgrading” is limited
fo viscosity reduction. More severe thermal pro-
cessing techniques such as delayed coking are
less advantageous. The capital and operating costs
of delayed coking are intensive and the value of
the coke product may be less than 1/10 that of the
feed (for shot coke) or slightly more (for sponge
coke) from low quality residua.

it would be desirable to carry out thermal pro-
cessing with minimal production of coke. it would
be desirable to produce a liquid product with a
higher hydrogen content and reduced content of
nitrogen, sulfur and metal confaminants. It would
be beneficial to have a stable upgraded liquid
product which does not undergo any deleterious
changes in storage.

A way has now been discovered to efficiently
upgrade heavy oils into lighter products with re-
duced contaminant contents, without producing
large amounts of solid coke.

Accordingly, the present invention provides a
process for thermally upgrading a feed comprising
a resid contaminated with sulfur, nitrogen and met-
al compounds and containing 413°C (775°F) ma-
terial characterized by heating the feed to 399 to
510°C (750 to 950°F) at a pressure sufficient to
maintain a liquid phase long enough to permit
liquidiiquid phase separation of thermally up-
graded feed into an upper light oil phase of re-
duced sulfur, nitrogen and metal content containing
less than 0.5 wt. % toluene insolubles, and a lower
residual oil phase containing from 0.5 to 30 wi. %
toluene insolubles, and thereafter recovering the
upper light oil phase.

In one embodiment, solvents or lighter bailing
crude componenis are added to augmeni phase
separation after thermal processing.

In another embodiment, thermal processing is
carried out in the presence of hydrogen, and the
light liquid phase immediately subjected to
hydrotreating.

In yet ancther embodiment, the hydroireated
liquid is fed to a catalytic cracking process.

Figure 1 is a simplified flow diagram of the
present invention wherein a heavy feed is
thermally processed to produce an upgraded
resid product and a carbonaceous phase.
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Figure 2 is a simplified flow diagram show-
ing the above process with H, addition to the
feed, and hydrotreating of the upgraded
product.

The heavy oil feed comprises a petroleum re-
siduum or a whole or reduced crude. Generally the
feed will be the bottoms from an atmospheric or
vacuum tower, asphalt, various tars, bitumen from
heavy oil or tar sands, coal liquids or a heavy shale
oil residue. Feeds will usually have an initial boiling
point, IBP, of at least 350°C and usually, at least
415°C (775°F). Most of the resid will boil above
550°C. Whole crudes will have a lower IBP. Such
feeds usually have relative large amounts of con-
radson carbon residue, CCR, materials which are
considered uncrackable in a catalytic process such
as FCC.

In the first stage of the process, the feed is
thermaily cracked optionally in the presence of
hydrogen and/or steam. This step is carried out
under relatively mild conditions so that it may be
regarded as a severe visbreaking, or hydrovis-
breaking if H. is added. It may also be considered
a mild coking process, but no solid coke is pro-
duced. Substantially all the reactions take place in
the liquid phase, even when H, is present. Reac-
tions include the thermal cracking of paraffins and
naphthenes, dealkylation of aromatics, cracking of
resinous constituents to light products and decom-
position or cracking of asphaltenes and metal com-
pounds to lighter compounds. Some hydrogenation
of various unsaturated and reactive species formed
during the cracking occurs if H, is added.

The mild thermal cracking forms a denser,
residual carbonaceous product which includes a
significant content of toluene insoluble, Tl, materi-
als and a relatively light liquid product phase with a
reduced level of contaminants. The contaminants,
metal compounds, nitrogen and suifur-containing
heterocompounds in the feed, concentrate in the
carbonaceous product. The light liquid product may
be used as a feed for an FCC unit or as a low
suifur fuel. When the feed contains very high con-
taminate levels, a hydrotreating step may be used
to upgrade the light product.

Preferably thermal processing removes 10 fo
80, preferably 30 to 40 weight percent of the CCR
present in the feed. Under these conditions, the
bulk conversion to light components, e.g., to
350°C~ materials, will be less than 50 percent,
typically from 10 to 30 weight percent of the
550°C* material. At the same time, 20 to 70 weight
percent of the 550°C* material is converted to
550°C- fractions. Thus a significant amount of the
non-distillables, the 550°C* material in the feed is
converted by thermal cracking to distillate material.
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Conversion of the feed {o more volatile materials is
not the same as CCR conversion. In general, con-
version to lighter materials and CCR conversion
increase with increasing severity but it is possible,
and preferred, to convert most of the nondistillable
portion of the feed to distillable fractions without
converting most of the CCR to coke.

The thermal processing step rejects a toluene
insoluble, TI, residue which is removed from a
reiatively light liquid oil product. In the thermal
processing step the conversion of the CCR to solid
coke product is relatively low, only the relatively
small portion of the most refractory content of the
feed is removed, typically 20 to 40 weight percent
of the CCR, leaving the rest of the carbon which is
more reactive, to be upgraded by downsiream pro-
cessing. The carbon removed during this thermal
processing is the most troublesome material for
downstream processing units to handle, both from
the viewpoint of ‘metals contamination and from
being refractory to conventional refinery upgrading
processes.

The carbon removed is removed as toluene
insolubles. TI content may be measured by wash-
ing the total products with hot toluene (100°C),
using four volumes of toluene for each volume of
product. The filter cake on a Whatman No. 2 paper,
after washing with hot toluene (100°C) and drying
is the Tl

Another contrast to conventional coking is that
thermal processing in the present process pro-
duces little dry gas, typically from 0.5 to 5 weight
percent of the resid feed. This low gas make leads
to improved liquid yield and reduced hydrogen loss
so that the process as a whole has a markedly
higher efficiency in hydrogen use.

To initiate the thermal cracking, the heavy oil
feed is preferably brought to a cracking tempera-
ture of 425 to 550°C (800 o 1020°F) with enough
pressure to keep most of the liquid feed in the
liquid phase typically 1500 to 15000 kPa. To avoid
excessive fouling in the furnace, the heavy oil may
be heated to a somewhat lower temperature, at
which the degree of carbon deposition in the fur-
nace is acceptable. Additional heat may be sup-
plied by the addition of heated hydrogen or heated
diluent (if any). The hydrogen may function as a
heat transfer medium as well as a reactant both in
the thermal cracking step and any downstream
hydrotreating step. The diluent, if present, is prefer-
ably a light hydrocarbon such as a distillate, e.g., a
light distillate or heavy distillate, or even a fraction
boiling in the gasoline boiling range or even heated
hydrocarbon gas, e.g. butane, propane. The diluent
may be lighter portions of the crude oil feed. Use
of whole crude as feedstock will save on distillation
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expenses heretofore incurred prior to visbreaking
or coking. The diluent preferably acts as an antisol-
vent for the residual phase. The residual phase is
aromatic, containing high molecular weight asphal-
tenes, so paraffinic diluents are especially effective.

The hydrogen, and diluent, if used as a heating
fluid, are heated to a temperature which will bring
the heavy oil feed to the desired cracking tempera-
ture affer mixing. Generally, the hydrogen and/or
diluent will be heated to 450 to 550°C (840 to
1020°F), preferably 450 to 510°C (840 to 950°F) at
1500 to 15000 kPa prior to mixing with the heavy
oil feed. H, and diluent temperature will vary ac-
cording to the ratio of diluent to feed and their
thermal capacities. The ratio of diluent to heavy oil
feed will generally be 0.05 fo 2, preferably 0.1 to 1,
by weight. If hydrogen is added, the hydrogen
circulation preferably is at least 200 n.lL=" (200
SCFB) and most preferably 200 to 2000 n.il.~" -
(1120 to 11235 SCFB). Adding H. to the thermal
processing step also provides enough hydrogen for
downstream hydrotreating. Higher Hoil ratios may
be desirable to heat the charge. Hydrogen con-
sumption depends on the resid feed and conditions
in cracking and hydrotreating. Hydrogen consump-
tion is made up by addition of fresh hydrogen. The
cracking femperature, fumace femperature, and so
on shouid be selected for the feed then the H.
circulation rate set, after which the H, addition rate
can-be determined.

The diluent has a lower propensity for furnace
fouling than the resid. The diluent may be heated a
lot to heat the resid, thereby reducing the resid
heater duty and/or eliminating the necessity for
using hot hydrogen. It is expensive to heat hy-
drogen so use of a heated diluent is preferred.

The heated diluent, if any, and hydrogen, if
any, are mixed with the heated heavy oil feed and
charged to a thermal reactor where thermal crack-
ing occurs. A phase separator may follow the ther-
mal reactor to separate the light liquid overflow
product from residual underflow under opfimum
conditions. The separate phase separator may be
hot so that some cracking takes place in it, increas-
ing the total reaction severity. Adequate severity
can be obtained in a coil without a separate soak-
ing drum, but with refractory feeds, a drum may be
necessary t0 secure the desired severity. A phase
separator soaking drum after the furnace provides
time at elevated temperature and therefore in-
creases the severity and permits phase separation
to take place.

The thermal cracking is controlied so that the
desired phase separation takes place and the de-
sired level of demetalation is achieved. The opti-
mum severity varies from feed to feed and may be
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determined experimentally. The objective is to pro-
duce a denser, residual carbonaceous phase in
which the contaminanis are concenfrated and a
supemnatant liquid phase which may be separated
by physical means from the residual carbonaceous
phase. The severity of the thermal cracking step is
preferably conirolled so the Tl content of the dense
or carbonaceous phase is 0.5 to 40 wt. % prefer-
ably from 5 to 30 wt. %. This ensures that the
carbonaceous phase remains thermoplastic and
meiltable at temperatures below about 200°C and
may be handled as a liquid in subsequent process-
ing. Tl is not coke. The TI material is a complex
hydrocarbon mixture which is soluble in solvents
such as pyridine and tetrahydrofuran but insoluble
in toluene. It has a nominal hydrogen content of 6
to 7 wt. %. Pyrolysis of this Tl yields a coke
residue which weighs less than about 70 percent of
the TI feed. The weight ratio of Tl in the total liquid
product (upper and lower phases) to the CCR in
the residual phase should be 0.5 to 2.0.

Generally, thermal cracking is not sensiiive to
pressure so pressure is not a critical parameter of
the process. A high enough pressure should be
present to keep most of the feed in liquid phase.

The reaction conditions required io achieve the
optimum thermal severity vary according to the
thermal reactivity of the feed. The severity of any
thermal processing step may be expressed in
terms of "Equivalent Reaction Time" (ERT) mea-
sured in seconds at 427°C (800°F). Ten minutes at
427°C (800°F) equals a 600 ERT. This is a well
known concept in visbreaking, thermal cracking
and coking.

In general, severity will be controlled to pro-
duce a residual phase which can be maintained in
a flowable condition for handling. The fluidity of the
carbonaceous phase may be maintained below cer-
tain upper limits fo ensure that it remains fiuid and
readily pumpable to other process units. In general,
the severity will be from 1500 io 20.000 seconds
ERT at 427°C (800°F). The optimum severity will
vary from feed to feed and may be determined
experimentally by Shaker Bomb or other laboratory
test.

The feed is thermally cracked io produce a
residual phase containing the majority of the con-
taminants, particularly the metals, nitrogen and sul-
fur heterocompounds, and an upgraded liquid
phase which separates from the residual phase.
The light liquid product is predominantly paraffinic
whereas the residual phase, including the Tl is
predominantly asphaltenic and high in aromatics.
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Phase separation takes place readily in a phase
separator, permitting the upgraded liquid product to
be removed as an overflow and the thermoplastic,
residual phase to be removed as an underflow.

Hydrogen addition is optional, but preferred.
Hydrogen can be used as a heating medium, by
superheating the hydrogen and using the super-
heated hydrogen to heat the feed. The hydrogen
may also be mixed with the feed, upstream of the
thermal processing heater. H, addition may provide
hydrogen for subsequent hydrofreating, so that the
liquid overflow product can be passed directly to a
cascaded hydrotfreating step. Direct coupling of
hydrotreating with cracking enables the light liquid
product to be stabilized by hydrogenation of
metastable and labile species to prevent recom-
bination to high molecuiar weight materials. Phase
separation between the liquid product and the re-
sidual carbonaceous phase is promoted because
hydrogen is one of the best antisolvents for the
thermoplastic phase. The hydrogen reduces the
solubility of the thermoplastic phase in the liquid
product.

Phase separation may also be aiso improved
by the use of solvents, e.g., light hydrocarbons,
whether added upstream or downstream of the
thermal reactor. Light hydrocarbons, preferably
paraffinic, may be added to the phase separator to
aid separation. If solvents are added to the phase
separator, they are preferably recycled solvents
from a subsequent stage of the operation, as de-
scribed below. The boiling point of the solvent
added to the phase separator preferably is chosen
so that at the temperature and pressure of the
separator, at least 50% of the solvent will be in
solution in the liquid product. Typical solvents used
to enhance phase separation include naphthas and
distillates including kerosene, light distillate and
heavy distillate. Temperatures in the phase separa-
tor will generally be from 230 to 450°C, preferably
290 to 425°C. Generally the ratio of any added
solvent to the heavy oil feed will be from 0.05:1 to
2:1 by volume.

The light, supernatant, liquid phase withdrawn
as overflow from the phase separator is low in
metal, CCR and asphaltenes. The contaminants
and asphaltenes concentrate in the thermoplastic
underflow phase. The liquid overflow product con-
tains thermally cracked fragments which are easily
hydrogenated to increase their hydrogen content.
Hydrogenation improves the storage stability of the
product. The liquid overflow product is easy to
hydrotreat because its molecular weight is lower
than the original heavy oil feed. Thermally cracked
products are in a metastable or activated state for a
significant period of time. Hydrogenation produces
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stabie products with a reduced susceptibility to
polymerization condensation and reduces residual
heteroatom content (nitrogen, sulfur, possibly oxy-
gen). It is preferred to immediately hydrotreat the
liquid overfiow product rather than store it, as dur-
ing storage the activated species may undergo
polymerization and condensation to solid, sludge-
like products which are hard to hydrotreat.

In the optional, but preferred hydroprocessing
step, the liquid overflow product is hydrogenated
with conventional hydrotreating catalyst. Suitable
catalysts employ a hydrogenation/dehydrogenation
component on a substantially neutral or acidic sup-
port such as alumina, silica-alumina, carbon, a
zeolite or a solid aluminum phosphate. The
hydrogenation/dehydrogenation component  will
normally be a transition metal, either a base metal
or base metal combination such as cobalt, tung-
ston, or a base metal combination such as cobalt-
molybdenum, nickel-tungsten, nickel-molybdenum,
or a noble metal such as platinum or palladium.
Hydrotreating conditions are conventional, typically
200 to 450°C, preferably 250 to 400°C. Pressures
in the hydrotreater are preferably the same as in
the thermal processing unit, or hydrovisbreaker if
H. is added during thermal processing, to facilitate
direct coupling of the two processes. Therefore,
pressure will generally be 1500 to 15000 kPa.
Space velocities are normally from 0.1 to 20, pref-
erably 05 to 5, hour™’. Liquid flow in the
hydrotreater may be up or downflow but downflow
is preferred, i.e., a frickle bed reactor is preferred.
The severity of the hydrotreating operation will
depend on product requirements.

Hydrotreating is especially preferred when the
light liquid product will be FCC feed. The suifur
and metals levels are substantially reduced by
hydrotreating, and the hydrogen content increased
to about that of conventional FCC feed.

The thermoplastic, carbonaceous phase with-
drawn as an underflow product from the phase
separator can be washed with solvent or stripped
with steam to recover more of light liquid oil prod-
uct. The residue from solvent extraction or steam
stripping may be made into asphalt or pitch binder,
charged to a coker or a gasification unit, or used as
refinery fuel. Coking treatments include delayed
coking, fluid coking or contact coking.

The process described above is illustrated in
Figure 1. A resid feed having an initial boiling point
of 413°C* (775°F*) is charged via line 8 to heater
10 and heated to 371 to 538°C. The thermal pro-
cessing can be achieved solely in heater 10, i.e.,
the time and temperature in the heater can be
enough to vyield enough thermoplastic carbona-
ceous material to provide phase separation from
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the paraffinic light oil phase. Generally once the
resid is heated it is passed via line 11 to thermal
reactor 12, operated at 371 to 538°C, and time
brings about the thermal reactions which vield the
light products due to cracking and the carbona-
ceous material. Reactor 12 is simply a thermal
reactor, the elevated temperatures alone initiate the
desired reactions. From reactor 12, effluent enters
phase separator 14 via line 13. Separator 14 is
preferably maintained at 204 to 371°C (400 to
700°F). The phenomenon of phase separation is
based on the incompatibility of the carbonaceous
phase containing toluene insolubles and the liquid
paraffinic phase. The light or liquid paraffinic phase
is withdrawn as overflow via line 16 while the
carbonaceous material or sludge is withdrawn as
underflow via line 18. The underflow may be
passed to a heater 20, heated to at least 482°C -
(S800°F) and charged via line 21 to coking unit 22,
e.g.. a delayed or fluid coker. Optionally, the under-
flow via line 18 can be mixed with ligh aromatics
from line 5 or steam from line 52 prior to heating.
The products from coking unit 22 are solid coke
removed via line 24 and a vaporized product re-
moved via line 26. The vaporized product may be
fractionated in fractionator 28 into various compo-
nents, typically light gaseous components, naph-
thas, light coker and heavy coker gas gils, removed
via lines 31-34, respectively.

Separation of carbonaceous material from light-
er paraffinic liquid in separator 14 may be aided by
solvent treatment of the thermal reactor effluent.

Light products, e.g., contained in the effluent
from the heater or thermal reactor may first be
flashed off in an optional flashing drum. These
products will typically be C.-C, gases. To facilitate
flashing, some pressure drop can be taken. The
bottom product from the flashing drum may contact
solvent upsiream of or in the phase separator.

The important parameters in the solvent treat-
ment are the solvent, solventiresid ratio, tempera-
ture, pressure and number of ireatment stages.

Solvents which may be used include carbon
dioxide, light hydrocarbons, C;-C,, paraffins, cycle
paraffins, naphthas, gasoline and kerosene, and
their mixtures. Propane, butanes, pentane, hexane,
and heptane are particularly preferred. The lower
the carbon number of the solvent, the higher the
quality of the light phase withdrawn but the lower
the yield of the treated product.

The temperature of solvent ireatment must be
at least 11°C (20°F), preferably 22°C (40°F) high-
er than the melting point of the carbonaceous bot-
foms product so that the two phases formed in
solvent treatment are both liquids. At high tempera-
tures, above 454°C (850°F), improved solubility
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between the solvent, light oil phase and carbona-
ceous bottoms impairs phase separation. A high
solvent/resid ratio aids phase separation, but use of
large amounts of solvent increases the processing
cost. At high temperatures, cooling feed to the
soivent treater and heating product from the sol-
vent treater can be minimized leading to cost sav-
ings. There is an optimum phase separation tem-
perature depending on the naiure of the resid feed
and process costs. In general, an operable range is
99 to 427°C (200 to 800°F) and 149 to 371°C (300
to 700°F) is preferred.

Higher pressure increases the amount of sol-
vent which is in liquid phase at high temperatures.
The optimum pressure depends on the solvent
used. The pressure preferably maintains most of
the solvent in the liquid phase. Pressure may equal
or exceed the critical pressure of the solvent used.
For light hydrocarbons this pressure is about 3,500
Kpa (500 psig).

As the solvenifresid ratio increases, the quality
of the relatively light product increases, but the
yield decreases. Solvent/iresid ratio should be re-
duced to minimize the operation cost. The opti-
mum solventfresid ratio is the lowest ratio which
yields the upgraded product of acceptable quality.
The solventiresid ratio can be 1:10 to 10:1. A
solvent/resid ratio of 1:2 to 3:1 is preferred. In
addition to the nature of the resid itself, the opti-
mum solvent/resid ratio depends substantially upon
the severity of thermal treatmenti. The higher the

~ thermal treating severity, the lower the solventiresid

ratio requirement.

To minimize the expense of purchased soivent,
use of a solvent derived from the products of the
process is preferred. Recycle of a naphtha fraction
via line 35 from fractionation column 28 to phase
separator 14, in Figure 1 illustrates this concept.

in Figure 2, a residual oil feed is charged via
line 110 to furnace 111 where it is heated. Hy-
drogen gas from recycle line 112, light solvent or
diluent from recycle line 114 and fresh hydrogen
from inlet 115 are heated in heater 113 and passed
via line 151 to mix with the preheated feed in line
116. The mixiure enters combined thermal reactor
and phase separator 120 where thermal cracking
and phase separation occurs to form an upper
phase of upgraded liquid product and a lower
phase of thermoplastic, carbonaceous product.

The liquid/liquid interface in separator 120 pref-
erably is kept high and the level of iniet line 116
low to improve phase separation and consequently
metal removal and carbon residue rejection. As the
liquid product passes towards the top of the sepa-
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rator and the fluid carbonaceous product sinks to-
wards the bottom, the toluene insoluble materials
formed in the thermal cracking coagulate and ag-
glomerate.

The light liquid product is removed via line 161
and passed to hydrotreater 121, a conventional
hydrotreating process. A downflow, trickle bed
hydrotreating reactor is preferred. Hydrotreating se-
verity depends on the product use. For fuel use,
severity is adjusted to meet fuel sulfur content
specifications, generally below 0.3 wt % sulfur. If
the product will be FCC feed, more sulfur can be
tolerated since sulfur rejection may take place dur-
ing the FCC operation, or in other downsiream
processing.

Effluent from hydrotreater 121 passes via line
162 to high pressure separator 122 where a hy-
drogen rich gas phase is removed from the
hydrotreated product. The hydrogen may be re-
cycled via line 112 without purification, although an
alkaline scrub may be used to remove hydrogena-
tion products, principally hydrogen sulfide, prior to
recycle. The hydrotreated liquid is removed via line
123.

In phase separator 120 the thermoplastic, car-
bonaceous phase is withdrawn via line 163 as a
liguid or semi-liquid product. As shown, the residue
is passed to a steam stripper 125 where it contacts
steam from line 164 which removes residual light

Boiling Range

IBP to 216°C (420°F)
221 to 353°C (429 to 650°F)
343 to 449°C (650 to 840°F)

449°ct (840°F™H)

Metals

2Zwm <

Wt % CCR

This feed was added to an autoclave, and
heated to the desired reaction temperature. The
autoclave was maintained at the reaction tempera-
ture for 1/2 hour and cooled to 316°C (600°F)
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products and any added solvent. From the siripper,
it passes via line 165 to separator 126 for removal
of the light ends which are passed to hydrotreater
121 through line 127. The stripped residue passes
to a coking unit such as a delayed coker 128. The
vaporous products of coking are passed via line
129 to fractionator 130 where they are separated
into products, coker heavy gas oil (HCGO), coker
light gas oil (LCGO), distiliate, naphtha and gas,
removed via lines 135-131 respectively. Some
naphtha is returned as light solvent recycle through
line 114 to assist in the heating of the heavy oil
feed to the requisite cracking temperature. Alter-
natively, the distillate could be used as light re-
cycle, as could the LCGO and HCGO fractions
although these last two are not preferred. The gas
from fractionator 130 couid also be recycled to
assist in the heating of the heavy feed, if desired.

EXAMPLE 1

This example illustrates what can be achieved
by thermal processing. Mild coking causes signifi-
cant conversion of feed to lighter materials. No
hydrogen is added. No diluent or soivent is added,
but the use of whole crude as a feedstock, rather
than a resid, simulates the addition of some sol-
vent.

The feed properties were:

24.0
18.2
13.8
44.0

72 ppm
200 ppm
4.71 wt %
0.59 wt %
8.85 wt %

rapidly with an internal cooling coil. For 1/2 hour at
316°C (600°F), the reaction mixture stood unstirred
for phase separation, and then was quenched by
ice bath.
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Gas producis were collected and measured by
a wet test meter. Light liquid products were ob-
tained from the wet gas by collection in a dry ice
trap. The distinct liquid phases in the reactor were
separated by pipetting. The lower phase contained 5
a considerable amount of light liquid, the separated
lower liquid phase was washed with pentane to
recover this light liquid.

10
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Products collected were the upper phase lig-
uid, exiracted lower phase liquid from pentane
washing, lower phase far, cold trap liquid and gas.
The product distribution is shown in Table 1.

Table 1

Product Distribution

WT % YLELD AT

1800 ERT 4300 ERT 7200 ERT
Gas 1.95 3.2 5.2
Liquid 94,15 90.5 77.8
Thermoplastic (TI) 3.9 6.3 17.0

100.00 100.0 100.0

Cold Traps 20.03 29.0 42,5

Upper Phase 59.60 36.9 17.4
Extracted from

Lower Phase 14.52 24,6 17.9

94,15 90.5 77.8

TI/CCR ratio* 0.44 0.71 2.0

* Total TI in product (upper & lower phases) wt. %

CCR of feed, wt. Z

40

Table 1 shows as the reaciion severity in-
creased from 1800 to 7200 ERT seconds, liquid
yield decreased and toluene-insoiuble (Tl) and gas
yields increased. At 7200 ERT seconds delayed 45
coking conditions were approached and 17% Ti
formed. The TV/CCR ratio was about 2.0 which falls
in the range of the coke yield/CCR ratio of delayed

55

coking. The TI/CCR ratio indicates process sever-
ity, and increases with increasing severity. At 1800
and 4300 ERT seconds the Ti/CCR ratio 0.44 and
0.71, respectively, and the iotal liquid yield was
greater than 90%.

The demetalation in the upper phase light oil
product is shown in Table 2.
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Table 2
Feed 1800 ERT 4300 ERT 7200 ERT
Metals
Ni, ppm 72(0)* 46 (61)* 12(91)* 5.2(98)*%
V, ppm 200(0)* 125(74)+% 27(92)* 12(93)*
8, % 4,71 3.98 3.01 2.68
N, % 0.59 0.73 0.13 0.12
Toluene
insolubles - 1.03 0.10 0.09

*percent demetalation

The metals, S and N content in the upper
phase liquid product all decreased with increasing
reaction severity. A modest 60 to 70% demetala-
tion was achieved at 1800 ERT sec, equivalent to
30 minutes at 427°C (800°F), with 94% total liquid
yield (Table 1). The boiling point conversion of this

20

Table 3

product is shown in Table 3. The fractions of
216°C-(420°F-) and 216 o 343°C (420 to 650°F)
increased over the feed. The conversion of
449°C+ (840°F +) to lighter products was 27 wt
%. At a higher severity, e.g., 4,300 ERT, more
conversion would be expected.

Boiling Point Conversion of

Elwood Crude Treated at 1800 ERT Seconds

Boiling Range

Gas, %

IBP - 216°C (420°F)

216 to 343°C(420 to 650°F)
343 to 449°C(650 to 840°F)
449°C+ (840°F+)

Conversion to 449°C (840°F-)

As shown in Table 4 below, at 1800 ERT the TI

in the upper phase liquid was 1.03%, reflecting
poor phase separation. At higher severity, the Ti
was very low (0.1% or less), low enough io feed to
-hydrotreaters, FCC units or use as heavy fuel. The
Tl in the upper phase approached 0.09 at 4300
ERT. The ratio of Tl in the two phases increased
from 33 to 570 with severity. This high ratio at high

50

55

Feed Product
0.0 2.0
24,0 29.9
18.2 29.2
13.8 8.7
44,0 32.1
27.0 -

severity reflected the production of more Tl materi-
als. For this feed the optimum treatment severity is
about 4300 ERT seconds which yielded large
amounts of upgraded liquid product with over 90%
of Ni and V removed from the upper liquid phase
product. A 4300 ERT severity is between visbreak-
ing and coking.
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Table 4

Toluene~-Insolubles Content In

Upper and Lower Phase Products

Reaction Severity, ERT seconds

1800 4300 7200
TIL Content, wt. Z
Upper Phase 1.03 0.10 0.09
Lower Phase 34.35 15.00 51.00
Lower Phase/Upper Phase 33.30 150.00 571.00
20

EXAMPLE 2

This example illustrates what can be achieved
when mild coking, phase separation and
hydrotreating of light liquid product are practiced
together.

A typical low gravity feed is subjected to mild
coking in a fluidized bed, liquid phase reactor to
reject carbon as a thermoplastic, dense residue
which is continuously removed from the reactor.

25

30

35

55
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Reactor temperature is 470°C (880°F) at 2860 kPa
(400 psig) pressure, 3 V/V hr~' space velocity. The
mildly coked liquid product (MCLP) is removed as
a relatively light liquid phase and passed directly to
hydrotreating over a conventional hydrotreating
catalyst under 7000 kPa (1000 psig) hydrogen
pressure at 400°C (750°F), 1 hr~' LHSV.

The properties of the feed, the MCLP and the
hydrotreated product (HDT) are given below in
Table 5 in which all percentages are by weight.
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Table 5

Properties of Products

Density-g/cc
API Gravity

Asphaltenes, %
CCR, %

Hoy %

Ni ppmw

V ppmw

S, %

N, %

Viscosity, cSt, at
54°C (130°F)
100°C (212°F)

Distillation, 7
345°C- (650°F~)
345-540°C (650-1000°F)
540°C+ (1000°F+)

.

The hydrotreated product is suitable for use as
an FCC feed fo produce gas plus distillate, G/D, in
a high efficiency process.

The present process efficiently upgrades re-
sidua to low boiling products including gasoline
and distillate, with the ability to use existing refin-
ery equipment, thereby minimizing capital cost. It
efficiently uses hydrogen, by rejecting the more
refractory carbonaceous portions of the resid as a
dense phase and using the hydrogen seiectively to
increase the hydrogen level of the FCC fee. This,
in turn, results in an increased yield of low boiling
product.

Claims

1. A process for thermally upgrading a feed com-
prising a resid contaminated with sulfur, nitrogen
and metal compounds and containing 413°C -
(775°F) material characterized by heating the feed
to 399 to 510°C (750 to 950°F) at a pressure
sufficient to maintain a liquid phase long enough to
permit liquiddiquid phase separation of thermally
upgraded feed into an upper light oil phase of
reduced sulfur, nitrogen and metal content contain-
ing less than about 0.5 wt. % toluene insolubles,

30

35

40

45

50

55

11

FEED MCLP HDT
1.03 1.05 -
5.0 6.5 -

10.0 6 3

20.0 12 6
9.49 10.2 12.2

50 20 2

250 70 3
3.8 3.0 0.6
0.5 0.4 0.1

217,715 - -
2,342 40 -

0 6 8
10 50 55
90 44 37

and a lower residual oil phase containing from 0.5
wt.% to 30 wt.% toluene insolubles, and thereafter
recovering the upper light oil phase as a product of
the process.

2. The process of claim 1 wherein the severity
ranges from 1,500 to 20,000 ERT seconds.

3. The process of claim 2 wherein the severity is
1,800 to 7,500 ERT seconds.

4. The process of any preceeding claim wherein
the ratio of wt. % toluene insolubies in the lower
liquid phase to toluene insolubles in the upper light
phase is at least 33:1.

5. The process of any preceeding claim wherein
phase separation occurs in a phase separator
downstream of the thermal upgrading process, and
operating at a temperature lower than the thermal
upgrading temperature.

6. The process of any preceeding claim further
chracterized by stripping the lower residual oil

phase o remove occluded light oil therefrom.

7. The process of claim 6 wherein the residue
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remaining after stripping comprises 5 {c 45 wi. %
of the feed.

8. The pracess of any preceeding claim wherin the
thermal upgrading is carried out in the absence of
hydrogen.

9. The process of any of claims 1 to 7 further
characterized in that hydrogen is present during
thermal upgrading in an amount equal fo 200 to
2000 n.LL-%

10. The process of claim 9 further characterized in
that the hydrogen added is hotter than the feed
whereby some heating of the feed with hydrogen is
achieved.

11. The process of any of claims 1 fo 10 wherein
the feed is a resid having an initial boiling point of

10

15

25

35

55
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at least 413°C (775°F).

12. The process of any of claims 1 to 10 wherein
the feed is a whole crude.

13. The process of any preceeding claim wherein a
solvent is added to the thermally upgraded product
to promote liquid/liquid phase separaion.

14. The process of any preceeding claim further
characterized in that the upper light oil phase is
passed directly to a conventional hydrotreating
zone without intermediate storage to produce a
hydrotreated product.

15. The process of Claim 14 further characterized
in that at lease a portion of the hydrotreated prod-
uct is subjected to conventional catalytic cracking.
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