Office de la Proprieté Canadian
Intellectuelle Intellectual Property
du Canada Office

Un organisme An agency of
d'Industrie Canada Industry Canada

CA 2454162 C 2010/08/24

(11)(21) 2454 162

(12 BREVET CANADIEN
CANADIAN PATENT
13) C

(86) Date de déepot PCT/PCT Filing Date: 2002/09/05

(87) Date publication PCT/PCT Publication Date: 2003/03/20
(45) Date de délivrance/lssue Date: 2010/08/24

(85) Entree phase nationale/National Entry: 2004/01/14

(86) N° demande PCT/PCT Application No.: US 2002/028242
(87) N° publication PCT/PCT Publication No.: 2003/022408
(30) Priorité/Priority: 2001/09/07 (US60/318,087)

51) Cl.Int./Int.Cl. BO1D 53/22(2006.01),
EZ21B 43/176 (2006.01)

(72) Inventeurs/Inventors:
THOMAS, EUGENE R., US;
DECKMAN, HARRY W. US;
VICTORY, DONALD J., US;
CHANCE, RONALD R., US;
OELFKE, RUSSELL H., US

(73) Proprietaire/Owner:
EXXONMOBIL UPSTREAM RESEARCH COMPANY,
US

(74) Agent: BORDEN LADNER GERVAIS LLP

(54) Titre : SEPARATION HAUTE PRESSION D'UN GAZ A COMPOSANTS MULTIPLES
54) Title: HIGH-PRESSURE SEPARATION OF A MULTI-COMPONENT GAS

20 s 21 N
10 12 cid-(;as-
':;e:: /) Depleted
30 Stream
Acid-Gas- 32 13
2
Stream
(57) Abréegée/Abstract:

A method of separating one or more components from a mult-component gas stream (10) comprising at least one non-acid gas
component and at least one acid gas component, whereln the mult-component gas stream (10), at a pressure above 1,200 psia
(32.8 bar) and a temperature above 120 °F (48.9 °C) with a concentration of the at least one acid gas component in gas stream
(10) being at least 20 mole percent, Is passed to a membrane system (40) that selectively separates the at least one acid gas
component from the multi-component gas stream (10) as a permeate stream (13). Permeate stream (13) has a pressure of at least

20 percent of the pressure of the feed pressure.

C an adg http:vopic.ge.ca - Ottawa-Hull K1A 0C9 - atp.//cipo.ge.ca

OPIC - CIPO 191

B

.

'

e
ok [ [ f
RO . e s
. M "c'-'-.n:‘-:{\: .«me . m s
.
.

A7 /7]
o~

OPIC




WO 03/022408 Al

CA 02454162 2004-01-14

(12) INTERNATIONAL APPLICATION PUBLISHED UNDER THE PATENT COOPERATION TREATY (PCT)

(19) World Intellectual Property Organization

International Bureau

(43) International Publication Date

20 March 2003 (20.03.2003)

(51) International Patent Classification’: B01D 53/22

(21) International Application Number: PCT/US02/28242

(22) International Filing Date:
5 September 2002 (05.09.2002)

(25) Filing Language: English

(26) Publication Language: English
(30) Priority Data:

60/318,087 7 September 2001 (07.09.2001)  US

(71) Applicant: EXXONMOBIL UPSTREAM RESEARCH
COMPANY [US/US]; PO. Box 2189, Houston, TX
77252-2189 (US).

(72) Inventors: THOMAS, Eugene, R.; 6429 Rutgers, Hous-
ton, TX 77005 (US). DECKMAN, Harry, W.; 2 Woods
Edge Court, Clinton, NJ 08809 (US). VICTORY, Don-
ald, J.; 5603 Dairybrook Cove, Sugar Land, TX 77479
(US). CHANCE, Ronald, R.; 2 Willowbrook Lane, An-
nandale, NJ 08801 (US). OELFKE, Russell, H.; 18215
Spruce Creek Drive, Houston, TX 77084 (US).

(74) Agents: LAWSON, Gary, D. et al.; ExxonMobil Up-
stream Research Company, P.O. Box 2189, Houston, TX
77252-2189 (US).

PCT

(10) International Publication Number

WO 03/022408 Al

(81) Designated States (national): AE, AG, AL, AM, AT, AU,
AZ, BA, BB, BG, BR, BY, BZ, CA, CH, CN, CO, CR, CU,
CZ, DE, DK, DM, DZ, EC, EE, ES, FI, GB, GD, GE, GH,
GM, HR, HU, ID, IL, IN, IS, JP, KE, KG, KP, KR, KZ, LC,
LK, LR, LS, LT, LU, LV, MA, MD, MG, MK, MN, MW,
MX, MZ, NO, NZ, OM, PH, PL, PT, RO, RU, SD, SE, SG,
SI, SK, SL, TJ, TM, TN, TR, TT, TZ, UA, UG, UZ, VC,
VN, YU, ZA, ZM, ZW.

(84) Designated States (regional): ARIPO patent (GH, GM,
KE, LS, MW, MZ, SD, SL, SZ, TZ, UG, ZM, ZW),
Eurasian patent (AM, AZ, BY, KG, KZ, MD, RU, TJ, TM),
European patent (Al, BE, BG, CH, CY, CZ, DE, DK, EL,
ES, FI, FR, GB, GR, IE, IT, LU, MC, NL, PT, SE, SK,
TR), OAPI patent (BEF, BJ, CE, CG, CI, CM, GA, GN, GQ,

GW, ML, MR, NE, SN, TD, TG).

Declarations under Rule 4.17:

as to applicant’s entitlement to apply for and be granted a
patent (Rule 4.17(ii)) for all designations

as to the applicant’s entitlement to claim the priority of the
earlier application (Rule 4.17(iii)) for all designations

Published:
with international search report

For two-letter codes and other abbreviations, refer to the "Guid-
ance Notes on Codes and Abbreviations" appearing at the begin-
ning of each regular issue of the PCT Gazette.

(54) Title: HIGH-PRESSURE SEPARATION OF A MULTI-COMPONENT GAS

20 L 1
Feed 10 ’ 12  Acid-Gas-
Gas ' 'l ‘ 'l ' Depleted
30 Stream
Acid-Gas- 14 33 32 13
Enriched % /
Stream -

(57) Abstract: A method of separating one or more components from a multi-component gas stream (10) comprising at least one
non-acid gas component and at least one acid gas component, wherein the multi-component gas stream (10), at a pressure above
1,200 psia (82.8 bar) and a temperature above 120 °F (48.9 °C) with a concentration of the at least one acid gas component in gas
stream (10) being at least 20 mole percent, is passed to a membrane system (40) that selectively separates the at least one acid gas
component from the multi-component gas stream (10) as a permeate stream (13). Permeate stream (13) has a pressure of at least 20

percent of the pressure of the feed pressure.



CA 02454162 2004-01-14
WO 03/022408 PCT/US02/28242

HIGH-PRESSURE SEPARATION OF A MULTI-COMPONENT GAS

FIELD OF THE INVENTION

The 1nvention relates to a process for separation of gases, and more
specifically relates to separating one or more components from a multi-component

gas stream using a semi-permeable membrane.

BACKGROUND

Many gas streams contain large amounts of acid gases, such as carbon dioxide,
that must be separated from the more valuable components in the gas. One such gas
stream 1s natural gas from well production, which 1s used extensively as fuel and as a
basic raw material in the petrochemical and other chemical process industries. While
the composition of natural gas can vary widely from field to field, many natural gas
reservoirs contain relatively low percentages of hydrocarbons (less than 40%, for
example) and high percentages of acid gases, principally carbon dioxide, but also
hydrogen sulfide, carbonyl sulfide, carbon disulfide, and various mercaptans.
Removal of the acid gases from well production 1s desirable to provide conditioned or
sweet, dry natural gas either for delivery to a pipeline, natural gas liquids recovery,
helium recovery, conversion to liquid natural gas, or nitrogen rejection. The
separated acid gases are available for processing, sequestration, or disposal. The acid
gases have for example been reinjected into a subterranean formation for disposal and

into a hydrocarbon-bearing formations for hydrocarbon recovery.

A number of processes for the recovery or removal of carbon dioxide from gas
streams have been proposed and practiced on a commercial scale. In practice, these
processes occur at feed pressures below 1,200 psia (82.8 bar). The processes vary
widely, but generally involve some form of solvent absorption, adsorption on a porous

adsorbent, distillation, or diffusion through a semipermeable membrane.

Membranes are thin barriers that allow preferential passage of certain

components of a multi-component gas mixture. Most membranes can be separated
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into two types: porous and nonporous. Porous membranes separate gases based on
molecular size and/or differential adsorption by small pores in the membrane. Gas
separation membranes used 1n natural gas applications are often nonporous or
asymmetric and separate gases based on solubility and diffusivity. These membranes
typically have a microporous layer, one side of which is covered with a thin,
nonporous "skin" or surface layer. The separation of the gas mixtures through an
asymmetric membrane occurs in 1ts skin, while the microporous substrate gives the

membrane mechanical strength.

In a typical membrane separation process, a gas is introduced into the feed
side of a module that 1s separated mto two compartments by the permeable
membrane. The gas stream flows along the surface of the membrane and the more
permeable components of the gas pass through the membrane barrier at a higher rate
than those components of lower permeability. After contacting the membrane, the
depleted feed gas residue stream, the retentate, is removed from contact with the
membrane by a suitable outlet on the feed compartment side of the module. The gas
on the other side of the membrane, the permeate, 1s removed from contact with the
membrane through a separate outlet. The permeate stream from the membrane may
be referred to as being "enriched" in the readily permeable components relative to the
concentration of the readily permeable components in the retentate stream. The
retentate may also be referred to as being "depleted" of the readily permeable
components. While the permeate stream can represent the desired product, in most
natural gas permeation processes the desired product is the retentate stream, and the

permeate stream comprises contaminants such CO; or other acid gases.

While the selection of a suitable membrane typically involves many factors,
two mmportant factors are (1) the capability of the membrane to withstand the
conditions to which 1t may be subjected during the separation operation, and (2)
adequate selective separation of one or more desired gases at a sufficiently high flux
(flow rate). Separation membranes that exhibit a high selectivity but low flux are
unattractive as they require large separating membrane surface area. Similarly,

separation membranes that exhibit adequately high flux but undesirable low
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selectivity are also unsuitable for practical application. Practical separation
membranes are those having the capability of maintaining a desired performance of
flux and selectivity over an extended period of time in adverse operating

environments.

Membrane systems for removing CO, from natural gas streams are typically
designed to receive the natural gas stream at elevated pressure to avoid the costs
associated with compressing the gas stream to a higher pressure level. If the produced
gas pressure 1s above about 1,200 psia (82.8 bar), the conventional practice is to
reduce the feed pressure to avoid damaging the membrane. An illustrative example of
a membrane separation process 1is disclosed in U.S. patent 5,411,721 (Doshi et al.),
which uses a membrane system to provide a high-pressure retentate stream rich in
methane and a lower pressure permeate stream rich in CO,. Doshi et al. takes
advantage of high wellhead gas pressure as the driving force for membrane separation
by passing feed gas to a membrane system at pressures "from 500 psia to about 2,000
psia or higher" (34 to 138 bar). In contrast to the invention described in this patent,
Doshi et al. 1s not concerned with performing high pressure membrane separation at
clevated temperatures and it is not concerned with providing a high-pressure

permeate.

An 1mportant aspect of any natural gas treating process is economics. Natural
gas 1s typically treated in high volumes, making even slight differences in process
efficiency very significant in the selection of process technology. The ability to
perform acid gas separation at high pressure can increase that efficiency and have a
large impact on the overall economics of the treating process. Some natural gas
resources, particularly those with significant concentrations of non-hydrocarbons, are
now uneconomical to produce because of processing costs. There is a continuing
need for improved natural gas treating processes that have high reliability and
represent stmplicity of operation. It is particularly desirable to have a process that can
effectively separate CO, and other acid gases from natural gas so that the acid gas

stream 1s at as high a pressure as possible for subsequent disposal or sequestration.



CA 02454162 2004-01-14
WO 03/022408 PCT/US02/28242

SUMMARY

The invention relates to a method of separating one or more components from
a multi-component gas stream comprising at least one non-acid gas component and at
least one acid gas component. A multi-component gas siream at a pressure above
1,200 psia (82.8 bar) and a temperature above 120°F (48.9 °C) with the concentration
of at least one acid gas component in the gas stream being at least 20 mole percent 1S
passed to a membrane system that selectively separates at least one acid gas
component from the multi-component gas stream as a permeate stream. The permeate

stream has a pressure of at least 20% of the pressure of the feed pressure.

BRIEF DESCRIPTION OF THE DRAWINGS

The invention and its advantages will be better understood by referring to the

drawings in which like numerals identify like parts and which:

Fig. 1 is a diagrammatic representation of one embodiment of the invention

showing a single stage membrane separation system.

Fig. 2 is a diagrammatic representation of a second embodiment of the

invention showing three membrane separation stages.

Fig.31sa diagrammatic representation of a third embodiment of the invention,
similar to the second embodiment, showing use of compressed permeate streams to
provide heating to at least one of the membrane modules used in the separation

Process.

The drawings illustrate specific embodiments of practicing the process of this
invention. The drawings are not intended to exclude from the scope of the invention
other embodiments that are the result of normal and expected modifications of these

specific embodiments.
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DETAILED DESCRIPTION

The method of the present invention uses a membrane separation system
operating at pressures above 1,200 psia (82.8 bar) and at temperatures above 120°F
(48.9°C) to separate one or more acid gases from a multi-component gas stream
comprising acid gas and non-acid gases, such as methane and nitrogen, to provide a
high-pressure retentate stream and a high-pressure permeate stream. Compared to
separation systems used in the past, the invention reduces the energy required for
processing the multi-component gas and it reduces the amount of compression power
required to perform the separation and to produce a high pressure permeate and
retentate. The invention will be described with respect to treatment of a natural gas
stream containing one or more acid gases such as CO, and/or H,S; however, the
invention is not limited to treatment of natural gas. The inventive method can be used

to separate any gas mixture containing low boiling gases (such as C; and C,
hydrocarbons and N,) and acid gases (such as CO,, C,S, and H,S).

In one embodiment, natural gas containing CO; in a concentration of at least
20 mole percent, preferably at least 30 mole percent, at a temperature above 120°F
(48.9°C) and pressure above 1,200 psia (82.8 bar) is passed to a membrane separation
unit to provide a pressurized permeate stream enriched in CO,, preferably at least 60
mole percent CO, and more preferably at least 80 mole percent CO,, at a pressure at
least 20% of the pressure of the natural gas to the membrane, and a pressurized
retentate stream enriched in methane. The practice of the present invention is founded
on two observations: (1) the compressibility factors for gas streams containing
significant amounts of acid gases (feed gas and permeate stream) are less than
compressibility factor for the retentate stream, resulting in a less overall compression
power and (2) improved flux of acid gases through a semi-permeable membrane can
be obtained at feed gas pressures above 1,200 psia (82.8 bar) if the feed gas
temperature 1s above 120°F (48.9°C).

In this patent, the term "natural gas" refers to a multi-component gas obtained
from a crude oil well (associated gas) or from a gas well (non-associated gas). The

composition and pressure of natural gas can vary significantly. A typical natural gas
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stream contains methane (C1) as a significant component. The natural gas will also
typically contain ethane (C,), higher molecular weight hydrocarbons, one or more
acld gases, and minor amounts of contaminants such as water, nitrogen, iron sulfide,
wax, and crude oil. The term "acid gas" in this description means one or more
compounds selected from the group comprising carbon dioxide, hydrogen sulfide,

carbonyl sulfide, carbon disulfide, and mercaptans.

Compressibility Factor
Betore proceeding further with the detailed description, basic principles of gas

compressibility are provided to aid the reader in understanding the invention.

The relation between pressure, volume, and temperature of a gas can be
expressed by the Ideal Gas Law, which is stated as PV =nRT, where:
P = pressure of gas
V = volume of gas
n = number of moles of the gas
R = the universal gas constant (which, as is known, varies somewhat
depending on volume and temperature)

T = absolute temperature of the gas

If the equation is expressed in English units, the pressure is in pounds per square inch

absolute (psia), the volume is in cubic feet, and temperature is in degrees R (degrees
Fahrenheit plus 459.7).

The Ideal Gas Equation does not give exactly correct resulis in actual practice,
because gas molecules interact with one another. Gas molecules, when compressed,
pack more tightly together than would be predicted by the Ideal Gas Equation,
because of intermolecular forces and molecular size and shape. To correct for this, an
added term, the compressibility factor, z, can be added to the Ideal Gas Equation.

This is a dimensionless factor, which reflects the non-ideality of the particular gas

being measured, at the particular temperature and pressure conditions.
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At atmospheric pressure or gauge pressures of a few hundred pounds per
square 1nch (psi), the comﬁressibility tactor 1s sutficiently close to 1.0 for most gases
that 1t can be ignored, enabling use of the Ideal Gas Law without the added term z.
However, where pressures of more than a few hundred psi exist, the z term can be
different enough from 1.0 so that it must be included in order for the Ideal Gas
Equation to give correct results. The z factor is important in determining the amount
of compression power required in gas separation processes. Increases in the z factor
Increase the energy required to pump or compress for storage a given standard volume

of gas.

According to the van der Waals theorem, the deviation of a natural gas from
the Ideal Gas Law depends on how far the gas is from its critical temperature and
critical pressure. Thus, the terms Tr and Pr (known as reduced temperature and

reduced pressure respectively) have been defined, where:

Ir= d
Ic
Pr= _}.).._
Pc
Where: T = the temperature of the gas in degrees R

T'c = the critical temperature of the gas in degrees R
P = the pressure of the gas in psia

Pc = the critical pressure of the gas in psia

Critical pressures and critical temperatures for pure gases have been
calculated, and are available in handbooks. Where a mixture of gases of known
composition is available, a pseudo-critical temperature and pseudo-critical pressure
which apply to the mixture can be obtained by using the averages of the critical
temperatures and critical pressures of the pure gases in the mixture, weighted

according to the molar percentage of each pure gas present.

Once a pseudo reduced temperature and a pseudo reduced pressure are known,

the compressibility factor z can be found by use of standard charts. One of these is
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"Compressibility Factors for Natural Gases" by M. D. Standing and D. L. Katz,
published in the Engineering Data Book, Gas Processors Suppliers Association, 10th
edition, (Tulsa, Oklahoma, U.S.A.) 1987. Alternatively, the compressibility can be
calculated directly by equations of state using any suitable commercially-available

computer program which are familiar to those skilled in the art.

In the temperature range of 70°F to 300°F (21.1°C to 148.9°C), methane has a
reduced temperature abo;s/e 1.5. Using charts or other methods to determine the
compressibility factor, it can be determined that the compressibility of methane ranges
from slightly above 0.8 to about 1.0. In this temperature range, the compressibility
factor increases with increasing temperature. At these temperatures, methane has a
mimmum compressibility factor between about 2,000 and 2,500 psia (between 138

and 172 bar), depending upon temperature.

CO, and other acid gases have higher critical temperatures and pressures than
methane. Gas streams with significant amounts of acid gases can have
compressibilities that are lower than 0.8 at typical operating conditions for natural gas
processing. Therefore, such gases can require significantly less power to compress
than an equivalent volume of natural gas having a lower percentage of CO,. The
present invention takes advantage of this compressibility characteristic at pressures

above about 1,200 psia (83 bar) and temperatures above about 120°F (48.9°C).

Dense Gas

In one embodiment of this invention, the gas feed stream comprising acid gas
and methane is provided as a dense gas. The term "dense gas" is defined to mean that
the gas has a compressibility factor less than about 0.8. The minimum pressure
necessary for a gaseous mixture to achieve the dense state increases with increasing
temperature and 1s composition dependent. As an example, without limiting the scope
of the mvention, for a gas feed stream containing 70% CO, and 30% methane at 80°F
(26.7°C) the gas pressure would need to exceed about 730 psia (50.3 bar) to be in
dense gas phase and the same composition at 50°C (122°F) would need to exceed

about 1,700 psia (117 bar) to be in a dense state.
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The compressibility factor of natural gas decreases as the concentration of
CO, increases. For example, a gas mixture containing 30% methane and 70% CO, at
a pressure of 2,900 psia (200 bar) and temperature of 80°F (26.7°C) has a
compressibility factor of about 0.51. One the other hand, if the gas composition
contains 70% methane and 30% CO,, the compressibility factor is about 0.72 (all

percentages being expressed in moles).

Membrane Permeation

(as permeation through a membrane can be described as the overall mass
transport of "penetrant gas” across the membrane where the penetrant gas is
introduced at a higher pressure than the pressure on the permeate side of the
membrane. Typically, in the separation process, the membrane being used exhibits a
higher selectivity for one component, say component i than the other, say component
J. Component 1 permeates faster than component j, therefore relative to the feed, the

permeate 1s enriched in component 1 and the retentate is enriched in component j.

The equations will now be described for gas permeation through a defect free
separation layer of a membrane having negligible mass transfer resistance in the
porous support. The basic flux equation for a single component gas permeating

through the separation layer is:

Ji = -Bigi(duy/dz) (1)
wherein
J;i 1s the flux of gas species i,
B; 1s the mobility of the gas species,
g; 1s the fractional loading of the gas species on the surface of the membrane,
Hi 1s the chemical potential of the gas species,

z 18 the distance across the membrane.
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A commonly used engineering approximation of the flux equation for an ideal

gas at a point along the membrane is expressed as:

P

F; = -—;-S (y,ofp p -—y,;,pp) (2)

wherein:

F;is the flow rate of component i through the membrane

P is the permeability, expressed for example 1n cm’® (STP).cm / cm”.sec.cmHg,
] is the width of the membrane, expressed for example 1n cm,

S is the surface area of the membrane in ¢ o

y;ris the mole fraction of the desired component, on the feed side,

yi» is the mole fraction of the desired component, on the permeate side, and

prand p, are respectively the pressure of the feed stream and the permeate.

This engineering approximation is rigorously correct in the Henry's law limit
for ideal gasses and a membrane system in which there is not significant mass transfer
resistance offered by the support or the hydrodynamic boundary layers present on the
feed and permeate sides of the membrane. The terms within the parenthesis represent
the difference in partial pressure for component i between the feed and permeate sides

of the membrane. This difference is the assumed driving force for the separation.

Fugacity

For gas systems at high pressure, the assumption of ideal gas behavior to
represent the driving force is inadequate. To be more thermodynamically rigorous,
the partial pressures are corrected by "fugacity coefficients" that reflect deviations

from ideal gas behavior. The equation for the fugacity of a component is given by:

fi =y@.p (3)
wherein:
£:1s the fugacity of component 1,
y; is the mole fraction of component 1,
o; if the fugacity coefficient of component 1, and

p 1s the pressure.

10
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For most real gases, the fugacity coefficient will be close to umty at low
pressures. However, as the pressure is increased above a few hundred pounds per
square inch, the fugacity coefficient of the components with lower reduced
temperatures (generally the heavier components) can be as small as 0.2 or less. The
fugacity coefficient of the "heavier" components typically increases with icreasing
temperature and decreasing pressure. The fugacity coefficients of the "lighter”

components can show the opposite efiect.

Fugacity coefficients can be experimentally determined by persons skilled 1n
the art. Preferably, the fugacity coefficients are determined using an equation of state
(EOS), such as the commercially available Soave-Redlich-Kwong EOS and the Peng-
Robinson EOS.

By labeling (ﬁ) as the effective permeance, Pesr, and correcting for non-ideal

/

gases by adding fugacity coefficients, equation (2) can be rewritten as:

P effi — F;/§ (iylfd)éﬂ)f 'yiquz})pp} (4)

wherein:

P,z is the effective permeance of component i, expressed for example in cm’

(STP) / cm*.sec.cmHg,
F; is the flow rate of the ith component exiting the process in permeate
streams, expressed for example in cm® (STP)/sec,
S is the surface area of the membrane expressed for example in cm?,
prand p, are respectively the pressure of the feed stream and the permeate,
¢iris the fugacity coefficient in the feed side for the desired component,
@iy 1s the fugacity coefficient in the permeate side for the desired component,

yiris the mole fraction of component (1) entering on the feed side, and

11
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yip is the mole fraction of component (1) exiting on the permeate side.

Recasting equation (4) in terms of flux (J =F/A) and fugacities yields,

J,
P,=—"1— >
1= 7 (5)

An ideal effective permeance, using ideal gas based partial pressures, can be

defined as

Pfdeal — Ji (6)

eff j ]
YiePir —Vip Pip

This ideal effective permeance is what is most commonly reported in the

literature.

The effective permeance is typically reported in GPUs, which have the

following units:

cm’ (STP)

GPU[i]=10""x >
cm” xsec.xcm.Hg

(7)

The effective permeance can be a function of the temperature, operating
pressures on the feed and permeate sides, flow rates on the feed and permeate sides,
as well as the feed and permeate compositions. Effective permeances at each point
along the membrane can be predicted from a fundamental knowledge of the mass
transfer resistance for each component passing through the separation layer, the
support, and the hydrodynamic boundary layers adjacent to the separation layer and
support. Effective permeances can also be measured through experimentation. In an
experiment where the effective permeance is determined, the flux through the
membrane of known area is measured under conditions where the partial pressure ot

the ith component is known on both the feed and permeate sides.

12
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In a membrane separation systems that remove CO, as permeate from a feed
stream at high pressures, the CO, flow rate (F) increases with increasing fugacity for
CO, in the feed stream and decreasing fugacity in the permeate stream. Since the
fugacities of the gases in a membrane system can vary over a considerable range
depending on pressure, temperature, and composition, the impact of fugacity on

membrane flow rate can be estimated using equation (2) using the following steps:

1. Determine the CO, effective permeance assuming ideal gas behavior;

2. Determine the fugacity coefficient of CO; at feed and permeate conditions;

3. Calculate the ideal driving force (IDF) across the membrane:
IDF = yitpr - YipPps

4. Calculate the real driving force (RDF) taking into account fugacity (¢):
RDF = yigitDs - YipQipPps

5. Adjust the CO, effective permeance by the ratio of RDF/IDF;

6. Model the membrane performance at each point of the membrane using the

adjusted CO, effective permeance.

To have a high permeation rate of a given component, 1t is desirable to
maintain a high fugacity of the component at the feed side of the membrane. For a
membrane that permeates CO, preferentially to methane, this means mamtaining a
high CO, fugacity, preferably above 0.7. The fugacity coefficients for the acid gases

mixed with lower molecular weight gases are typically less than 1. Tables 1 and 2
below show the fugacity values (¢) for CO; as a function of temperature, pressure,

and composition, assuming a binary mixture with methane. All composition

percentages are mole percent.

13
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Table 1 - Fugacity Coefficients of CO, as a Function of Pressure and
Composition

o —

—

Temperature | Pressure O 0 0 b
°F (°C) Psia (bar) | at 70% CO; | at 50% CO; | at 30% CO, | at1% CO,

60 (15.6) | 3,000 (207) ~0.27 0.31 0.36 0.46
o 2,000 (138) ~0.36 0.42 0.48 0.57
) — | 1,500 (103) 047 0.53 ~0.58 0.65
| 1,000 (69) ~0.65 ~0.67 0.7 0.75

] 500 (34) |  0.82 0.83 0.84 0.87

120 (48.9) 73,000 207) | = 043 ~ 047 0.51 0.59
2,000 (138) 055 0.58 0.62 0.68

11,500 (103) ~0.65 0.67 0.70 -~ 0.75
1,000 (69) 0.76 - 0.77 0.79 0.82
| 500 (34) 0.88 0.88 0.89 0.92

180 (82.2) 3.000 (207) | = 057 0.59 - 0.63 0.69
o 2,000 (138) 0.67 0.70 0.72 0.77

1,500 (103) 0.75 0.76 0.78 0.81

] 1,000 (69) ~ 083 | 0.83 ~0.85 0.87

) 500 (34) 0.91 ~ 091 092 0.93
240 (115.6) | 3,000 207) |  0.67 0.69 0.72 0.77
2.000 (138) | 076 0.77 0.79 0.82

‘ ~ 11,500 (103) | 0.81 0.82 0.84 0.86
1,000 (69) -~ 0.87 ~ (.88 0.89 0.90

500 (34) 0.93 0.94 0.94 0.95
300 (148.9) 3,000 (207) 075 ~0.76 0.78 0.82
’ 2,000 (138) 0.82 0.83 0.84 0.87
- 1,500 (103) 0.86 0.87 0.88 0.90
1,000 (69) 0.90 0.91 091 7 0.93

T [500(34) | 095 0.95 0.96 0.96
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Table 2 - Fugacity Coefficients as a Function of Permeate Pressures

—

(1) at 95% COz in

Temperature | Pressure of
| °F (°C) Permeate Permeate
| | Psia (bar)
60 (15.6) | 3,000 (207) 0.33 B
12,000 (138) 0.41 o
B 11,500 (103) | 057
- 1,000 (69) 0.78 B
- 500 (34) 0.89
120 (48.9) |3,000 (207) | 052
12,000 (138) ~0.63 B
1,500 (103) 0.75 ]
) 1,000 (69) | 085
500 (34) 092
180 (82.2) |3,000 (207) | 0.66
"" 12,000 (138) 0.74
1,500 (103) 0.82
1,000 (69) 0.89 -
) 500 (34) 0.94
240 (115.6) | 3,000 (207) 0.75
2,000 (138) 0.81
1,500 (103) | 0.87
11,000 (69) 0.92
] 500 (34) 0.96
300 (148.9) [ 3,000 (207) 0.81 |
B i 12,000 (138) 0.85
B ) 1,500 (103) 0.90
) — 11,000 (69) 094
1500 3% 0.97

The data in Tables 1 and 2 show that the fugacity coefficient of CO; increases with

increasing temperature, decreasing pressure, and decreasing CO, composition.

Effective Permeance from Material Properties

The effective permeance can be estimated from the fundamental transport
properties of a material by persons skilled in the art. For simplicity, 1t 1s assumed that
the membrane has a mass transfer resistance of the support and the hydrodynamic
boundary layers are small compared to that of the selective layer. Furthermore, 1t 18

assumed that the membrane materials have no significant mutual diffusion effects.
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The effective permeance can be determined by the competitive adsorption isotherm

between the different components and the component diffusivities through the

membrane layer.

In this example, the separation of two components i and j by a membrane 1s
considered. Materials for which the competitive adsorption isotherm of species i with

respect to species j can be approximately is described by a Langmuir form:

1+, f; +b; f;
Wherein:
q i is the loading of the gas species i in the membrane,
qs is the saturation loading in the separation layer of the membrane,

fi is the fugacity of the gas species i,

fi is the fugacity of the gas species j,

b; is the parameter that determines the shape of the single component
isotherm for component i, and

b is the parameter that determines the shape of the single component

isotherm for component ;.

To obtain an accurate prediction of the permeance, the values of b; and b;
should ideally be obtained by fitting the single component isotherms for a particular
material in the pressure range of interest, however in many cases, they can be

obtained from a fit of the isotherm at lower pressures.

For this type of Langmuir isotherm, the flux of component A across a point

( )

along the separation layer is:

. 0 1+b.f.. +b.F.
J;‘ :btqut_ 1 __In If;f JfJf I (9)
AN L abr o
T ffif_—— i fﬁk’_{—'—f}p
\ /4 /4 y,
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Wherein:
J; is the flux of gas species i at a point P along the membrane,

fir is the fugacity of the gas species i on the feed side at point P,
for is the fugacity of the gas species i on the permeate side at point P,
I is the fugacity of the gas species j on the feed side at point P,
I is the fugacity of the gas speciesj on the permeate side at pont P,

D%  is the diffusion coefficient of the gas species i,

[ is the thickness of the separation layer, and
Jy —Ji
fir =71

A similar flux equation can be written for component j, which can be readily
derived by one skilled in the art. The effective permeance of component 1 at a point
along the membrane can then be calculated from:

P, =t
fif"fi

(10)

Selectivity

The ratio of the effective permeance for component i to that for component j 1s

the effective selectivity ratio for 1 relative to j:
Selectivity = Pog / Peog (11)

wherein:

P,z is the effective permeance of component 1

P,z is the effective permeance of component ]

Selectivity may be obtained directly by contacting a gas separation membrane,

module or series of modules with a known mixture of gases entering at a pressure ps,
and analyzing the permeate flow rate and composition which exit at a pressure py,

Alternatively, a first approximation of selectivity may be obtained by calculating the
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ratio of the rates of passage of the two components determined separately on the same

gas separation membrane.

Drawings

One embodiment of the method of the invention will now be described with
respect to Fig. 1. Fig. 1 is a simplified flow diagram of one embodiment of the
invention. A vapor stream 10 may be supplied to the treatment process from chemical
or refinery processes, from pressurized storage vessels, from associated gas produced
from produced crude oil, from natural gas wells, from flue gas, from landfill gas, or
from any other gaseous sources containing methane and at least one acid gas. Vapor
stream 10 preferably enters the gas separation system at a pressure above 1,200 psia
(82.8 bar), more preferably at a pressure above 1,500 psia (103 bar), and the feed
stream 10 preferably enters the separation system at a temperature above 120°F
(48.9°C) and more preferably above 150°F (66°C). If the feed pressure is below a
preselected pressure for the feed side of the membrane, the pressure can be increased
by passing stream 10 through one or more stages of compression (for simplicity, only
one compressor 20 is shown in Fig. 1) to boost the pressure of the vapor stream to the
preselected pressure. The feed gas is preferably temperature regulated to a
predetermined level by a temperature regulator (not shown) and then fed into the feed
side of the membrane module 40. If the feed temperature of the feed stream has a
predetermined temperature, the feed stream need not be heated. However, 1f 1t does
not meet the predetermined temperature, the feed can be heated by passing it through
a suitable heating device 30, where the heating may be achieved by heat exchange

with product streams and/or by any suitable external heating system that uses steam or

other suitable heating medium.

The feed stream 10, at a preselected temperature and pressure, 1s then passed
to one or more membrane modules 40. Retentate 11 exiting the membrane system
may, if further pressurization is desired, be passed to one or more compressors 21 to
further pressurize the methane enriched retentate stream for further treatment or use as
a sales gas product. If desired, the feed to compressors 21 can be cooled by any

suitable cooling means 31 to reduce compression power requirements. Permeate
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stream 13 enriched in CO, is passed to one or more stages of compression (only one
compressor 22 is shown in Fig. 1) to further pressurize the permeate stream. The
pressure of permeate stream 13 is preferably at least 20% of the pressure of the feed
stream to the feed side of the membrane module 30, and more preferably exceeds
30% of the feed pressure. The permeate may be cooled in cooler 32 to reduce
compression power requirements. The compressed permeate may be passed through
an aftercooler 33 to cool the permeate stream prior to subsequent use. Aftercooler 33
may be any conventional cooling system that cools the permeate. The carbon
dioxide-enriched permeate is available for any desired use. For example, the
permeate enriched in CO, can be injected into a subterranean formation (not shown)
for pressure maintenance purposes or injected into oil-bearing formations to enhance
oil recovery by techniques that are well known. The pressurized permeate can also be

used as a supercritical fluid solvent in oil recovery operations.

The pressure of the permeate leaving the membrane system 40 1s preferably
maintained as high as practical to reduce the temperature drop in the module and to
reduce the power required to compress the permeate to a higher pressure. The
optimum differential pressure across the membrane(s) depends upon the particular
feed stream composition, the feed stream component(s) to be separated, the type of
membrane(s) used, the desired composition of the retentate or permeate, as well as

other factors known to those skilled in the art.

Fig. 2 schematically illustrates another embodiment of the invention similar to
the embodiment illustrated in Fig. 1, except that the membrane separation is shown in
three membrane stages 40, 41, and 42. The retentate stream is further depleted in acid
gas at each successive membrane stage. As the retentate temperatures generally will
decrease with each subsequent stage, heaters 36 and 37 are preferably used to keep
the feed temperatures to subsequent membrane units above a predetermined desired
temperature for each stage. Permeate stream 15 from the last membrane stage 42 is
potentially cooled in aftercooler 38, pressurized by compressor 24 and cooled by
aftercooler 35. Compressed permeate stream 15 is then combined with permeate

stream 16 from membrane stage 41 and the combined stream may optionally be
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cooled in aftercooler 39, passed through compressor 23, and cooled by aftercooler 34.
The aftercoolers 34 and 35 can optionally provide some or all of the heat load
required for heaters 36 and 37 respectively. This is represented by the dotted lmnes 18
and 19 connecting the heaters and coolers. The combined permeate streams 15 and
16 are then combined with permeate stream 13 and the combined streams are cooled
by cooler 32, compressed by compressor 22, and aftercooled by cooler 33 to produce
an acid-gas product stream 14 to be used in any suitable manner. The addition of
additional stages can, as recognized by those skilled the art, reduce the recompression

requirements of the overall permeate stream.

Fig. 3 schematically illustrates another embodiment of the invention similar to
the embodiment illustrated in Fig. 2, except that all or part of the outlet streams from
compressors 23 and 24 are withdrawn as streams 27 and 28 to provide heat to the
gases in membrane modules 40 and 41. The heat available from streams 27 and 238
can increase the driving force for separation in the membrane modules 40 and 41 by
increasing the temperature within the modules. This heat can be supplied either
through indirect heat exchange (not shown) within membrane modules 40 and 41 or
by using streams 27 and 28 directly as a permeate sweep. If used as a sweep, streams
27 and 28 will exit as parts of streams 16 and 13 respectively. As recognized by those
skilled in the art, the use of a sweep gas in a membrane module can increase the
efficiency of separation by reducing the partial pressure of at least some of the

permeating components and by decreasing the mass transfer resistance between the

support and the bulk permeate tlow.

Additional Treatment

Referring to Fig. 1, due to the physical construction and operating
characteristics of membrane module 40, feed stream 10 should be evaluated for the
presence of particulates, entrained liquids, crude oil, water, chemaicals, and
condensable hydrocarbons. The scope of the invention includes any treatment steps
carried out upstream or downstream of the acid gas separation process to remove
other gas components. For example, it may be advantageous to remove other

contaminants upstream of the membrane separation module.
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The membranes themselves may be capable of handling water, hydrocarbons,
and these components may be concentrated 1n either the retentate or permeate
streams. If these substances are present in amounts that could interfere with
membrane treatment operations, one or more devices to remove these substances (not
shown in the drawings) is preferably placed upstream of the membrane module 40,
and in the case of a gas stream rich in heavy hydrocarbons, a heavy carbon removal
system may be desirable. Even though the membrane systems may be able to
dehydrate the gas stream while removing CO,, liquid water preferably does not enter

membrane module 40.

It will be apparent to those skilled in the art that numerous embodiments of the
invention carrying out additional separation steps in diverse ways are possible. For
example, these include, but are not limited to (1) a dehydration step followed by an
methane/acid gas membrane separation step, (2) a natural gas liquid (NGL) removal
step followed by the methane/acid gas membrane separation step, (3) a dehydration
step and a NGL removal step followed by the methane/acid gas membrane separation
step, (4) the methane/acid gas membrane separation step followed by a dehydration
step, (5) the methane/acid gas membrane separation step followed by NGL removal
step on the permeate stream, (6) the methane/acid gas membrane separation step
followed by a dehydration step on the permeate stream, and (7) a dehydration step and
a NGL removal step followed by the methane/acid gas membrane separation step,
followed by a second dehydration step and a NGL removal step on the permeate

stream.

Process Configuration

The present invention is not limited to the membrane configuration shown 1n
the drawings. The membrane sep aration process may contain a single membrane
module as illustrated in Fig. 1, or multiple membrane modules as 1llustrated 1n Fig. 2-
3, or an array of modules. A single-stage membrane separation operation depicted 1n
Fig. 1 may be adequate for many applications. If the retentate stream 12 requires

further purification, it may be passed to additional banks of membrane modules as
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shown in Fig. 2 for further processing. If the permeate stream 14 requires further
concentration, it may be passed to one or more additional membrane modules (not
shown) for additional treatment. For example, a two-stage (or more complicated)
membrane configuration, in which the permeate from the first stage becomes the feed
for the second, may be used to further enrich the CO; content of the permeate stream
and to reduce methane losses. It is envisaged that a two-stage membrane
configuration, using like or unlike membrane types in the two stages can be used. In
such arrangements, the retentate stream from the second stage may be recirculated for
further treatment in the first stage, or may be passed to gas pipeline, for example.
Such multi-stage or multi-step processes, and variants thereof, will be familiar to
those of skill in the art, who will appreciate that the membrane separation process
may be configured in many possible ways, including single-stage, multi-stage, multi-
step, or more complicated arrays or two or more units in serial or cascade

arrangements.

Membrane Module Design

The membrane module containing the membrane may be of any suitable
design for gas separations, such as a plate and frame type, spiral wound membranes,
tubular membranes, hollow fiber membranes, or the like. The membrane 1s typically
composed of a separation layer and a support. The separation layer is typically
formed on the surface of the support. The support is designed to provide mechanical
support to the separation layer while offering as little mass transfer resistance as
possible. The flux through the membrane is affected by the thickness of the
separation material and the support. In general it is desirable to have the separation
layer, through which a permeating component must pass, as thin as possible yet
sufficiently thick that the flow through the layer is not dominated by defects. The
support must be thick enough to provide adequate strength to the separation layer to
withstand the separation conditions. Suitable composite membranes may comprise a
thin separation layer formed on the surface of a thicker porous physical support that

provides the necessary physical strength to the membrane.
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The gas separation membranes are preferably in the form that maximize the
surface area in the most economically sized apparatus. The membranes can likewise
be either symmetric or asymmetric, isotropic (having substantially the same density
throughout) or anisotropic (having at least one zone of greater density than at least
one other zone), and can be chemically homogenous (constructed of the same

material) or it may be a composite membrane.

The membrane used in the method of the mmvention preferably has high
selectivity for oné or more acid gases at a sufficiently high effective permeation rate
of the permeate gas per unit surface area. Separation membranes that exhibit a high
flux but low selectivity separation are unattractive as they require large separating
membrane surface areas. Similarly, separation membranes that exhibit adequately
high selective separation but undesirably low fluxes are also lacking in practical use
feasibility. It would be highly desirable to obtain membranes having high etfective
permeances as well as high selectivity. However, frequently there 1s an inverse
relationship between the permeation rate of the component (flow) and the selectivity
of the membrane to the desired component relative to other components of the
gaseous mixture. Membranes used in the process of this invention preferably have a
selectivity ratio of the acid gas to methane (or other light gas) greater than about 10
and more preferably greater than 50, although membranes with selectivity ratios lower

than 10 can be used.

Preferably the effective permeance values for the acid gas components for

membranes useful in the practice of the invention are at least 100 GPU, with at least

800 GPU being more preferred.

Membrane Separation Layer Materials

Any suitable material may be used for the separation layer as long as it 1s
stable for the given composition at temperatures above about 120°F (48.9°C) and
pressures above about 1,200 psia (82.8 bar) and have adequate effective permeance

and selectivity at those conditions. Most membranes 1n service for acid gas separation
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are made from polymers, and most of these polymers either are lack stability at the
operating conditions of the present invention or do not provide adequate values of
permeance or selectivity. Most of such polymeric membranes have been designed or

selected to operate most effectively at temperatures below about 100°F (37.8°C).

While certain polymers or glassy materials could give adequate performance
at the higher temperature and pressure conditions of the present invention, it 1s
preferred that the separation layer used in the practice of the present mnvention be
inorganic. The inorganic layer, formed from, for example, zeolites, microporous
silica, or microporous carbon, is preferably placed on a structured support. The
performance characteristics of such inorganic membranes at a given temperature can
be enhanced by persons skilled in the art by modifying the surface, changing the pore

size, and/or altering the composition of the membrane.

The invention is not intended to be limited to any particular membrane
material or membrane type, however, and encompasses any membrane, of any
material, that is capable of giving adequate values for permeance and selectivity. This
includes, for example, homogeneous membranes, composite membranes, and

membranes incorporating sorbents, carriers, or plasticizers.

Support Materials
The support should offer minimal mass transfer resistance with strength
sufficient to withstand the stress created by relatively large pressure differentials

across the membrane. For asymmetric membranes, the support 1s porous.

Typically for asymmetric polymer membranes, the porous support 1s
manufactured from the same polymer as the active separation layer. In some polymer
membrane manufacturing processes, the porous support material 1s formed
simultaneously with active separation layer. Depending on the module format, the
support can be a hollow fiber, monolith, or a flat sheet. In all cases the support
material must be incorporated into a module. An important step in incorporating the

support into the module is sealing the support (or support plus separation layer) so
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that the hydrodynamic flow along the permeate and feed sides are physically
separated. The seals and support are designed to withstand pressure ditferentials

between the feed and permeate sides.

For asymmetric inorganic membranes, the porous support can be made from a
different material than the active separation layer. Support materials for asymmetric
inorganic membranes include porous aluminas, silicon carbides, porous metals,
cordierites, and carbons. Depending on module format, these porous support

materials may be formed as flat sheets, tubes, hollow fibers, and monoliths.

It is also possible to form an asymmetric hybrid membrane structure in which

a polymeric active separation layer is coated onto a porous inorganic support.

Separation Temperature and Pressure

The temperature at which the acid gas separation 1s conducted should be such
that the driving force for the acid gas across the membrane 1s sufficient for an
effective separation. If the waste gas is desired at high pressure, then the driving
force requirements become more important, since increasing the permeate pressure
reduces the driving force available across the membrane. At feed pressures above
1,200 psia (82.8 bar), and a permeate pressure at least 20% of the feed pressure, this
corresponds to temperatures above about 120°F (48.9°C). Temperatures in the range
from about 120°F (48.9°C) to about 300°F (148.9°C) are typically operable, dependent
on a variety of factors. The optimum operating temperature depends upon the feed
composition, the membrane material, the pressure, ambient temperature, and the
availability of heating and cooling utilities. The optimum temperature range can be

determined through modeling or empirically by persons skilled in the art based on the

teachings contained herein.

Example 1
To demonstrate the benefit of feed compression if the feed 1s available as a
dense gas, a process simulation was performed using a software tool designed to

simulate the treatment of a 1 billion standard cubic feet per day (1 BSCFD) (28
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million SCMD) of a gas stream containing 70 % CO; and 30% methane at a
temperature of 80°F (26.7°C) to produce a sales gas stream with 20% CO, at 2,400
psia (165.5 bar) and a disposal stream with 96% CO, at 1920 psia (132.4 bar). . The
treatment process was assumed to be carried out according to the process design
shown in Fig. 1 with the pressure of the permeate stream 13 being 20% of the
pressure of feed stream 10 and two stages of compression (only one stage 1s shown in
Fig. 1) each with a pressure ratio of 2. The calculations further assumed that the CO,
permeate streams were cooled to 80°F (26.7°C) before compression, and that the
compressors/pumps operated with 75% efficiency. The membranes used 1 this
simulation had selectivities of about 50 (calculated on an ideal gas basis) at all points
along their length. The membrane was modeled in a countercurrent flow

| configuration. Minor pressure drops across heat exchangers and through the
membrane modules were ignored in the calculations. In addition, any effects of the
temperature on the performance of the membrane or on the driving force across the

membrane were ignored. The following three cases were compared:

Case 1: Starting with a feed pressure of 1,200 psia (82.8 bar), with no
additional compression of the feed stream.

Case 2: Starting with a feed pressure of 1,200 psia (82.8 bar) and boosting the
feed pressure to 2,400 psia (165.5 bar) before entering the membrane
system.

Case 3.: Starting with a feed pressure of 2,400 psia (165.5 bar) (no boosting of

the feed pressure).

The results of the calculations are shown in Table 3. The total compression
power represents the power required to boost the pressure of the feed stream (Case 2
only) and the power required to pressurized the retentate to 2,400 psia (165.5 bar) and
the power required to produce a permeate stream 14 of 1,920 psia (132.2 bar).
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Table 3
Case "Feed Pressure "Feed | CO, Sales Gas Total
No. Psia (Bar) Compression | Compression Compression Compression
\ MW MW MW MW
1 l 1,200 82.8) | -~ 53 10 63
2 | 1,200(82.8) | 23 31 | 54
3 | 2,400(165.5) | - 31 | [ 31

As can be seen from Table 3, operating with a higher feed pressure saves total
power even if feed compression is required. The benefit from Case 2 relative to Case
1 was primarily a result of the compressibility (0.63) of the feed stream 10 being
significantly less than the compressibility (0.83) of the inlet to the sales gas

compressor 21.

If the temperature of the feed for Case 2 was raised to 151°F (66°C) to give a

compressibility of 0.80, the total compression power required was the same as for

Case 1.

If the CO, content in the feed was lowered to 25%, and the feed temperature
was lowered to 66°F (19°C) to achieve a compressibility of 0.8, the total compression

calculated for the analogous Cases 1 and 2 was the same.

Example 2

The calculations of Example 1 were repeated, using the same assumptions
made in Example 1, except that CO, was replaced by nitrogen. This had the effect of
raising the compressibility factors in all streams and hence the compression required

for each inlet stream to a compressor. The results are shown in Table 4.
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Table 4
Case “Feed Pressure Feed N, Sales Gas Total
No. | Bar Compression | Compression Compression | Compression
| MW MW MW MW
4 82.8 - 71 11 82
5 | 1655 | 35 47 - 82
6 | 1655 -- 48 T - 48
. . - — . — - - — - - - — .

As can be seen from Table 4, there is no advantage in boosting the feed before

the membrane separation step (Cases 4 and 5).

Example 3

The calculations of Example 1 were repeated, using the same assumptions

made in Example 1, except that the initial feed gas pressures were varied over a wider

range. Cases were also run for a one stage, two stage, and three stage systems. For

the two stage system, the pressure of the first stage was chosen as 40% of the feed

pressure and it was assumed that half the total permeate stream exited at that pressure.

For the three stage system, the pressure of the second stage was chosen as 30% of the

feed pressure with half of the permeate exiting the first stage and 25% at each

subsequent stage. The results of these calculations are shown in Table 5.

Table 5
Case No. | Feed Pressure One Stage Two Stage Three Stage
| Psi (Bar) Membrane: Total Membrane: Total Membrane: Total
Compression Power | Compression Power | Compression Power

| MW MW MW

7 | 150(10.3) 164 147 141
8 300 (20.7) 130 113 ) 107

0 600 (41.4) 05 80 74

10 1200 (82.8) 63 47 43

11 2400 (165.5) | 31 17 13
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As can be seen from Table 5, operating with a higher feed pressure can save
significant amounts of compression power. The table also shows that staging can

reduce compression power.

Example 4

Starting with the assumptions in Example 3, a computer simulation was also
made to examine the impact of temperature on membrane performance focusing
solely on the impact of thermodynamic driving force across the membrane. In other
words, the permeance characteristics of the membrane material itself were assumed
constant under all conditions. This assumption may be reasonable for materials that
rely primarily on size exclusion (as opposed to competitive adsorption or solution) for

the separation.

The calculations assumed an effective CO, permeance of 800 GPU under 1deal
gas conditions and an effective methane permeance of 16 GPU. The effective
selectivity of the membrane under ideal gas conditions was assumed to be 50. The
permeate composition was allowed to vary with the change in driving force. The

simulation steps were:
1. Assume a value of the CO2 permeance under ideal gas behavior;

2. Determine the fugacity coefficient of CO; at feed and permeate conditions;

3. Calculate the ideal driving force (IDF) across the membrane:
IDF = yifr - YipPp;

4. Calculate the real driving force (RDF) taking into account fugacity (¢):
RDF = yieiDs - YipipPp; and

5. Adjust the CO, permeance by the ratio of RDF/IDF.

The membrane performance was then modeled at each point of the membrane
using the adjusted CO2 permeance. In addition, the membrane calculation was split
into two stages (with identical permeate pressures) so that the permeate from the
second stage was recycled to the feed. The amount of recycle flow was set so that the

same hydrocarbon recovery was met in all cases. The added recycle resulted in the
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increased requirements for compression power for the non-ideal cases. The results

are summarized in Table 6.
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Table 6

Case | Feed Pressure | Temperature | Feed CO2 | Compression | Membrane

psia (bar) °F (°C) Fugacity Power MW Area ft* (m?)
Coefficient X 1000

12 | 150(10.3) Ideal 1.00 164 1300 (120)

13 | 30 (26.7) 0.94 167 1400 (120)

14 "120(489) | 0.5 166 T 1300 (120)

14 — [ 240 (115.6) | 097 165 1300 (120)
16 300 (20.7) |  Ideal 1 130 640 (60)
17 — | 80(26.7) 090 134 740 (69)
18 ~120 (48.9) 0.92 133 700 (65)
19 240 (115.6) 0.96 132 660 (61)
20 600 (41.4) |  Ideal 1 95 320 (30)
- 2] ) ~ 80 (26.7) 0.80 107 440 (41)
22 | | 120(48.9) 0.84 104 400 (37)
23 — [ 240(115.6) | 092 | 98 350 (33)

24 | 1200 (82.8) Ideal 1 63 160 (15)
25 — | 80(26.7) | 063 | 89 310(29) |

26 ) 120 (48.9) 0.70 82 270 (25)
27 | 240 (115.6) 0.84 72 200 (19)
28 | 2400 (165.5) Ideal 1 31 80 (7)
29 | 80 (26.7) 0.38 84 330 (31)
30 120 (48.9) 0.48 60 220 (20)
31 [ ] 240(115.6) 0.72 40 120 (11)

From Table 6, it can be observed that higher temperatures are required to
capture the benefits of operating at higher pressure. In particular, at 80°F (26.7°C)
note that the power and area required are comparable for the 2,400 psi (165.5 bar) and
1,200 psi (82.8 bar) cases (Cases 29 and 25). As such, no real benefit is seen n
operating at pressures above 1,200 psi (82.8 bar). At 120°F (48.9°C) some benefit is
seen as the comparable pressures are increased (Cases 26 and 30). One can see that
maintaining the temperature such that the CO, fugacity coefficient is greater than or
equal to about 0.7 (Cases 26 and 31), that most of the large potential advantages of

higher pressure operation are conserved.

The foregoing process power requirements for specific process designs using
specific gas compositions, pressures, and temperatures were performed using a
commercially available process simulator. Persons skilled in the art will be able to
perform similar calculations for streams of other compositions and flow rates based

on the present teachings.
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Example 5

Starting with the assumptions in Example 4, a computer simulation was also
made to examine the impact of pressure and temperature on membrane performance

which also accounts for the impact of the membrane material properties using
equations (9) and (10). A material, microporous silica, was chosen to represent a

material that includes both size exclusion and competitive adsorption for the

separation.

The calculations assumed, as reference, an effective CO, permeance ot 800

GPU under ideal gas conditions and an effective methane permeance of 16 GPU as

stated in Example 4.

The membrane performance was modeled using the transport parameters for
silica derived from the Ph.D. thesis of Renate de Vos (University of Twente, 1998)
entitled "High- Selectivity, High-Flux Silica Membranes for Gas Separation”. The
fluxes and effective permeances were calculated assuming that the Langmuir model
(equations (9) and (10)) was valid at each point along the'module. The specific
parameters for the transport come from the low pressure permeation data for the

preparation called "Si(400)" in the de Vos reference. The calculation assumptions

were as follows:

. The feed compositions, pressures, temperatures, and fugacity coefficients from
Example 4,
. The Langmuir parameters (b) for CO, and CH4 in equation (9) for the

microporous silica membrane Si(400) were estimated from the data in the

thesis to be (units bar™: ):

b for CO,: b=256x10" &

bfor CHy: b=201x10"¢"".

where R is the gas constant in kilo-joules/mole-°K (0.008314) and T is in °K.
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° The diffusion coefficients (D) for CO, and CHy in equation (9) for the
microporous silica membrane Si(400) were estimated from the data in the

thesis to be (units cm®/sec):

Dfor CO,: D=1.12x1 (4 o2 2/RT

D for CHy: D =5.96x 107 ¢’

. The saturation concentration (qs) for CO; in silica is 3.0 mmol/gm and the
density of the microporous silica is 1.8 gm/cm’ . The saturation concentration
(qs) for CH, (2.0 mmol/gm) in silica is scaled from the value for CO; and the

molecular size parameters given by de Vos.

The resulting calculations of membrane performance had average selectivities
always greater than 50, the assumed reference value. As such, no additional recycle

compression was required to meet the target permeate concentration from Example 4.

The results are summarized 1in Table 7.
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Table 7
Case | Feed Pressure | Temperature | Feed CO2 | Compression Membrane
psia (bar) °F (°C) Fugacity Power MW Area ft* (m°)
Coefficient X 1000
32 | 150(10.3) ~Ideal 1.00 164 1300 (120)
33 | 80 (26.7) 0.94 164 2900 (270)
34 | | 120(48.9) 095 164 | 2200 (200)
35 | 240 (115.6) 097 164 1500 (140)
36 | 300 (20.7) ~ Ideal ] 130 640 (60)
37 | | 80(6.7) 090 130 2300 (210)
38 | 0 120 (489) | 0.92 130 1600 (150)
39 | | 240(1156) | 096 130 900 (80)
40 | 600(41.4) |  Ideal 1 05 320 (30)
4] 80 (26.7) 0.80 05 2300 (210)
42 ‘ ' 120 (48.9) | 0.84 95 1400 (130)
- 43 T 240 (115.6) | 092 | 05 ~ 580 (54)
44 | 1200(82.8) Ideal 1 63 160 (15)
45 ) | 80(26.7) 0.63 63 2700 (250)
46 ' 120 (48.9) ~0.70 63 1400 (130)
7 | 240 (115.6) | 0.84 63 450 (42)
48 | 2400 (165.5) " Ideal 1 31 | 80(7)
49 — | 8067 | 038 31 5100 (470)
50 ' ~ | 120 (48.9) 048 | 31 2000 (180)
51 ~ | 240 (115.6) 0.72 31 410 (38)

For this example, while the power benefits of high pressure operation were conserved
in all cases, the required membrane areas varied a great deal. To estimate the
economic impact of the power versus membrane area required, it was assumed that
the installed cost of power was U.S. $1/MW and that the installed cost of membrane
areca was U.S. $50/ft>. Also shown are the calculated selectivities at each condition.
No incremental credit was taken for the higher selectivities in the cost analysis. The

resulting installed costs are shown in Table 8.
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Table 8
“Case | Feed Pressure | Temperature | Feed CO2 CO,/methane Total Cost in
psia (bar) °F (°C) Fugacity Selectivity $M
Coefficient

32 | 150(103) | Ideal 1.00 | 50(assumed) | 230
33 — | 80(26.7) | 094 410 310
34 | 120 (489) | 095 300 270
35 — | 240(115.6) | 0.97 140 240
36 | 300 (20.7) Ideal 1| 160
37 | 80 (26.7) 0.90 390 - 250
38 | | 12089 | 092 | 290 * 210
39 | | 240(115.6) 0.96 140 170
40 | 600 (41.4) Ideal | 1 | 110
41 | 80 (26.7) 0.80 | 330 210
42 120 (48.9) 0.84 250 | 160
43 | | 240(115.6) 092 | 130 120

44 | 1200(82.8) | Ideal 1 | ) 70
45 - | 80(26.7) | 0.63 230 200
46 [T 120(489) |  0.70 ) 190 130
47 | ’ " 240 (115.6) 0.84 120 90
48 | 2400(165.5) | Ideal 1 40
49 | T 80 (26.7) 0.38 80 290
50 B | 120 (48.9) "0.48 ~ 100 130
51 | 240 (115.6) |  0.72 90 50

Using these assumptions, the table shows no benefit in operating at pressures above
1,200 psia (82.8 bar) unless the temperature is at least 120°F (48.9°C). In addition,
again note that most of the benefit of operating at the higher pressure 1s captured 1f the
feed fugacity coefficient of COj 1s at least 0.70.

The data of Example 5 show that in the practice of the present invention
variations in transport properties produce variations in performance properties and
allow for the possibility of tuning the membrane performance to the requirements of

the present invention, including the specific requirements of multi-stage separation

processes disclosed herein.

A person skilled in the art, particularly one having the benefit of the teachings
of this patent, will recognize many modifications and variations to the specific
embodiments disclosed above. For example, a variety of temperatures and pressures
may be used in accordance with the invention, depending on the overall design of the

system, the membrane system selected, the desired component separations, and the
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composition of the feed gas. Additionally, certain process steps may be accomplished
by adding devices that are interchangeable with the devices shown. As discussed
above, the specifically disclosed embodiment and examples should not be used to

limit or restrict the scope of the invention, which is to be determined by the claims

below and their equivalents.
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CLAIMS:

1. A method of separating one or more components from a multi-component gas
stream comprising at least one non-acid gas component and at least one acid gas
component, the method comprising:

(a) providing a multi-component gas stream at a pressure above 1,200 psia
(82.8 bar) and a temperature above 120°F (48.9°C) with the concentration of at least one
acid gas component in the gas stream being at least 20 mole percent; and

(b) passing said multi-component gas stream to a membrane system that selectively
separates at least one acid gas component from the multi-component gas stream as a
permeate stream, said permeate stream having a pressure at least 20% of the pressure of

the feed pressure.

2. The method of claim 1 wherein the concentration of the acid gas in the permeate 1s

at least 80 mole percent.

3. The method of claim 1 or 2 wherein the acid gas comprises at least one of carbon

dioxide, hydrogen sulfide, and carbonyl sulfide.

4, The method of any one of claims 1 to 3 wherein the membrane separation

comprises multiple separation stages.

5. The method of claim 3 wherein the concentration of the CO, gas in the permeate is

at least 60 mole percent.

0. The method of any one of claims 1 to 5 wherein a fugacity coefficient of a

dominant acid gas component 1s at least 0.7 in the feed stream.

7. The method of any one of claims 1 to 6 wherein the pressure of the multi-

component gas stream 1s above 1,500 psia (103 bar).

8. The method of any one of claims 1 to 7 wherein the temperature of the multi-

component gas stream 1s above 150°F (66°C).
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