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2,881,130 United States Patent Office is 
2,881,130 

FLUED COKING OF HEAVY HYDROCARBONS 

Robert W. Pfeiffer, Bronxville, N.Y., and Daniel S. Borey, 
Cranford, and Charles E. Jahnig, Red Bank, N.J., as 
signors to Esso Research and Engineering Company, 
a corporation of Delaware 
Application August 19, 1953, Serial No. 375,088 

4 Claims. (C. 208-127) 

This invention relates to coking of heavy petroleum 
residiums in contact with hot fluidized solids and to an 
apparatus particularly adapted for such coking. 
The ever growing demand for high quality motor fuel 

makes it increasingly imperative to upgrade heavy petro 
leum residues into distillate stock, and notably into gas 
oil suitable for catalytic cracking into motor fuel of high 
quality. One method of producing gasoline from heavy 
residue commonly used for many years is to pass the oil 
through a heating coil where it is heated to incipient crack 
ing temperature and transfer it into a coking drum where 
it is maintained until it is converted into vapors and coke. 
The operation is continued until the drum is substantially 
full of coke. Following this flow of hot oil into the drum 
is interrupted and after sufficient coking is broken into 
lumps and removed. To make the operation continuous 
through the coil a bank of coking drums may be provided 
for each coil so that the oil can be transferred from one 
drum to another as required. This process is commonly 
called delayed coking. The cooling down of the coking 
drums and removal of the coke is a time consuming, la 
borious job. 
More recently it has been proposed to coke these heavy 

residium oils by injecting them into a coking vessel con 
taining a fluidized bed of hot finely divided solids and to 
supply the necessary heat by circulating a stream of such 
solid through an external heater and back to the coking 
vessel. This offers a great advantage over the delayed 
coking process in that the operation is continuous. How 
ever, so far no commercial coking unit of this type has 
been operated. 

Development of this type of process has uncovered a 
number of problems. One particularly serious problem is 
the tendency of the bed to lose is fluidity or bog down. If 
this happens the whole bed may solidify and it is then 
necessary to stop the operation, cool the coking vessel, 
break up the coke into lumps and remove it from the 
vessel just as in the delayed coking process. 

Another serious problem is the building up of coke de 
posits in the vapor space above the bed and in the line 
carrying the vapor effluent. Another problem is the need 
to use relatively large amounts of extraneous fluidizing gas 
which dilutes the vapors leaving the vessel and increases 
the size and complexity of the subsequent fractionating 
and separating equipment. 
Another problem is to produce a gas oil suitable for 

catalytic cracking which is free of the metallic impurities 
such as nickel and vanadium which has a poisoning effect 
on the cracking catalyst. 

Another difficulty is proper control of the size of the 
particles. As the coke is formed on the particles of solid 
they continue to grow so that unless some means are pro 
vided to supply fine particles, the particles become bigger 
and bigger and will reach a point where the patricles can 
not be properly fluidized or circulated through the burner. 

It is the object of this invention to provide an improved 
fluid coking process and apparatus which successfully 
overcomes these and other problems. Other objects as 
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well as the nature and advantages of the invention will 
appear more clearly from the subsequent description, es 
pecially when read with reference to the accompanying 
drawing in which: 

Fig. 1 is a simplified showing of the apparatus forming 
a part of the present invention and in which the process 
may be carried out; 

Fig. 2 is an enlarged view of the upper separating and 
fractionating section of the coking vessel showing parts in 
section; 

Fig. 3 is an enlarged detail of the feed injection nozzle, 
and 

Fig. 4 illustrates a modification. 
Referring to Figure 1, liquid feed passes into the coking 

system through line 1. Feeds suitable for the present in 
vention are heavy or reduced crudes or vacuum bottoms 
or other heavy hydrocarbons containing a substantial 
amount of constituents which cannot be vaporized without 
decomposition. Typically, such feeds may have an API 
gravity of about 0 to 20, e.g., 1.9, and a Conradson 
carbon content of about 5 to 40 weight percent, e.g., 30%. 
This feed is preferably preheated by conventional means 
to about 400 to 750 F., e.g., 700' F., so as to keep its 
viscosity reasonably low and to reduce the heat load on 
the coking unit. From feed line the liquid feed may be 
introduced into the dense turbulent fluidized coke bed 2 
located in coking vessel 3. To avoid the possibility of the 
bed losing fluidity and bogging down, it is important that 
the feed be quickly and uniformly distributed over the 
individual particles of the bed. While the highly turbulent 
fluid nature of the bed causes rapid dispersion of the feed 
throughout the bed, it is best not to rely entirely on the 
turbulence of the bed to effect the feed dispersion. In 
order to prevent wetting of the coke particles at the point 
of feed injection and thus incur the risk of bogging the 
bed, the feed is preferably injected into the bed at a mul 
tiplicity of points both circumferentially and vertically. 
As shown the feed passes through a manifold line 4 hav 
ing branch lines 5 communicating with nozzles 6 (see 
Figure 3). Any type of nozzle which will obtain a fine 
dispersion of the feed without requiring excessive amounts 
of dispersion gas may be used. One particularly good 
nozzle for this service is the jet type illustrated in Figure 
3 in which feed is fed into the nozzle in admixture with 
dispersion steam through a central conduit having a port 
8. The conduit is surrounded by an annular passage 9 
through which purging steam is passed to keep this zone 
free of coke and permit removal of the nozzle. The steam 
oil mixture at the nozzle tip may comprise from 25 to 80 
volume percent steam. It is generally possible to feed be 
tween 350-450 barrels of oil per nozzle per day. These 
nozzles are preferably of retractable type which permits 
the core to be removed and cleaned if they become 
plugged or coked. 

Returning now to Figure 1, the bottom of the vessel 
below the point of feed injection is preferably of smaller 
diameter. This section serves as a stripping zone as later 
described. The intermediate section where the feed is 
injected preferably flares outwardly from bottom to top 
and the upper part of the vessel is necked down to a some 

- what smaller diameter for reasons hereinafter described. 
The coke particles within the bed are maintained in 

a turbulent fluidized condition by the gases and vapors 
rising upwardly therethrough. These gases and vapors 
will include fluidizing and stripping gas and vapors and 
gases formed by coking of the feed. Gases rising in the: 
lower portion of the bed meet additional gases formed in 
the upper portion so that the volume of gas continuously. 
increases as it passes upwardly through the bed. The 
gas velocity in the lower part of the bed must be ade 
quate to maintain fluidization and effect the desired strip-, 
ping. By flaring the walls outwardly in the zone of feed 
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injection, the increase in volume of gases resulting from 
vaporization is more or less compensated for by increase 
in vessel diameter so that the velocity of the gases are 
maintained more or less uniform throughout the depth of 
the bed although there may be some increase in velocity 
toward the top of the bed. 
The average superficial velocity of the rising gases is 

preferably maintained between .5 and 5 feet per second 
and preferably between 1 and 3 feet per second depend 
ing upon the size of the particles making up the bed. 
Higher velocities will increase turbulence but will reduce 
bed density. 
As before mentioned the individual particles making 

up the bed tend to grow as the operation proceeds and it 
is necessary to maintain control over the size of the 
particles. It is preferred to operate with solids having an 
average particle size ranging between 75 and 500 microns 
in diameter with a preferred average particle size range 
between 150 and 300 microns. Preferably not more 
than 5% has a particle size above 500 microns while 
particles smaller than 40 microns tend to agglomerate 
or are swept out of the system with the gases. It is 
usually desirable to have from 5 to 20% of particles 
between 40 and 125 microns to improve fluidization and 
to scour the intermediate portion of the equipment as 
later described. While smaller particles provide more 
surface area, extremely fine particle are subject to ag 
glomeration and other difficulties. 
The coking zone is maintained at the desired coking 

temperature by circulation of solids through a heater as 
later described. 
The coking temperature may range from 850 to 

1200 F. and preferably between 900 and 1100 F. 
Higher temperatures permit greater feed rates and in 
crease capacity but may tend to cause overcracking of 
the vapors with resultant lowering of yield of desired 
distillate products. 
The coking operation is usually carried out at rela 

tively low pressure, such as from 0 to 50 pounds per 
square inch gauge. While the process may be operated 
under subatmospheric pressure, it is generally preferred 
to operate at a vapor outlet pressure sufficient to force the 
vapors through subsequent fractionating and separating 
equipment. To this end the outlet pressure may be be 
tween 5 and 25 pounds per square inch gauge and usually 
between 5 and 15 pounds. The pressure in the lower 
portion of the vessel will be somewhat higher due to the 
hydrostatic head developed by the fluidized bed. 
As before stated, the lower portion of the coking bed 

below the point of feed injection serves as a stripping 
zone. Steam or other stripping gas is injected into this 
zone through line 11 to displace hydrocarbon vapors from 
the coke before removal of the latter from the coking 
zone. By locating the stripping zone in the botton of 
the reactor the excess stripping steam displaces hydro 
carbons rising upwardly through the coking zone and 
aids in maintaining the desired turbulence and fluidity 
in that section. The stripper velocity may be between 
0.3 and 5 ft. per second. The stripping steam may be 
injected into the vessel through nozzles at high velocity 
to cause attrition or grinding of the larger particles to 
maintain the desired particle size. To this end the gas 
may be injected at jet velocities of about 200-3000 ft. 
per second. 
The total amount of steam injected into the coking and 

stripping zones may equal about 5 to 30 weight percent 
of liquid hydrocarbon feed, 6 to 15 percent being the 
normal range. 

If desired, disc and doughnut baffles may be located 
in the stripping zone to improve contact between the 
steam and solids. As mentioned before, the liquid hy 
drocarbon feed is injected into the reactor through noz 
zles -6 at various levels and is evenly deposited on the 
coke particles constituting the dense turbulent fluid bed. 
The hydrocarbon feed rate may be about 0.1 to 3 weight 
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4. 
per hour per weight of solids present in the fluid bed 
depending upon the composition of the feed, coking tem 
perature, residence time of solids in the bed and other 
factors. The limiting factor is the ability to maintain 
the bed in a highly turbulent fluidized state. If the feed 
rate is too high the solid particles tend to stick together 
forming larger agglomerates and unless care is taken the 
whole bed may solidify and lose its fluid characteristics. 
This should be avoided or the process becomes inoper 
able and the plant must be shut down and the solidified 
bed removed from the coking vessel. 

In the fluid bed the feed is converted to solid coke and 
hot hydrocarbon vapor. The vapors leaving the bed 
carry entrained solids. To permit some of these solids 
to settle out of the vapors, it is usually best to maintain 
the bed level 12 a substantial distance below the top 
of the vessel. It is desirable to have a certain minimum 
amount of entrained solids in the disengaging space 13 
above the level of the bed. The heat contained in the 
entrained solids will help to maintain temperature in this 
Zone at a higher level and prevent condensation and 
coking of higher boiling vapor products. In addition the 
entrained solids will serve to scour the walls of the ves 
Sel of any coke which tends to deposit. It is also de 
sirable to minimize the residence time of the vapors in 
this zone to prevent further thermal cracking. To this 
end, the cross section of vessel 10 above the fluid bed 
level 12 may be reduced so as to increase the velocity of 
the rising vapors in the disengaging zone 13. This in 
creased velocity entrains more coke, reduces vapor resi 
dence time, and keeps the reactor walls hotter and so 
minimizes condensation and coking as well as thermal 
cracking. The velocity of the gases in the disengaging 
Zone may be between 2 and 5 feet per second depending 
on particle size and other factors. If desired, additional 
hot coke may be introduced into the disengaging space 
as later described. The vapors pass from the top of the 
disengaging Zone into dust separating devices such as 
cyclones 14 which serve to separate entrained coke par 
ticles from the vapors. The separated fines are returned 
to the bed through dip legs 15. 

Aeration gas may be injected into the dip legs 15 
through line 16' (see Figure 2). The amount of aera 
tion gas so introduced may be controlled to regulate the 
amount of solids separated by the cyclones. For ex 
ample in some cases it may be desirable to maintain a 
certain minimum of solids in the cyclone outlet to scour 
out any coke which may form. By increasing the amount 
of gas added to the dip legs, the amount of solids sepa 
rated by the cyclones may be reduced. The cyclones 
themselves preferably are set in a solid transverse parti 
tion 16 which prevents vapors from reaching the stag 
nant Zone above the cyclones and thus prevents coke 
from building up in this zone. From cyclones 14 the 
vapors pass through chimneys 17 into a scrubbing and 
fractionating tower 18 mounted directly above the coking 
vessel. 
The chimneys 17 preferably discharge the hot hydro 

carbon vapors against heated baffles 19. The baffles 19 
are positioned a substantial distance above the bottom 
of the scrubbing tower 18 and the space below these 
baffles forms a collecting zone for heavy condensate 
formed in the scrubber. This prevents the heavy con 
densate from falling back into the chimneys and building 
up coke deposits therein. 
Chimneys 17, baffles 18 and all other walls separating 

the coking vessel 3 from the scrubber tower 18 are pref 
erably heavily insulated to minimize condensation and 
coking of the hydrocarbon vapors in the chimneys and 
bottom section of the scrubbing tower. Heating elements 
preferably may be provided around the walls of chimneys 
17 and the cyclone outlet lines to keep the walls hotter 
than the vapors as a further aid in preventing undesirable 
condensation and coking. The heating elements may be 
in the form of Superheated steam coils jacketing the 
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walls as shown. This heating steam may be preheated 
by indirect heat exchange with hot solids in a later de 
Scribed coke burner and may be exhausted to the atmos 
phere, so as not to further dilute the vapors passing to 
Subsequent fractionating and condensing equipment. 
Alternatively, hot flue gas from the coke burner may be 
used instead of steam in the heating coils. Superheated 
steam may be injected directly into the hot vapors to 
minimize coking. 
The temperature in the bottom of the tower 18 is 

controlled to condense the heaviest portions of the vapors 
which contain metallic impurities such as iron, nickel and 
vanadium compounds originally present in the feed and 
carried overhead with the vapors. It will contain any 
entrained solids carried through the cyclones. 
The temperature at the bottom of the tower 18 is con 

trolled by introducing a stream of quench oil through 
line 21. For example, condensate collected in the bot 
tom of the tower may be removed through line 24, a 
portion passed through cooler 26 (see Figure 1) and re 
turned to the tower above a series of disc and doughnut 
baffles 27. A portion of this recycle stream may be 
passed into the bottom of the tower through line 28 to 
further cool the products being withdrawn. The maxi 
mum temperature at the bottom of the tower should not 
exceed about 750 F. in order to prevent coking of this 
section of the equipment. 
The temperature necessary to condense the metallic 

impurities will depend on the nature and amount of such 
impurities present in the feed. For most feeds the final 
boiling point of the products leaving the bottom section 
will be between 950 and 1050 F. Since the products 
leaving the scrubbing tower are composed of a wide mix 
ture of vapors and gas, the end point of the uncondensed 
vapors will be considerably above the temperature main 
tained in the tower. 

Vapors remaining uncondensed in the bottom scrubbing 
section of the tower pass upwardly through a series of 
bubble cap trays located in the top of the tower where 
they are subjected to fractionation to condense an addi 
tional fraction of the gas oil boiling range. The con 
densate formed in the upper section collects in a trap 
out tray 29 and is withdrawn as a side stream through 
line 31. A portion of this stream is pumped back to the 
lower section of the tower below the trap-out tray through 
line 32 as additional scrubbing and cooling medium and 
another portion may be pumped through cooler 33 in 
troduced into the top of the tower to serve as reflux. 
The temperature at the top of tower 18 should be kept 

above the dew point of steam, i.e., at a temperature of at 
least 200 to 225 F. This prevents condensation of 
steam which, if allowed to occur, might cause emulsion 
and corrosion problems in the top of the tower. The 
temperature of the vapors leaving the top of the tower 
may be about 300 F. 
The heavy condensate fraction withdrawn from the 

bottom of the scrubbing tower 18, through line 24, and 
not recycled for quenching and scrubbing as before de 
scribed may be pumped through line 34 back to the 
coking vessel 3. The gas oil withdrawn as a side stream 
through line 31 constitutes a final product of the process. 
This oil being a condensate relatively free of residual 
components and metallic impurities may be subjected to 
catalytic cracking to form high quality gasoline. 

Uncondensed vapors and gas are withdrawn from the 
top of tower 18 through line 36, and passed through 
water cooled condenser 37 (Figure 2) and then to a sep 
arating drum 38 in which the liquid distillate separates 
from uncondensed gas. The liquid will comprise the 
naphtha fraction together with water. The naphtha is 
withdrawn from the separator through line 39. Con 
densed water may be withdrawn from drum 38 through 
line. 41. Wet gas may be withdrawn through line 42 
and may be rejected or further processed to recover 
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from the auxiliary burner. 

6 
ating the vapors from the scrubbing section to segregate 
the gas oil, naphtha and gas as just described, the total 
vapors from the scrubbing zone may be passed directly 
without further fractionation to a catalytic cracking zone. 

Returning to the coking vessel, a stream of solids is 
continuously removed from the coking vessel through 
standpipe 43 which connects with the vessel at a point 
spaced some distance above the bottom. The space in 
the coking vessel below this line serves as a well or trap 
for collecting any large lumps or agglomerates which 
might serve to plug the transfer lines. The agglomerates 
may be periodically withdrawn through conduit 50. 
The standpipe 43 may have a wire cage or basket 44 

around its inlet to prevent coarse lumps or agglomerates 
from lodging in the standpipe and connecting lines and 
stopping flow. 
The standpipe 43 connects at its lower end with a 

vertically inclined conduit 45 which, in turn, connects 
with a vertical riser 46 having a section 47 projecting 
upwardly into the lower portion of the heating vessel 48 
below the level of a bed of fluidized solids maintained 
therein. To insure proper flow of solids from the coking 
vessel 3 to the burner vessel 48, care must be taken to 
maintain the solids aerated throughout their travel 
through these lines. The coke particles tend to deaerate 
very rapidly and it is necessary to add fluidizing gas at 
closely spaced points 49 along the inclined pipe to prevent. 
plugging of this pipe. 

Additional carrier gas may be injected into the lower 
end of the riser pipe 46 through line 51 to control the 
density in this section of the equipment. If desired a 
part of the air for combustion may be injected into the 
Se. 

The main stream of air for combustion is introduced 
through line 52 into an auxiliary burner 53. Fuel for 
combustion is added to the auxiliary burner through line 
54. The auxiliary burner is normally used for heating 
up the unit at the start of the operation. After the unit 
is heated to proper temperature, the fuel supply is dis 
continued and the heat for the operation is obtained by 
burning coke formed in the process. In some locations, 
however, it may be more economical to burn extraneous 
gas rather than coke. In such cases the coke in the 
burner vessel 48 may be heated by combustion gases 

Gases, either air or hot com 
bustion gases, as the case may be, pass from the auxiliary 
burner 53 into the bottom of the main burner vessel 48. 
The outlet from the burner is provided with a hood 55 to 
prevent solids draining from the main burner into the 
combustion zone of the auxiliary burner. 

Gases entering the bottom of the burner pass upward 
ly through the body of the vessel at a velocity regulated 
to maintain a dense turbulent bed of solids 56 in the 
lower portion of the burner vessel. 
The coke particles are heated in the burner vessel 48 

to a temperature substantially above that maintained in 
the coking vessel. For example, the temperature of the 
burner vessel may be from 1000 F. to 1500 F., usually 
about 200 to 300 F. above coking temperature. 
The hot solids overflow from the burner vessel into a 

return standpipe 57 and are returned to the coking vessel . 
as later described. Spent combustion gases leaving the 
bed 56 to cyclone separators 58 and 59 for removal of 
entrained solids are then vented to the stack through line 
60. Solids separated in the cyclones are returned to the , 
bed through dip legs 61 and 62. . 
The standpipe 57 connects at its base with a vertically 

inclined conduit 63 which in turn connects with a vertical 
riser 64 through valve 65. A carrier gas is introduced into 
riser 64 through valved line 64 to control the density in 
the riser. The riser pipe 64 connects with the upper por 
tion of the coking vessel 3 below the level of the bed. 
A portion of these hot solids may be passed through line 
66 into the inlet to the cyclones 13 and 14 as earlier 

desired products therefrom. Instead of further fraction- 75 described to supply heat and scour the walls, 
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The method of circulating the solids between the cok 
ing vessel and the burner vessel is substantially the same 
as that used to circulate the catalyst between the reactor 
and regenerator in a fluid catalytic cracking unit. This 
method of circulation is described in greater detail in 
the Packie Patent 2,589,124, issued March 11, 1952, on 
application filed May 1, 1950. 

Briefly, the circulation is accomplished by maintain 
ing the density in the riser pipes 47 and 64 lower than 
in the standpipes 43 and 57 and the connecting fluidized 
beds so that the head of pressure generated at the base 
of the standpipes serves as a driving force to circulate 
the solids. The rate of circulation may be controlled 
primarily by the slide valve 67 in riser 46 and secondarily 
by regulating the amount of gas entering riser 47 or 64 
or both. The unit may be designed to take a maximum 
of about a 4 pound per square inch pressure drop through 
the slide valve 67. The standpipe 57 is designed to nor 
mally maintain a level of solids from 10 to 15 feet below 
the level of solids in the burner so that variations in the 
standpipe level can compensate for pressure surges in the 
System. - 

The rate of circulation of solids between the coking 
vessel and burner is controlled to supply the required 
heat for the process and will depend upon the difference 
in temperature between the vessels. For a temperature 
difference of 200 F. the weight of hot solids introduced 
into the coking vessel may be between about 8 to 10 times 
the weight of the oil charged per unit time. 
The size of the coking vessel should be such as to give 

the oil distributed on the coke adequate time to be con 
verted into vapors and coke so that the solids passing to 
the burner is substantially free of unvaporized oil. The 
residence time of the solids in the reactor may be from 
3 to 10 minutes or more. 
The amount of coke formed in the process will be 

greater than that necessary to supply the heat for the 
process. This excess coke is preferably withdrawn from 
the bottom of the standpipes 43 or 57. To this end with 
drawal pipes 68 and 69 connecting with conduit 70 into 
which the coke discharges into a stream of carrier gas 
Such as steam. The coke is carried through a conduit 
by means of a carrier gas such as stream to a quench 
Zone 71. A quenching medium such as water is intro 
duced into the tower. The quenching medium is vapor 
ized by heat of the solids. The quenched solids discharge 
into a cyclone separator 71 where the solids separate 
from the carrier gas and vaporized quenching medium. 
The coke separated in the cyclone discharges into a 
standpipe 81. Air is injected into the standpipes at one 
or more points through lines 82, 83 and 84 to dry strip 
and aerate the product coke. Standpipe 81 is sufficiently 
long to develop adequate pressure for subsequent pneu 
matic conveying of the coke to the product storage. 
Flow of solids through this standpipe is regulated by slide 
valve 85. The coke discharges from the base of the 
Standpipe 85 into carrier line 86 into which carrier gas 
is passed through line 87 for transporting the coke to 
storage. 
As before stated during the course of the operation, the 

individual particles making up the fluid bed in the coking 
vessel grow in size due to the deposition of coke. To 
maintain the desired amount of solids in the system of 
the desired particle size range, it is necessary to replace 
the coarser particles with finer particles. This may be 
done by breaking up some of the larger particles by attri 
tion as previously described. If desired, a part of the 
withdrawn coke may be ground and returned to the sys 
tem coking vessel. To reduce the amount of such grind 
ing the Solids withdrawn from the coking vessel and be 
fore being discharged from the unit or passed to the 
burner may be treated to selectively remove the finer par 
ticles so that only a selected coarser fraction is passed to 
the burner or withdrawn from the process. 

This is illustrated in Figure 4 of the drawings, 
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To avoid duplication, only the lower portion of the 

coking vessel 3 and burner vessel 48 is illustrated. The 
upper half of the equipment is the same as in Figures 
1 and 2. 

Referring to the drawing, a part or all of the solids 
withdrawn from coking vessel through standpipe 43 is 
passed through line 72 to the intermediate section of an 
enlarged elutriator vessel 73 where it is contacted with 
a rising stream of elutriating gas introduced into the 
vessel below the point of entry of the solids through line 
74. 
The velocity of the rising gas passing through the elu 

triating vessel 73 is controlled to carry overhead a se 
lected finer fraction of the solids while permitting a 
coarser fraction to collect in the bottom of the vessel. 
The elutriating gas containing the entrained fines are re 
moved from the top of the vessel through line 75 and 
are returned to the coking vessel preferably at a low 
point therein. 
The elutriating vessel may be provided with a lower 

settling section below the point of introduction of the 
elutriating gas. A small amount of aerating gas may be 
introduced into the bottom of the elutriator through line 
76. 
The coarse fraction is withdrawn from the elutriator 73 

through conduit 77. A part or all of the coarser frac 
tion may be withdrawn as product coke through lines 78 
and 70 or a part or all may be passed through line 79 
for transfer to the burner. 
The elutriator serves to retain the finer particles in the 

system until they have grown to the maximum desired size 
for removal. 

Instead of locating the elutriator as shown, it may be 
located at other points in the system. It is generally pre 
ferred to elutriate the stream before passing to the burner 
so as to pass only the coarse fraction to the burner be 
cause the finer material burns more readily. By keeping 
the finer material out of the burner, the amount of ex 
ternal grinding or internal attrition can be minimized. By 
controlling the amount of attrition by the high velocity 
stripping jets and by elutriation, the amount of fines re 
tained in the system to replace the coarser material with 
drawn can be regulated to maintain the particles at the 
desired size in the system. 

Returning to Figure 1, rather than withdrawing excess 
coke from the bottom of the standpipes 43 and 57, a part 
or all of the excess coke may be withdrawn from the 
burner vessel through line 80 and sent to the quench tower 
as earlier described. 

While we have described the use of high velocity steam 
jets in the stripping to break up coarser particles, such 
jets may be used in other points where the solids exist in 
dense phase such as in the burner vessel. 
The following example of a coking unit capable of 

processing about 3800 barrels of Elk Basin petroleum 
residuum from vacuum distillation having a specific gravity 
of 0.83 and a Conradson carbon of 30% will be helpful 
to a better understanding of the invention. 

Coking vessel 
Dimensions: 

Top straight side (disengaging zone), 9' dia. x 20' 
Wide diameter (below dense bed), 11’ dia. x 16’ 6' 
Middle section cone, 4' dia. x 11 dia. x 34' 
Stripper section, 4' x 10' 
Depth of bed, 60' (including stripper) 

Operating conditions: - - 
Temperature, 950 F. 
Outlet pressure, 11 p.s.i.g. 
Weight of solids in fluid bed, 70 tons 
Gas velocity, bottom 1/sec., top 3.5/sec. 
Weight of oil feed to coker per hour per weight of 

solids in coker, .5 
Amount of stripping and attrition steam to bottom 

of bed, 3265 pounds per hour. 
Pressure of steam to inlet of jets, 425 p.s.i.g. 
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Amount of stripping and fluidizing steam added at a 
higher point, 4940 pounds per hour 

Pressure of steam entering low pressure fluidizing 
nozzles, 90 p.s.i.g. 

Scrubber and fractionating tower 
Dimensions, 7'6' x 40' 
Operating conditions: 

Bottom temperature, 700' F. 
Trap out tray for gas oil, temperature 500 F. 
Top temperature, 275 F. 
Pressure bottom, 10 p.s.i.g. 
Pressure top, 9.5 p.s.i.g. 
Temperature heavy condensate quench oil to bottom 

of tower, 500 F., quantity 2910 b./s./d. 
Amount of heavy condensate recycled to coker, 1290 

b./s./d. 
Temp. of gas oil reflux to top of scrubbing zone, 

500 F., quantity 1270 b./s./d. 
Temp. of gas oil reflux to top of tower, 235 F., 

quantity 9740 b./s./d. 
Burner vessel 

Dimensions, 1' 9’ x 32" 
Operating conditions: 

Temperature, 1125 F. 
Top pressure, 12 p.s.i.g. 
Solids hold up in burner, 22 tons 
Air flow, 8830 standard cubic feet per minute 
Air blower discharge pressure, 32.6 p.s.i.a. 
Circulation rate between coking vessel and burner 

vessel, 4.3 tons per minute 
Under the above set of conditions, the process should 

yield about 226 b./s./d. of naphtha having an API gravity 
of 48.7, about 2320 b./s./d. of clean gas oil having an 
API gravity of 17.3, about 2.51 million standard cubic 
feet of wet gas having an average molecular weight of 
26.3, and about 162 tons of excess coke per stream day. 
While the coking unit forming the present invention 

has been described and illustrated in simplified form, it 
will be understood that a complete commercial unit will 
include a considerable amount of adjunctive equipment 
such as pumps, valves, temperature, pressure and level 
indicators, recorders and controllers, accumulator tanks, 
aeration and pressure taps, emergency rundown lines, stor 
age tanks, etc. 

Having described the preferred embodiment, what is 
claimed is: 

1. A process for the conversion of heavy oil containing 
metallic impurities which deactivate cracking catalyst and 
are vaporizable at conversion temperatures to form a 
gas oil suitable for catalytic cracking and coke, which 
comprises introducing said oil at a multiplicity of hori 
zontal and vertical points into the intermediate section 
of an enlarged coking zone containing a body of sub 
divided coke particles, circulating a stream of coke parti 
cles from the lower portion of the coking vessel through 
an external heater wherein said particles are heated by 
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10 
direct heat exchange and back to said coking vessel to 
maintain said vessel at a temperature sufficient to con 
vert said oil into vapors and coke, introducing a strip 
ping gas into the bottom section of said vessel to remove 
vaporized oil from the coke passing to said heater, inject 
ing stripping gas as jets ranging from 200 to 3000 feet 
per second so as to break up large particles into small 
ones, maintaining said oil within said coking vessel for 
a period sufficient to convert said oil into vapors and coke, 
and passing the stripping gas and vapors formed in the 
process upwardly through the vessel at a velocity con 
trolled to maintain a dense turbulent fluidized bed of 
solids in said vessel. 

2. In the process for coking heavy hydrocarbon oils 
wherein oil feed is contacted with a fluidized bed of par 
ticulate solids having an average particle size ranging 
between about 75 to 500 microns in a reaction zone, said 
solids bed being maintained at a coking temperature by 
the circulation of solids to an external heating Zone, 
wherein the oil feed on contact with said solids bed is 
converted to vaporous products which are withdrawn 
overhead and carbonaceous residue which deposits on 
said solids, and wherein a stripping zone is positioned 
below and in open fluid communication with said reac 
tion zone, reaction zone solids being therein stripped of 
occluded hydrocarbons and passed to said heating Zone, 
the improvement which comprises introducing stripping 
gas into said stripping zone at jet velocities of about 200 
to 3000 feet per second so as to break up coarse particles 
into finer solids, the finer solids being returned to the re 
action bed. 

3. The improved process of claim 2 wherein said strip 
ping gas is steam. 

4. The process of claim 1 wherein the velocity of 
gases emerging from said fluidized bed is increased to a 
velocity sufficient to secure appreciable entrainment of 
solids from said bed by reducing the free vapor passage 
way of the gases whereby coking and fouling of the 
overhead portions of said coking zone are substantially 
prevented. 
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