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ABSTRACT OF THE DISCLOSURE 
A C* naphtha containing Cs through Co and even C11 

and C naphthenes and linear (non-ring structure) paraf 
fins is reformed to improve its octane value by passage 
through one or a plurality of relatively high pressure 
acidic platinum catalyst naphthene aromatization reactors 
in series with one or more relatively lower pressure paraf 
fin dehydrocyclization catalyst reactors. Most C9 and Co 
linear paraffins have an extremely low octane value (the 
octane number of normal decane is -53) and must gener 
ally be cracked to higher octane number fragments or to 
gases to achieve a gasoline product of satisfactory octane 
number. In the prior art this cracking generally occurred 
in the acidic platinum catalyst phase wherein the hydrogen 
pressure is high, protecting the catalyst from excessive 
coking. Cracking of the C9 and Co paraffins in the de 
hydrocyclization phase wherein the total pressure is lower 
in order to favor dehydrocyclization in addition to dehy 
drogenation would result in severe coking of catalyst. Ac 
cording to this invention C9 and Colinear paraffins are not 
hydrocracked but rather are dehydrocyclized. It has now 
been discovered that the dehydrocyclization phase must de 
hydrocyclize C9 and C10 paraffins to C9 and Co aromatics 
if there is to be an increase in octane-barrel value in the 
dehydrocyclization phase. According to the present proc 
ess, the C9 and Co paraffins are not cracked in the high 
pressure phase but are charged to the low pressure dehy 
drocyclization catalyst phase wherein the pressure is suffi 
ciently low to dehydroaromatize the C9 and Co paraf 
fins so that there is a net increase in C9 and Co aromatics 
in the dehydrocyclization phase. The pressure in the de 
hydrocyclization phase is sufficiently low that there is rela 
tively little or no net increase in C6 and C aromatics at 
least in the Zone of the dehydrocyclization phase wherein 
dehydroaromatization of C9 and Co paraffins occurs. It 
has now been discovered that a significant net increase of 
Co and C10 aromatics is incompatible with a significant 
net increase in Cs and C aromatics in the same dehydro 
cyclization zone, and vice versa. It has further been dis 
covered that dehydrocyclization of C9 and Colinear paraf 
fins is enhanced by the presence in the feed of C and 
C10 aromatics containing multi-methyl or ethyl groups on 
the benzene ring together with a high ratio of hydrogen to 
hydrocarbon, even though both aromatics and hydrogen 
are products of the reaction. Therefore, a variation in the 
process accomplishes dehydrocyclization of Cs and C 
linear paraffins in an upstream zone of the dehydrocycliza 
tion phase and utilizes the hydrogen and aromatics therein 
produced with or without hydrogen and aromatics pro 
duced in the high pressure naphthene aromatization phase 
to enhance dehydroaromatization of C and Co paraffins 
which are separately added to a downstream zone in the 
dehydrocyclization phase. 

This invention relates to reforming of gasoline such as 
straight run naphtha in a process utilizing in series a first 
phase employing a relatively high pressure and an acidic 
platinum-group catalyst and a second phase employing a 
relatively lower pressure and a dehydrocyclization cata 
lyst to produce a gasoline product with a high octane 
barrel value. The platinum-group catalyst can be platinum 
and the dehydrocyclization catalyst can comprise platinum, 
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2 
chromia or molybdena. The first phase usually comprises 
a plurality of reactors and the second phase comprises one 
or more reactOS. 

In the reforming of naphthas to produce gasoline, a 
variety of dehydrogenation and other reactions occur, each 
of which tends to improve the octane rating of the gaso 
line product. In a reforming process utilizing an acidic 
platinum-group metal catalyst dehydroisomerization re 
actions occur, the one which occurs most readily being the 
dehydroisomerization of naphthenes to aromatics. Aro 
matics constitute the most desirable product of reforming 
in terms of octane improvement. In the high pressure 
acidic platinum catalyst phase, isomerization of normal 
paraffins to isoparaffins can also occur to achieve an equi 
librium ratio of iso to normal paraffins in the platinum 
phase reactors, with iso-normal ratios increasing with de 
creasing temperatures. Isoparaffins have a higher octane 
value than corresponding normal paraffins. Other reactions 
that can occur in the high pressure platinum catalyst phase 
include dehydroaromatization of paraffins and hydrocrack 
ing. The dehydroaromatization of paraffins in the platinum 
phase occurs by first forming a naphthene intermediate 
which is readily crackable. It is the most difficult reaction 
to accomplish and is generally accompanied by tempera 
ture conditions of sufficient severity to concomitantly in 
duce appreciable hydrocracking. Under hydrocracking 
conditions high boiling paraffins tend to hydrocrack more 
readily than low boiling paraffins while isoparaffins hydro 
crack more readily than normal paraffins. Since the high 
pressure platinum phase is not highly selective towards 
dehydroaromatization of paraffins and since most of the 
high molecular weight paraffins have an exceptionally low 
octane number (the octane number of normal decane is 
-53), the prior art has found it desirable to hydrocrack 
non-aromatized C and Co paraffins to lower molecular 
weight fragments of higher octane number, or to gases. 

In the dehydrocyclization phase, isomerization is not 
favored and the most important reaction which occurs is 
the dehydrocyclization of paraffins to aromatics. In the 
dehydrocyclization phase, the dehydrocyclization of paraf 
fins to aromatics proceeds most advantageously at rela 
tively low pressures, the lowest operable pressures favor 
ing dehydrocyclization of C+ paraffins over C6 and C7 
paraffins. When employing a chromia catalyst in the de 
hydrocyclization phase dehydrogenation of Saturated 
paraffins to olefins also occurs and this reaction is a stage 
in the ultimate conversion to aromatics. An equilibrium 
ratio of olefins to paraffins exists in the dehydrocycliza 
tion phase. Olefins have a higher octane value than corre 
sponding paraffins. When employing a platinum dehydro 
cyclization catalyst the cyclization of linear paraffins tends 
to occur prior to dehydrogenation. 
The present process comprises a first and a second re 

action phase in sequence. The two phases are maintained 
separate, distinct and unintermingled. Substantially all 
naphthene aromatization occuring in the process occurs 
in the first phase in the substantial absence of paraffin 
aromatization. Substantially all paraffin aromatization oc 
curring in the process occurs in the second phase in the 
substantial absence of naphthene aromatization. The first 
and second phases differ fundamentally from each other 
in respect to relative pressure in order to accomplish the 
specialized functions of each phase. The pressure in the 
first phase is 225 to 700 p.s. i. and the pressure in the second 
phase depends on the dehydrocyclization catalyst, but is 
always below 200 p.s.i. The relatively high pressure in the 
first phase permits naphthene aromatization to proceed 
but prevents dehydrocyclization of paraffins. Data are 
presented below which show that the lowest pressures in 
the dehydrocyclization pressure range favor Cat aroma 
tization over C6 and C7 aromatization. 
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It is desired, but not essential, that the inlet tempera 
ture to each second phase reactor be higher than the in 
let temperature to each first phase reactor since the paraf 
fin aromatization reaction is more difficult to effect than 
the naphthene aromatization reaction. However, the rela 
tive temperature level will be determined in part by the 
acidity of the particular catalysts employed in the two 
phases and the pressures employed. In generai, greater 
hydrogen recycle is required to the second phase than 
to the first phase. Advantageously, it is more economic 
to repressurize recycle hydrogen for the iower pressure 
second phase than for the higher pressure level of the 
first phase. In the second phase, as hydrogen partial pres 
sure increases from a very low level, dehydrocyclization 
activity increases to a peak and then decreases. Increase 
and decrease of dehydrocyclization activity with variation 
of hydrogen partial pressure in the second phase is ad 
vantageously accompanied by a coincident opposite effect 
upon cracking activity so that peak dehydrocyclization 
activity is accompanied by a minimum in hydrocracking 
activity. 

In conventional processes the high pressure platinum 
catalyst phase reaction generally occurs in a plurality of 
reactors in series, three reactors in series being usual. The 
feed to the high pressure platinum catalyst phase can be a 
straight run or cracked naphtha boiling in the gasoline 
range, that is, from about 150 or 175 to 400 or 450° F., 
and can contain about 5 to 20 percent aromatics, about 20 
to 70 percent paraffins, with the remainder being naph 
thenes. Feeds having a boiling range up to 450 F. will 
contain C11 and C.12 paraffins to which the invention will 
also apply, in the same manner as to C and Co paraf 
fins. This distribution of feed materials is illustrative 
and non-limiting. Since the naphthenes are dehydroisom 
terized readily to aromatics in the high pressure platinum 
catalyst phase while the dehydroaromatizations of paraf 
fins to aromatics in the platinum catalyst phase is a much 
more difficult reaction and does not readily occur, the 
quality of a naphtha feed to a high pressure platinum 
catalyst reformer varies inversely with the amount of 
paraffins it contains. 
The straight run naphtha which is charged to the first 

of the series of high pressure acidic platinum catalyst 
reactors is heated to about 900 to 950 F. at a pressure 
of about 225 to 700 p.s. i. and passed through the first 
platinum catalyst reactor. The dehydrogenation reactions 
occurring are endothermic so that there is substantial tem 
perature drop in the first reactor. The temperature drop 
in the first reactor can be about 120° F., resulting in an 
average temperature in the first reactor of about 870 
F. In the first reactor the primary reaction is the con 
version of naphthenes to aromatics. The effluent of the 
first reactor is at a temperature below 800° which is too 
low for the reaction to proceed further and therefore 
the effluent from the first reactor is passed through a 
furnace for reheating to a temperature of 900 to 950 
F. before entering the second platinum catalyst reactor. 
The pressure in the second reactor is essentially the same 

4. 
third reactor at a pressure of about 225 to 700 p.si. The 
temperature effects in the third reactor are fundamentally 
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as the first reactor. However, the temperature drop in the 
second reactor is only about 60 F. so that the average 
temperature in the second reactor is about 890°F, which 
is higher than the average temperature of the first reactor. 
The reason for the higher average temperature in the 
second reactor is that most of the naphthenes are con 
verted in the first reactor and before the terminus of the 
second reactor substantially all of the naphthenes are 
converted and equilibrium isomerization of paraffins is 
reached so that no additional reactions occur to further 
reduce the temperature. 

In order to achieve dehydroaromatization of linear 
paraffins and to accomplish hydrocracking of higher mo 
lecular weight low octane value linear paraffins in the 
high pressure phase it is necessary to pass the effluent 
from the second reactor through a furnace to be reheated 
to an inlet temperature of 900 to 950 F. for entry to a 
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different from the first two reactors because the easiest 
dehydrogenation reactions which occur in the high pres 
sure acidic platinum catalyst phase have been substan 
tially completed in the first two reactors permitting sig 
nificant hydrocracking to occur in the third reactor, which 
is an exothermic reaction. In the third reactor the limited 
amount of dehydrogenation and dehydrocyclization reac 
tions which occur are not sufficient a counterbalance in 
the face of the hydrocracking to accomplish a significant 
temperature drop in the third reactor. Therefore, in the 
third reactor there will be little or no temperature drop 
and a slight temperature rise may even occur so that the 
average temperature in the third reactor is the highest, 
i.e., about 920 F. 
As stated, in the third (hydrocracking) reactor of the 

high pressure platinum catalyst phase the temperature is 
generally either constant or it increases slightly. However, 
a constant temperature in a high pressure platinum cata 
lyst phase reactor does not indicate that the number of 
moles hydrocracked via exothermic hydrogen consum 
ing reactions is balanced against the number of moles of 
aromatics produced via endothermic hydrogen producing 
reactions. There is an imbalance in the number of moles 
of hydrogen produced and consumed in a single molecule 
in the two types of reactions so that in a constant tem 
perature reactor more moles of hydrocarbon are hydro 
cracked than are aromatized. A high pressure platinum 
phase reactor in which a constant temperature or a tem 
perature rise prevails is not advantageous for purposes of 
the present invention. 
While the reactions in the first two high pressure acidic 

platinum catalyst phase reactors accomplish octane im 
provement by converting lower octane value molecules 
to higher octane value molecules, such as by converting 
naphthenes to aromatics and paraffins to isoparaffins, the 
octane improvement at the third reactor is achieved pri 
marily by destroying via hydrocracking gasoline range 
very low octane value linear paraffins. Throughout this 
application the term linear paraffins means normal and 
isoparaffins and excludes ring structures. Although much 
of the low octane value hydrocarbons is cracked to gases, 
controlled hydrocracking in the third reactor can result 
in a significant degree of replacement of low octane value 
molecules by higher octane value molecules if hydro 
cracking is directed towards Ca and C10 paraffins, which 
are generally the highest or among the highest boiling 
and most easily crackable paraffins in the feed, as long 
as at least a fragment of the C or Co molecule remains 
in the gasoline boiling range (C5t). Most of the C9 and 
Co linear paraffins are of extremely low octane value 
while C and C linear paraffins have a considerably 
higher octane value. The octane value of normal hexene 
is 24.8, normal heptane has an octane value of 0, normal 
octane has an octane value of -17 and normal decane 
has an octane value of -53. It is seen that the high mo 
lecular weight linear paraffins, particularly non-branched 
linear paraffins, exhibit such exceptionally low octane 
values that it is important to successful octane value up 
grading in a conventional high pressure reforming process 
that these molecules be hydrocracked. 

It has been the practice of the prior art to hydrocrack 
the C9 and Co paraffins in the high pressure acidic plati 
num catalyst phase even when the effiuent of the high 
pressure platinum catalyst phase is charged to a subsequent 
low pressure dehydrocyclization phase. The reason is that 
the dehydrocyclization phase operates at extremely low 
pressures to favor paraffin dehydroaromatization, some 
times below 25 or 50 p.s. i., at which pressures the hydro 
gen partial pressure is so low that any hydrocracking 
which occurs tends to lead to severe coking of catalyst. 
Since the C9 and Co paraffins are the highest molecular 
weight paraffins in the hydrocarbon stream these are the 
most readily crackable hydrocarbons and since cracking 



3,748,256 
5 

can occur with much less coke deposition in the high pres 
sure phase than in the low pressure phase it has been 
considered advantageous to hydrocrack the C9 and C10 
paraffins in advance of the low pressure dehydrocycliza 
tion reactor. This is especially true because in order to 
achieve conditions sufficiently severe for extensive dehy 
drocyclization of C and C paraffins in the low pressure 
phase hydrocracking of the easily crackable C9 and C10 
paraffins necessarily occurs, making it important to suc 
cessful operation of the dehydrocyclization phase to pre 
remove these heavy paraffins in the high pressure platinum 
catalyst phase. 
The aforementioned mode of operation of a combina 

tion high pressure platinum catalyst phase and dehydro 
cyclization phase reforming process is appreciably altered 
in accordance with the present invention. The present in 
vention is particularly important in view of impending 
requirements for production of lead-free or low lead gaso 
line and is directed toward a coordinated high pressure 
platinum phase-low pressure dehydrocyclization phase re 
forming operation in which the gasoline product will not be 
upgraded by the addition of lead so that the reformate 
gasoline product must be produced with a high unleaded 
octane value. In order to successfully reform a naphtha 
to achieve a product of both high yield and high octane 
value with little or no addition of lead it is necessary to 
accomplish as high as possible an octane-barrel value in 
the reformate. 
The present invention realizes a high octane-barrel value 

(defined as yield in volume fraction of Cst gasoline based 
on feed times the octane number of this yield) in the re 
formate through the discovery that highest octane-barrel 
values can be achieved by conserving rather than crack 
ing the very low octane value C and Co linear paraffins. 
It has now been discovered that the avoidance of significant 
hydrocracking of C and C19 paraffins in the high pressure 
platinum catalyst phase by circumventing the third (con 
stant or rising temperature) reactor in the above-described 
high pressure platinum catalyst reactor series so that the 
effluent of the second high pressure platinum catalyst 
reactor containing linear C9 and Co paraffins in a quantity 
substantially undiminished by hydrocracking is charged di 
rectly to the low pressure dehydrocyclization catalyst 
phase. The C and Co paraffins can be selectively aro 
matized in the substantial absence of hydrocracking by 
non-isomerizing dehydroaromatization in the dehydrocy 
clization phase under more mild pressure conditions than 
is required for dehydroaromatization of linear C6 and C. 
paraffins. Since C9 and Co linear paraffins can be selec 
tively dehydroaromatized under more mild pressure con 
ditions than are required for selective dehydroaromatiza 
tion of Cs and C linear paraffins, the dehydrocyclization 
phase is operated under these more mild pressure condi 
tions at the sacrifice of C6 and C aromatics production. 
It is noteworthy that the dehydroaromatization of Ca 
paraffins is favored equally by pressure conditions most 
favorable for dehydroaromatization of Cs and C paraf 
fins as by pressure conditions most favorable for dehydro 
aromatization of C9 and Co paraffins. 
The present invention is based upon the discovery that 

in the dehydrocyclization catalyst phase under mild con 
ditions, especially mild pressure conditions, there is a 
greater net production of C9 and C10 aromatics than the 
net production of Cs and Caromatics. The net production 
of C or C9 plus Co aromatics can be 2, 3, 4 or 5 times 
or more the net production of Cs or Cs plus C aromatics. 
Moreover, it has been discovered and it is demonstrated 
herein that improved octane-barrel values are achieved by 
favoring production of C9 or Co plus C10 aromatics as 
compared to and at the expense of production of C6 or 
C plus C aromatics in the same Zone of the dehydrocy 
clization catalyst. The temperature and pressure conditions 
in the dehydrocyclization catalyst phase are sufficiently 
mild that not only are C9 and C10 linear paraffins convert 
ed to corresponding aromatics while avoiding hydro 
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6 
cracking of these paraffins but also dealkylation of the C 
and C10 aromatics which are produced in the dehydrocy 
clization phase or which are charged to the dehydrocycli 
zation phase is substantially prevented. Furthermore, the 
conditions in the dehydrocyclization catalyst phase are 
sufficiently mild so that the achievement of maximum oc 
tane-barrel values by production of C and Co aromatics 
is accompanied by achievement of the lowest coke yields of 
all conditions tested. 

Although relatively low acidic or non-acidic chromia 
is an advantageous dehydrocyclization catalyst at the low 
pressures of the present invention, any other dehydrocy 
clization catalyst, such as molybdenum oxide or platinum, 
can be employed. Mixtures of these catalysts can be used. 
Any non-cracking support can be employed, such as a high 
alumina material. With a chromia or molybdena catalyst 
the dehydrocyclization reaction proceeds by first dehydro 
genating the linear paraffin to an olefin and then cyclizing 
the olefin to an aromatic or alkyl aromatic. With a plat 
inum catalyst the dehydrocyclization reaction proceeds 
by first cyclizing the linear paraffin to a naphthene, such 
as cyclohexane or alkyl cyclohexane, and then dehydro 
genating the naphthene to the corresponding aromatic. 
The same or a different catalyst can be employed in 

the high pressure naphthene aromatization phase as in the 
low pressure paraffin aromatization phase. However, the 
conditions in each phase are selected so that substantially 
all naphthene aromatization occurs in the high pressure 
phase and substantially all paraffin dehydrocyclization 
occurs in the low pressure phase. 

In accordance with the present process the final or 
hydrocracking reactor of the high pressure platinum cat 
alyst phase is circumvented by a portion or all of the 
effluent of the first and second high pressure platinum 
catalyst reactors to conserve the C9 and Co paraffins from 
the high pressure platinum catalyst phase for feeding to 
the dehydrocyclization phase. It is a further feature of 
the present process that when the aromatics produced in 
the high pressure platinum phase are charged together 
with the unreacted linear paraffins to the dehydrocycliza 
tion phase, the dehydroaromatization of the paraffins in 
the dehydrocyclization phase is enhanced. The total aro 
matics effluent from the high pressure platinum catalyst 
phase should accompany the total paraffin effluent to the 
dehydrocyclization phase and no solvent extraction or 
other step for removal of aromatics from paraffins is em 
ployed. It has been found that the presence of previously 
produced aromatics can enhance the yield of C9 and Co 
aromatics based on feed in the dehydrocyclization phase. 
It is unexpected that an advantage can be achieved by 
charging high boiling aromatics to the dehydrocyclization 
phase because in the presence of a dehydrocyclization cat 
alyst such as chromia dealkylation of Clo aromatics can 
occur. In fact, chromia is known to also be active as a 
dealkylation catalyst. As shown by the shaded area of 
FIG. 2, unless extremely mild conditions are employed, 
Co aromatics dealkylation predominates over Co dehy 
droaromatization so that there is a net loss rather than 
a net gain in Co aromatics in a chromia dehydrocycliza 
tion phase. 
The present process achieves maximum or high C5 

gasoline octane-barrel values by conserving in the high 
pressure platinum catalyst phase and converting to aro 
matics in the dehydrocyclization phase the C9 and C10 
paraffins that were hydrocracked in the prior art proc 
esses. The C and Co aromatics produced in accordance 
with the present process not only have a high octane value 
but of all the aromatics produced have the highest volu 
metric yield on a mole for mole basis. When a C6 paraffin 
is aromatized to benzene the benzene produced has a 
much higher density than the C6 paraffin so that a con 
siderable loss of yield on a mole for mole basis results. 
However, when a C paraffin is converted to toluene the 
loss in density is somewhat less because of the methyl 
group attached to the benzene ring. Similarly, the con 
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version of Cs paraffin to dimethyl- or ethyl-benzene ex 
hibits a still lower loss of density on a mole for mole 
basis. Finally, the conversion of C9 and Co paraffins to 
corresponding multi-alkyl group substituted benzenes ex 
hibits the smallest volumetric yield loss of all in the Cs 
to Co group. It is therefore seen that for purposes of 
increasing octane values in dehydrocyclization of paraffins 
the accompanying loss in yield through decrease in molec 
ular density can be diminished by conserving and aro 
matizing the C9 and Co paraffins in preference to the Cs 
and C paraffins. 

Except as explained below, all the reactors of the 
present invention, including the high pressure acid plati 
num catalyst reactors and the dehydrocyclization catalyst 
reactor are operated adiabatically so that a Substantial 
temperature drop occurs along the length of each reactor. 
The first high pressure platinum catalyst reactor can have 
a temperature drop of about 100 F., the second a some 
what lower temperature drop of about 60 F. and when 
the entire effluent from the high pressure platinum cat 
alyst reactors is charged to the inlet of the dehydrocycli 
zation phase reactor the dehydrocyclization phase reactor 
can have a temperature drop of about 120 F. Because 
the hydrogen partial pressure in a chromia catalyst dehy 
drocyclization reactor is preferably below 50 p.s.i. or the 
dehydrocyclization reaction will become less selective to 
Cg and Co aromatics, the chromia reactor is especially 
sensitive to elevated temperatures which could lead to 
coke deposition. In order to minimize the inlet temper 
ature (the inlet temperature is the highest temperature 
in each reactor of this process), it is useful to charge 
the total effluent from the high pressure platinum catalyst 
phase to the chromia phase so that the large quantity of 
already produced aromatics can serve as a heat sink for 
the chromia phase reactants and thereby lower the inlet 
temperature required to produce a given average temper 
ature throughout the chromia catalyst reactor. 
The present invention is more thoroughly set forth 

below with reference to the accompanying figures in which 
FIGS. 1, 2, 5, 6, 7, 9, 10A and 10B present graphs illus 
trating the data of the invention and FIGS. 3, 4, and 8 
present diagrams of process schemes for carrying out the 
invention. 

FIG. 2 shows a highly critical phenomenon relating to 
a dehydrocyclization chromia catalyst phase. Referring 
to line F of FIG. 2, the volume percent of each aromatic 
(Cs through Co) is indicated for the effluent from the 
high pressure platinum catalyst phase, which has an 
octane-barrel value of about 72. Line G of FIG. 2 shows 
the volume percent of each aromatic (Cs through Co) 
at the maximum octane-barrel level achieved in the 
chromia dehydrocyclization phase based on the feed to 
the high pressure acidic platinum catalyst phase. Now, 
FIG. 2 shows that merely to maintain this same octane 
barrel value existing in the feed to the chromia phase in 
the face of severe operating conditions in the chromia 
catalyst phase, a substantial increase in Ct, Ce and Cs 
aromatics (Cs aromatics remained unchanged) is required 
to compensate for a net decrease in C10 aromatics. The 
net decrease in C aromatics is due to dealkylation since 
this is the most readily dealkylatable aromatic in the sys 
tem. Since C paraffins will hydrocrack under even milder 
conditions than Co aromatics will dealkylate, dealkylated 
Caromatics cannot be replaced by aromatization. Now, 
the graph of FIG. 2 shows that an increase in Cs and C1 
aromatics has a depressant effect upon octane-barrel 
values because C6 and C aromatics can only be produced 
under conditions which are too severe for the production 
or retention of C and Co aromatics. FIG. 2 shows that 
C and Co aromatics are the only aromatics whose in 
crease tends to have an enhancing effect upon octane 
barrel values. The level of Ca aromatics tends to be inde 
pendent of octane-barrel value. Therefore, to increase 
octane-barrel values, the chromia dehydrocyclization 
phase should be generally operated under conditions 
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8 
which tend to increase C and Co aromatics, and should 
be specifically operated under conditions which prevent 
dealkylation of Co aromatics so that there is a net pro 
duction of Clo aromatics in the chromia phase. 

FIG. 2 shows that aromatization per se is not a valu 
able contribution to octane-barrel values, but only selec 
tive aromatization to relatively highly alkylated aromatics, 
i.e., to Cat aromatics. But these are the aromatics that are 
most subject to dealkylation in the chromia phase. The 
shaded region of FIG. 2 shows that under relatively mild 
conditions, feed Co aromatics were dealkylated (or parti 
ally converted to coke) and the chromia phased did not 
succeed in achieving a net increase in Cao aromatics via de 
hydrocyclization of Co paraffins. Point H of FIG. 2 rep 
resents the most severe conditions at which Co dehydro 
cyclization reactions still predominate over Co dealkyla 
tion or coking reactions. It is only under increasingly mild 
conditions and sometimes over only a portion of a catalyst 
cycle, such as when the catalyst is fresh and the temper 
ature drop is high, that Co. dehydroaromatization reactions 
predominate over Co dealkylation reactions to produce a 
net increase in Co aromatics in the system. Even if Co 
dealkylation reactions predominate over only a portion of 
a catalyst cycie, FIG. 2 shows that if the Co dealkylation 
loss is small an octane-barrel improvement in the chromia 
phase can still be achieved. For example, the Cao aromatics 
in the feed may improve C dehydroaromatization to 
achieve the octane-barrel improvement. 

Since the dehydrocyclization phase of this invention 
is operated under conditions to dehydrocyclize Co paraf 
fins to aromatics and these aromatics are usually re 
covered without being dealkylated, the Co and lower aro 
matics produced in the high pressure platinum catalyst 
phase can safely be passed through the dehydrocyclization 
catalyst phase together with the paraffins. If dealkylation 
conditions were utilized in the dehydrocyclization phase it 
would be necessary to solvent extract the aromatics pro 
duced in the high pressure platinum catalyst phase from 
the paraffin feed to the dehydrocyclization phase. But the 
C aromatics curve of FIG. 2 shows that under the high 
octane-barrel value conditions of this invention Co aro 
matic dealkylation is avoided, permitting Co aromatics 
produced in the high pressure platnium catalyst phase to 
be charged to the dehydrocyclization phase without under 
going a net loss in volume. In this manner, not only is use 
of an aromatics-parafin separation step avoided but also 
the aromatics introduced to the dehydrocyclization phase 
advantageously provides a heat reservoir so that relatively 
mild inlet temperatures can be utilized in an adiabatic de 
hydrocyclization chamber. This feature itself in turn con 
tributes to avoiding dealkylation conditions at the reactor 
inlet. Finally, data presented below show that the presence 
of a high carbon-number aromatic in the feed actually 
enhances production of a fresh similar carbon-number aro 
matic in the dehydrocyclization phase. Point H of FIG. 2 
represents the conditions at which the advantage of this 
effect terminates for a Co material, i.e. enhanced C1 con 
version to aromatics due to charging C1 aromatics is im 
possible where there is a net Co. aromatics loss rather than 
gain. The process of this invention acn avail itself of these 
advantages because the dehydrocyclization phase is op 
erated under conditions under which the Co aromatics are 
not dealkylated. 
An important showing of FIG. 2, in conjunction with 

the data of Table 1, is that there are two distinct paths 
available in the operation of the dehydrocyclization phase, 
each of which is incompatible with the other. The first 
path is the method of the prior art wherein relatively severe 
conditions are employed to achieve a high total conver 
sion of paraffins and cycloparaffins to aromatics. This 
mode of operation provides highest yields of Cs and C7 
aromatics and lowest yields of C and Co aromatics to 
gether with a loss in octane-barrel value for the opera 
tion. This condition is illustrated in FIG. 2 at an octane 
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barrel value of about 67 whereat the volume percent based 
on feed of C6 and C aromatics is the highest while the 
volume percent based on feed or Cs aromatics is the lowest 
and the degree of dealkylation of Co aromatics is the 
greatest, so that there is essentially no net volumetric 
increase in C9 and Co aromatics. In contrast, at a high 
otcane-barrel value of about 81, there is essentially no 
volumetric increase in Cs and C aromatics while the net 
volumetric increase in C and Clo aromatics is at its highest. 
To achieve an octane-barrel value of 81, operating condi 
tions are the mildest so that total conversion of paraffins 
and cycloparaffins to aromatics is low. Therefore, the de 
hydrocyclization phase of the present invention operates 
under conditions conducive to a relatively higher (by 
2, 3, 4, 5 or 10 times or more) net volumetric increase 
in C9 and Co aromatics as compared to the volumetric 
increase in C6 and C aromatics. Specifically, there is a 
higher net volumetric increase in C10 aromatics as com 
pared to the net volumetric increase in Cs aromatics and 
there is a higher net volumetric increase in C aromatics as 
compared to the volumetric increase in C aromatics. It is 
apparent that for the successful operation of the dehydro 
cyclization phase in accordance with the present inven 
tion, sufficient C9 and Co paraffins and naphthenes must be 
conserved in the high pressure platinum catalyst phase and 
charged to the dehydrocyclization phase to accomplish 
the high net volumetric increase in C9 and Co aromatics. 
A fuller understanding of FIG. 2 can be realized by 

reference to FIG. 6. The lower curve of FIG. 6 shows the 
relationship of gasoline octane-barrels to average research 
octane number, clear, in a three-stage reformer system 
utilizing an acidic platinum catalyst at a high pressure in 
each stage. The upper curve of FIG. 6 shows the rela 
tionship in a similar system except that a single low pres 
sure chromia stage is substituted for the third (hydro 
cracking) high pressure platinum stage and the entire Cs 
to Co paraffinic and aromatic effluent of the second high 
pressure platinum stage is charged to the upstream end of 
the single low pressure chromia stage. 
Maximum point Y in FIG. 6 shows that the upper curve, 

representing the coordinated high pressure platinum and 
low pressure chromia system of the present process, can 
achieve an exceptionally high octane barrel value (81) 
and it achieves this value at an exceptionally high octane 
number (101). Comparing maximum point Y with maxi 
mum point X of the lower curve, it is seen that the system 
of the present invention can achieve a higher peak octane 
barrel value (81) than the peak octane-barrel value of the 
the three-stage high pressure platinum system (77), and it 
achieves this higher octane-barrel value at a higher av 
erage octane number (101) than that represented by point 
X (97). Therefore, the present invention is advantageous 
in regard to both octane-barrel value and octane number. 
Comparing points X and Y of FIG. 6, it is seen that 

the present process can be operated less effieciently than 
the three-stage high pressure platinum process unless full 
advantage of the dehydrocyclization phase is achieved. 
Point Y', representing a non-optimum point of the dehy 
drocyclization system operation, indicates the same octane 
barrel value as point X, but at a lower average octane 
number. Therefore, it is an objective of the present proc 
ess to operate the combination high pressure platinum 
low pressure dehydrocyclization system as near to optimum 
point Y as possible. As noted above, extremely mild 
conditions in the dehydrocyclization phase will permit at 
tainment of the optimum value Y, but the important 
aspect of the process of the present invention is avoidance 
of the steep fall-off of the upper curve of FIG. 6 as de 
noted by the portion of the upper curve to the right of 
point Y. The steep portion of the upper curve to the right 
of point Y is avoided by operating the dehydrocyclization 
phase at very mild conditions. 

In this regard, it is noted that the curves of FIG. 2 rep 
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10 
the product represented only by that portion of the upper 
curve of FIG. 6 to the right of point Y. This will become 
more apparent by reference to FIG. 7 in which the solid 
lines exactly correspond to the solid lines of FIG. 2, and 
represent the relatively high severity operation occurring 
to the right of point Y of FIG. 6. Vertical line G of FIG. 
7 corresponds to optimum point Y of FIG. 6. The dashed 
lines of FIG. 7, not present in FIG. 2, represent the con 
tent of each aromatic species represented only by that 
portion of the upper curve of FIG. 6 to the left of point Y. 
Now, considering FIG. 7, the amount of each aromatic 

species in the product can be traced from its content in 
the feed to the dehydrocyclization phase, as represented 
by vertical line F of FIG. 7, through its content in the 
gradually ascending portion of the upper curve of FIG. 6 
to the left of point Y, as represented by the dashed lines 
of FIG. 7, to the peak-point Y, itself, as represented by 
the vertical line G of FIG. 7, and through the steep fall 
off region of the upper curve of FIG. 6 to the right of 
point Y, as represented by the solid lines in FIG. 7. This 
path from the left-hand region of the upper curve of 
FIG. 6 through the peak Y to the right-hand region of the 
curve is represented by the arrows in the dashed and solid 
curves for each aromatic species in FIG. 7. In FIG. 7, 
for each aromatic species the arrows trace a path from the 
feed content of that species at line F through the dashed 
lines to line G corresponding to the optimum content for 
the species, and then through the solid lines away from 
the optimum point. 
An important feature of the present invention is ap 

parent by reference to FIG. 7. This feature is that the 
dashed lines (representing mild conditions) all tend to 
slope in the same direction (except that the C line is 
flat). Therefore, with increasing octane-barrel levels in 
the dehydrocyclization chromia phase all aromatic species 
(except Ce) tend to increase. However, the dashed lines 
of FIG. 7 represent octane numbers below 101 (to the 
left of peak point Y in FIG. 6). On the other hand, in re 
gard to the solid lines of FIG. 7, which represent octane 
numbers 101-- (to the right of peak point Y in FIG. 6) 
the curves for C9 and Co aromatics have a different slope 
than the curves for the Cs and C7 aromatics. It is only in 
the high octane range (101 to 107) that the difference 
in slope for the curves of the C and Co aromatics species 
ICS 

The following table is extracted from FIG. 7 and shows 
the aromatics distribution obtaining in the dehydrocycliza 
tion feed and at the maximum and lowest product octane 
barrel levels shows in FIG. 7. 
""He-ell ul 

Volume percent of charge 
Total Co Cs plus C; Cs Copus Co C10 aro 

Octane barrels aromatics aromatics aromatics natics 

2 feed).--------------- 7 12 22 41 
81 (maximum)- 8 21. 37 66 
67 (lowest).-------------- 22 21 22 65 

The above table shows that when achieving maximum 
octane-barrels, Co plus Clo aromatics increased 15 percent 
compared with feed levels while there was little change 
in C6 plus Ct aromatics content. On the other hand, at 
the lowest octane-barrel level there was no change in Cg 
plus C10 aromatics content compared with feed levels but 
Cs plus Ci aromatics increased 15 percent. It is interest 
ing that total C6 through Co aromatics content as well 
as Cs aromatics content was about the same at both maxi 
mum and lowest octane-barrels levels indicating that oc 
tane-barrel level is substantially determined by relative 
make of C9 plus C10 aromatics versus C plus C aro 
matics. The above table shows that at a 15 percent in 
crease in Co. plus Clo aromatics content (C-C aro 
matics remaining nearly unchanged), the octane-barrel 
level increased 9 points while at a 15 percent increase in 
Cs plus Ci aromatics content (Co-Cio aromatics remain 
ing unchanged), the octane-barrel level decreased five 

  



3,748,256 
points. As noted above, in a unitary reaction zone produc 
tion of C and C aromatics is incompatible with produc 
tion of C and C aromatics. However, in a dual dehydro 
cyclization zone it is apparent that the zone producing Cs 
plus C aromatics will tend to impart an octane-barrel 
loss and if there is to be an overall gain in octane-barrel 
level for the total product this loss will have to be over 
come by a relatively greater gain in the C9 plus Co aro 
matics-producing reactor or by a relatively greater flow 
to the Ca plus C10 aromatics-producing reactor. 

FIG. 2 and the solid lines of FIG. 6 show that at high 
octane numbers, i.e., RON, clear, above 98 to 101, a high 
volumetric production and recovery of C and C aro 
matics is incompatible with a concomitant high volumetric 
increase in C6 and C aromatics, and vice versa, because 
the slope of the curves for C9 and Co aromatics is op 
posite from that for Cs and C aromatics. Therefore, a 
modification of this process is described below which rep 
resents a means for achieving high production and recoy 
ery of C9 and Co aromatics as well as C6 and C aromatics 
in spite of the opposing curve slopes appearing in FIGS. 
2 and 7. The modification has utility in situations where 
Some decrease in octane-barrel value is acceptable in favor 
of higher octane number or where the extra benzene and 
toluene product is bled out of the gasoline stream for use 
as a chemical. 

Although the data presented below relating to chromia. 
phase operation were taken under isothermal conditions, 
in commercial installations these reactors are most con 
veniently operated adiabatically with a temperature drop 
occurring along the length of the reactor. Adiabatic op 
eration presents a severe disadvantage not present in iso 
thermal operation. FIG. 2 shows that a maximum octane 
barrel values production of C9 and Co aromatics is en 
hanced but little or no C6 and C7 aromatics are produced. 
As stated, to achieve this effect very mild conditions are 
employed so that the readily crackable C and C paraf 
fins are aromatized without being cracked, and these con 
ditions are so mild that the less reactive Cs and C paraf 
fins are not aromatized. 
The dehydroaromatization of C9 and Co linear paraf 

fins under adiabatic conditions presents a severe problem 
in that to achieve a desired average reactor temperature 
it is necessary to charge the C and C linear paraffins at 
an elevated temperature at which cracking is likely, pos 
sibly causing loss of Ca and Co paraffins via hydrocrack 
ing prior to being aromatized. Isothermal operation is not 
a practical alternative because this entails heating the re 
actor during operation. 
An advantageous mode of operation for the dehydro 

cyclization reactor is presented which provides for not 
only aromatization and recovery of the C and Co paraf 
fins under the desired mild conditions but also provides 
for aromatization and recovery of C and C. paraffins 
which would not otherwise occur under these mild con 
ditions. Although this mode of operation occurs in an 
adiabatic reactor, the operation permits reaction of C 
and C10 paraffins to be isolated in a downstream catalyst 
Zone so that reaction of C9 and Co paraffins advantageous 
ly occurs under relatively lower temperature conditions 
than if the entire feed were charged to the upstream end 
of an adiabatic reactor. 
According to this mode of operation, the effluent from 

the high pressure platinum catalyst phase in which at 
least about 90 or 95 percent of the total naphthene con 
tent has already been converted to aromatics is frac 
tionated to separate C9 and Co materials, including C 
and C10 Saturates and aromatics, from C and C. Satu 
rates and aromatics. The Cs material can be split between 
the two fractions, but most desirably is included with the 
lighter material. The Ce, C, and Ca saturates and 
aromatics, together with a major proportion of the hydro 
gen recycle, are charged at a relatively high temperature 
of 950 to 1050- F. to the top of the dehydrocyclization 
catalyst bed, while the Ce and Cio Saturates and aromatics 
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2 
with a minor proportion of the total recycle hydrogen at 
a relatively lower temperature of 900 to 1000 F. are fed 
to a position relatively downstream in the reactor. AS 
stated, conversion of feed five carbon-member ring 
naphthenes is at least 90 or 95 percent completed in the 
high pressure phase and at the low dehydrocyclization 
pressure no further naphthene aromatization or other 
isomerization occurs. In another embodiment explained 
below, the C C and Ca fraction is charged to a relatively 
small upstream reactor and thence to a larger downstream 
reactor in series, while the C and Co fraction is charged 
directly to the downstream reactor. 

Each fraction reacts relatively completely upon its 
initial contact with the catalyst. The lighter C6, C1 and 
Ca fraction is aromatized at a temperature starting at its 
relatively high inlet temperature and thereby induces a 
temperature drop in the reactor to a relatively low ten 
perature. Since the C6, C, and Cs paraffins are aromatized 
at a relatively high temperature they are charged with a 
relatively high ratio of hydrogen to hydrocarbon to pro 
tect against excessive cracking and coke formation. The 
hydrogen to hydrocarbon mole ratio will be increased 
upon approaching the position of entry of C9 and Co. 
paraffins downstream in the reactor due to the dehy 
drocyclization of the C6, C7 and Cs paraffins. 
The C and Co materials will be charged at the posi 

tion in the reactor at which the temperature drop due to 
dehydrogenation reactions of the C6, C7 and Ca paraffins 
is substantially complete. The C and Co paraffins in 
troduce heat into the system but still the reaction of the 
C and Co paraffins will occur at a lower temperature 
than the temperature of reaction of the C6, C7 and Ca 
paraffins to accomplish efficient aromatization of Co and 
Co materials with minimum cracking. Since reaction of 
C6, C, and Cs linear parafis to olefins and aromatics is 
substantially terminated at the temperature and position 
in the catalyst bed at which C and Co materials are 
charged, although not all the C6, C and Ca linear paraf 
fins are converted the low molecular weight material 
serves as a heat reservoir or heat sink to supply heat and 
maintain a relatively constant temperature for the C9 and 
C. dehydroaromatization. Furthermore, under this ar 
rangement the C and Co paraffins react on catalyst which 
is free of coke produced by the earlier and higher tem 
perature reaction of the C6, C, and Ca material. Finally, 
the C and Co aromatics produced in the high pressure 
platinum catalyst phase are charged together with the Ce 
and C1 linear paraffins from the high pressure platinum 
catalyst phase, which provides a further heat sink 
for supplying heat to maintain a relatively constant tem 
perature during the dehydroaromatization of C9 and Co 
materials. All of these conditions permit the C9 and C10 
paraffins to aromatize at relatively isothermal (or partial 
ly isothermal) conditions while permitting the less critical 
aromatization of Cs, C and C3 materials to occur under 
more adiabatic conditions. 

Relatively isothermal dehydroaromatization of C and 
Co materials in the dehydrocyclization phase is important 
because otherwise the highly crackable C and C linear 
paraffins would have to be charged at a relatively high 
temperature to achieve a desired average temperature and 
at the higher inlet temperature the Ca and Co saturates 
would be cracked before they could be aromatized. It is 
an important advantage of the split feed mode of opera 
tion of the dehydrocyclization phase reactor that the rela 
tively isothermal conditions for dehydroaromatization of 
Cg and Clomaterials is achieved without the inconvenience 
and expense of heating the reactor during the reaction. 
There is a further very important advantage in the split 

feed method of dehydrocyclization phase operation. The 
dehydroaromatization of C9 and Co paraffins to aromatics 
is enhanced by the presence of C9 and Co and lower aro 
matics introduced with the feed. According to the split 
feed method of operation, not only are all the aromatics 
produced in the high pressure platinum catalyst phase 
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present during Co and Co dehydroaromatization, but also 
all the C C and Cs aromatics produced in the dehydro 
cyclization catalyst phase are also present. By this arrange 
ment all the other aromatics produced anywhere in the 
coordinated catalyst system are advantageously produced 
in the advance of and are present during Co and C10 de 
hydroaromatization in the dehydrocyclization phase so 
that the maximum possible advantage due to the presence 
of aromatics in the feed is achieved. 
The platinum group catalyst for the high pressure phase 

is acidic and therefore possesses isomerization and hydro 
cracking activity in addition to dehydrogenation activity. 
The catalyst can be rendered acidic by acid treatment dur 
ing preparation or when it is onstream. A halogen acid 
such as hydrogen chloride or fluoride can be used for Such 
treatment. Platinum-group catalysts include platinum, 
palladium, rhodium and iridium. The platinum-group 
metal can be used with rhenium, if desired. Platinum is 
preferred. Alumina is a suitable support. Examples of plati 
num phase catalysts include platinum-alumina-combined 
halogen, wherein the halogen content lies within the range 
of from about 0.1 to 3 percent by weight of the total cata 
lyst, platinum comprises from about 0.01 to about 3 per 
cent by weight, but preferably 0.05 to 1 weight percent. 
A suitable range for combined fluorine is about 0.1 to 2 
or 4 weight percent, preferably the narrower range, while 
a suitable range for combined chlorine is about 0.1 to 4 
or 8 weight percent, preferably the narrower range. Since 
the platinum catalyst itself is conventional and is not a 
part of the invention, these ranges are for example only. 
The dehydrocyclization phase can utilize as a catalyst 

any known dehydrocyclization catalyst. These catalysts in 
clude oxides of Group VI metals such as chromium and 
molybdenum and mixtures of these oxides. Platinum can 
also be used. The order of preference is platinum, chromia 
and molybdena. The catalyst is disposed on a non-cracking 
support such as alumina and the chromia or molybdena 
catalyst can contain a minor amount of sodium or potas 
sium. A typical catalyst contains about 6 to 25 weight 
percent and preferably about 10 to 20 weight percent of 
chromia (Cr2O3) promoted with about 0.1 to 10 weight 
percent and preferably about 0.6 to 1.5 weight percent 
of sodium oxide (NaO) or potassium oxide (KO) on an 
inert carrier such as alumina. A typical platinum catalyst 
is promoted with halogen and can have the same com 
position as the high pressure phase catalyst. Also, both 
platinum catalysts can contain germanium. 
The feed to the process of this invention can be a 

naphtha or a heavy naphtha such as a straight run 
naphtha or any gasoline range hydrocarbon such as a 
cracked gasoline which can be upgraded by reforming. 
The boiling range of the feed can be from below 150 to 
350 F., 400 F. or 450 F. The feed should contain 
Cs through C10, or even C11 and C naphthenes and 
paraffins capable of conversion to the corresponding C 
to C10 or C11 and C12 aromatics. 
A series of tests were performed to illustrate the pres 

ent invention. The feed in the tests was a pretreated 
straight run Kuwait naphtha having the following in 
spections: 
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Gravity, API D287 -------------------------- 58.0 
Nitrogen, p.p.m. ----------------------------- 0.2 
Sulfur, P.P.m. ------------------------------- 1 65 
Bromine No. D1159 ------------------------- 0.1 
Distillation, D86, F.: 

Over point ------------------------------ 210 
End point------------------------------- 380 
Pct. condensed 760 mm. Hg: 70 

10 ---------------------------- F. 234 
30 ---------------------------- F 254 
50---------------------------- F. 276 
70 ---------------------------- F. 302 
90 ---------------------------- F. 334 75 

14 
Composition: Percent by vol. 

Paraffins ------------------------------ 64 
Cycloparaffins -------------------------- 21.3 
Bicycloparaffins ------------------------ 1.7 
Benzene ------------------------------ 0.2 
Toluene ------------------------------- 1.3 
Ca Alkylbenzenes ----------------------- 3.8 
Co Alkylbenzenes ----------------------- 5.1 
C10 Alkylbenzenes ---------------------- 2.6 
RON, Clear --------------------------- 35-40 

The analytical method used in obtaining feed and 
product data throughout this application included C11 
and C materials in the measurement of C10 aromatics 
reported. Independent measurements indicated that Some 
C11 and C.12 materials were present. 
The naphtha feed was passed in its entirety through 

the entire catalyst bed of a simulated system comprising 
two high pressure acidic platinum-alumina-chlorine cata 
lyst reactors of equal size in series to produce a product 
having the composition and properties shown in Column 
A of Table II. The reaction conditions, which were the 
same in each reactor, are also shown in Column A. Each 
reactor was operated isothermally. The C5 product 
shown in Column. A comprised about 85 percent of the 
volume of the above feed and has a Research Octane 
Number (RON), Clear, of about 85 and a C5 octane 
barrel value of 72.29. 
Table I, in the column entitled "Feed,” shows an 

analysis of the high pressure platinum catalyst phase 
total effluent presented in Column A of Table II on an 
essentially depentanized basis. The various tests of Table 
I show the results of treating this platinum catalyst phase 
effluent under various conditions in a low pressure chro 
mia-alumina-sodium catalyst phase. Table II shows the 
same results as the tests of Table I except that all yields 
are reported on the basis of the coordinated two-reactor 
high pressure platinum catalyst phase together with the 
low pressure chromia catalyst phase, rather than on the 
basis of the chromia catalyst phase alone. 
The catalyst utilized in the chromia phase of the tests 

was alkaline and comprised 12 percent by weight of CrO3 
and 1.5 weight percent of sodium oxide supported on 
As inch extrudates of gamma alumina. 
The data of Tables I and II were taken by passing 

the total Cat effluent from a second stage high pressure 
platinum-alumina-chlorine reformer to the top of a single 
low pressure chromia catalyst reactor operated isother 
mally so that the total stream passes through the entire 
chromia catalyst bed. A swing reactor was utilized in a 
similar manner to allow for periodic chromia catalyst re 
generation. This high pressure platinum phase effluent was 
depentanized before entering the low pressure chromia 
catalyst phase and was charged to the chromia phase 
with the total hydrogen produced in the platinum phase. 

Unexpectedly, very mild processing conditions in the 
chromia phase produces the best combination of octane 
improvement and yield. The optimum operating condi 
tions were found to be an average temperature of 900 
to 950 F., preferably 900 to 925 F., a pressure of 5 
to 20 p.s.i.g. and a 0.2 to 5 Ha/HC mole ratio, preferably 
a 1 to 4 H2/HC mole ratio. The LHSV should be estab 
lished to obtain less than 65 to 75 and preferably be 
tween 25 and 50 percent linear paraffin conversion to 
aromatics or to aromatics and other materials. Gener 
ally, space velocities of 0.5 to 2.0 are useful. High re 
actor inlet temperatures of 950 or 975 to 1000 F. are 
necessary to obtain the advantage of high H2/HC mole 
ratios, i.e. Ha/HC mole ratios as high as 2 or 3, or above. 
The advantage of high H2/HC mole ratios is not realized 
at lower temperatures. The HC term in the H/HC mole 
ratio refers to total hydrocarbon in the feed stream, ex 
cluding hydrocarbon in the recycle hydrogen gas. The 
inlet temperature in each dehydrocyclization phase re 
actor is preferably but not necessarily higher than the 
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inlet temperature to each high pressure platinum phase 
reactor in the combination system. 

It is advantageous to use pressures below 50 p.s.i.g., 
generally, and below 30 or 40 p.s.i.g., preferably, when 
the dehydrocyclization catalyst is chronia. Pressures 
below 20 or 25 p.s.i.g. are especially advantageous. De 
hydrocyclization is favored by low pressure. The maxi 
mum operable pressure will depend on the particular 
dehydrocyclization catalyst. When chromia is employed, 
the pressure can be 100 p.s. i. or less, while when molyb 
dena is employed the pressure can be 150 p.s. i. or less 
and when platinum is employed the pressure can be 175 

6 
more, data are presented below which show that no mat 
ter which dehydrocyclization catalyst is employed, the 
lower the pressure the more the production of C 
aromatics is favored over the production of C6 and C 
aromatics. By way of contrast, in the high pressure phase, 
while pressures as low as 225 or 250 p.s. i. can be em 
ployed, higher pressures are advantageous because they 
generally do not inhibit the reaction but they do consider 
ably reduce coke formation. 

10 At these mild conditions, operations in the chromia 
phase are greatly simplified due to very slight coke depo 
sition on the catalyst. Although the catalyst has about 

or 200 p.s. i., or less. The pressure in each dehydrocycliza 
tion zone is lower than the pressure in any high pressure 
platinum reactor in the combination system. Further 

a 24 hour cycle, the process can be performed in one 
reactor with one Swing reactor since the regeneration 

5 cycle is shorter than the reaction cycle. 

TABLE I-CrOIAO PHASE OPERATING DATA AND YIELDS 
deratification 

45 A9 46 47 50 

Period. Number 

Feed 2 2 1. 2 2 2 

Operating conditions: 
Temperature, F--------------------------------------------- 1,029.7 1,031, 8 951.3 950, 0 902, 9 901.9 903.6 902, 5 92.5 g20.7 
Pressure, p.s.i.g. 5.0 5.0 5.0 5.0 6.0 6.0 20.0 20. O 2.5 2.5 
LEISW, wolf vol. 0, 42 0.468 0.483 0.502 0.262 0.28 0.473 0.494 0.34 0.377 
Hal HC, molefimole- - 7 09 . 0.97 0.98 92 08 O4. i.13 1,02 
E: Wt. percent-------------------------------------------- 94.4 94.69 99.7. 95.63 94,04 98.92 10.9 96.92 96.98 94.56 
as yields: 

H2, s.c.f. Ibbi-- 1,160.6 7914 83.8 786.0 A42, 9 424.9 866.7 704.7 
He, wt. percent 2,22 52 1.59 ... 4 0.84 0.8 65 35 
C1, wt. percent of charge- 2, 64. 0.7. 0.52 0.39 0, 32 0.30 0.58 0.52 
C2, Wit. percent of charge--- 2.89 0.8 . 62 0, 42 0.43 , 42 0.73 0.64 
C3, wt. percent of charge--- . 3.59 0.78 O. 6 0. A 0.40 0,38 0,72 0.74 
Cse, wit. percent of charge- -- 0.45 
nC, wt. percent of charge. 2.09 
iC=wt. percent of charge- 1.98 
C5, Wt. percent of charge--- 2.06 
C5=, wt. percent of charge--- 30 

Coke yield, wt. percent of charge--------------------------------- 3.68 1.49 E. 46 1.39 0.43 0.44 0.83 0.85 
Liquid yields: 

C5, vol. percent of charge--------------------------- (0.0 78.8 90.20 91.62 92.75 95.39 95.54 90.56 g1.84 
C6, wit, percent of charge--- 98.9 77.07 93.8 94.88 95.76 96.89 96.85 93.84 949 
Ca--, vol.percent of charge--- - 98.6 7.30 89.88 9.62 92.75 95.39 95.54, 89,94 958 
Saturates, wo, percent of charge. 49.2 475 23,38 24.83 26.99 35.49 35.22 22.75 26.575 
Olefins, vol. percent of charge----- 0.0 1.38 3.5 3.67 4.32 3.79 3.80 2.68 3.66 
Cs aromatics, vol. percent of charge- 68 6.45 0.7. 0.20 0.44 0.47 -...---- 4.23 0.62 
C7 aromatics, wo. percent of charge- 6.82 5.22 8. 19 6, 68 0.27 7.05 2.22 g. 58 5.9 
Cs aromatics, vol. percent of charge- 4.26 20.70 21,09 2.08 22.00 7, 88 8,46 20,95 22.04 
Cg aromatics, vol percent of charge 16, 89 7.50 23.48 22.89 21.62. 19.88 25.75 21.27 2i. 66 
Ci aromatics, vol. percent of charg 9,23 5.30 9, 42 2.59 7.0 0.82 10,08 8.98 8.65 
Aromatics, vol percent of charge- - 65.7 62. S9 63.2 6,44 56. O 56.52 65.02 634. 
Aromatics, vol percent Cs--- w - 9.38 69,23 68.89 66.24 58.8 59.16 2,29 66.98 

Octane number, RON, clear------------------------ - 107. 03.5 02.5 0.5 98.7 99 12.4 O2. A 
Paraffin-cycloparaffin conversion, percent a (see Note).--- 90.5 51, 3 48,29 43.80 25, 88 26,81 53.40. 43.64 
Wt.selectivities based on a par-cyclopar. conv., percent: 

H2----------------------- 5. 6,87 7.3 . 49 7.65 , 6 7.2 .22 
Aromatics-- 37.38 54.57 59, 52 55.78 4. A 42.99 62.83 554 

3.27 4, 65 6.O. 2.15 30.89 29.77 10.49 7.68 
44.08 7.2 0.05 7.75 16, 4, 6.29 5.84 5.37 
9.5 6,78 6.68 7.33 3.90 3.87 3.6 4.5 

Par.-cyclopar. Conversion, percent b (See note).--------------------- 87.20 43.83 40.59 34.36 7.88 18.80 48.00 35.92 
Weight selectivities based on conversions: b 

H2------------------------------------------------------------ 5.95 7.86 9.69 9.53 1.06 9.70 7.82 8.83 
38.65 a r 66.96 
5.57 8.66 

Coke---------------------- 9.83 5.55 
C on catalyst, gm. Cl100gm. eat.------------------------------------------- 2.04 
Regeneration time, hr----------------------------------------------------- 2.5 
Period length, hr ------ 2 3. 

Identification 

15 52 153 54 55 

Period. Number 

2 2 2 2 2 

(Operating conditions: 
Temperature, F--------------------------------------------- 949.6 95.4 955.9 954. 8 1,038 1,037.1 950, 5 950.2 1,034.3 1,031.7 
Pressure, p.S.i.g-------- -- 2.0 20 5.0 5.0 5.0 5.0 5. 5. O 6, 0 6.0 
LHSW, wolf voll 0.254 .252 0.245 0.252 0.975 O966 .4987 0.96 0,493 0.87 
HefC, molefino ... O 02 05 O2 .05 06 3.6 3.0 3.12. 3.6 

Recovery, wt. percept.----- 86.93 100.2. 38.9 99.63 97.49 96, 47 96.96 98.6 98.19 97.05 
Gas yields: 

E. S.e.fbbi------------------ ... 850.17 734.14 1,247.9 896. O 820.7 751.6 86.3 745.0 864.8 709.6 
E.wt. percent of charge. - 1, 62 40 2.39 7. 57 1.5 56 i. 42 1.65 1.35 
C, wt. percent of charge- -- . 15 1.19 20 1 13 ... 5 i. 49 0.42 O. 39 66 1.44 
C, wt. percent of charge- -- 1.42 . 49 27 132 5 9. 0. 55 0.55 2. 07 91 
Cs, wt. percent of charge. -- 1.84 18 23 53 1.98 2.6 0.6 . 
CF, wt. percent of charge---------------------------------------------------------z----------------- O. 
nC, wt. percent of charge 
iC4-, wt. percent of charge-- 
Cs, wt. percent of charge--- 
Csas, wt. percent of charge--- 

Coke yields, Wt. percent of charge--------------------------------- 
See footnotes at end of table. 
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TABLE I-Continued 
identification 

5. 52 153 54 55 

Period. Number 

Feed 2 2 2 2 2 

Liquid yields: 
Cs, Vol. percent of charge---------------------------- 100, 0 85.89 86, 47 84.74 85.55 85.98 84.69 91.92 93,42 82,09 84.12 
Cs--, wt. percent of charge 
C6-, vol. percent of charge------ 
Saturates, vol. percent of charge 
Olefins, vol. percent of charge--------- 
Cs aromatics, vol. percent of charge------- 
Ci aromatics, vol. percent of charge--------- 
Cs aromatics, vol. percent of charge--------- 

98.9 89.56 88.98 88.29 88.59 85.67 85.30 95.96 95.72 84.15 83.72 
98.6 84.98 85.1. 83.05 84.41 876 81.56 992 92.64 78.94 79, 88 

49.72 7.03 20.02 3.88 16, 66 7.91 22.66 20.75 23, 69 0.32 48 
O, 0 169 2.53 629 405 3.35 3.4 4, 99 5.45 2.99 4.04 
1.68 0.46 0.45 2.65 09 1.57 1.08 0, 30 0.39 2.22 67 
6.82 0.67 9. 4.59 2, 43 12.29 9, 61 , 32 6,54 3.15 72 
4.26. 23.55 20.98 21.69 22.1. 20.23 18.99 22, 40 2.91 22, 02 20.4 

C. aromatics, vol. percent of charge----------- 6.89 22.82 2.94. 20.32 2.15 19.46 19.22 25.26 25.45 2.51 20, 14 
C10 aromatics, vol. percent of charge------------- 9.28, 8.27 O. O. 8.2 6,98 6,92 6.55 10.86 9.8 6,70 7.27 
Aromatics, vol. percent of charge------------------------------ 65.79 62.56 67.54 63.9 60.49 55.47 66.7 63.49 65.62 60.96 

Aromatics, vol. percent C6'--------------------------------- 77.4, 3.50 81.31 75.45 73.98 68.01 7.98 68.53 83.3 76, 31 
Octane number, RON, clear------------------------------ 104.5 1040 106 105 03.2 03 03.2 O3 106.9 105 
Paraffin-cycloparafiiIl conversions, percent a (see note).------------ 63.55 58.30 00 65.3 62.54 52.3, 57.09 50.99 78.41 68.90 
Wit. selectivities based on a Par. -cyclopar. conv., percent: 

F---- r- - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - 6.00 5.62 7.86 6.13 5.87 6.53 6.39 6.53 4.93 4, 60 

56, 33 46.78 56.75 46.39 35.48 20.66 65.20 58.03 45.3 33.87 
5.62 9.14. 4.88 12.96 18 13.89 8.33 22.42 7.75 2,10 

24.03 29,77. 21.66 24.82 38, 68 48.77 7.50 10.16 3453 40, 60 
7.99 8.72 8.89 9, 69 8, 46 10, 13 2.57 2.85 7.65 8.80 

Par. -cyclopar. Conversion, percent b (see note).-------------------. 59.99 52.96 67.57 56.90 55, 56 45.06 46.63 39,56 72.32 60.58 
Weight selectivities based on b conversions: 

H2------------------------------------------------------------ 6.8 6.1 8.33 7.6 6.87 7. 96 7.84 8,46 5.87 5.25 
Aromatics---------------------------------------------------- 59.40 51.49 59.6 53.24 39.85 23.90 79.83 4.78 48.92 38.54 
C1-C5HC---------------------------------------------------- 25.34 32.80 22.74. 28.48 43.78 56,42 9, 18 13.09 37.42 46, 20 

. . . . . . . . . . . 8.42 9.60 9.33 1.2 9.50 72 3.15 3.67 8.29 0.01 

Con catalyst, gm. C/100gm. cat------------------------------------------ 6.35 -------- 1.51 ----- 6,36 
Regeneration time, hr----------------------------------------------------- 14.5 --- 6.0 
Period length, hr-------------------------------------------------- 4. 2 

a C6H olefins considered as products. NoTE.-(Par.--CP chg.-Par. = CP rec.) IOO/Par.--CP charge. 
bC6-- olefins considered as reactants. NOTE.-(Par.--CB chg.-Par. = CP-olef. recow.) 007Par.--CP charge. 

TABLE 

Pt Al2O3 
data Coordinated PtlAl2O3-CrOslAl2O3 processing and yield data 

indentification----. A. 45- 145-2 149- 49-2 46-1 146-2 A- 147-2 150 
Operating conditions: 

Temperature, F------------------ 900 1,029.7 1038 951.3 9500 902, 9 90.9 903, 6 902.5 924, 
Pressure, p.S.i.g--- 350 5.0 5.0 5. O 5.0 6.0 6.0 20. O 20, 2. 
HIHC, molelmole... 5 1.17 09 , 07 0.97 0.98 0,92 1,08 104 1,13 

Yi ESV, Yolivol------- 2 0.442 O. 468 0,483 0.502 0.262 0,28. 0.43 0,494 0.340 
8CS 
H2, s.c.f.Ibbi---------- 77, 4 1750.2 496.8 565. 4 is 438.3 .472.3 1,391.5 1.44, 6 129, 4 50.8 
C1, wt. percent of charge 
C2, wt. percent of charge. 
C3, wt. percent of charge 
C, wt. percent of charge 
Cs, vol. percent of charge--- 
C-5, vol. percent of charge 
C--is, vol. percent of charge--- 
Saturates, vol. percent of charge 

0.858 3,202 3,073 1533 1,484 1.314 97 138 1,124 1369 
1,528 4,076 3,976 2, 348 2,291 2,072 ,893 1902 899 2.75 
2.94. 6, 496 6.649 3. 62 3, 630 3. 479 3.303 3, 296 3,279 3,576 
, 360 4.948 4,680 2.260 2,164. 1,639 1,573 1,917 1969 2,344 
1.188 3.295 3.58. 188 ... 4 1.88 188 1,221 88 1709 

85,455 63. 385 67.166 76.36 77.52 78.397 79,350 81.56 81,702 77.54 
84.267 60,090 63,585 75.177 75,740 7.209 78.62 80,340 80, 54 5.83. 
42.50 3,949 1,724 15, 605 9,703 20,924 22.74. 29,908 29.68 8,778 

REE percent of charge--------- - - - - - ----- 16 873 4.299 3.040 3,095 3,641. 3.197 3.20. 2.257 
Osaics 
Wol. percent of charge---------- 41,766 54,916 49.987 55.273 52, 458 53.89 51,779 47,233 47. 631 54,795 
CA vol. percent of charge 
CA, wol. percent of charge 
CSA, wo. percent of charge 
CA, wol. percent of charge 
C10A, wo. percent of charge 

Wol. percent aromatics in C---- 
s 

1. 434 5.435 745 0, 648 0.598 0.10 0,374 0.851 ----------- 3.563 
5.826 2,825 9,362 7,196 6,903 5, 629 8,656 5,946 1,872 8.074 
2.9 7. 443 17.722 18,529 17,774 1.764 18,542 5,066 5.556 7.653. 

14,432 4,746 15,877 20. 626 19,785 9,294 8.22. 16.750 2,702 7.93 
7.882 4. 466 5,280 8,273 7.935 10,330 5.984 9, 18 8.499 7,573 

48.875 86.639 74. 423 2,380 67.99. 67,845 65. 253 57.90 58.298 70,666 
RON, clear of Cs-- a----------- 84.6 05, 6 103,6 103. 03. 02. 00, 2 98.4 98.7 01.8 
Vol. percent aromatics in Cs--- 49,573 91.39 78, 6. 73.520 69,258 68,889 66.24. 58, 79 59,159 72,259 
RON, clear of C-d------ 84. 107. 105 104.1 103.5 102.5 100.5 98.7 99 102,4 
Octane-barrel, Cs------------------ 2.29 66.93 ----------- 79.19 ----------- 80.04 ----------- 80.25 -...-- - - - - - - 78,93 

Identification.------- A. 50-2 15-4 51-2 52- 152-2 153- 153-2 154- 54-2 155- 55-2 
Operating conditions: 

Temperature, F v. -- 900 920,7 949, 6 95.4 955.9 954.8 1,030, 8 1,037, 950, 5 950.2 1,034,3 ... 031.7 
Pressure, p.S.i.g- 350 12.5 20 2.0 5, 0. 5.0 5. O 5.0 5.0 5.0 6.0 6, O 
2fBC, molelmole- 5 1.02 1.01 O2 1.05 1,02 05 106 3.16 3.0 3.12 3.6 

Yi ESV, volivol--------------------- 2 0.377 0,254 0,252 0.245 0.252 0.975 0.966 0.487 0.496 0.493 0,487 
BS 
H2, s.c.ilbbl----------- 774 1.365.2 .487.8 .390.0 .822.9 .526.4 463.0 1404.7 1,459.3 1.399.2 .500.1 .369.3 
Ci, wt. percent charge 
C, wt. percent of charge. 
C3, wt. percent charge--- 
C, wt. percent of charge 
Cs, wo.percent of charge 
Cs, vol. percent charge--- 
C6--, vol. percent of charge---- 

0.858 1,317 .877 1913 1.920 1860 2.4 2,172 1.202 .202 2.324, 2.126 
1,528 2.091 2.780 2.845 2.650 2,692 3,068 3.210 2.01 2.01 3.356 3.24. 
2.941, 3, 599 4.386 4.509 4.026 4.285 4,688 5.23 3,517 3. 57 4.724. 4,566 
1,360 2,020 2.827 3.04 2. 694 3.55 2.98. 3, 424, 1,360. , 360 A.261 4,337 
1.88 .41 1,960 2.327 2.60 2.333 4,744. 4.35 1843 1843 3,844 A. 760 

85,455 78,578 78.570 74.091. 72,594 73.536 73,638 73,041 79, 30. 79.907 70.362 72.072 
84.267 77.67 7.610 71.764 69.985 7.203 68,894 68,726 77.458 78,064 66.58 67.312 

Saturates, vol. percent of charge--- 42. 501 22.393 4.750 6,87i .00 14.046 5.095 9,100 7. 488 9,967 8,699 12.532 
REE percent of charge--------- - - - - - - - - - - 3.088 1. 423 2, 33 372 3.41 2.829 2.880 4 210 A, 594 2.52, 3, 406 
On3S 
Wol, percent of charge---------- 41.766 51.686 55, 436 52,759 56.911 53.744 50.969 46.745. 55.59 53,500 55.296 5,371 
CA, wolpercent of charge- - .434 0.052 0,393 0, 420 2,234 0.918 1,323 0.915 0,257 0,333 1872 1412 
CA, wol. percent of charge----- 5.826 4.984 8.995 7.677 12,298 10,476 10,358 8.098 6.73 5.514 11.085 9.881 
C8A, vol. percent of charge----- 12.19. 18, 574. 19,847 7.680 8,277 18.635 17.053 6.006 8,877 18.463. 18.560 16,973 
C.A., vol percent of charge----- 4,432 20,780. 19.228 18, 492 17.124 17.825 6,399 6.197 21.293 2.45 8.130 16,973 
C1A, wo. percent of charge--- 7.882 7.294 6.97, 8,489 6,976 5,887 5,834 5,526 9.57 7,737 5.648 6.30 

Wol. percent of aromatics in Cs------ 48,875 65,777 75.352 71.208 78.39 73,085 69,216 63,998 70.310 66,952 78.58 71.278 
RON, clear of Cs------------------ 84. 6 101.9 103.8 03.2 105.0 104.2 101.7 101.6 102.6 102.4 05.4 103.3 
Wol. percent aromatics in Cs------- 49.573 66.97 77.44 3.57 81,319 75.48 73.98 68.06 71.980 68,530 83.129 76.319 
RON, clear of Cs------------------ 84.7 02.4 04.5 104 106.0 105 103, 2 103 103.2 103.0 06.9 105 
Octane-barrel, Cs------------------- 72.29 --------- 76.86 --------- 76.22 --------- 4.88 --------- 81.86 --------- 74.16 ------ 
a Calculated values for the coordinated process. 
bEstimated values for period 2 from aromatics-octane plot from Period data: 
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In the coordinated high pressure platinum and low 
pressure chromia catalyst phases of the process of this 
invention, RON values between 98.4 and 107.1 are ob 
tained at C+ yields of 63.4 to 81.5. Hydrogen production 
in the chromia catalyst phase alone is from 375 to 1050 
sc.f. per barrel of charge. This hydrogen production is 
additive to the hydrogen yield from the high pressure 
platinum catalyst phase of this invention wherein hydro 
gen yield is enhanced by avoidance of hydrocracking of 
the higher boiling paraffins by not utilizing a third high 
pressure platinum catalyst phase reactor wherein there 
is little or no temperature drop. In the optimum operating 
range, for the coordinated process Cs+ yields of 81.5 and 
78.4 were obtained at RON, clear, values of 98.4 and 
102.1, respectively. In both cases the on-stream time was 
double the regeneration time, enabling two reactor cyclic 
operation. The Cst yield at the 98 RON, clear, level for 
the high pressure platinum-low pressure chromia System 
is estimated to be 6 percent higher than that obtained at 
the same octane number by reforming in a three reactor 
high pressure platinum catalyst system at 350 p.s.i.g. and 
5/1. H/HC ratio wherein hydrocracking is encouraged in 
the third high pressure platinum reactor. The two high 
pressure platinum reactor-one low pressure chromia reac 
tor series system omitting a hydrocracking stage produces 
twice the hydrogen make of a three high pressure plat 
inum reactor series system without a low pressure chromia 
phase because the hydrocracking (hydrogen-consuming) 
high pressure platinum catalyst phase is replaced by a de 
hydrocyclization (hydrogen-producing) low pressure 
chromia catalyst phase. Furthermore, the high pressure 
platinum-low pressure chromia coordinated system at a 
given product octane number contains about 2 percent 
less aromatics (indicating a higher volumetric yield for 
a given octane value because of the high density of aro 
matic compounds as compared to linear compounds) as 
compared to a high pressure platinum catalyst system 
alone. 

In the coordinated high pressure platinum-low pressure 
chromia process the total volumetric yield loss is about 
20 percent based on feed. Of this total loss, 15 percent is 
lost in the two reactor relatively high pressure platinum 
alumina phase and only 5 percent in the single reactor 
relatively low pressure chromia-alumina phase. A good 
deal of the yield loss in the chromia phase was consumed 
by the increase in density of the aromatics formed as 
compared to their paraffin precursors and therefore the 
efficiency of the chromia phase under the mild conditions 
of the present invention is exceptionally high. In contrast, 
the 15 percent loss in the high pressure platinum catalyst 
phase is much greater than what could be expected from 
shrinkage due to naphthene dehydroisomerization alone, 
indicating that some yield loss is attributable to undesired 
hydrocracking. In order to hold hydrocracking down to a 
low value in the high pressure platinum catalyst stage 
no attempt should be made to obtain more than 90 or 95 
percent by volume conversion of feed naphthenes. The 
higher severity conditions required for higher naphthene 
conversions would fail to conserve adequate C and Co 
paraffins for aromatization in the chromia phase. For best 
results at least 75 volume percent conversion of naph 
thene to aromatics in the high pressure platinum catalyst 
phase is required. 
The results of the tests of Tables I and I are further 

illustrated in FIGS. 1 and 2. FIG. 1 shows a graph (curve 
D) of the overall volumetric Ci yield of the combined 
high pressure plus low pressure catalyst phase process in 
relation to octane number. FIG. also presents a graph 
(curve E) of the volume percent of aromatics in the C5 
product in relation to octane number. At selected posi 
tions along curve D octane-barrel values are indicated 
and these values indicate that the maximum value of oc 
tane-barrel for the coordinated process is about 80. 

FIG. shows that the highest octane-barrel results occur 
close to the region of the yield-octane curve whereat sharp 
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20 
yield loss is incipient. Therefore, the process of the pres 
ent invention, which is directed towards maximum octane 
barrels, requires operation in the region of a precipitous 
drop in yield necessitating employing of mild conditions. 
The precipitous drop in yield occurs upon onset of ap 
preciable cracking of heavy aromatics and paraffins, which 
are the most readily crackable materials present and 
which must be conserved in accordance with the present 
invention. It would be safer to operate the process under 
milder conditions and sacrifice octane value in favor of 
yield if low octane values could be overcome by addition 
of lead. However, in view of the present demand for un 
leaded gasoline the present process is directed towards 
the production of high octane unleaded gasoline. 

Referring to FIG. 2, which is based on the data of 
Tables I and II, all of which was taken in the precipitous 
drop region of curve D of FIG. 1, i.e. at RON, clear, 
values of 98 to 107, the volume percent based on feed 
of each aromatic in the product of the chromia dehydro 
cyclization reactor is plotted against octane-barrel value 
for the combined high pressure-low pressure phase opera 
tion. FIG. 2 also indicates the quantity of each aromatic 
in the feed to the chromia phase. The octane-barrel value 
of the feed to the chromia phase is indicated by vertical 
line F. All values to the right of line F represent a net 
improvement in terms of octane-barrels for operation of 
the chromia phase. Vertical line G of FIG. 2 indicates the 
maximum octane-barrel value for the process. 
The results shown in FIG. 2 are highly unusual. FIG. 

2 shows that in relation to octane-barrel value the curves 
for Cs and C aromatics have an opposite slope from the 
curves for C9 and Co aromatics, while the curve for Ca 
aromatics is flat. FIG. 2 shows that chromia phase condi 
tions which produce an increase in C and C aromatics 
also reduce octane-barrel values for the coordinated proc 
ess. On the other hand, FIG. 2 shows that chromia phase 
conditions which produce an increase in C and C aro 
matics increase octane-barrel values of the coordinated 
process. The important showing of FIG. 2 is that an in 
crease in Co and Cio aromatics cannot accompany a sig 
nificant increase in Cs and C aromatics and that any 
significant increase in Cs and C aromatics is achieved 
at a loss of octane-barrel values. 

FIG. 2 shows that maximum octane-barrel value is 
achieved if the total and individual quantities of C and 
C10 aromatics are increased in the low pressure chromia 
dehydrocyclization phase, as compared to C and Co aro 
matic content in the feed to the chromia phase, necessitat 
ing Co and Cio paraffins (which are ordinarily hydro 
cracked because of their extremely low octane value) to 
be protected from hydrocracking in the high pressure 
platinum phase so that they can be preserved for inclusion 

the feed to the chromia phase. A further important 
showing of FIG. 2 is that at maximum octane-barrels 
there is not only no net production of Cs aromatics but 
also there is little or no net production of C, aromatics 
in the chromia phase. 

FIG. 2 shows that an increase in the quantity of C and 
C10 aromatics in the chromia phase is incompatible with 
a high overall aromatics yield in the chromia phase be 
cause Co and C10 aromatics can only be increased at the 
expense of no significant increase in C and C aromatics. 
In fact, Tables I and II show that for highest octane 
barrel values no more than 50 or 55 percent conversion of 
paraffins to aromatics and other materials can occur in 
the chromia phase with very high octane-barrel values 
being achieved near 25 percent conversion. The shaded 
area of FIG. 2 is a region of net loss of C aromatics in 
the chromia phase, indicating dealkylation of C aro 
matics present in the feed. FIG, 2 shows that if the quan 
tity of Co aromatics is decreased in the chromia phase, 
which occurs during appreciable production of Cs and C. 
aromatics, the octane-barrel increase for the combined 
process is reduced or lost. 
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FIG. 5 illustrated the results of additional tests which matics. This dual severity zone arrangement in a single 
were preformed with a different feed to illustrate the ad- reactor advantageously permits the reaction of C and 
vantageous effect of a relatively high mole ratio of hy- C10 aromatics to be enhanced by not only the presence 
drogen to hydrocarbon in the low pressure chromia phase. of all aromatics produced in the high pressure platinum 
The lowest curve in FIG. 5 shows the generally optimized 5 catalyst phase but also by the presence of C6, C and 
relationship of Cst yield to octane number in a three stage Cs aromatics produced in the upstream region of the 
high pressure platinum phase reforming process, wherein chromia catalyst reactor. 
hydrocracking and net hydrogen consumption occurs in A schematic view of the process of the invention is 
the third high pressure stage and no chromia phase is em- illustrated in FIG. 3. As shown in FIG. 3, straight run 
ployed. The middle curve shows the improvement achieved naphtha is charged to the process through line 10 to 
if the third stage of the high pressure platinum phase is fractionator 2 from which nonaromatizable C5 and 
omitted and a relatively low pressure chromia phase is iso-C6 hydrocarbon (known as natural gasoline) is with 
Substituted in its place and operated with a 1/1 hydrogen drawn overhead through line 14 while aromatizable linear 
to hydrocarbon mole ratio. This mole ratio is achieved paraffins and naphthenes (commonly five carbon-mem 
Without hydrogen recycle in the chromia phase. The top 5 ber ring structures) are removed as bottoms through line 
curve shows the same process as the middle curve except 6. The gasoline range bottoms stream is mixed with 
that a 3/1 hydrogen to hydrocarbon mole ratio is achieved hydrogen charged through line 18 and passed through 
in the chromia phase by hydrogen recycle at the chromia gas-fired furnace 20 from which it flows through line 
phase. By far the best results are achieved in the top 22 to catalytic pretreater unit 24 wherein sulfur and 
curve at the 3/1 hydrogen to hydrocarbon mole ratio. 
FIG. 5 shows that for best results the hydrogen to hydro 
carbon mole ratio in the chromia phase should be more 
than 1, generally, more than 2, preferably, and at least 3, 
most preferably. Since the chromia phase generates hy 
drogen, and since it replaces a platinum phase which con- 25 
Sunes hydrogen, the high hydrogen ratio required in the 

20 nitrogen are removed since these materials poison the 
high pressure platinum catalyst. Effluent from catalytic 
unit 24 passes through line 26 to a first flash separator 
28 and thence through line 30 to a second flash separator 
32 which separators discharge hydrogen, hydrogen sul 
fide, ammonia, methane, etc. through lines 34 and 36. 

chromia phase is readily available by recycle. Following Thereupon, liquid gasoline is passed through line 38 
are the data on which the curves of FIG. 5 are based. to stripper 40 which removes any residual hydrogen 

Cr2O3 Phase yield 

Volume percent IB St. Oct. RON 
Press BBC C6- Tota S.c.f. wore calea 

Temp., F. E. LHisv E. C C6 Sat; olefins aromatics percent barrel Cie 
s o 932 57 .941 6.1 469 35, 62 83.65 97.7 

is . E. 9. S; 1982. : 866 4.353 55.63 32.8 39.53 84.42 94.3 
40 .25 56 479 5.252 2,595 65,757 763 78.82 80.309 0.9 
10 483 O6 2.680 7.052 1,208 1538 143 6,438 79.80 04, 4 
10 493 2,987 3569 21,331 4.628 63.65 777 85, 98 85.78 99.8 
2 1.49 2.962 374 21,918 3,509 65,554 77 84.57 84.85 100.4 
40 483 3.05 181 1.538 839 70,12 676 78,098 81.22 104 
O 1.46 0. 32 3,239 5.752 58,378 404 S8,39 83,53 94.5 

The data discussed above show that in a single sulfide, ammonia and light hydrocarbon gases through 
chromia low pressure dehydrocyclization zone produc- line 42. - 
tion of a significant quantity of C6 and C aromatics Purified C+ gasoline passes through line 44 where 
is incompatible with high octane-barrel values. In a 45 it receives recycle hydrogen through line 66 and then 
variation of this process, the operation is performed so passes through furnace 46 and line 48 in transit to first 
that C6 and C paraffins are also dehydroaromatized to high pressure platinum phase reactor 50. Reactor 5) 
aromatics by fractionating the high pressure platinum contains platinum-aluminum-chloride catalyst in a fixed 
catalyst phase effluent and charging the Cs and C paraf- bed and is operated at 900 to 950 F. (inlet), 250 to 
fins, with or without C paraffins, and their correspond- 50 400 p.si.g., 2-6 LHSV and a 2 to 7 H2/HC mole ratio. 
ing aromatics to a chromia catalyst phase operating The temperature drop in reactor 56 is about 120° F. 
under a relatively high severity for dehydrocyclization and the reaction is primarily the dehydrogenation and de 
but at a much lower pressure than the high pressure hydroisomerization of feed naphthenes to aromatics. Cool 
platinum phase to dehydroaromatize the C6, C and Ca effluent passes through line 52, furnace 54 and line 
paraffins, while the C and Co paraffins and naphthenes 55 56 in transit to a second high pressure platinum catalyst 
together with Ce and Clo aromatics are charged to- reactor 58. Reactor 58 contains a fixed bed of platinum 
gether with the effluent from the C-C reactor to a catalyst of the same composition and operates under . 
Separate chromia catalyst phase operated under relative- the same conditions as reactor 50 except that the tem 
ly more mild conditions including a lower pressure. perature drop is only 60 F. because most of the feed 

In one embodiment of this variation, the total effluent 60 naphthenes were converted in reactor 50. At the exit 
from the second stage of the high pressure platinum, of reactor 58 about 90 to 95 percent conversion of feed 
catalyst phase is fractionated and the C6 and C paraffins, naphthenes is achieved as well as the achievement of 
with or without Cs paraffins, and their corresponding equilibrium isomerization of paraffins. 
aromatics are charged to the top of a single low pressure If complete conversion of naphthenes to aromatics, 
chronia catalyst reactor while the Cs and Cig paraffins 65 dehydroaromatizing of linear paraffins or hydrocracking 
together with Co and C10 aromatics are separately charged were desired, reheating followed by a third high pres 
to an intermediate position downstream in the low pres- sure fixed bed platinum reactor would be required. How 
Sure chromia catalyst zone. Relatively high severity de- ever, a third high pressure reactor is avoided in accord 
hydrocyclization conditions can be employed upstream ance with the present invention and the aromatics-con 
from the point of introduction of C and Co paraffins to taining linear paraffins effluent is prepared for the rela 
but starting at the position of introduction of C and tively low pressure chromia phase by passage through 
C10 paraffins and downstream therefrom reaction con- line 60 to high pressure hydrogen separator 62 from 
ditions are sufficiently mild so that while there is a net which hydrogen is recycled through compressor 64 and 
increase in both C and Co aromatics in the downstream line 66. Some hydrogen is passed to the chromia phase 
Zone there is little or no further conversion in the same 5 through line 68. The gasoline range bottoms stream is 
downstream catalyst Zone of Cs and C paraffins to aro- then passed through line 70 and light gas and low pres 
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sure hydrogen separator 72 from which separated gases 
pass through line 74 to compressor 76, line 78, cooler 
89, line 82 and separator 84. Condensed C5 and C hy 
drocarbons are passed to product fractionator 86 through 
88 while hydrogen containing light gases are partially 
withdrawn from the process through line 90 and parital 
ly recycled to the chromia phase through line 92. 

Liquid product from separator 72 is passed through 
line 93 and is combined with the hydrogen stream in 
line 92 and passes through line 94, heater 96 and line 
98 to either of low pressure fixed bed chromia reactors 
100 or 102. One of the chromia reactors is continuously 
onstream while the other is being regenerated by burn 
ing of carbon deposits with air. In order to prevent loss 
of dehydrocyclization activity in the chromia catalyst, 
frequent reactivation by burning of coke deposits in air 
is required. Catalyst cycles generally are about 24 hours. 
The chromia reactors contain a Cr2O/Al2O3 catalyst 
promoted with sodium in a fixed bed. They can operate 
at a 900 to 1030 F. inlet temperature, 5 to 100 p.s.i.g., 
0.5 to 2 LHSV and a 1/1 to 4/1 H2/HC mole ratic. 
The temperature drop is above 100 F. The primary re 
actions are dehydroaromatization of linear paraffins to 
aromatics and dehydrogenation of paraffins to olefins. 
The chromia reactor effluent is removed through line 
04 and passes through separator 106 which removes 
hydrogen and passes it through line 108 to line 74 and 
compressor 76. The liquid product from separator 106 
is passed through line 109 to product fractionator 86 
from which light hydrocarbons are removed overhead 
through line 10 and C5 gasoline product is recovered 
through line 112. 
The split feed chromia phase reactor embodiment is 

illustrated in FIG. 4. As shown in FIG. 4, the gasoline 
range effluent from the relatively high pressure platinum 
catalyst phase flowing through line 93, shown in FIG. 3, 
is charged to a fractionator 14 from which Cs, C and 
C paraffins and aromatics are removed overhead through 
line 116 and C and Co paraffins and aromatics are re 
moved as bottoms through line 118. The light and heavy 
streams are independently passed through heater 120 after 
being mixed with hydrogen from line 68, shown in FIG. 3. 
More than half of the hydrogen in line 68 is charged to 
light fraction line 16. The heated light fraction at an inlet 
temperature of 975 F. or higher passes through line 122 to 
the top of chromia reactor 124 and is dehydroaromatized 
in upstream catalyst zone 26 while the heated heavy 
fraction passes through line 30 to reactor 124 and is de 
hydroaromatized in downstream catalyst zone 128. The 
temperature at the mixing point is about 920 to 950 F. 
Catalyst zone 128 is preferably larger than zone 126. If 
desired, catalyst zones 126 and 128 can be disposed in 
separate reactors in series, as illustrated in FIG. 8. The 
effluent from reactor 24 passes through line 27 to sepa 
rator 128 from which hydrogen is removed through line 
130 and can be recycled and gasoline range product is 
sent to a product stabilizer through line 132. . 

FIG. 5 illustrated the advantage of high hydrogen to 
hydrocarbon ratios in the chromia phase. FIG. 8 shows 
how the split feed method of operating the chromia phase 
can be used to actually increase the ratio of hydrogen 
to hydrocarbon in the feed to each low pressure chromia 
phase above the overall feed ratio of hydrogen to hydro 
carbon. As shown in FIG. 8 100 moles of Cs to C linear 
paraffinic and aromatic hydrocarbon from the second high 
pressure platinum stage are charged through line 140 to 
fractionator 42 from which 50 moles of C, C, and Ca 
hydrocarbon are discharged overhead through line 44 
and 50 moles of C and Co hydrocarbon are withdrawn 
through bottoms line 146. 150 moles of hydrogen are 
charged through line 148 to line 144 and the mixed stream 
passes through line 150, furnace 152 line 154 and first 
chromia reactor 56. As indicated in FIG. 8, the feed 
hydrogen to hydrocarbon mole ratio to the first reactor 
156 is 3, while the discharge ratio from reactor 156 in 
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24. 
line 158 is four to five because of hydrogen make in reac 
tor 56. 
To the 50 moles of hydrocarbon in the bottom stream 

in line 146 is introduced 50 moles of hydrogen through 
line ió8 and the combined stream passes through line 162, 
furnace ió4, line 166, and finally admixes with the effluent 
from reactor 156 in line E58. The hydrogen to hydrocar 
bon ratio in the combined stream of line 168 is about 2.3 
to 3 and this stream is introduced to the second chromia 
catalyst reactor 170. The product of the process is dis 
charged through line 72. 

It is apparent from FIG. 8 that the dehydrocyclization 
of C6, C7 and Ca materials occurs primarily in reactor 156 
while the dehydrocyclization of C9 and Co materials oc 
curs primarily in reactor 170. FIG. 8 shows that the over 
all feed ratio of hydrogen to hydrocarbon to the combined 
reactors is only 2. However, the ratio in each reactor is 
considerably higher, i.e. the ratio in reactor 156 is 3 while 
the ratio in reactor 170 is 2.3 to 3. Therefore, the series 
chromia reactor system utilizing a split hydrocarbon feed 
and a split hydrogen feed as shown in FIG. 8 permits the 
hydrogen to hydrocarbon ratio in each reactor to be higher 
than the feed ratio. In this manner, the system of FIG, 8 
obtains an enhanced effect from the advantage of high 
ratios of hydrogen to hydrocarbon as illustrated in FIG.S. 
A further advantage of the dehydrocyclization system 

of FIG. 8 is that the separate reactors permit the selective 
use of different temperatures for the dehydrocyclization of 
different species. Therefore, first reactor 156 can operate 
at a higher temperature than second reactor 170, permit 
ting higher temperatures for the dehydrocyclization of the 
more refractory Co, C, and Ca materials than for the 
easily crackable C9 and Co materials. Furthermore, the 
System of FIG. 8 permits the hydrogen make and other 
effluent from first reactor a 56 to be directly available for 
the dehydrocyclization of C9 and Co materials in second 
reactor 170 without any intermediate reactor or other unit. 
Finally, introduction of hot hydrogen and hydrocarbons 
through line 66 to the effluent of the first reactor in line 
158 permits interstage heat to be introduced to the system 
without the use of an interstage heater or any other inter 
stage unit. An interstage heater or other unit would be 
disadvantageous because it necessarily involves an addi 
tional pressurue drop which in turn would increase the 
pressure level in the first reactor. This is particularly un 
desirable because aromatic yields decrease with increasing 
pressure. All of these advantages tend to advantageously 
nove the upper solid curve of FIG. 6 to the right so that 
higher octane numbers can be achieved at any octane 
barrel value with the system of FIG. 8 as compared to a 
single chromia phase system without a split feed. 
FIG. 9 illustrates the significance of various operating 

variables in a low pressure dehydrocyclization chromia 
phase. In obtaining the data for each curve of FIG. 9, a 
Cs 82 RON, Clear, reformate from a 2-stage relatively 
high pressure platinum catalyst reformer was fed to the 
top of a single chromia reactor. The inverted triangle data 
points of curve N relate research octane number, clear, 
to octane-barrels for operation in the chronia phase at a 
temperature of 900 F., a pressure of 40 p.s.i.g. and a 
hydrogen to hydrocarbon ratio of 1. Curve O shows that 
when the temperature was raised to 975 F., the yield 
octane-barrel value decreased, indicating hydrocracking 
is more temperature responsive than dehydrocyclization. 
However, the solid circle data points of curve N show that 
raising the hydrogen to hydrocarbon ratio from 1 to 3 
did not improve results at the 900 F. temperature. On 
the other hand, although curve O produced inferior re 
sults at 975 F., compared to curve N, curve M shows that 
when the hydrogen to hydrocarbon ratio is raised from 1 
to 3 at 975 F. a considerable improvement in yield octane 
barrel value is achieved. Therefore, high hydrogen level is 
significantly beneficial only at high temperature. To 
achieve an advantage from hydrogen recycle in the 
chromia phase (to increase hydrogen to hydrocarbon ratio 
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in the feed to the chromia phase above the autogenous 
ratio delivered by the high pressure platinum phase), the 
temperature should be above 900 F., and preferably 
should be greater than 920, 940 or 950 F. Finally, in 
comparing curve P with curve M, the only difference be 

26 
low hydrogen pressures in the chromia phase. It is an 
important advantage of the present invention that the 
C9 and Clo aromatics produced in the high pressure plati 
num phase are produced under isomerization conditions 

5 so that they tend to contain multiple small alkyl groups, 
tween curves P and M being that curve P represents data mostly multiple methyl groups, with some ethyl groups, 
taken at 80 p.S.i.g. rather than 40 p.si.g., it is seen that rather than a single propyl or butyl group. If the C 
the most inferior results of all the tests taken occurred at and Co aromatics in the feed to the chromia dehydro 
80 p.s.i.g. Therefore, it is highly critical to the present cyclization phase possessed propyl or butyl groups they 
invention that pressures in the chromia phase be as low 10 would be unstable and readily dealkylate and form coke 
as possible to encourage the dehydrocyclization reaction in the chromia phase. In a test where the feed to the 
in preference to non-aromatization reactions. Additional chromia phase comprised normal butyl benzene together 
data presented below show that the lowest pressures in the with normal decane, coking was so severe that the system 
dehydrocyclization range selectively favor C+ paraffin was inoperative. In contrast, as shown in the above data, 
aromatization over Cs, and C7 paraffin aromatization. 15 1,2,4-trimethylbenzene proved to be highly refractory in 

FIGS. 10A and 10B represent tests taken to illustrate the chromia phase. 
the favorable effect upon net aromatics production in It is unexpected that an improved C and Co dehydro 
the low pressure chromia phase which occurs when the cyclization process is achieved by inclusion of C and 
Cp and C10 aromatics produced in the high pressure plati- C10 aromatics with the C9 and C10 linear paraffin feed to 
num catalyst phase are introduced into the chromia phase 20 a chromia dehydrocyclization phase because chromia is 
together with the C9 and C10 paraffins which are to be known to be effective as a dealkylation catalyst. There 
dehydrocyclized. The data illustrated by the curves of fore, it would be expected that net C and Co dealkyla 
FIGS. 10A and 10B, especially FIG. i0B, show that in- tion. Would occur, rather than net C and Co production. 
clusion of a C aromatic with a C linear paraffin in the In fact, the shaded area of FIG. 2 shows that net Co 
feed to the chromia phase increases further production 25 dealkylation does occur easily and should be avoided, 
of C9 aromatics. The effluent from the second high pres- if possible. A surprising feature of the present invention 
Sure platinum catalyst reactor normally contains about is that when C9 and Co aromatics are included with 
50 percent aromatics. Comparative tests were made to the Co and C10 linear paraffin feed to the chromia phase 
illustrate results in the chromia phase with a feed com- there is not only a net production rather than a net loss 
prising 100 percent normal nonane (curve S of FIGS. 30 of C9 and C10 aromatics in the chromia phase but the 
10A and 10B) and with a separate feed comprising equal net production of C9 and C10 aromatics is actually en 
amounts by volume of normal nonane and a C aro- hanced. For best results, the feed to the chromia phase 
matic, 1,2,4-tri-methyl benzene (curve T of FIGS. 10A should contain at least 10 to 60 percent aromatics by 
and 10B). The chromia phase in all tests was operated volume based on total feed. 
at a temperature of 950 F., a pressure of 40 p.si.g, and 35 FIGS. 10A and 10B show that inclusion of the Caro 
a hydrogen to hydrocarbon ratio of 1. matic in the n-nonane feed both greatly enhances 
The curves of FIG. 10A show that inclusion in the n-nonane conversion and also enhances aromatic selec 

feed of the C aromatic, 1,2,4-trimethyl benzene, in- tivity. These effects can only occur under dehydrocycliza 
creased total conversion of normal nonane in the chromia tion conditions sufficiently mild to avoid significant de 
phase from about 79 to 87 weight percent at a space-time 40 alkylation of feed and product C aromatics. Because 
of 2. Therefore, the introduction of the aromatic in- the inclusion of Cs aromatics in the feed permits high 
creased conversion of n-nonane about 10 percent, which yields of n-nonane without resorting to high severity con 
is a considerable increase, indicating that product aro- ditions, use of the feed Co aromatic permits avoidance 
matic exerts an autocatalytic effect on the conversion of of high severity conditions at which significant conver 
Cs linear paraffin feed in the chromia phase. The im- 45 sion of C6 and C paraffins to corresponding aromatics 
portance of this increase in conversion to the present in- can occur. It is seen that any C or Co aromatic which 
vention is illustrated in FG, 10B which shows that at is present in the feed not only encourages production 
the same space time, the weight selectivity to aromatics of Co and C10 aromatics, which are octane-barrel en 
production increased about 1.7 percent. FIG. 10B shows hancers, but because the feed aromatic can promote 
that at a lower space time, a nuch greater effect upon 50 high yields C and C aromatics without resorting to 
selectivity to aromatics production is achieved. high severity conditions it permits avoidance of condi 
FIGS. 10A and 10B show that the inclusion of a Co tions sufficiently severe for the significant conversion of 

arOatic with a Co linear paraffin in the feed to a cross Cs and C7 paraffins to C6 and C aromatics, which are 
dehydrocyclization phase of E. ity, tends octane-barrel depressants. The advantageous effect upon 
to increase total conversion of to paratin in the chromia product octane-barrel value achieved by inclusion of C 
phase even though Co. aromatic is a product material, and ics in the feed is theref d. H 
by regulating the space-time of the process a high pro- aromatics in the feed is therefore two-pronged. However, 
portion of the increased conversion can be recovered as in order to achieve this two-pronged effect it is necessary 
Cs aromatic. to avoid high severity conditions, .C. conditions conducive 
The following data encompass a more complete tabula- 60 to significant dealkylation of Co or Cio aromatics or con 

tion of the yields obtained in the tests represented in ditions conducive to producing an excessive ratio of C 
FIGS. 10A and 10B. and C aromatics to C9 and Co aromatics. Sufficiently 

Aromatic Weight 

Gram E. selectly: Eydro- Ct 
catalysts visit, aromatic? y: CCs paraffin Olefin Coke 

hourfgram weight gram Selec- selec- Selec- Selec- selec 
feed percent paraffin tivity tivity tivity tivity tivity 

Curve S-------------- ; : S.S. g3 (5 ::, ; ; ; ; S. 
Curve T------------- 1968 86.67 63,032 4.99 19.894 7.764. 2.586 2.518 

{ 984 64,024 65.577 4.61. 16.488 5.405 6.348 556 

It is preferable that the aromatics in the feed to the mild conditions obtain when the dehydrocyclization prod 
chromia phase be devoid of 3 or 4 carbon number alkyl uct octane-barrel value is greater than the feed octane 
substituents, such as propyl or butyl, since such aromatics 75 barrel value, preferably greater by at least 2 or 3 or even 
are unstable and tend to heavy coke formation at the 5 points, 
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As explained above, the dehydrocyclization phase is 
operated at a pressure lower than the pressure in the 
naphthene aromatization phase. It is shown below that 
as the pressure in the dehydrocyclization phase is di 
minished to very low levels in the dehydrocyclization. 
range selectivity to C and Co aromatization is favored 
over C6 and C aromatization, thereby increasing octane 
barrel values for the process. This feature is illustrated by 
the following data based upon four tests in a chromia 
alumina dehydrocyclization phase to which an 82 RON 
gasoline was fed from a platinum catalyst naphthene 
aromatization phase operated at 400 p.s.i.g. 

DHC product 
OHC Test Test Test Test 
feed 2 3 4. 

Temperature, F 975 975 975 975 
H2/HC.-------- 3.0 3.0 3.0 3. 
LHSV------------ 1.5 1.5 0.97 0.97 
Pressure (psi.g.)----------------------- 40 80 40 80 
Volume percent based on 
Reha charge to piatinum 
phase: 
Total aromatics- 45.5 59.04 54.52 61.8 56.33 

Benzene.---- 4197 5266 772 635 .9207 
Toluene.---- 7.406 7.967 9.26 8,67 9.96 
Cs aromatics------------ 14.707 18.43. 18.5l 19.25 19.33 
Charomatics------ 22.573 32.11 25.98 32, 6 26.122 

Cs yield-------------- 93.3 86.07 85.5 84.38 83.5 
RON, clear- - 82.4 98.55 96.9 99,36 97.88 
Octane-barrel.--------------- 76.88 84.83 82.87 83.84 8.79 

Tests 1 and 2 and tests 3 and 4 of the above table 
are paired according to space velocity. Test 2 differs from 
test 1 only by the use of a higher pressure. At the higher 
pressure of test 2, benzene and toluene production was 
higher than at the lower pressure of test 1, but Cs aro 
matics production and octane-barrel value was lower. 
Cs aromatics production was neutral to the effect of 
pressure. Similarly, test 4 differs from test 3 only by the 
use of a higher pressure. Again, at the higher pressure 
of test 4, benzene and toluene production was higher 
than at the lower pressure of test 3, but C aromatics 
production and octane-barrel value were lower, while Cs 
aromatics production was neutral to the effect of pressure. 
The data of the above table clearly show that to obtain 
the full advantage of the present invention, it is not only 
necessary for the pressure in the chromia phase to be in 
the dehydrocyclization range but also that the pressure 
should be in a relatively low region of the dehydro 
cyclization range at which relative production of Ct 
aromatics is favored over Cs and C aromatics. The 
pressure must be sufficiently high for the dehydrocycliza 
tion reaction to proceed, but sufficiently low that an 
improvement in octane-barrel results. 

Additional tests were performed to illustrate the ad 
vantage of the dehydrocyclization pressure range of this 
invention in terms of octane-barrel impovement when 
employing a dehydrocyclization catalyst comprising 0.375 
weight percent platinum, 0.9 weight percent chlorine and 
0.25 weight percent germanium on alumina. The feed to 
the dehydrocyclization phase was 82.6 RON naphtha from 
an acid platinum catalyst naphthene aromatization phase 
operated at 400 p.s. i.g. The results of the dehydrocycliza 
tion tests are presented in the following table. 

C+ 
Tem- yield, 

perature Pressure volume RON, Octane 
Test ( F.) LHSW (p.s.i.g.) percent 1 clear barrel 

900 ... 4 50 85.07 i01. 86.26 
900 I, 55 250 86.03 96.58 83, Og 
95 1.45 50 8.90 103.75 84.97 
95 1.55 250 S3.28 00.94 84.06 
925 69 150 81.41 104.22 84.84 

6--------- 925 50 250 82.2 101.90 83.6 
u-a- 

Based on naphtha charge to first phase. 
In the above table, tests 1 and 2, 3 and 4, and 5 and 

6 are paired according to temperature. In each pair of 
tests, one test was operated at a relatively high pressure 
(above the dehydrocyclization range of the invention) 
and the other at a relatively low pressure (within the de 
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hydrocyclization range of the invention). In each pair of 
tests, the test performed at the lower pressure produced 
the highest octane-barrel value. The above table shows 
that when a platinum dehydrocyclization catalyst is em 
ployed, operation in the pressure range of this invention 
results in highest octane-barrel values. 

in an extension of the above tests, the high pressure 
first platinum phase was tested at 250 p.s. i. instead of 400 
p.s. i. and naphthene aromatization was accomplished to 
nearly the same extent as at 400 p.s. i. However, at 250 
p.s.i. the extent of carbon formation on the catalyst is 
greater than at 400 p.s. i. Therefore, although the platinum 
high pressure phase can operate at pressures as low as 
225, pressures above 250 or 300 p.s. i. are advantageous 
in lengthening catalyst cycle life for the high pressure 
phase. In this manner, frequent catalyst regenerations are 
required for the dehydrocyclization phase only of this 
invention, in which phase catalyst cycles are about one to 
three days. In contrast, catalyst cycles for the high pres 
Sure phase can extend to six months by using the recom 
mended high pressures. 
We claim: 
1. A process for reforming a gasoline range feed to in 

crease the Research, Clear, octane number of said feed to 
101-- from a lower number, said feed containing Cs C. 
and Ca and also C9 and Co naphthenes and paraffins in 
which substantially all naphthene aromatization occurs 
in a first phase and substantially all paraffin aromatization 
occurs in a second phase comprising passing said feed 
through a naphthene aromatization catalyst phase to de 
hydroisomerize Cs through Co naphthenes to aromatics, 
passing the effittent from the naphthene aromatization 
phase containing the aromatics together with feed C6, C7 
and Ca paraffins and also the feed C and Co paraffins 
through a paraffin dehydrocyclization catalyst phase under 
conditions which are favorable to the production of C 
plus C10 aromatics but are not favorable to the production 
of Cs plus C aromatics wherein the pressure is less than 
200 p.s. i., the effluent from said dehydrocyclization phase 
having a higher octane-barrel value based on said feed 
than the effluent from said naphthene aromization phase, 
sufficient C6 and C paraffins being present so that if they 
were selectively dehydrocyclized to aromatics the effiuent 
from the said dehydrocyclization phase would have a 
lower octane-barrel value based on said feed than the 
effluent from said naphthene aromatization phase. 

2. The process of claim wherein the dehydrocycliza 
tion catalyst comprises chromia or molybdena. 

3. The process of claim wherein the naphthene aroma 
tization catalyst comprises platinum. 

4. The process of claim wherein 75 to 95 percent of 
the naphthenes are converted in the naphthene aromatiza 
tion phase. 

5. The process of claim wherein the temperature drops 
across each reactor of both phases. 

6. The process of claim 1 wherein said gasoline range 
feed is a straight run or cracked naphtha. 

7. The process of claim 1 wherein said gasoline range 
feed contans 5 to 20 percent aromatics, 20 to 70 percent 
paraffins, with the remainder being naphthenes. 

8. The process of claim 5 wherein the dehydrocycliza 
tion catalyst comprises platinum. 

9. The process of claim 1 wherein the C and Co paraf 
fins are substantially undiminished by hydrocracking in 
the naphthene aromatization phase. 

10. The process of claim a wherein the conditions in 
the dehydrocyclization catalyst phase substantially avoid 
dealkylation of Clo aromatics. 

11. A process for reforming a gasoline range feed to 
increase the Research, Clear, octane number of said feed 
to the range of 101 to 107 from a lower number, said 
feed containing C6, C7 and Ca and also Ca naphthemes 
and paraffins in which substantially all naphthene aro 
matization occurs in a first phase and substantially all 
paraffin aromatization occurs in a second phase compris 
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ing passing said feed through a naphthene aromatization 
catalyst phase to dehydroisomerize the Cs through C 
naphthenes to aromatics, passing the effluent from said 
naphthene aromatization phase containing said aromatics 
together with the feed C6, C and C paraffins and also 
the feed Cs paraffins through a paraffin dehydrocycliza 
tion catalyst phase under conditions which are favorable 
to the production of C aromatics but are not favorable 
to the production of Cs plus C aromatics wherein the 
pressure is less than 200 p.s. i., the effluent from said de 
hydrocyclization catalyst phase having a higher octane 
barrel value based on said feed than the effluent from said 
naphthene aromatization phase, sufficient C6 and C paraf 
fins being present so that if they were selectively dehydro 
cyclized to aromatics the effluent from said dehydrocycli 
zation phase would have a lower octane-barrel value based 
on said feed than the effluent from said naphthene aroma 
tization phase. 

12. The process of claim 11 wherein the dehydrocy 
clization catalyst phase pressure is less than 50 p.s.i. 

13. The process of claim 11 wherein the dehydrocycli 
zation catalyst phase pressure is less than 25 p.s.i. 

14. The process of claim 11 wherein the naphthene aro 
matization phase catalyst comprises platinum. 

15. The process of claim 11 wherein the dehydrocycli 
Zation catalyst is chromia and the pressure in the dehydro 
cyclization catalyst phase is less than 100 p.s.i. 

16. The process of claim 11 wherein the dehydrocycli 
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zation catalyst is platinum and the pressure in the dehydro 
cyclization catalyst phase is less than 175 p.s.i. 

17. The process of claim 11 wherein in the dehydrocy 
clization catalyst phase the inlet temperature is 950 to 
1000 F. and the hydrogen to hydrocarbon mole ratio is 
2 or higher. 
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