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duction unit and maintain liquid fuel production at
near nameplate capacity.
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HYBRID PLANT FOR LIQUID FUEL PRODUCTION AND METHOD FOR OPERATING IT
WHERE A GASIFICATION UNIT IN THE HYBRID PLANT IS OPERATING AT LESS THAN

ITS DESIGN CAPACITY OR IS NOT OPERATIONAL

BACKGROUND OF THE INVENTION

Field of the Invention

[0001] The present invention relates to the production of liquid fuels, and
more particularly to a hybrid plant for low cost production of liquid fuels from
hydrogen and carbon monoxide containing streams using light fossil fuel (for e.g.
methane, natural gas, liquefied petroleum gas, naphtha), and solid feedstock such

as biomass, coal, petroleum coke and the like.

Description of Related Art

[0002] Liquid fuels can be produced from solid feedstock materials by first
gasifying the solid feedstock material to form hydrogen and carbon monoxide
containing stream (gasifier-syngas) that is further treated to form desired liquid fuel
product. Typically a single train gasification facility employing known gasifier
technologies such as entrained flow, fixed or moving bed and fluidized bed will
have an annual availability of less than 90%.

[0003] Higher gasifier availabilities are desired to increase product income to
offset the capital cost of the overall project. A second and even a third gasification
unit (two operating and one spare) are included in such projects to improve
overall product availability and project economics. The inclusion of additional
solids processing and gasification trains is capital intensive. In addition,
conventional gasification systems for liquids production are generally designed
with startup/auxiliary boilers to provide steam required for initiating unit
operations such as feedstock drying, gasification where steam is often used as a
moderator to control gasifier temperature, and regeneration of solvent used in acid
gas removal system. These boilers add to the cost of the overall project.

[0004] At design conditions the gasifier-syngas produced from gasification of
solid feedstock material such as coal, biomass, petroleum coke and the like
typically has a molar ratio of hydrogen to carbon monoxide (H,:CO) considerably

less than two, and often less than one. The H,:CO ratio considerably less than two
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is not optimal for converting gasifier-syngas into liquid fuel product such as
Fischer-Tropsch liquids, methanol and the like. To improve liquid fuel product
yield several options are available to adjust the H,:CO ratio in the feed to the
liquid fuel production unit. For example, one approach is to subject the gasifier-
syngas to water gas shift reactions to first increase its H,:CO ratio then convert
into liquid fuel product; another approach is to mix with a hydrogen and carbon
monoxide containing gas that has a higher H,:CO ratio to form a mixture
containing desirable H,:CO ratio; yet another approach is to add hydrogen to
increase H,:CO ratio, yet another approach is some combination of these.

[0005] Liquid fuels can also be produced from light fossil fuels by steam
methane reforming (SMR), autothermal reforming (ATR), combinations of steam
methane reforming and autothermal reforming (also referred to as secondary
reforming) to form a hydrogen and carbon monoxide containing stream (synthesis
gas) that is further treated to form desired liquid fuel product. Typically, such a
light fossil fuel conversion unit containing SMR, ATR or combination of SMR
and ATR will have an annual availability of greater than 98%.

[0006] U.S. Patent 4,407,973 to van Dijk et al. discloses an integrated system
containing two methanol plants. The first methanol plant is designed to use a
hydrogen and carbon monoxide containing gas produced by a steam methane
reformer. The second methanol plant is designed to use two gases, one of which is
the purge gas from the first methanol plant and the other containing hydrogen and
carbon monoxide produced by high temperature partial oxidation of heavy
carbonaceous fuel such as coal. The two plants are designed such that the
methanol output of the integrated system when both plants are operational lies
between 1.45 and 1.75 of the design capacity of the first methanol plant that
employs steam methane reformer. The hydrogen and carbon monoxide containing
gas from steam methane reformer fed to the first methanol plant contains
hydrogen in excess of that required for methanol synthesis reactions. The excess
hydrogen ends up in the purge stream, and has considerably higher hydrogen to
carbon monoxide ratio than in the feed. The second methanol plant in effect is

sized to utilize the purge stream in combination with hydrogen and carbon
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monoxide containing gas produced by high temperature partial oxidation of coal
to output additional methanol between 45 and 75% of the design capacity of the
first methanol plant. When the high temperature partial oxidation unit is
unavailable then the integrated system output is about 57% (1/1.75) or about 69%
(1/1.45) of the integrated system design capacity.

[0007] U.S. Patent 4,443,560 to Le Blanc et al. discloses an integrated system
containing two methanol plants. The first methanol plant is designed to use a
hydrogen and carbon monoxide containing gas produced by a steam methane
reformer. The purge gas from the first methanol plant is first treated in a
secondary reformer by contacting with steam and oxygen in the presence of
reforming catalyst and then passed on to the second methanol plant. The second
methanol plant uses this treated (reformed) purge gas as well as a hydrogen and
carbon monoxide containing gas produced by high temperature partial oxidation
of heavy carbonaceous fuel such as coal. It also discloses that if the first methanol
plant is not present or a first methanol plant is not desired then the hydrogen and
carbon monoxide containing gas leaving the steam methane reformer is passed
directly to a secondary reformer and treated with oxygen and steam in the
presence of reforming catalyst. The effluent from the secondary reformer is
cooled and subjected to condensate removal, then mixed with hydrogen and
carbon monoxide containing gas produced by high temperature partial oxidation
of heavy carbonaceous material such as coal. The resulting mixture is then fed to
the second or the only methanol plant.

[0008] U.S. Patent 7,863,341 B2 to Routier describes an integrated process for
producing hydrogen and carbon monoxide containing gases from two sources to
form a gas containing optimum hydrogen to carbon monoxide ratio for use as feed
in the Fischer-Tropsch process. The first source such as coal, peat, bitumen has
low hydrogen to carbon ratio. This first source is contacted with oxygen in a
gasifier to produce syngas that has a ratio of hydrogen to carbon monoxide
typically between 0.5:1 and 0.8:1. The second source such as natural gas, coal bed
methane gas has high hydrogen to carbon ratio. The second source is reacted with

steam in a steam methane reformer (SMR) to produce syngas that has a ratio of
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hydrogen to carbon monoxide typically between 5:1 and 6:1. The syngas from the
gasification unit and the SMR are combined in appropriate proportions to form
Fischer-Tropsch process feed gas that has a ratio of hydrogen to carbon monoxide
of about two.

[0009] U.S. Publication 2011/0218254 A1 to Chakravarti ¢t al. discloses
process configurations to produce feed gas for producing Fischer-Tropsch liquids,
ethanol, etc. The feed gas is formed by mixing appropriate proportions of
hydrogen and carbon monoxide containing streams from gasification of solid
feedstock and reforming of light fossil fuels and hydrocarbon containing
byproduct streams from the liquid fuel production unit. In some configurations the
effluent from the gasification of solid feedstock is subjected to partial oxidation to
convert heavier hydrocarbons into at least hydrogen and carbon monoxide.

[0010] The need continues to exist for a liquid fuel production method and
plant that increases product income to offset the capital cost of the overall project.
It is an object of the present invention to produce liquid fuel product from
hydrogen and carbon monoxide containing gas formed by converting solid
feedstock using oxygen and by converting light fossil fuels using oxygen to
provide improved product availability and project economics.

[0011] It is also an object of the invention to maintain liquid fuel production
at near nameplate capacity under a variety of conditions, including when solid
feedstock conversion unit is not operational or operating at below the nameplate
capacity. Equipment utilization and productivity is maximized by maintaining the
liquid fuel production within acceptable ranges of design capacity. Project cost is
reduced by achieving high availability without extra equipment such as spare
gasifiers.

[0012] Other objects and aspects of the present invention will become
apparent to one of ordinary skill in the art upon review of the specification,

drawings and claims appended hereto.
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SUMMARY OF THE INVENTION

[0013] According to an aspect of the invention a method and a hybrid plant is
provided for producing liquid fuel product from solid feedstock materials and
light fossil fuels at near nameplate capacity under a variety of conditions.

[0014] The hybrid plant comprises a gasification unit for converting solid
feedstock materials to hydrogen and carbon monoxide containing syngas from
here-on referred to as gasifier-syngas, a light fossil fuel conversion unit using
either an auto thermal reformer (ATR) or combination of steam methane reformer
(SMR) and autothermal reformer (ATR) for converting light fossil fuels to
hydrogen and carbon monoxide containing gas from here-on referred to as Hp-rich
syngas, and a liquid fuel production unit containing Fischer-Tropsch reactor or
methanol reactor or the like and associated product upgrading system for
converting hydrogen and carbon monoxide containing gas into liquid fuel product.
The gasification unit, the light fossil fuel conversion unit, and the liquid
production unit are sized to enable production of liquid fuel product at near
nameplate capacity.

[0015] The method includes: forming a hydrogen and carbon monoxide
containing gasifier-syngas by gasifying solid feedstock using oxygen; forming a
hydrogen and carbon monoxide containing H,-rich syngas by subjecting light
fossil fuels to steam reforming and partial oxidation reactions using oxygen;
producing a liquid fuel product from gasifier-syngas and/or H,-rich syngas
wherein the H,-rich syngas provides at least 50% of the hydrogen plus carbon
monoxide and less than 80% of the carbon monoxide feed to the liquid fuel
production unit during normal operations, that is when both gasifier-syngas and
H,-rich syngas are available at design flow.

[0016] When reduced amount of gasifier-syngas is available from the
gasification unit in the hybrid plant, then light fossil fuel feed to the light fossil
fuel conversion unit is increased; oxygen input to the autothermal reformer in the
light fossil fuel conversion unit is increased by diverting at least a portion of the
gasification unit oxygen feed; the light fossil fuel conversion unit steam to carbon

ratio is decreased; Hy-rich syngas produced in the light fossil fuel conversion unit
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with or without mixing with gasifier-syngas from the gasification unit is fed to the
liquid fuel production unit to produce a liquid fuel product at a production rate
between 70% to 110% of the hybrid plant design production rate.
[0017] According to another aspect of the invention oxygen input to the
autothermal reformer is increased by diverting at least 10% of the design value of
the gasification unit oxygen feed.
[0018] According to yet another aspect of the invention a CO, stream is
recycled to the autothermal reformer.
[0019] According to yet other aspects of the invention when reduced amount
of gasifier-syngas is available from the gasification unit then one or more of
following adjustments are made:

- the light fossil fuel conversion unit steam to carbon ratio is decreased
to a value greater than 1.8 when the light fossil fuel conversion unit contains a
steam methane reformer coupled to a downstream autothermal reformer, or to a
value greater than 0.4 when the light fossil fuel conversion unit contains only an
autothermal reformer

- the light fossil fuel feed is increased such that the autothermal
reformer discharge gas flow at operating temperature and pressure (actual
volumetric flow rate for e.g. actual cubic feet per hour) does not exceed a design
value

- the light fossil fuel feed is increased such that flow rate of H,-rich
syngas leaving a CO; removal unit in fluid communication with the light fossil
fuel conversion unit does not exceed a design value

- the oxygen input to the light fossil fuel conversion unit is increased
such that the autothermal reformer discharge gas temperature does not exceed a
design value

- the additional light fossil fuel feed to the light fossil fuel conversion
unit is introduced into an autothermal reformer

- the additional light fossil fuel feed to the light fossil fuel conversion
unit is introduced into a steam methane reformer coupled to a downstream

autothermal reformer in the fossil fuel conversion unit
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- the additional light fossil fuel feed to the light fossil fuel conversion
unit is divided into two streams, where the first stream is fed to a steam methane
reformer coupled to a downstream autothermal reformer in the light fossil fuel
conversion unit, and the second stream is fed directly to the downstream
autothermal reformer

- a portion of the H,-rich syngas is further treated to recover hydrogen
product.

- the oxygen diverted from the gasification unit to the light fossil fuel
conversion unit is from an air separation unit within the hybrid plant or from an

air separation unit external to the hybrid plant.

BRIEF DESCRIPTION OF THE FIGURES

[0020] The objects and advantages of the invention will be better understood
from the following detailed description of the preferred embodiments thereof in
connection with the accompanying figures wherein like numbers denote same
features throughout and wherein:

[0021] Figure 1 is a block diagram of the hybrid plant;

[0022] Figure 2 is a flow diagram of a light fossil fuel conversion unit
containing autothermal reformer (ATR);

[0023] Figure 3 is a flow diagram of an alternate light fossil fuel conversion
unit containing a steam methane reformer (SMR) coupled to a downstream

autothermal reformer.

DETAILED DESCRIPTION OF THE INVENTION

[0024] The following description will refer to embodiments in which
hydrogen and carbon monoxide containing streams produced from gasification of
solid feed material and from reforming of light fossil fuel are further treated to
produce liquid fuels such as alcohols, Fischer Tropsch liquids, gasoline, diesel and
the like.

[0025] As used herein, “solid feed material,” “solid feedstock,” “solid

carbonaccous feed material,” and “carbonaceous feed material” are used
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interchangeably and refer to biomass, coal of any rank (including anthracite,
bituminous, and lignite), coke produced from coal of any rank, petroleum coke, or
bitumen.

[0026] As used herein, “biomass” refers to algae or material containing any of
cellulose or hemicellulose or lignin, including but not limited to Municipal Solid
Waste (MSW), wood (including cut timber; boards, other lumber products, and
finished wooden articles, and wood waste including sawdust), and vegetable
matter such as grasses and other crops, as well as products derived from vegetable
matter such as rice hulls, rice straw, soybean residue, corn stover, and sugarcane
bagasse.

[0027] As used herein, “light fossil fuel” refers to product useful as fuel that is
either found in deposits in the earth and used in the form as found, or produced by
separatory and/or chemical processing of product that is found in deposits in the
carth. Examples of light fossil fuel include natural gas, refinery off-gas, naphtha,
liquefied petroleum gases, some combination thereof.

[0028] As used herein, “product fuel” also referred to as “liquid fuel product”
means hydrocarbon material (which includes oxygenated hydrocarbon material)
useful as fuel and containing product selected from the group consisting of
alkanes liquid at 25°C and atmospheric pressure, alkanols liquid at 25°C and
atmospheric pressure, and mixtures thereof.

[0029] As used herein, “gasifier-syngas” refers to the hydrogen and carbon
monoxide containing stream produced in a gasification unit.

[0030] As used herein, “Hp-rich syngas” refers to the hydrogen and carbon
monoxide containing stream produced in a light fossil fuel conversion unit.

[0031] As used herein, “gasification unit” includes one or more parallel
gasification trains, where a gasification train includes a gasifier employing known
gasifier technology as well as high temperature (> 200°F) unit operations
associated with a typical gas conditioning unit.

[0032] As used herein, “light fossil fuel conversion unit” includes an
autothermal reformer (ATR) and/or ATR coupled with a steam methane reformer

(SMR).
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[0033] As used herein, “liquid fuel production unit” refers to the system that
produces liquid fuel product from hydrogen and carbon monoxide containing gas.
In addition to the catalytic reactors used to synthesize the liquid fuel product, the
liquid fuel production unit may include a separation/upgrading/refining section.
[0034] As used herein “design production rate” refers to the rate of liquid
fuels production when the gasification unit, the light fossil fuel conversion unit,
the liquid fuel production unit, as well as any other unit in fluid communication
with one or more of these units are all operational and operating at design
capacity.

[0035] As used herein, “hybrid plant” refers to a plant containing a
gasification unit for producing gasifier-syngas from solid feedstock, a light fossil
fuel conversion unit for producing Hy-rich syngas from light fossil fuels, and a
liquid fuel production unit for converting hydrogen and carbon monoxide derived
from gasifier-syngas and/or H,-rich syngas into liquid fuel product wherein the
light fossil fuel conversion unit provides at least 50% of the hydrogen plus carbon
monoxide and less than 80% of the carbon monoxide fed to the liquid fuel
production unit when both gasification unit and light fossil fuel conversion unit
are operating at their design conditions to produce liquid fuel product at the
design production rate.

[0036] As used herein “near nameplate capacity” refers to the rate of liquid
fuels production in the range of 70% to 110% of the hybrid plant design
production rate, where “nameplate capacity” refers to approximately 100% of the
hybrid plant design production rate.

[0037] As used herein “volumetric gas flow” refers to actual volumetric gas
flow at operating temperature and pressure.

[0038] In the following description, disclosure of “treatment of a stream”,
such as disclosure that a stream is reacted or otherwise processed, or that a stream
is fed to a processing step or is combined with another stream, is intended to
include the indicated treatment of all or less than the entire stream, except where

indicated otherwise herein.
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[0039] With reference to Figure 1, hybrid plant 100 includes a gasification
unit 2, a gas conditioning unit 4, a light fossil fuel conversion unit 6, a liquid fuel
production unit 8, an optional carbon dioxide (CO;) removal unit 5, and an air
separation unit 3 (optionally an offsite supply by pipeline). Solid carbonaceous
feed material 10 is reacted with oxygen 12 and steam 14 in the gasification unit to
produce a gaseous stream 24 which contains at least hydrogen and carbon
monoxide and which typically also contains other substances such as carbon
dioxide, water vapor, hydrocarbons (including methane), particulate matter, and
sulfur and nitrogen containing species. The sulfur and nitrogen containing species,
volatilized tars (if any), particulate matter and at least a portion of carbon dioxide
present in stream 24 is removed in gas conditioning unit 4 to form gasifier-syngas
stream 26. Light fossil fuel 18, steam 20 and oxygen 16 are processed in light
fossil fuel conversion unit 6 to form synthesis gas stream 27. A portion of the
CO; is removed from synthesis gas 27 in CO, removal unit 5 as stream 29. All or
part of the CO,-rich stream 29 can be used elsewhere in the process, ¢.g.
gasification unit 2 (stream 29a), light fossil fuel conversion unit 6 (stream 29b), or
upgraded for external use or sequestration. Gasifier-syngas stream 26 and H,-rich
syngas stream 28 are mixed to form stream 30, and converted in liquid production
unit 8 to form liquid fuel product 32. Optionally, portions or all of steams 26 and
28 can be fed to unit 8 separately. The Air separation unit 3 generally, is an on-
site cryogenic distillation unit that produces oxygen at high pressure and greater
than 98 mole% purity for use in the gasification unit and the fossil fuel conversion
unit. Optionally, oxygen can be supplied from an adsorption based unit or from a
pipeline in fluid communication with one or more cryogenic air separation units.
[0040] Gasification unit 2 may comprise one gasifier or a plurality of gasifiers
connected in parallel. Gasifiers for different types of carbonaceous feed materials,
e.g. coal, petcoke, biomass, are well known in the art. A hydrogen and carbon
monoxide containing stream 24 is generated by breakdown of the solid
carbonaceous feed material 10 under conditions such that there is not a complete

oxidation to water and carbon dioxide. The stream 24 produced from gasification

-10 -
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of solid carbonaceous feed material typically contains hydrogen and carbon
monoxide at a molar ratio less than 1.5:1 and generally less than 1:1.

[0041] As stream 24 typically includes impurities that need to be removed
prior to feeding stream 26 to liquid production unit 8 as described below, stream
24 is preferably treated in gas conditioning unit 4 to remove impurities.
Depending on the feedstock, type of gasifier and gasifier operating conditions the
impurities may include particulates, tars, acid gases such as CO,, ammonia, sulfur
containing species, and other inorganic substances such as alkali compounds.
Impurities may be removed in one unit operation or in a series of unit operations
to remove specific contaminants. Gas conditioning unit 4 employs known
technologies such as: scrubbers, cyclones and filters to remove particulates; COS
hydrolysis units for conversion of COS to H,S; acid gas removal technologies to
remove sulfur compounds and/or CO,; adsorbent beds for reducing impurities to
very low levels. The gas conditioning unit 4 also includes any required cooling to
ready the gasifier syngas for treatment in the acid gas removal or other
conditioning units. Generally, steam is produced in a portion of the gas cooling
section for use in other parts of the process. Details are not shown, but should be
obvious to those skilled in the art. Use of a high temperature gasifier, e.g.
entrained flow gasifier, where the gasifier-syngas exits the gasification section of
the gasifier at >1500°F and generally > 1800°F (note: temperatures leaving
quench and/or heat recovery sections can be much lower than 1500°F), reduces
the complexity of gas conditioning unit 4. In particular, tar and methane content
of gasifier-syngas from a high temperature gasifier tends to be quite low to non-
existent. In this situation, the gas conditioning unit 4 may primarily entail
cooling/heat recovery, COS hydrolysis, acid gas removal and adsorbent beds for
polishing removal of sulfur and other contaminants to levels acceptable for liquid
synthesis catalysts. For the case of multiple gasification trains, each train will
include a gasifier as well as high temperature (>200°F) unit operations associated
with the gas conditioning section. This includes scrubbers, cyclones and filters to
remove particulates; COS hydrolysis units for conversion of COS to H,S as well

as the heat recovery section. It is typical to have a common acid gas removal

-11 -
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system for sulfur and CO; removal as well as adsorbent beds for polishing
removal of sulfur and other contaminants to levels acceptable for liquid synthesis
catalysts.

[0042] The resulting conditioned gaseous stream 26 from gas conditioning
unit 4 contains at least hydrogen and carbon monoxide in a molar ratio of
hydrogen to carbon monoxide considerably less than two. The exact composition
can vary widely depending on the solid carbonaceous feed material, gasifier type
and gasifier operating conditions. Generally the molar ratio of hydrogen to
carbon monoxide is less than about 0.6 in gasifier-syngas from coal or petcoke,
and less than 1.2 in gasifier-syngas from biomass. Before stream 26 is fed to
liquid fuel production unit 8, it is combined with stream 28 that contains hydrogen
and carbon monoxide formed in light fossil fuel conversion unit 6.

[0043] Air separation unit 3 typically is an on-site cryogenic distillation unit
that supplies oxygen to the gasification unit 2. Ambient air is compressed, purified
to remove impurities, cooled, and distilled at cryogenic temperatures using known
technologies. Liquid oxygen is withdrawn from distillation column, pumped to
elevated pressure, vaporized and superheated. The air separation unit 3 may
contain one or more trains of equipment such as for feed air compression,
purification, heat exchange, cryogenic distillation, liquid oxygen pumping, etc.
The air separation unit can be designed to supply high pressure high purity
oxygen to both gasification unit and light fossil fuel conversion unit. Oxygen may
be provided at a single high pressure or different pressures to satisfy gasification
unit 3 and light fossil fuel conversion unit 6 requirements.

[0044] Light fossil fuel conversion unit 6 processes light fossil fuel 18, steam
20, oxygen 16 to produce hydrogen and carbon monoxide containing gas stream
27. By-product fuel gas 36 may also be an input to the light fossil fuel conversion
unit. Options for the light fossil fuel conversion unit include, autothermal
reformer (ATR), or a combination such as a SMR coupled to a downstream ATR
(also known as an SMR with secondary reformer). Figure 2 shows a preferred
configuration employing an ATR, and Figure 3 shows another preferred

configuration employing a SMR coupled to a downstream ATR. Stream 27
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typically contains hydrogen, carbon monoxide, carbon dioxide, water vapor,
methane and inerts such as nitrogen, argon. The composition of stream 27, and in
particular the ratio of hydrogen to carbon monoxide, primarily depends on the
type of fossil fuel conversion unit, ratio of steam to carbon fed to unit 6, gas
temperature leaving the light fossil fuel conversion reactor and the amount of CO;
being fed to unit 6. A portion of the carbon dioxide in stream 27 can be optionally
removed in unit 5. The carbon dioxide removal process can be carried out using
commercially available technologies such as those employing a physical solvent
(e.g. methanol) or a chemical solvent (alkanolamine), or which employ physical
adsorbent technology such as a PSA or VPSA. When the gasifier is operational,
a portion or all of CO,-rich stream 29 may be sent to the gasification unit 2. All
or a portion of the CO,-rich stream may also be used within the light fossil fuel
conversion unit 6.

[0045] Stream 28 typically has hydrogen to carbon monoxide ratio of greater
than about 1.8:1. The exact ratio is adjusted based on the type of liquid fuel being
synthesized in liquid fuel production unit 8 as well as the operating status of the
gasifier, ¢.g. operating at design conditions or partially operating or shut down.
Stream 28 is combined with stream 26 to form stream 30 that contains hydrogen
and carbon monoxide in a molar ratio of at least 1.6:1. Stream 30 fed to a liquid
fuel production unit 8 producing Fischer-Tropsch liquids contains hydrogen and
carbon monoxide in a ratio that is generally in the range of 1.6:1 to 2.2:1. Stream
30 fed to a liquid fuel production unit 8 producing methanol contains hydrogen,
carbon monoxide and carbon dioxide such that the (H,-CO,)/(CO+CO,) ratio is in
the range of 2 to 2.4. Depending on the ratio of CO to CO,, the H,/CO ratio is
typically in the range of 2.2 to 3.6.

[0046] When the gasification unit 2 is operating at design capacity, the light
fossil fuel conversion unit 6 is operated such that hydrogen to carbon monoxide
ratio of stream 28 is greater than 2.2:1. For feeding to a liquid fuel production
unit producing FT liquids, the hydrogen to carbon monoxide ratio is preferably in

the range of 2.2:1 to 4:1, and for feeding to a liquid fuel production unit producing
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methanol, the hydrogen to carbon monoxide ratio is preferably in the range of
3.5:1 to 5:1.
[0047] When the gasification unit is not operational, the light fossil fuel
conversion unit 6 operating conditions are adjusted such that hydrogen to carbon
monoxide ratio of stream 28 for producing FT liquids is in the range of 1.6:1 to
2.2:1 or for producing methanol is in the range of 2.2:1 to 3.6:1.
[0048] When the gasification unit is operating at part capacity, the operating
conditions in the light fossil fuel conversion unit 6 are adjusted such that
hydrogen to carbon monoxide ratio of stream 28 is in the range between those
described above.
[0049] With reference to Figure 2, the light fossil fuel conversion unit 6
contains an autothermal reformer 64 that has a first reaction zone formed by a
burner (not shown). Exothermic oxidation reaction releases heat that gets
consumed in subsequent endothermic reforming reactions. An example of
exothermic reaction that occurs in the first reaction zone is:

CH,4 +20, <=> CO,+ 2H,0
[0050] The resultant intermediate product from the first reaction zone then
passes to a catalyst bed below the burner reforming and water gas shift reactions
take place. The overall reactions are typically defined by the following:

CH,; + H,O <=> CO + 3H;

CO, +H, <=>CO +H,0

CH4 + CO, <=>2CO + 2H;
[0051] The exothermic oxidation reactions provide the energy necessary to
drive steam reforming reactions over the catalyst in the autothermal reformer. No
external heating is provided. Any supported catalyst active for steam reforming
may be used. For instance, Group VIII metals (i.e. Fe, Co, Ni, Ru, Rh, Pd, Os, Ir,
Pt) may be loaded onto ceramic or metal-based supports, such as pellets, shaped
particles, honeycomb monoliths, foam monoliths, or corrugated foil monoliths. A
bed of Ni-loaded ceramic shaped particles could be used. The catalyst bed could
include a metal, corrugated foil monolith as a support for one or more noble metal

catalysts (e.g. Pt, Pd, Rh, Ru).
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[0052] Natural gas 18, containing a small amount of hydrogen from stream 86
or from hydrogen-containing byproduct gas stream 36, is heated in a fired heater
60 prior to desulfurization in hydrotreater 62 and sulfur guard bed 63, which
typically contains adsorbents like ZnO and/or CuO. Superheated steam is added
as stream 20 to the desulfurized process gas stream, which is then further heated
in the fired heater to temperatures up to about 1000°F prior to entering a pre-
reformer 66. If hydrogen-containing byproduct gas stream 36 from liquid fuel
production unit 8 is also supplied as feed to the light fossil fuel conversion unit 6
then stream 36 is also preheated in the fired heater 60 prior to introducing in the
pre-reformer 66. The pre-reformer is an adiabatic catalyst filled reactor that
reforms and converts heavy hydrocarbons (C2+) to methane, hydrogen and CO.
In addition, a small amount of methane is also reformed. As a result of reforming,
the temperature leaving the pre-reformer is generally lower than the feed
temperature. The partially reformed gas is re-heated to temperatures up to about
1100°F prior to entering the autothermal reformer 64. All or a portion of CO,
stream 29 from the CO, removal unit 5 shown in Figure 1 can be added directly
to the heated partially reformed gas prior to entering the fired heater 60, or
entering the pre-reformer 66 or added with the oxygen stream 16 entering the
ATR.

[0053] When the gasification unit is operating at reduced capacity or is not
operational then less than design quantity of oxygen is needed in the gasification
unit. The oxygen from air separation plant that would have been fed to the
gasification unit becomes available. At least some of this available oxygen can be
routed to light fossil fuel conversion unit to increase oxygen feed to ATR. To
maintain liquid fuel production at a desired rate, flow of light fossil fuel feed to
the ATR is increased to produce more H,-rich syngas and compensate for reduced
gasifier-syngas flow available from the gasification unit. The ATR is also
operated differently under this scenario.

[0054] The light fossil fuel conversion unit 6 is designed for flow rates of
steam 20 that correspond to a steam to carbon ratio (S/C) generally in the range of

about 1 to 3. The preferred design value of steam to carbon ratio when the
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hydrogen and carbon monoxide containing gas from the light fossil fuel
conversion unit is used to make FT liquids is in the range of about 1 to 2, and
when methanol is the desired liquid fuel product then the preferred design value
of steam to carbon ratio is in the range of about 2 to 3. Under certain conditions
such as when the gasification unit 2 is operating at reduced capacity or is not
operational, the flow rate of steam 20 can be adjusted to lower the S/C ratio
approaching a design value of about 0.4 to allow for production of H,-rich syngas
stream 28 having a H,:CO ratio near that required by the liquids synthesis
technology (1.6:1 — 2.2:1 for FT liquids and 2.2:1 — 3.6:1 for methanol).

[0055] The ATR is designed for temperature of gas leaving ATR to be about
1700°F (+/- 150°F) when the hybrid plant is operating at design conditions. When
the gasification unit is unavailable, then the ATR exit temperature is allowed to
approach the upper limit of ATR operations ~1900°F. Depending on the liquid
fuel product type, all or a portion of the CO, stream 29 is returned to the ATR
when the gasification unit is not operating or operating below design capacity.
[0056] Heat can be recovered from the gas leaving the ATR in various ways.
Figure 2 provides one illustration. Hot syngas from the ATR is sent to a first
process gas boiler 67, which generates wet steam at pressures in excess of 1100
psia. Syngas exiting the high pressure boiler is then sent to a high pressure steam
superheater 68, which increases the temperature of high pressure steam from the
saturation temperature of ~550°F to ~1000°F. The syngas is sent to a second
steam superheater 69 to superheat medium pressure (~750 psig) saturated steam to
about 680°F. The syngas then enters a third superheater 70, which increases the
temperature of ~185 psig saturated steam to about 560°F. The syngas is
subsequently sent to a second process gas boiler 71 where wet steam at around
750 psig is produced. Though not shown, wet steam leaving each of the boilers is
sent to a corresponding steam drum where saturated steam is separated from the
water and superheated in the aforementioned superheaters. The water for the
steam drums is provided by boiler feed water (BFW) streams preheated in various
BFW heaters. For the case discussed in Figure 2, a portion of the high pressure

superheated steam is available for power generation. A portion or all of
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superheated steam at 750 psig is used as stream 20 to adjust the S/C ratio in the
ATR. The low pressure (~185 psig) superheated steam is available for other uses
within the hybrid plant. Steam can be exported to other users if an appropriate
user is within a reasonable distance of the hybrid plant.

[0057] Typically, greater than 80% of stream 80 exiting the second process
gas boiler 71, is sent as stream 82 to a boiler feed water (BFW) heaters 72 and 73
to preheat BFW and then to heat demineralized water, which is subsequently sent
to a deaerator (not shown in FIG 2). Syngas exiting the demin water heater 74 is
sent to a phase separator (not shown in FIG 2) to remove condensate and then
further cooled with air cooled and/or water cooled heat exchangers 75 and 76.
This is followed by condensate removal in a phase separator, which is not
explicitly shown in FIG 2. Syngas stream 27 leaving the condensate removal step
is sent to CO, removal unit 5 (see Figure 1).

[0058] Depending on the liquid fuel product, the hybrid plant and in particular
the liquid fuel production unit 8 may require H,. For example, if FT liquids are
being synthesized, H; is required in the refining/upgrading step and possibly in
the FT synthesis step. Accordingly, a portion of stream 80, typically less than
20%, is sent as stream 84 to a shift reactor 77. Some superheated steam may be
added prior to the shift reactor. Due to the exothermic nature of the water gas
shift reaction, temperature of the syngas leaving the shift reactor is typically at
around 800°F versus around 600°F at the inlet. The syngas is sent to another
BFW heater 78. This is followed by condensate removal (phase separator not
explicitly shown in FIG 2), cooling in air-cooled and /or water-cooled heat
exchangers 79 and 90 and another condensate removal step (phase separator not
shown in FIG 2). The syngas is sent to a PSA unit 91, which produces H, stream
86. This can be used within the hybrid plant or exported. Preferably, most of the
H, thus produced is used within the hybrid plant. PSA tail gas can be used as a
fuel in the fired heater 60. Other fuels such natural gas or mixtures of by-product
gases from the liquid fuel production unit can be used as needed to provide the

energy needed for heating the various streams in the fired heater. The fired heater
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can also provide heat for boiler feed water heating and for demineralized water
heating prior to de-acrating.

[0059] Figure 3 is another configuration of a light fossil fuel conversion unit 6
that couples a steam methane reformer 602 to a downstream autothermal reformer
604. Natural gas 18 is converted in the light fossil fuel conversion unit 6 to
produce hydrogen and carbon monoxide containing synthesis gas 27. Natural gas
is shown simply for purposes of illustration in that light fossil fuel conversion unit
6 could be designed to process any other type of hydrocarbon containing stream
such as naphtha or refinery offgases or some combination thereof. Natural gas 18
is divided into SMR feed stream 610 and SMR fuel stream 644. The SMR feed
stream 610 after a small quantity of hydrogen addition contained in stream 36 or
some other source is heated and desulfurized in desulfurization unit 614 using
known technologies such as hydrotreatment and sulfur guard bed (for e.g. zinc
oxide bed) to remove any sulfur containing species present. Optionally all of
stream 36 may be processed with natural gas feed stream 18 to form stream 610,
or a portion processed with natural gas feed stream 18 to form stream 610 and
remaining with natural gas fuel stream 644 to form stream 645. The desulfurized
feed gas stream 618 is combined with a first superheated steam stream 624 to
form a reactant stream 626 that is heated in 648 and then introduced into the
reactor tubes 640 of steam methane reformer 602. Optionally stream 626 that is
heated in 648 could be sent to a pre-reformer with subsequent reheating in
convection section 634 prior to entering unit 602 (not shown.).

[0060] Steam methane reformer (SMR) 602 includes a reactor section 632 and
a convective section 634. As illustrated, burners 636 fire into reactor section 632
to heat reactor tubes 640 containing reforming catalyst. Although only two
burners and two reactor tubes are shown in the illustration, as would be known to
those skilled in the art, there would be multiple burners and many reactor tubes in
a steam methane reformer. The fuel for the burners 636 is provided by the natural
gas stream 644 and often by at least a portion of byproduct stream 36 produced in
the liquid production unit 8. Catalyst packed reactor tubes 640 located in the

reactor section of the steam methane reformer are fed with reactant stream 626
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after having been heated in 648. Steam methane reforming reactions, and water-
gas shift reactions occur within reactor tubes 640.
[0061] The overall reactions are typically defined by the following:

CH, + H,0 <=> CO + 3H,

CO; +H, <=>CO + H;0

CH4 + CO, <=>2CO + 2H;
[0062] Steam methane reforming reactions are endothermic and hence, heat is
supplied to the catalyst packed reactor tubes to support the reactions by burners
firing into the reactor (radiant) section of the steam methane reformer. The energy
input needed to carry out endothermic reactions is provided by combusting fuel
stream with air, oxygen, or oxygen-enriched air stream 616. Combustion creates
flue gas stream 646 leaving the radiant section 632. Heat is recovered in
convective section 634, using heat exchangers 648 (to heat stream 626), 650 (to
superheat steam) and 652 (to generate steam), and 692 (to preheat stream 616).
[0063] Conversion of the light fossil fuel stream 18 (e.g. natural gas, methane,
naphtha, liquefied petroleum gases), with steam 624, in SMR 602 results in
gaseous product stream 642 containing hydrogen and carbon monoxide in a molar
ratio (H,:CO) considerably greater than 2:1 and typically greater than 4:1. The
ratio of hydrogen to carbon monoxide in stream 642 depends on the ratio of steam
to carbon in stream 626 and temperature of stream 642 at SMR exit. Increasing
the ratio of steam to carbon fed to SMR 602 increases the ratio of hydrogen to
carbon monoxide in stream 642, but also can increase the overall energy
requirements of the system (taking into account the incremental additional energy
required to produce additional steam that is fed to SMR). Typically SMR product
gas (stream 642) leaves the SMR at a temperature of about 1600 F.
[0064] With reference to Figure 3, stream 642 from SMR 602 that contains
hydrogen, carbon monoxide, carbon dioxide, methane and water vapor is fed to
the burner section 604a of autothermal reformer 604. The ATR is designed to
achieve a reduction in methane content of syngas stream 642 by adding oxygen 16
to provide the heat to raise the temperature of the syngas and further processing

the syngas under adiabatic conditions. Although not illustrated, steam and/or CO,
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may be added to the oxygen stream 16 and/or the oxygen stream 16 could be
preheated prior to being introduced into autothermal reformer 604. Also not
shown is a portion or all of stream 36 that is mixed with stream 18 could be added
to stream 642 preferable after preheating in unit 634.

[0065] ATR (secondary reformer) coupled to an SMR is designed to produce
additional hydrogen and carbon monoxide. Combustible gases in the SMR
product gas react with oxygen, generating heat for facilitating reforming reactions
over a catalyst bed in the ATR in an adiabatic manner. The resulting ATR
product gas 678 exits the autothermal reformer 604 at a temperature of about
1700°F to about 1900°F. Typically gas 642 entering the ATR will have methane
concentrations that range from about 4 mole% (on a dry basis) when exiting SMR
602 at a high temperature, for example about 1600°F to as much as 14 mole% (on
a dry basis) when exiting at a lower temperature, for example 1400°F. The gas
678 exiting the ATR will have methane concentrations typically less than about 1
mole% (on a dry basis). Lower SMR exit temperatures require more oxygen to
achieve the normal ATR exit temperatures due to heat that must be generated to
provide the sensible heat to raise the temperature of gas stream 642 and, more
importantly, to provide the heat to drive the reforming of the higher methane
content in stream 642. The H,:CO ratio drops somewhat as the quantity of
oxygen increases.

[0066] Gas 678 exiting the ATR is generally fed to process gas boiler 662 for
cooling. It is not unusual for a bypass to be included in the design of process gas
boiler 662 for better temperature control. The resulting cooled synthesis gas
stream 686 is used to preheat the light fossil fuel stream 610 in heat exchanger
696 and then further cooled in boiler feed water heater 672, demineralized water
heater 670, and cooler 674 to form synthesis gas 27. As would be apparent to
those skilled in the art, alternate heat exchange arrangements are possible for
recovering heat in hydrogen and carbon monoxide containing gas stream 678.
[0067] A steam generation system is integrated into the light fossil fuel
conversion unit 6 and contains elements known in the art to provide at least some

of the steam needed for steam methane reforming reactions. For example heat
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exchangers 652 and 650 provided within the convective section 634 generate and
superheat steam. A steam stream 654 from a steam drum 656 is superheated
within heat exchanger 650 to produce a superheated steam stream 658.
Depending on superheated steam production rate, stream 658 may be divided into
a first superheated steam stream 624 and an export steam stream 660. Although
not illustrated, the steam generated by a process gas boiler 662 is also superheated
within convective section 634 and then used as part of the makeup of first
superheated steam stream 624 and export steam stream 660. Saturated steam 654
is separated within steam drum 656 from steam containing stream 668 that is fed
to steam drum 656 from boiler 652. Saturated boiler feed water is fed to boiler
652 as stream 666. Steam drum 656 is fed with water 653 heated in boiler feed
water heater 672 and demineralized water heater 670 provides hot water for
deaeration (not shown) through indirect heat exchange with hydrogen and carbon
monoxide containing gas stream 686. Although not illustrated, boiler feed water
heater 670 is fed water pumped from the deaerator .

[0068] Low grade heat remaining in gas 688 after having passed through heat
exchange equipment 662, 696 , 672 and 670 is recovered and/or rejected to
atmosphere using cooler 674 which could be a combination of air cooling and
water cooling.

[0069] During normal operation (i.c. gasifier operating at design capacity) a
minimal amount of oxygen 16 is added to the ATR 604 and the temperature of
stream 678 can range from that for SMR’s, greater than about 1550°F to the upper
region of a secondary reformer (ATR), less than about 1800°F. Resulting H; to
CO ratio in stream 27 is greater than 3:1 and typically greater than 4:1.

[0070] When the gasifier is not operational or operating at less than design
capacity, the firing rate of the SMR (determined by the flows of stream 644 and
616) is held constant. Consequently, the heat exchange performance of the
radiant and convective sections of the SMR 602 remains unchanged. The flow of
light fossil fuel 610 to the reactor section 632 is increased. The amount of steam
being added through stream 624 is adjusted to achieve the desired S/C ratio of the
gas 626 entering the reactor section 632 of the SMR. The desired S/C ratio under
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this condition is usually less than the S/C ratio when gasifier is operating at design
capacity. Consequently, the temperature of stream 642 drops when compared to
the normal operating case. A portion of available oxygen 14, typically used in
gasification unit 2, is diverted to ATR 604 to raise the temperature of stream 678
to at least 1550°F and possibly to as much as 1900°F. The preferred temperature
will generally be in the range of 1700°F to 1900°F. Heat exchange equipment
such as 662 and those downstream of 662 will be designed to manage the variable
heat duties that result from increasing the flow of light fossil fuel 18. Under this
scenario, it is possible to achieve a Hy/CO ratio of less than 3.5:1 and preferably
less than 3.2:1 in stream 27. To achieve H,/CO ratios close to that required for
liquid fuels production when gasification unit syngas capacity is reduced, all or a
portion of the CO,-rich stream 29 recovered from unit 5 is returned to the light
fossil fuel conversion unit 6 to further reduce the H,/CO ratio of stream 27. All or
part of stream 29 can be added to streams 18, 618, and/or 16. Returning CO, will
further reduce the H,/CO ratio of stream 27 to less than 3:1 and possibly less than
2.6:1. If the CO,-rich stream is added through stream 16 to the ATR, the light
fossil fuel feed heater 696, desulfurization unit 614 and heat exchanger 648 do not
need to be oversized for the scenario when gasifier is operating at or below design
capacity.

[0071] Figures 2 and 3 show two configurations of light fossil fuel conversion
unit 6, it is possible to practice variations that are not illustrated. For example the
light fossil fuel conversion unit may contain:

« an SMR and an ATR operating in parallel, each converting light
fossil fuel into hydrogen and carbon monoxide containing streams that may be
combined for liquid fuels production

*  SMR and ATR such that light fossil fuel feed is divided in two
portions, a first portion fed to SMR and a second portion fed to ATR separately or
mixed with SMR product gas.

[0072] The supply of oxygen to gasification unit 2 and light fossil fuel

conversion unit 6 can be from same or different source. Although not illustrated,
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steam may be added to the oxygen stream 16 and/or the oxygen stream 16 could
be preheated prior to being introduced into the autothermal reformer.

[0073] With reference to Figure 1, stream 26 and stream 28 serve as feed to
the liquid fuel production unit 8. These streams can be fed separately or as a
mixed stream 30. Depending on the operating pressure of liquid fuel production
unit 8 streams 26, 28 or 30 may need to be compressed or depressurized (through
a valve or an expander). The liquid fuel production unit employs a catalytic
conversion process, (¢.g. methanol synthesis, Fischer-Tropsch process) to produce
liquid fuel product. Higher pressure gasifiers such as entrained flow technologies
can result in stream 30 pressures sufficient for use in unit § without compression.
If the end-product is a diesel-type of fuel, a single stage of compression may
suffice, and in some cases no compression may be required. For alcohols, (e.g.
methanol, ethanol), 2 — 3 stages of compression may be required. Obviously
compressing the blended stream 30 provides the benefit of a reduction in the
amount of equipment needed for compression versus separately compressing
streams 26 and 28 to the desired pressure.

[0074] Considering Fischer-Tropsch conversion in general, the Fischer-
Tropsch reaction may be carried out in any reactor that can tolerate the
temperatures and pressures employed. The pressure in the reactor is typically
between 300 psia and 1500 psia, while the temperature may be between 400°F
and 700°F. Preferably, the Fischer-Tropsch hydrocarbon synthesis stage is a low
temperature Fischer-Tropsch hydrocarbon synthesis stage. The operating pressure
of the reactor(s) will typically be between 300 psia and 700 psia. The reactor will
thus contain a Fischer-Tropsch catalyst, which could be in particulate form. The
catalyst may contain, as its active catalyst component, Co, Fe, Ni, Ru, Re and/or
Rh. The catalyst may be promoted with one or more promoters selected from an
alkali metal, V, Cr, Pt, Pd, La, Re, Rh, Ru, Th, Mn, Cu, Mg, K, Na, Ca, Ba, Zn
and Zr. The catalyst may be a supported catalyst, in which case the active catalyst
component, ¢.g. Co, is supported on a suitable support such as alumina, titania,
silica, zinc oxide, or a combination of any of these. The preferred embodiment in

this invention uses a Co-based catalyst. For a biomass feedstock, the preferred
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reactor configuration is a fixed bed tubular reactor with the Co-based catalyst
packed in tubes. For coal, the preferred reactor configuration is a slurry bed
reactor where the Co-based catalyst is in particulate form. Fixed bed tubular
reactors, while less preferable, could also be deployed.

[0075] In the Fischer-Tropsch conversion, the hydrogen and carbon monoxide
in stream 30 react under pressure in the presence of a catalyst at reaction
temperature in the indicated range to yield a mixture of alkanols, alkanes, or both,
which may contain 1 to greater than 60 carbon atoms. Water and carbon dioxide
are also produced.

[0076] As the Fischer-Tropsch reaction is exothermic, steam-producing
cooling coils are preferably present in the Fischer-Tropsch reactors to remove the
heat of reaction. This steam can be fed to light fossil fuel conversion unit 6 as
part of the steam reactant in the steam methane reforming reaction or used
elsewhere in the overall process, ¢.g. regeneration of amine solvent, drying of
solid feedstock. Fresh catalyst is preferably added to the FT reactor within liquid
fuel production unit 8 when required without disrupting the process to keep the
conversion of the reactants high and to ensure that the particle size distribution of
the catalyst particles is kept substantially constant.

[0077] The manner of carrying out a variation of the Fischer-Tropsch reaction
for producing alcohols from syngas is well known and has been practiced for
several years. Useful disclosure is found in “Synthesis of Alcohols by
Hydrogenation of Carbon Monoxide”. R. B. Anderson, J. Feldman and H. H.
Storch, Industrial & Engineering Chemistry, Vol. 44, No. 10, pp 2418 — 2424
(1952). Several patents also describe different aspects of the Fischer-Tropsch
conversion process that can be practiced to produce alkanols including ethanol.
For example, U.S. Patent No. 4,675,344 provides details on process conditions,
(e.g. temperature, pressure, space velocity, as well as catalyst composition) to
optimize the Fischer-Tropsch process for increased production of C; to Cs
alcohols versus methanol. This patent also indicates that desirable hydrogen:

carbon monoxide ratio in the gas feed stream is in the range of 0.7:1 to 3:1.

-4 -



WO 2014/085109 PCT/US2013/070351

[0078] When the desired product fuel is methanol, the liquid fuel production
unit 8 is designed and operated in a known manner to favor the formation of
methanol. Hydrogen and carbon oxides react over a catalyst such as copper-zinc
catalyst at elevated pressure to form methanol.

2H, + CO <=> CH;3;0H

3H; + CO,< => CH30H + H,0
[0079] Methanol thus produced could subsequently be converted into gasoline
using ExxonMobil’s MTG or methanol to gasoline process. This process will
generate an LPG by-product stream that could be sent to the light fossil fuel
conversion unit 6.
[0080] The hybrid plant can also be designed to produce additional products,
for example hydrogen, carbon monoxide, and/or mixture containing both. The
gasification unit 2, gas conditioning unit 4, and light fossil fuel conversion unit 6
can be sized accordingly to produce hydrogen and carbon monoxide containing
streams in sufficient quantities to satisfy liquid fuel production and additional
products production goals.
[0081] For example when high purity hydrogen is to be produced as
additional product, then one or more of the hydrogen and carbon monoxide
containing streams produced in the light fossil fuel conversion unit 6 can be
subjected to water gas shift reactions in a high or medium temperature water gas
shift reactor(s) or a combination of high temperature and low temperature shift
unit. The water gas shift reactor configuration, catalyst and operating conditions
are selected based on feed gas composition (steam to CO ratio), whether sulfur
containing species are present, which depends on location in the flow sheet from
where the hydrogen and carbon monoxide containing stream is sourced. Water gas
shift reactor product gas after appropriate cooling is fed to a pressure swing
adsorption (PSA) unit to recover high purity hydrogen, for e.g. purity greater than
99 mole% hydrogen on a dry basis.
[0082] When the liquid fuel product is methanol, high purity hydrogen can
also be recovered from the liquid fuel production unit 8 purge stream (not shown).

The purge stream can be fed to a PSA for this purpose. Alternately a polymeric
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membrane unit can be used to produce a hydrogen enriched stream which as
needed is further processed in a PSA to produce hydrogen. The hydrogen can be
recycled to the feed of the methanol production unit or exported for other uses. In
most cases, membrane separation units will require compression of the hydrogen
stream prior to further processing or use. The hydrogen that is exported can be
used in other industrial or refining operations.

[0083] It should be recognized that an object of this invention is to maintain
liquid fuel production unit 8 near the design capacity by producing sufficient H,-
rich syngas from the light fossil fuel conversion unit 6 even when the gasification
unit 2 is not producing any gasifier-syngas or producing gasifier-syngas at
reduced capacity.

[0084] To maintain liquid output near design capacity it is necessary to
produce more synthesis gas in the light fossil fuel conversion unit to make-up for
the reduction in gasifier-syngas flow from the gasification unit. The adjustments
in the light fossil fuel conversion unit to achieve the increased CO plus hydrogen
flow include light fossil fuel feed flow, oxygen flow to ATR, steam input (steam
to carbon ratio), CO; recycle to feed, operating temperature of ATR (FIG. 2),
operating temperatures of SMR and/or ATR (FIG. 3). The choice and degree of
adjustment of one or more of these depends on the operational status of the
gasification unit, whether prior to adjustment the gasification unit was operational
at design capacity or at reduced capacity or not operational.

[0085] Three hybrid plant configurations have been simulated for illustration
purposes, results are described below.

[0086] Example 1 - Methanol production hybrid plant: The hybrid plant and

light fossil fuel conversion unit configurations illustrated in Figures 1 and 2 are
simulated as a world scale methanol facility containing a gasification unit 2, gas
conditioning unit 4, light fossil fuel conversion unit 6 containing an ATR, optional
CO; removal unit 5 for removing CO, from synthesis gas 27, and a liquid fuel
production unit 8. Three operating modes are simulated. In case 1 the hybrid
plant is operational at design conditions producing methanol at a design

production rate of nominal 5004 tonnes/d. In case 2, gasification unit is not on
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stream, and in case 3, the gasification unit is operating at 50% capacity. Case 3 is
equivalent to a system with two gasification trains with only one gasification train
operational. Table 1 summarizes simulation results. At design conditions (case 1)
the gasification unit 2 consumes 1400 tons/d of oxygen to gasify 1590 tons/d of
Pittsburgh #8 coal and produces 101.3 MMSCEFD of gasifier-syngas having a
hydrogen to carbon monoxide ratio of 0.5. The ATR system in the light fossil fuel
conversion unit 6 consumes 2546 tons/d oxygen and operates at a steam to carbon
ratio of 2.8 and exit temperature of 1650°F to provide Hy-rich syngas stream 28
having a hydrogen to carbon monoxide ratio of 4.4. The light fossil fuel
conversion unit 6 provides 72% of hydrogen plus carbon monoxide and 47% of
carbon monoxide in the feed to the liquid production unit 8. In case 2 gasifier-
syngas 26 available from the gasification unit 2 is nil and in case 3 it is 50% of
design capacity, however in case 2 and case 3 the methanol production rate is
maintained at design value by:

- increasing light fossil fuel feed to ATR system

- increasing oxygen feed to ATR system by diverting a portion of

available oxygen that would have been fed to the gasification unit
(approximately 61% in case 2 and 32% in case 3);

- decreasing steam to carbon ratio to 0.6 in case 2 and to 1.4 in case 3.
In this example, CO; is not recycled to the ATR. The flow rate of gas leaving
ATR in actual cubic feet per hour (ACFH) is not allowed to exceed design value
(case 1 value). In all cases reduction in the steam to carbon ratio more than offsets
the gas flow increase associated with the increased natural gas rates and higher
ATR exit temperatures (see flow rate of gas at ATR exit in ACFH.) In all cases
the CO, removal system would have to be oversized versus operations when the
gasifier is operational (see flow rates at CO;, removal unit inlet and outlet).
[0087] Because of the ability to run the ATR at lower steam to carbon ratios
the methanol output is maintained at about design production rate of 5004
tonnes/d, and the (H,-CO,)/(CO+CO,) ratio is maintained at or near the preferred

values when the coal gasifier is not operational or at part capacity.
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[0088] For cases where methanol is the desired product from liquid fuel
production unit 8, there may be an accompanying downstream process (not
shown) that converts methanol to gasoline. All or a portion of the liquefied
petroleum gases (LPG) generated as a byproduct from the conversion of methanol

to gasoline can be fed to the light fossil fuel conversion unit.
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Table 1
Case 1 Case 2 Case 3
Liquid fuel product (Methanol), tonnes/d 5004 5002 5000
Gasification Unit 2:
Operating capacity 100% 0% 50%
Oxygen 12 flow, Tons/d 1400 0 700
Solid feedstock 10 (Pitt #8 coal), Tons/d 1590 0 795
Gasifier-syngas 26:
Flow, MMSCFD 102 - 51
H,/CO ratio 0.5 - 0.5
Light Fossil fuel conversion unit 6 Configuration: ATR ATR ATR
NG 18 111.8 147.3 128.5
Oxygen 16 flow, tons/d 2546 3402 2992
Steam to carbon ratio 2.8 0.6 14
Pre-reform feed T, °F 1000 1000 1000
ATR exit T, °F 1650 1900 1800
Gas flow @ ATR exit, MMACFH 4.08 3.71 3.81
Gas flow 27 at CO, removal unit inlet, 361 431 394
MMSCFD
Gas flow 28 at CO, removal unit exit, 328 430 377
MMSCFD
H,-rich syngas 28
Composition (mol%):
H, 75.7 65.7 70
CO 17.3 28 23.6
CO, 5.3 4.8 5
Other — N,, H,0O, Ar, etc. 1.7 1.5 1.4
H,/CO ratio 4.4 2.3 3
Liquid fuel production unit 8
Syngas Feed 30:
Flow, MMSCFD 430 430 428
Composition, mol%
H, 65.4 65.7 65.5
CO 28.2 28 28.4
CO, 4.8 4.8 4.8
Other — N,, H,O, Ar, etc. 1.6 1.5 1.2
H,/CO ratio 2.3 2.3 25
(H>-CO)/(CO+COy) 2.01 2.05 2

[0089]

this example the hybrid plant and light fossil fuel conversion unit configurations

Example 2 - Fischer Tropsch liquid fuels production hybrid plant: In

shown in Figures 1 and 2 are simulated to produce Fischer-Tropsch (FT) liquids
as liquid fuel product. Table 2 lists the operating modes and simulation results. In
case 4 (design case) the hybrid plant design production rate is equivalent to about

17,000 barrels/day of Fischer-Tropsch (FT) liquids fuel product (diesel plus
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naphtha). The gasification unit processes a little more than 2,500 tons/d of coal
and consumes 2264 tons/d of oxygen to produce 163.8 MMSCFD gasifier-syngas
having a hydrogen to carbon monoxide ratio of 0.5. The ATR is operated at a
steam to carbon ratio of 1.8 using 3736 tons/d oxygen to convert natural gas and
provide 74% hydrogen plus carbon monoxide and 50% carbon monoxide in feed
to the FT liquids fuel production unit 8.

[0090] When the gasification unit is not available there are a number of
possible modes for operating the ATR to maintain the liquid fuel production at
desired rate. Adjustments in light fossil fuel feed flow, oxygen feed flow, CO,
recycle, and/or ratio of steam to carbon in the light fossil fuel conversion unit
when the gasifier is not operational (or operating at reduced capacity) compared to
when gasifier is fully operational can be carried out such that the flow rate of gas
at ATR exit in actual cubic feet per hour (ACFH) does not exceed design value.
To take full utilization of the ATR capability it is anticipated that the flow rate of
gas leaving the ATR expressed in actual cubic feet per hour(ACFH) should be the
same, irrespective of whether gasifier is operational or not. This scenario (case 5)
increases light fossil fuel feed to ATR, diverts oxygen from gasification unit (45%
of design value) to ATR, decreases steam to carbon ratio to 0.6, recycles CO; to
ATR and produces FT liquids fuel product at about 90% of the design production
rate. In this scenario the CO, removal unit would need a capacity that is about
17% larger than the design with the gasifier running.

[0091] Based on the air separation unit capacity 100% of the liquid fuel
production rate (design value) is possible, however the ATR and the entire system
used to generate H,-rich syngas from natural gas would need to be oversized.
This is not likely to be economical since the gasification unit will not be available
for only 10% to 15% of the year.

[0092] H;-rich syngas produced at 1900°F with steam to carbon ratio of 0.6
and near complete recycle of captured CO; has significant differences in
composition relative to the H,-rich syngas produced at 1700°F with steam to

carbon ratio of 1.8 and without recycle of any captured CO,. For example the
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H;:CO ratio is reduced from about 3.3 to about 1.9, closer to the optimum H,:CO
ratio of about 2.0 for liquid fuel synthesis.

[0093] Case 6 shows the expected plant capacity if the CO, removal unit’s
capacity limits the gas flow (same flow capacity as when gasifier is operational).
In this scenario light fossil fuel feed to ATR is increased, portion of gasification
unit oxygen (about 14% of design value) is diverted to ATR, steam to carbon ratio
is decreased to 0.6, CO; is recycled to ATR, thus producing FT liquids fuel
product at about 77% of the design production rate.
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Table 2
Case 4 Case 5 Case 6
Liquid fuel product (F-T Synthetic Crude), % capacity* 100 90 77
Gasification Unit 2:
Operational Yes No No
Oxygen 12 flow, Tons/d 2264 0 0
Solid feedstock 10, Pitt #8, Tons/d 2571 0 0
Gasifier-syngas 26:
Flow, MMSCFD 164
H,/CO ratio 0.5 - -
Light fossil fuel conversion unit 6 Configuration ATR ATR ATR
NG 18, MMBtu/d(LHV) 147,197 181,620 155,422
Oxygen 16, Tons/d 3736 4750 4060
CO; recycle, Tons/d 0 1864 1595
Steam to carbon ratio 1.8 0.6 0.6
Pre-reform feed T, °F 1000 1000 1000
ATR exit T, °F 1750 1900 1900
Gas flow @ ATR exit, MMACFH 5.11 5.1 4.37
Gas flow 27 @ CO, removal unit inlet, 504 588 504
MMSCFD
Gas flow 28 @ CO, removal unit exit, 470 556 476
MMSCFD
Stream 28 Composition (mol%):
H, 724 64.1 64.1
CO 21.8 33.5 33.5
CO, 4.3 1 1
Other — N,, H,0O, Ar, etc. 1.5 14 14
H,/CO ratio 3.3 1.9 1.9
Liquid fuel production unit 8
Syngas Feed 30:
Flow, MMSCFD 634 556 476
Composition, mol%
H, 62 64.1 64.1
CO 32.6 33.5 33.5
CO, 4 1 1
Other — N,, H,O, Ar, etc. 1.4 14 14
H,/CO ratio 1.9 1.9 1.9

*100% corresponds to 17,000 BBL/d of crude FT liquids

[0094] Example 3 - Methanol production hybrid plant: In this case the light

fossil fuel conversion unit contains a SMR coupled to a downstream autothermal
reformer (FIG. 3). During normal operation, i.e. gasification unit is fully
operational, the SMR and ATR (SMR-ATR) is operated with the SMR process
gas exit temperature at about 1550°F to about 1600°F. The ATR could be in a

standby condition (little or no oxygen addition) or operated with sufficient oxygen
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addition to raise the gas temperature to the normal ATR exit temperature of about
1750°F to 1900°F.

[0095] When the gasification unit is operating at reduced capacity or is not
operational then less than design quantity of oxygen is needed in the gasification
unit. The oxygen from air separation plant that would have been fed to the
gasification unit becomes available. At least some of this available oxygen can be
routed to light fossil fuel conversion unit to increase oxygen feed to ATR. To
maintain liquid fuel production at a desired rate, flow of light fossil fuel feed to
the SMR is increased to produce more Hy-rich syngas and compensate for reduced
gasifier-syngas flow available from the gasification unit. Several choices are
available on how to operate the SMR. For example, the SMR at higher flow rate
of light fossil fuel feed can be operated with or without further increase in heat
input (firing duty). If operated without increase in heat input then the exit
temperature of the SMR process gas will drop; methane conversion will decrease
causing more unconverted methane to leave SMR. If one decides to operate the
SMR with increased heat input, there may be limitations on the allowable increase
in heat input for e.g. due to maximum catalyst tube wall temperature constraint. If
the increase in heat input is not adequate then the exit temperature of the SMR
process gas could drop and the SMR process gas contains relatively more
unconverted methane. The SMR at higher flow rate of light fossil fuel feed can
also be operated such that the steam input to SMR may or may not be increased.
Consequently, the steam to carbon (S/C) ratio will remain at design value or
differ, and could affect the SMR process gas composition and temperature. In the
SMR and ATR configuration, the process gas leaving SMR serves as feed to the
ATR. There are several choices available on how to operate the ATR. For
example, the oxygen originally supplied to the gasifier is now available for use in
the ATR. Oxygen fed to ATR assists in converting methane in the SMR exit
(ATR feed) to synthesis gas at desired temperature, for example about 1800°F.
The synthesis gas flow rate can be 100% larger than that attainable from SMR

alone.
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[0096] Synthesis gas leaving ATR at 1800°F has significant differences
compared to synthesis gas at 1550 — 1600°F. For example methane content is
reduced from the 4 mole % to 6 mole % range (on a dry basis) at the lower
temperature to less than 1 mole % (on a dry basis) at 1800°F. The hydrogen to
carbon monoxide (H,:CO) ratio is reduced from about 4.5 at lower temperature to
about 3.5 at 1800°F.

[0097] Adding CO; to the feed to the SMR-ATR combination can further
reduce the H,:CO ratio, for example in the 2.5 — 3.0 range.

[0098] A world scale methanol facility containing process units shown in
Figures 1 and 3 is simulated. The first column in Table 3 summarizes results for
design conditions (case 7), producing methanol at a design production rate of
5002 tonnes/d. The light fossil fuel conversion unit (SMR+ATR combination)
provides 71% hydrogen plus carbon monoxide and 47% carbon monoxide in feed
to the liquid fuel production unit. The second column in Table 3 (case 8)
summarizes results when gasifier is not operational and all available oxygen is
diverted to ATR. Two adjustments are made to the SMR operations; natural gas
feed flow is increased and steam to carbon ratio decreased from 2.8 in case 7
(design case) to 2 in case 8. Resulting SMR product gas 642 is processed in ATR
604 using higher oxygen flow and recycling CO; to ATR. The ratio of H,:CO is
decreased from 4.4 at design conditions (case 7) to 3.0 in case 8, and the ratio of
(H,-CO,)/(CO+COy,) is increased from 2.00 to 2.35. Assuming the CO, removal
unit is oversized (flow rate of gas 27 is higher than in design case) the hybrid
plant liquid fuel production rate is constrained in case 8 (gasification unit not
operational) by the amount of oxygen available for feeding to the light fossil fuel
conversion unit 6. All the oxygen used for the coal gasification unit is sent to the
ATR. The net impact is that almost 95% of the full plant output is achievable
when the gasifier is not operational. Increasing the output to 100% of full plant
output would require an air separation unit that has slightly more capacity than
that used in this design. A membrane could be used to reduce the (H,-
CO,)/(CO+COy) ratio to the 2.0 — 2.1 range normally required for feeds to

methanol synthesis loop.
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Table 3
Case 7 Case 8
Liquid fuel product (Methanol), tonnes/d 5002 4748
Gasification Unit 2:
Operational Yes No
Oxygen 12 flow, Tons/d 1400 0
Solid feedstock 10, Pitt #8 Coal, 1590 0
Tons/d
Gasifier-syngas 26:
Flow, MMSCFD 101.3 -
H,/CO ratio 0.5
Light Fossil fuel conversion unit 6 SMR + ATR SMR + ATR
Configuration:
Total NG 18, MMSCFD 124.8 158.6
NG feed 618
NG fuel 644
Oxygen 16, Tons/d 380 1780
CO; recycled, tons/d 168 1000
Steam to carbon ratio 2.8 2
Pre-reform feed T, °F 1000 1000
SMR exit T, °F 1575 1446
ATR exit T, °F 1700 1900
ATR product flow @ ATR exit, 3.82 3.67
MMACFH
Gas 27 to CO, removal unit, 338 469
MMSCFD
Stream 28:
Flow, MMSCFD 328 453
Composition, mol%
H, 75.4 711
CO 17.3 23.9
CO; 53 4.5
Other — N,, H,0O, Ar, etc. 2.0 0.5
H,/CO ratio 44 3
Liquid Fuel Production Unit 8
Syngas Feed 30
Flow, MMSCFD 429 453
Composition, mol%
H, 65.1 711
CO 28.3 23.9
CO; 4.8 4.5
Other — N,, H,O, Ar, etc. 1.8 0.5
H,/CO ratio 2.3 3.0
(H>-COL)(CO+CO,) after H, recycle 2 2.35*
*No H, recycle

[0099] Example 4 - Methanol production hybrid plant: In this example during

normal operation, feed to liquid fuel production unit & is provided by gasification
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of biomass in unit 2 and light fossil fuel conversion unit 6 containing SMR and
ATR (Figure 3). Feeds to SMR 602 include natural gas 618 and steam 624, and
feeds to ATR 604 include SMR product gas 642 and oxygen 16. Simulation
results for four operating modes are summarized in Table 4.

[0100] In the first operating mode, design case (case 9), the gasification unit 2
gasifies a solid biomass feedstock to produce gasifier-syngas 26 that has a
hydrogen to carbon monoxide ratio of 0.87. The SMR 602 is operated at a steam
to carbon ration of 2.8 and a CO, recycle of 1270 tons/day with sufficient energy
input to carry out reforming and water gas shift reactions to equilibration at SMR
outlet temperature of 1575°F. The gas 642 leaving SMR 602 is passed through
ATR 604 that uses minimal oxygen to maintain ATR catalyst bed at temperature
in standby operating mode. Hp-rich syngas 28 leaving the light fossil fuel
conversion unit 2 has a H,:CO ratio of 3.24. H,-rich syngas stream 28 and
gasifier-syngas stream 26 are mixed to form mixed syngas stream 30 that has a
H;:CO ratio of 2.22. Stream 28 provides 75% hydrogen plus carbon monoxide
and 57% carbon monoxide in mixed syngas stream 30. The mixed syngas stream
30 is processed in liquid fuel production unit 8 to produce methanol at a design
production rate of 1139 tonnes/day of methanol.

[0101] In the second operating mode (case 10) gasification unit 2 is not
operational. Further, no oxygen is supplied to ATR. If the SMR were to maintain
operations as normal (case 9 conditions), the output of methanol reactor would
drop to about 57% of that achieved when the plant is operating in combination
with the gasifier.

[0102] In the third operating mode (case 11) gasification unit 2 is not
operational. The light fossil fuel conversion unit 6 operations are adjusted to
increase Hp-rich syngas 28 production rate. The light fossil fuel feed flow 618 is
increased. Oxygen that would have been supplied to the gasification unit, 343
tons/d and now available is routed to ATR. The steam to carbon ratio is
maintained at 2.8, same as design case (case 9). The CO, recycle is 1291 tons/day.
These adjustments increase flow rate of Hy-rich syngas 28, the H,:CO ratio

decreases from 3.24 in case 9 to 2.64 in case 11, and the CO available for
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methanol synthesis increases by more than 60%. The resulting methanol
production would be nearly 92% of the case when the gasifier is operational.
[0103] In the fourth operating mode (case 12) also the gasification unit 2 is
not operational. The light fossil fuel feed flow is increased. 343 tons/d of oxygen
that would have been supplied to the gasification unit are now available and fed to
the ATR. The flow of steam is adjusted to decrease steam to carbon ratio from
design value of 2.8 to 2.0. 1198 tons/day of CO; is recycled to ATR. These
adjustments increase methanol output to near design capacity. Since gasifier
outages can last a month or more this ability to maintain plant nameplate capacity
when the gasifier is unavailable will have a major impact on the income to the
project.

[0104] The design of methanol reactors are optimized by maintaining the ratio
(H2-CO,)/(CO+COy) in the range of 2.0 to 2.1. The design with the gasifier
operational is in the middle of that range. The performance of the cases with
gasifier not operational would be improved had the ratio been closer to the design
range. CO; in stream 27 can be captured (Figure 1) and recycled to light fossil
fuel conversion unit 6 as a means for managing the H,:CO ratio in the feed to the
liquid fuel production unit 8. The recycled CO; can be added directly to ATR,

either separately or mixed with oxygen.
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Table 4
Case 9 Case 10 | Case 11 Case 12
Liquid fuel prod. (Methanol)
Gallons/hr (Tonnes/d) 15857 9068 14559 15600
(1139) (651) (1046) (1120)
Gasification Unit 2:
Operational Yes (at No No No
100%)
Solid feed stock 10, dry 900 - - -
tons/day
Oxygen 12 flow, Tons/d 343 - - -
Gasifier-syngas 26:
H,, Ibmol/h 1296 - - -
CO, Ibmol/h 1482 - - -
COs,, Ibmol/h 54 - - -
H,/CQ ratio 0.87 - - -
Light fossil fuel conversion unit 6 SMR + SMR + SMR + SMR +
Configuration: ATR ATR ATR ATR
Total NG 18
NG feed 618, Ibmol/h 2620 2620 3387 3628
NG fuel 644, MMBtu (HHV)/h 474 474 457 458
Lbmol/hr 1250 1250 1205 1208
Oxygen 16, tons/d 0 0 343 343
CO, recycled, tons/d 1270 1270 1291 1198
Steam to carbon ratio 2.8 2.8 2.8 2
SMR exit T, °F 1575 1575 1461 1498
ATR exit T, °F 1575 N/A 1790 1790
Stream 28:
H,, Ibmol/h 6365 6365 8364 8794
CO, Ibmol/h 1964 1964 3173 3391
CQO,, Ibmol/h 141 141 77 125
H,/CO ratio 3.24 3.24 2.64 2.59
Liquid fuel production unit 8
Syngas Feed 30
H,, Ibmol/h 7660 6365 8364 8794
CO, Ibmol/h 3446 1964 3173 3391
CQOs,, Ibmol/h 195 141 77 125
H,/CO ratio 222 3.24 2.64 2.59
(H2-CO)(CO+COy) 2.05 2.96 2.55 2.47

While the invention has been described in detail with reference to specific
embodiments thereof, it will become apparent to one skilled in the art that various
changes and modifications can be made and equivalents employed, without

departing from the scope of the appended claims.
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What is claimed is:

1) A method of operating a hybrid plant, where a gasification unit in
the hybrid plant is operating at less than its design capacity or is not operational,
comprising:

a) increasing a light fossil fuel feed to a light fossil fuel
conversion unit of the hybrid plant;

b) increasing oxygen input to an autothermal reformer in said
fossil fuel conversion unit by diverting at least a portion of
oxygen that would have been fed to said gasification unit;

¢) decreasing said light fossil fuel conversion unit steam to carbon
ratio, and

d) producing a liquid fuel product at a production rate between
70% to 110% of the hybrid plant design production rate.

2) A method according to claim 1, wherein at least 10% of the oxygen
that would have been fed to said gasification unit is diverted to said light fossil
fuel conversion unit.

3) A method according to claim 1, wherein the steam to carbon ratio
in step (c) is greater than 0.4.

4) A method according to claim 1, wherein said autothermal reformer
exiting volumetric gas flow does not exceed a design value.

5) A method according to claim 1, wherein said autothermal reformer
operating temperature does not exceed a design value.

6) A method according to claim 1, wherein the additional light fossil
fuel feed to the light fossil fuel conversion unit in step (a) is introduced into an
autothermal reformer in the light fossil fuel conversion unit.

7) A method according to claim 1, wherein the additional light fossil
fuel feed to the light fossil fuel conversion unit in step (a) is introduced into a
steam methane reformer coupled to a downstream autothermal reformer in the
light fossil fuel conversion unit.

8) A method according to claim 1, wherein the additional light fossil

fuel feed to the light fossil fuel conversion unit in step (a) is divided into two
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streams, where the first stream is fed to a steam methane reformer coupled to a
downstream autothermal reformer in the light fossil fuel conversion unit and the
second stream is fed directly to said downstream autothermal reformer.

9) A method according to claim 1, wherein a hydrogen and carbon
monoxide containing H,- rich syngas produced in the light fossil fuel conversion
unit is further treated to recover a hydrogen product.

10) A method according to claim 1, wherein oxygen input diverted
from the gasification unit to the light fossil fuel conversion unit is from an air
separation unit within the hybrid plant or from an air separation unit external to
the hybrid plant.

11) A method according to claim 1, wherein a CO; stream is recycled
from a CO, removal unit in the hybrid plant to the autothermal reformer.

12) A method according to claim 1, wherein a CO; stream is recycled
from a CO; removal unit in the hybrid plant to a steam methane reformer in the
light fossil fuel conversion unit.

13) A method according to claim 1, wherein a CO, stream is recycled
from a CO; removal unit in the hybrid plant to both, a steam methane reformer
coupled to a downstream autothermal reformer in the light fossil fuel conversion
unit and to said downstream autothermal reformer.

14) A method according to claim 11, wherein a hydrogen and carbon
monoxide containing H,- rich syngas flow exiting said CO, removal unit does not
exceed a design value.

15) A hybrid plant for liquid fuel production, comprising:

a) at least one gasification unit for converting solid feedstock into
a hydrogen and carbon monoxide containing gasifier-syngas;

b) a light fossil fuel conversion unit using either an auto thermal
reformer (ATR) or a steam methane reformer (SMR) coupled
to a downstream autothermal reformer (ATR) for converting
light fossil fuels into a hydrogen and carbon monoxide

containing Hy-rich syngas;
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¢) aliquid fuel production unit for receiving the gasifier-syngas
and/or the Hy-rich syngas, and converting said mixture into a
liquid fuel product wherein said light fossil fuel conversion unit
is sized to provide at least 50% of the hydrogen plus carbon
monoxide and less than 80% of the carbon monoxide in the
mixture and said gasification unit is sized to provide balance of
hydrogen and carbon monoxide in the mixture to produce said

liquid fuel product at a design production rate.
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