
Dec. 23, 1947. J. M. WHITELEY, J.R., ETAL 2,433,079 
CATAYTIC ISOMERIZATION PROCESS 

Filed Sept. 30, 1939 3 Sheets-Sheet l 

7/G-M 
CaZaal Ysar 
a/dazoaga 

M 

77 

A/6 
76 Y/5 
e2// 

4. - %a 2.32 EH 2/3% 

Zaozduc 7 
ou74, a 7 

  

  

  

    

  

  

  



J. M. wHITELEY, Jr., ETAL 2,433,079 Dec. 23, 1947. 
CATALYTIC ISOMERIZATION PROCESS 

3. Sheets-Sheet 2 Filed Sept. 30, 1939 
  



Dec. 23, 1947. J. M., WHITELEY, J.R., ETAL 2,433,079 
CATALYTIC ISOMERIZATION PROCESS 

Filed Sept. 30, 1939 3 Sheets-Sheet 3 

AVG-5 

(as 222 
RSS Ayta AAH H 

Awaazaa da saaav7r ca 74 A. Y.S 7 

Coda, a Z 

204230 
aoa" t S237 

233 
2,321 | 4:34%%give 

B S4ber- s 

  

    

  



Patented Dec. 23, 1947 2433,079 

UNITED STATES PATENT OFFICE 
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CATALYTIC SOMERIZATION PROCESS 

James M. Whiteley, Jr., Aruba, Curacao, Dutch 
West Indies, and Charles S. Lynch, Fanwood, 
N. S., assignors to Standard Oil Development 
Company, a corporation of Delaware 

Application September 30, 1939, Serial No. 297,198 
(C. 260-683.5) 9 Cairns. 

The process of the present invention relates 
to the isomerization of hydrocarbons, and, more 
particularly, to the conversion of normal or 
Straight chain paraffinic hydrocarbons into iso 
Or branched chain paraffinic hydrocarbons by 
Catalytic means. It is known that hydrocarbons, 
in particular the straight chain paraffins, may 
be isomerized into branched chain paraffins in 
the presence of various catalysts of the Friedel 
Crafts type, such as aluminum chloride, alu 
minum bromide, molybdenum trisulfide, ferric 
chloride, zinc chloride, and the like, with or with 
out the addition of promoters. The paraffinic 
hydrocarbon products possess different physical 
and chemical properties and are chiefly branched 
chain in character. Heretofore various diffi 
Culties have been encountered in attempting to 
place this operation upon a commercial scale. 
The Friedel-Crafts type catalysts are not easily 
controlled in their reaction. Furthermore, up 
to the present time a continuous liquid phase 
Operation has presented certain inherent diffi 
culties due, principally, to the problem of catalyst 
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degradation and formation of undesirable by 
products in major amounts. Furthermore, the 
ease of control of the Operating conditions has 
not been perfected. As a result, truly continu 
OuS proceSSes have not been Operated on a Com 
mercial Scale. 
The success of the present invention lies in : 

the fact that it has now been made possible to 
effect an economical continuous isomerization 
process upon a commercial scale employing a 
liquid phase operation. Troubles incident to the 
mechanical agitation. Which has heretofore been 
thought necessary have been Substantially con 
pletely eliminated and the Operating Variables 
are now easily and readily controlled. It has 
been found that, for example, a moving bed type 
Of Catalyst in Which the ratio Of Catalyst to 
hydrocarbon feed is maintained large and where 
in a specified thruput is maintained under the 
operating conditions Successfully accomplishes 
these advantages. By operating according to the 
process of the present invention, it has been 
found to be unnecessary to Shut doWn the unit in 
order to effect a replacement of the spent 
catalyst. 

It is an object of the present invention to 
effect an economical catalytic isonerization 
process, particularly with reference to the lower 
paraffinic hydrocarbons, and to carry out such a 
process while maintaining the catalyst mass in 
Substantial excess to the quantity of hydrocarbon 
fed to the reaction. 
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2 
invention to provide a moving bed of isomeriza 
tion catalyst and to continuously feed Straight 
chain paraffins containing at least four carbon 
atoms per molecule under isomerization condi 
tions in contact with said bed. Another object 
of the invention is to carry out a Continuous 
liquid phase commercial isomerization proceSS 
using a plurality of isomerization reactors Con 
nected in series or in parallel So as to make use 
of a large catalyst mass With a maximum effi 
ciency and with a maximum production of 
branched chain paraffinic hydrocarbons which 
are known to be useful in Various refinery Oper 
ations and in some cases as gasoline constitu 
ents per se. Still another object of the inven 
tion is to produce branched chain paraffins from 
straight chain paraffins by isomerization While 
employing apparatus enabling Operators to more 
accurately control the reaction conditions of the 
proceSS, 
In order to accomplish these objects, as Well 

as other objects which will be apparent from a 
full understanding of the invention to be more 
fully hereinafter described, it has now been found 
that excellent yields of the desired isomeric hy 
drocarbons, in particular iso- or branched chain 
paraffins of four or more carbon atoms per mole 
cule, may be obtained by employing a relatively 
large ratio of catalyst to straight chain hydro 
carbons fed to a reactor at any one time. In 
other words, the objects of the invention may be 
accomplished by feeding hydrocarbons into sta 
tionary or moving bed type reactors substantially 
filled with a large mass of catalyst and allowing 
the feed stock to percolate thru the bed under 
the isomerization conditions desired. 
The isomerization may be effected over a wide 

range of conditions of temperature, time of Con 
tact, catalyst form, concentration of promoter, 
etc., all of these factors being interrelated. In 
general, temperatures between about 30° F. and 
about 400 E. may be employed, although at 
temperatures above 300 F, there is apt to be 
Some decomposition in the formation of lower 
hydrocarbons with a lower number of carbon 
atoms. However, the presence - of hydrogen 
formed in Situ or added from extraneous SOLIrCeS 
has a tendency to SuppreSS Such decomposition 
reactions. In cases where normal butane is 
employed, a temperature range between about 
room timeperature and about 175 F. is advan 
tageous. Good yields may be obtained within 
these ranges using a contact time of from about 
10 seconds to about 15 or 20 hours depending 

It is a further object of the 55 upon the temperature and the form of catalyst 
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employed. In general, space velocities of from 
about 0.2 and about 5.0 volumes of straight chain 
parafin per volume of catalyst per hour are en 
ployed. 
Warious promotel's may be employed in the re 

action, for example, hydrogen chloride, hydrogen 
bromide, and other hydrogen halides, lower alkyl 
halides, for example methyl chloride or bromide, 
ethyl chloride or bromide, butyl and amyl halides, 
and the like. In some instances it is even ad 
Wantageous to add free halogen to the reaction. 
The promoter is a ded in an amount equal to from 
about 0.5 to about 25%, preferably between about 
2 and about 10%, based upon the parafin feed 
stock. 
As Will be more fully hereinafter explained, the 

promoter, for example, hydrogen chloride, nay 
be employed in excess amounts so that the reactor 
is not completely filled with liquid phase con 
ponents but also contains a small gas phase above 
the liquid portion thereof. In this way, when 
employing the partial pressure of the hydrogen 
chloride, the concentration of the hydrogen chlo 
ride in the liquid phase is more readily controlled. 
At 200 F. an increase in pressure of 50 lbs. Will 
result in a hydrogen chloride coincentration of 
2% in the liquid phase. An increase in pressure 
of 100 lbs./sq. in. corresponds, roughly, to about 
5% hydrogen chloride in the liquid phase and air 
increase in pressure of 150 lbs. corresponds to 
about 8% of hydrogen chloride in the liquid 
phase. These data apply when employing nor 
mal butaine as the reactant. Similar data on the 
Solubility of hydrogen chloride in normal pentaine 
at 75 F. Show that the solubility is quite high 
and is proportional to the applied pressure of hy. 
drogen chloride. 
From the very nature of the process herein 

described the catalyst concentration is neces 
Sarily quite high. A concentration between about 
100% and about 1000% and higher is usually 
employed. Fresh catalyst is added to the bed 
continuously or intermittently, depending upon 
the rate at which the catalyst becomes substan 
tially completely degraded. The spent or partial 
ly Spent catalyst is removed in like manner from 
the bottom of the bed in order to make room for 
the newly added catalyst. 
The process is applicable to the treatment of 

normal butane, normal pentane, normal hexane, 
normal heptane, normal octane, and the corre 
Sponding higher homologues of the paraffin series. 
It is Within the scope of the present invention to 
also employ mixtures of two or more of these 
parafiinic hydrocarbons. Likewise, the invention 
is applicable to the treatment of the straight run 
naphthas of relatively low octane number which 
are composed predominantly of normal parafiinic 
hydrocarbons. Such isomerization treatment as 
herein described materially increases the octane 
number of these naphthas. The invention is 
likewise applicable to the treatment of field bu 
tanes, paraffinic mixtures resulting from the re. 
moval of olefinic constituents of refinery C. and 
C5 cuts, Waste gases of paraffinic nature evolved 
from thermal and/or catalytic alkylation an 
polymerization units, and similar paraffinic hy 
drocarbons. In general, any hydrocarbon mix. 
ture composed predominantly of saturated 
Straight chain compounds is suitable as a feed 
Stock for the process herein outlined. 
The process is chiefly directed to a continuous 

Operation although it is to be distinctly under. 
stood that a batch type reaction is entirely feasible 
When employing a percolation process wherein 
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4 
normal paraffins are percolated thru a large bed 
of iSOmerization catalyst maSS under isoneriza 
tion conditions. 
The process of the present invention conten 

plates the carrying out of the reaction in the 
liquid phase. Normal butane, when employed as 
a reactant, requires the use of Superatmospheric 
preSSures to maintain the reaction in liquid phase 
under the conditions of operation obtaining. 
Normal pentane may likewise often require the 
application of superatmospheric pressures in or 
der to maintain liquid phase operation under the 
conditions obtaining. 
In order to more fully understand the process 

of the present invention, reference may be had 
to the drawings which are more or less purely dia 
grammatic representations in Sectional elevation 
Of Suitable flowplans showing some structural 
detail. The apparatus is capable of quite wide 
modification to suit the exigencies of any par 
ticular isomerization process. However, the 
drawings will be described with reference to the 
use of aluminum chloride as the catalyst, hy 
drogen chloride as the promoter, and normal 
butane as the feed stock, 

Fig. 1 represents a single reactor and a series 
of stills and other conventional units for sep 
arating the reacted mixture from the catalyst 
and Segregating the desired products from the 
undesired products and unreacted reactants. 
Fig. 2 is a more or less diagrammatic representa 
tion of a series of reactors similar to that dis 
closed in Fig. 1. Fig. 3 represents a diagram 
matic presentation of still a second type of re 
actor applicable for carrying out the general 
proceSS Of the invention. 
According to the process as carried out using 

a single reactor, fresh catalyst, for example alu 
minum chloride in lumps or granules or deposited 
Cin an inert carrier, such as pumice, bauxite, full 
ler's earth, kaolin, diatomaceous earth, Filtrol or 
impregnated on silica or alumina, is introduced 
into reactor 7 thru hopper 7 controlled by pipe 
f5 and valve 6 thru the intermediate pressure 
chamber 4 and from thence into reactor 7 by 
means of pipe 2 controlled by valve 3, thereby 
Substantially filling reactor 7 between the two 
plates represented by numeral 23. Intermediate 
pressure chamber 4 is maintained at atmos 
pheric pressure while being filled with fresh cata 
lyst by closing pressure valve 47 in line g6 lead 
ing from the Superatmospheric system and open 
ing valves 2 and 5 in line 48. Upon being filled, 
chamber 4 is subjected to the pressure of the 
System by closing valves f6 and 2 and opening 
Valves 5 and 47. Once the pressure is equalized, 
valve 3 is Opened and the catalyst is introduced 
into reactor T. Normal butane is introduced by 
means of pipe 2 into preheater 3 together with 
fresh activator, for example, hydrogen chloride, 
Which is introduced into pipe 2 by means of lines 
2 and 4 controlled by valves 73 and 75 respec 

tively. Valve 22 is open and the mixture is con 
ducted into reactor 7 by means of pipe 5A and a 
Suitable dispersion device f. Sufficient Super 
atmospheric pressure is maintained in the System 
to insure that the normal butane remains in the 
liquid phase. As the liquid ascends and perCO 
lates thru the catalyst bed, the reactor is main 
tained at the desired reaction temperature by 
means of temperature jacket 8 into which steam 
or Some other suitable heating medium is intro 
duced by means of inlet 9 and withdrawn by 
means of outlet f6. As the reaction proceeds, the 
Spent catalyst is withdrawn by means of incline 
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section 8 into outlet pipe 9 controlled by valve 
20. The effluent from reactor 7 may be with 
drawn thru either pipe 24 controlled by valve 25 
or pipe 28, depending upon whether or not a par 
tial pressure of hydrogen chloride is maintained 
in the upper portion of the reaction chamber. 
Walve 25 remains closed in this latter instance 
and the reactants are withdrawn thru pipe 28 and 
may be conducted by means of pipe 26 controlled 
by valve 2 into line 3 and introduced by means 
of pump 32 into a Suitable settler or filter device 
36 by means of line 34 thru open valve 35, valve 
33 remaining closed. On the other hand, if the 
rate of conversion is not sufficiently rapid, the 
effluent from line 28 may be reconducted by 
means of line 29 thru pump 30 thru open valve 
6 back to line 2 and reintroduced into the reactor 
for further conversion to the branched chain 
paraffin, namely, isobutane, valve 27 remaining 
closed. If the reactor is operated Without a sub 
stantial partial pressure of the activator, for ex 
ample, hydrogen chloride, the effluent from line 
24 thru open valve 25 may be returned thru line 
29 as described, or pump 32 may be placed in op 
eration and the effluent introduced into the settler 
or filter unit 36 for the removal of the last traces 
of the catalyst which may be suspended in said 
effluent. The filtered or settled product is intro 
duced into still 43 by means of pipes 39 and 4, 
valves 4 and 42 remaining Open. On the other 
hand, if the effluent from reactor is of sufficient 
clarity and contains very little catalyst in sus 
pension, settler or filter unit 36 may be omitted 
by closing valves 35 and 48, and pipes 3 and 4 
may be placed in operation by Opening valve 33. 
The clear product introduced into still 43 is sep 
arated into unreacted reactants flowing from the 
still thru pipe 44 controlled by valve 45. The 
overhead product passing thru line 49, cooler 6, 
into receiving tank may be either returned to 
still 3 to serve as reflux by means of pump 8 and 
line 9, or it may be conducted by means of line 
5. into the Secondary still or fractionating col 
lumn 5 where the desired product, isobutane in 
the present instance, is Withdrawn thru line 52 
controlled by valve 53, and the lighter products, 
for example, any propane which may have been 
formed as well as hydrogen and hydrogen chlo 
ride, are conducted from still 5 thru line 54 into 
cooler 55. The condensate is conducted by means 
of pipe 56 to settling drum 5. A portion of the 
Condensate in receiver 5 may be returned to still 
5 to serve as reflux by means of lines 58 and 
6, valve 60 remaining closed and valve 62 being 
opened. Pump 63 is employed to effect a flow 
of the condensate for reflux purposes. The re 
mainder of the condensate may be either with 
drawn thru line 59 controlled by valve 6 or line 
66 controlled by valve 67. However, the greater 
portion of the hydrogen chloride and hydrogen 
Will be evolved from receiver 5, thru line 64 con 
trolled by valve 65. This may either be bled from 
the system or returned to the reactor 7 by means 
of lines 68, 9 and 74 controlled by valves 69 and 
5 by means of pump 7. The unreacted react 
ants from still 43 are likewise returned to reactor 
by means of linese and 74 controlled by valve 

75 by means of pump 7. The separated catalyst 
from the settler or filter unit 3G is Withdrawn thru 
line 3 controlled by valve 38. This separated 
catalyst may either be discarded or if not en 
tirely spent, may be returned to the catalyst zone 
in any suitable manner. Numerous details of 
construction have been purposely omitted from 
the drawing as represented by Fig. 1 for the pur 
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6 
pose of simplicity in illustrating the process of 
the present invention. Obviously, valve 42 is in 
effect a pressure release valve. Numerous pres 
sure recording instruments, flow regulators, and 
the like are required in actual operation but it is 
felt that those familiar With the details of oper 
ation are sufficiently skilled to know the correct 
placing of these instruments. 

Fig. 2 discloses a series of three reactors, reac 
tors A, B and C, so arranged as to provide a plu 
rality of types of operation. The process of sep 
arating the desired product from these reactors 
is substantially identical with that disclosed in 
Fig. 1. Wherein a single reactor has been described. 
With respect to reactors A, B and C, the elements 
are numbered. So that the same element in the 
reactors is described by the same number as that 
given for that element in Fig. i. No further de 
tails of the construction of the reactors is there 
fore deemed necessary. It should be distinctly 
understood in describing the operation of reac 
tors A, B and C that more than three reactors 
are obviously included within the scope of the 
invention, it being sufficient, for the purposes of 
illustrating the invention, to describe in detail 
the inter operation of these three reactors. 
The three reactors may be run in parallel so 

that each reactor operates as a unit unto itself 
similar in Operation to the reactor described in 
Fig. 1. The feed stock enters the system thru 
pipe 90 controlled by valve ). The feed stock 
then enters a series of pipes as represented by 
numerals fo8, 9, 2 and 14 controlled by 
Valves , 3, 5 and 99. For parallel opera 
tion of the reactors these valves are opened. The 
partially used activator, hydrogen chloride and/or 
the unreacted reactants, for example, normal bu 
tane, returned from the separation system and 
fresh activator are introduced into these same 
lines, thereby effecting the introduction of the 
mixture into pipes 6, 8 and 26 controlled by 
valves 7, 9 and 2 respectively. The fresh 
activator may be separately introduced by closing 
valve and opening valves 39, 4 and 43, 
allowing lines e2, 38, 40 and 42 to carry the 
fresh activator to the reactors. The feed stock 
is then introduced by means of pumps 7, 22 
and 23 and lines 04, 35 and 96 respectively 
into preheaters 97, 98 and 99, valves 44, 45 and 
46 remaining closed. The effluent from the heat 

ers is conducted by means of lines (4, 5 and 6 
into lines 82, 86 and 98, valves 83, 8 and 9 re 
maining open and valves 85, 89 and 93 remaining 
closed. Walves 94, 95 and 96 are also opened, 
thereby permitting the preheated reaction mix 
ture to enter the reactors A, B and C thru line 5 
Of each reactor, Valves 39, 4 and 43 remain 
ing closed. The effluent from reactors A, B and 
C is conducted by means of line 24 controlled by 
valve 25 in each reactor into lines 26, 3) and 
A34 from whence it may be conducted to the flash 
ing tower of a separation system or to a, settler 
or filter unit similar to that represented by nu 
meral 36 in Fig. 1. On the other hand, if the rate 
of conversion has not been sufficiently great to 
effect a substantial maximum percentage yield of 
isobutane, valves f25, 29, 33 and 36 are closed, 
valves 44, 45 and 46 may then be opened, and 
by means of pumps 0T, 22 and 23 the partially 
reacted mixture may be returned to the preheat 
ers and reconducted to reactors A, B and C re 
spectively as heretofore described. Although Fig. 
2 does not disclose the operation, it is within the 
contemplation of the invention to provide each 
reactor With a draw-off line similar to line 28 of 
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Fig. 1 thereby permitting the operation of reac 
tors A, B and C, using a partial pressure of hy 
drogen chloride sufficiently great to maintain a 
portion of the reaction in the gas-phase. 
Reactors A, B and C may also be operated in a 

series arrangement. This operation is conducted 
by permitting all of the fresh feed entering line 
O) controlled by valve it to pass into line .. 6 

controlled by valve ft. The recycled unreacted 
reactants and activator are conducted thru lines 

4, 2 and into line i.16, valve if remain 
ing closed unless it is desired to introduce fresh 
activator, in which case line (8 is employed and 
valve is opened. Valves 83,87 and 9i remain 
closed so that the effluent from heaters 9,98 and 
99 passes thru lines 64, 84, 65, 88, filó and 92, 
valves 35, 95,89, & 6 and $3 remaining open. The 
effluent from the preheater preceding reactor A 
(not shown) enters reactor A thru line 85 con 
trolled by valves 8A and 94. The effluent from the 
reactors enters lines 26, 3e) and 34, valves 25, 
28, 33 and 36 being closed, and valves 27, 3 
and 35 being open. if reactor B is the initial re 
actor in the series arrangement, valve f3.4 remains 
closed. However, if a preheater is in Operation 
ahead of reactor A, valves 44, 45 and 45 re 
main open and pumps i(, 22 and 23 are Op 
erated so as to permit the flow of reaction mixture 
thru the respective preheaters into the next suc 
ceeding reactor. The effluent from reactor D (not 
shown) or the effluent from any designated final 
reactor, for example reactor C (where heater 99 
is omitted from operation), is permitted to pa-SS 
to the conventional fractionation columns and 
settling zones as represented in Fig. 1 in Order to 
separate the desired product, namely, isobutane, 
from the reacted mixture. This effluent fiOWS 
thru line 34 controlled by valve 36, valve 48 in 
such an instance remaining closed. 
This arrangement of a plurality of reactors in 

series for accomplishing the isomerization reac 
tion may also be modified so as to attain a maxi 
mum catalyst efficiency during continuous. Opera 
tion of the process, for example, preheaters 97,98 
and 99, as well as the heat jackets 8 on reactors 
A, B and C, may be maintained at different tem 
perature levels so as to accomplish a distinct ten 
perature gradient between the several reactors 
and operated in accordance with the process out 
lined in the copending application of Charles S. 
Lynch entitled “Isomerization process,' Serial No. 
292,838 filed August 31, 1939, now Patent 2,280,710. 
Furthermore, it is possible to carry out the series 
operation of the plurality of reactors so as to em 
ploy a less reactive catalyst bed among the several 
reactors as a pretreatment reactor for the feed 
stock, thereby permitting the removal of in 
purities and undesirable constituents of the feed 
stock by polymerization methods. It is known 
that olefins, aromatics, and the like, are distinctly 
deleterious to the economical and Snooth func 
tioning of an isonerization process for paraffinic 
hydrocarbons. In the Ordinary operation of the 
series process, reactors A, B and C will carry out 
the isonerization reactor in proportion to the ac 
tivity of their catalytic contents, thus where a 
fresh feed is introduced into reactor A, a larger 
percentage of the conversion of normal butane to 
isobutane Will be effected therein than in any sub 
sequent isomerization reactor. Consequently, the 
catalyst in reactor A Undergoes degradation and 
decomposition to a greater extent in reactor A 
than in the subsequent reactors. It is therefore 
Within the contemplation of the present invention 
to permit the feed stock.to. continuously beintro 
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8 
duced into reactor. A and to then provide means 
for introducing the effluent from reactor A into 
Some Subsequent reactor in which the catalyst ac 
tivity is substantially greater although it is not 
intended that this.reactor be the next subsequent 
reactor. In other words, the effluent from re 
actor A would first be run thru reactor C prior to 
introducing the same into reactor B, or where a 
Series of a large number of reactors Were en 
ployed, the path of the feed stock might be so con 
trolled as to run thru reactor A, then reactors E, 
D, 'C' and B in that order. In other words, the 
isomerization conversion rate, by suitable ma 
nipulation of the feed stock, either unreacted or 
partially reacted, can be so controlled in its ma 
nipulations So as to accomplish a more or less uni 
form catalyst degradation in all of the reactors...in 
Series rather than having a major portion of the 
conversion effected in the initial reactor into 
which the unreacted feed stock is introduced. A 
more uniform catalyst degradation in each of the 
reactorS is desirable for the reason that the in 
troduction of fresh catalyst and the removal of 
Spent catalyst from each reactor, if carried out on 
a more or leSS uniform continuous or semi-con 
tinuous basis, lends itself to greater lease of op 
eration and Supervision. 
In some instances it. may be desirable to effect a 

partial regeneration of the catalyst activity in 
any One or group of reactors. It so happens that 
it is sometimes advantageous, where a catalyst has 
dropped to a low efficiency yet has not been com 
pletely Spent or degraded, to regenerate or re 
Vivify that catalyst. In such an instance, a re 
actor may be by-passed without interrupting the 
Continuous Operation of the other reactors either 
in parallel or in Series operations. For example, 
if it is desired to shut down reactor B and yet 
continue the operation of reactors A and C, valves 
95 and 25 are closed. In series operation the 
effluent from reactor A is conducted thru pump 
0 by opening valves 127 and 44 thru preheater 
9 into line -84 by means of open valve 85, valve 
83 remaining closed. Valves. 37; and 89 are opened 
and by means of lines 86 and 88 the effluent from 
reactor A, preheated by means of heater 97, is 
introduced into line 5A of reactor C by opened 
Valve 96, valve 9 remaining closed. In parallel 
Operation of reactors A and C with reactor B shut 
down, Valves' 85, 87, -89, -93, 9 and if 45 are closed 
as Well as valves 25 and 95. The effluent from re 
actor A enters line - 26 by means of open valve 
27, passes thru line 128 by means of open valve 

f:29, and line 38 by means of open valve 3 f into 
lines 32, and :f34 by means of open valves 33, 
35 and 36 and from there into the separation 
and Settling tanks, the effluent from reactor C like 
Wise joining the effluent from reactor A in line 
34; and passing thru open valves 35 and 36. 
In order to regenerate the partially spent alu 

minum chloride mass in reactor B, fresh acti 
Vator, for example, hydrogen chloride, is intro 
duced into line 32 and from there it is conducted 
by means of line 46 and open valve 4f into re 
actor B where it is allowed to contact the par 
tially Spent catalyst mass. The evolved hydrogen 
chloride may then be taken from the system thru 
the pressure equalizing system employed in in 
troducing the fresh catalyst into the reactor, that 
is, lines. 36 and 48.are employed by opening valves 
4. and 2 and permitting valve 5 to remain closed. 

It is sometimes feasible to permit the flow of 
reactants thru any specific reactor for longer pe 
riods of time than can be accomplished by once 
thru Operation in a given reactor. Fig. 2, there 
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fore, discloses a provision for the recycling of the 
partially isomerized paraffinic hydrocarbon re 
actants by permitting the flow thru pipes 04, O5 
and 66 to be partially diverted thru pipes 82, 86 
and 90 respectively by valves 83, 87 and 9 being 
partially opened. In Such an instance, valves 27, 
3 and 35 are open and valves 25, 29 and 33 
remain closed in a series type of Operation. 
Valves 8, 85, 89 and 93 remain partially open to 
permit the passage of the reacted material into 
the next reactor. By operating in this manner it 
is possible to retain more of the feed stock in 
troduced into any specific reactor for a longer 
length of time in that reactor or until the rate 
of conversion desired has been attained in that 
reactor. This is more or less a provision for a 
continuous recycle feature to the reactor to per 
mit the desired length of time to effect the desired 
conversion to take place. 

Fig. 3 presents a diagrammatic illustration of 
still another type of reactor suitable for carrying 
out the process of the present invention. The 
catalyst from catalyst hopper 228 is introduced 
into a pressure chamber 225 by means of pipe 
226 controlled by valve 22. The pressure is then 
increased to that maintained in the reaction Zone 
by opening valves 235 in line 234 and 237 in line 
236, valve 239 in line 238 remaining closed. Once 
the pressure in the chamber 225 has reached that 
of the reaction zone, valve 237 is closed and valve 
224 opened to permit the catalyst to pass thru line 
223 into the cyclone separator 28. The catalyst, 
when operating the process according to the ap 
paratus disclosed in Fig. 3, should preferably be 
a fairly finely divided powder of the order of 100 
to 200 mesh. The catalyst in cyclone Separator 
28 is conveyed to reaction chamber 206 by means 
of a screw conveyer or slurry pump represented in 
the drawing as element 29. This ScreW or pump 
may be driven by any suitable mechanical means, 
for example, a motor 222. Fresh feed is intro 
duced into the system thru line 202 controlled by 
valve 23. Fresh activator is introduced into the 
system thru line 232 controlled by valve 233. The 
two streams are united and enter a preheater 285 
thru pipe 204 which in turn empties into the 
bottom of reactor 206. A pump (not shown) 
maintains a sufficient velocity of flow of the fresh. 
feed, which is in the liquid phase, to create a 
swirling motion within the reactor 26 equipped 
with spiral baffle plates 20 so that the catalyst 
powder entering by means of screw conveyer or 
slurry pump 29 is taken up as a slurry in the 
liquid reactant and carried thru the Series of 
baffles upwardly for the desired time. Reactor 286 
is equipped with a heating jacket 207 provided 
with inlet, 239 and outlet 208 whereby it is possible 
to maintain the desired reaction temperature dur 
ing the residence of the catalyst and reactants in 
the reactor 26. Any suitable heating medium, 
such as heavy oil, steam or flue gases, and the 
like, may be employed as a heating medium in the 
jacket 20. The effluent from reactor 26, which 
consists of a slurry of Small amounts of decom 
position products, isoparaffins, catalyst and spent 
catalyst, together with small quantities of hydro 
gen, is then withdrawn by means of pump 2:2 and 
may then take One of two courses. If the reac 
tion has not sufficiently progressed within the 
reactor 26, the partially reacted mixture may be 
returned to the reaction Zone thru line 26 by 
opening valve, 27. On the other hand, if the 
mixture is sufficiently isomerized, valve 27 re 
mains closed and valve 25 is open thereby per 
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O 
mitting the slurry to pass by means of pipe 2 4 
into the catalyst separator 28. In practical Oper 
ation it is desirable to partially open both Valves 
25 and 27. In catalyst separator 28 the slurry 
is broken, the catalyst mass settling to the bot 
tom and substantially clear super-natant liquid 
is withdrawn by means of pipe 229 for further 
processing to isolate the desired product. The 
spent catalyst, having settled to the bottom of 
separator 2 8, may either be returned to the re 
actor 206 by means of screw conveyer or slurry 
pump 249, or if it has reached a point where it is 
no longer useful in the reaction because of degra 
dation, it may be withdrawn from the System by 
means of pipe 220 controlled by valve 22. The 
product withdrawn thru pipe 229 may be Sub 
jected to a filtering operation or other suitable 
separating operation wherein the last traces of 
the catalyst are separated from the hydrocarbon 
product. Said hydrocarbon product may then be 
subjected to fractionation treatment to effect a 
separation of the desired isomers from the prod 
uct. Unreacted reactants and activator may then 
be collected and returned to the reactor 206 thru 
line 23 controlled by valve 23. In operating 
pressure chamber 225, it is necessary, before re 
filling said chamber with fresh catalyst, to reduce 
the pressure to the pressure of the catalyst hopper 
228. This is accomplished by closing valve 235 
and opening valves 237 and 239. Valve 239 is then 
closed, valve 227 is opened, pressure chamber 225 
is allowed to fill the catalyst, valve 227 is then 
closed and pressure from the System connecting 
the reactor is permitted to enter the chamber by 
means of valves 235 and 237 as heretofore de 
scribed prior to introducing the catalyst in cham 
ber 225 into the catalyst separator 28 by means 
of line 223 controlled by valve 224. 
A single spiral baffle tower reactor has been 

described. However, it is within the contempla 
tion of the invention to operate simultaneously 
and in inter-connection with each other a series 
of spiral baffle tower reactors, the operation of 
these being quite similar to the operation of the 
series of reactors described in Fig. 2 in connection 
With the single reactor described in Fig. 1. HoW 
ever, no difficulty is encountered in assembling a 
single reactor of the type disclosed in Fig. 3 into 
a series of inter-connected reactors capable of 
series and parallel operation as described with 
reference to the reactor of Fig. 1 in Fig. 2. It is 
to be realized, of course, that the actual catalyst 
concentration in a slurry is limited to amounts of 
the catalyst such that a slurry will be maintained. 
Those operating a process as described in Fig. 3 
are well aware of the fact that a sufficient velocity 
of the feed entering the reactor must be main 
tained to pick up and carry in suspension the 
powdered catalyst entering the reactor by means 
of the screw conveyer or slurry pump. It is there 
fore not possible in this type of apparatus to 
maintain a catalyst concentration as high as may 
be maintained in connection with the bed type of 
operation. However, the results obtainable with 
the baffle tower slurry process are proportionately 
as excellent as those obtained with the bed type 
percolation method. 

However, it should be distinctly understood that 
the process of the invention is not limited to any 
particular type of apparatus since it is only neces 
sary, in carrying out the process of the present 
invention, to effect the isomerization reaction in 
the presence of extremely large quantities of 

is catalyst per unit volume of paraffinic reactant, 
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Any apparatus, therefore, which is capable of ac 
complishing this type of operation, will be entirely 
suitable for carrying out the process of the pres 
ent in Vention. 
In order to more fully understand the exact 

nature of the present invention, the following ex 
amples are given: 

Eacample 1 

A reactor was filled with about 83 gms. Of a 
commercial grade of AlCl3 lumps. About 135 
gms. of normal pentane, together with a Small 
amount of HCl was percolated through this bed 
at a feed rate of about 0.9 W./v./hr, at a tempera 
ture of about 76 F. Isopentane was formed to 
the extent of about 6%. About 8% of the nor 
mal pentane was reacted. 

Eacample 2 

In a continuous unit, about 400 cc. of a com 
mercial grade of AlCl3 granules were charged to 
a reactor, the entire system being maintained un 
der sufficient Superatmospheric preSSure to in 
sure that the feed stock comprising essentially 
normal butane remained in the liquid phase 
throughout the reaction. For about 420 hours 
the feed stock of normal butane was continuously 
percolated upwardly through this catalyst bed 
maintained at from about 150 to about 175' F. 
at the rate of about 0.5 v./v./hr. About 20% of 
HCl was continuously added to the feed stock. 
Initially, the yield of isobutane was about 40%, 
after about 12 hours operation, about 60%, and 
after 400 hours operation, above 50%. In gen 
eral, about 12 gallons of isobutane per pound of 
AlCl3 charged was obtained. In this particular 
experiment, no additions of fresh AlCl3 were 
made as the run progressed. 

Eacample 3 

About 2 liters of a commercial grade of AlCl3 
lumps were charged to a reactor. Normal pen 
tane containing about 3% HCl was continuously 
percolated through the catalyst bed at a rate of 
about 0.3 v./v./hr. while maintaining the cat 
alyst bed at about room temperature. After about 
5 hours operation, the product produced yielded 
about 33% of isopentane. After about 3 hours 
additional at about 2.5 v./v./hr. the yield of iso 
pentane obtained was about 30%. 
The present invention is not intended to be 

limited to any theory or mechanism of operation 
but only insofar as limited by the following claims 
in which it is desired to claim all novelty in 
herent in the invention. The nature and ob 
jects of the invention having been thus fully 
described, what is claimed as new and useful and 
is desired to be secured by Letters Patent is: 

1. A process of isomerizing normal paraffin of 
at least 4 carbon atoms per molecule to produce 
isoparaffin which comprises maintaining a con 
tinuous circulating stream of normal paraffin in 
liquid phase and containing hydrogen halide, 
maintaining a reaction zone within a portion of 
the Said circulatory stream, said Zone having 
therein a bed of aluminum chloride, percolating 
the normal paraffin through said bed under isom 
erization reaction conditions and recovering iso 
paraffin from the reacted mixture, the time of 
contact of the normal paraffin being sufficient to 
effect Substantial isomerization. 

2. A process as in claim 1 in which the fresh 
feed of normal paraffin is introduced into the 
stream ahead of the reaction Zone and in which 
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2 
the reacted mixture is withdrawn from the stream 
behind the reaction Zone and at a point remote 
from the point of introduction of the fresh feed, 
the total volume of liquid in the Stream being 
maintained substantially constant. 

3. An isomerization process which comprises 
percolating in liquid phase at least one normal 
paraffin containing at least 4 carbon atoms and 
a Small amount of hydrogen chloride through a 
reaction zone Substantially filled with granules of 
aluminum chloride at a temperature between 
about 40° F and about 300 F., and recycling 
at least a portion of the reaction product without 
Separation. 

4. Process according to claim 3 in which the 
reaction Zone comprises a moving bed of catalyst 
whereby during operation of the process spent 
catalyst is Substantially continuously withdrawn 
from the end of the reaction Zone into which the 
normal paraffin is fed, and fresh catalyst is sub 
stantially continuously fed into the reaction Zone 
at the inlet end of the catalyst bed. 

5. Isomerization process which comprises per 
colating in liquid phase at least one normal par 
affin containing at least 4 carbon atoms and a 
Small amount of hydrogen chloride through a 
reaction Zone substantially filled with granules of 
aluminum chloride at a temperature between 
about 40° F. and about 300 F., the throughput 
velocity being sufficiently high for the particular 
temperature used that the extent of conversion 
of the normal paraffin into corresponding isopar 
affin is Substantially less than the maximum at 
tainable, and recycling all of the reaction prod 
lucts without any separation until the desired ex 
tent of conversion is attained. 

6. An isomerization process which comprises 
feeding fresh catalyst consisting essentially of 
aluminum chloride granules into the top of a 
Vertical reaction tower through which said cata 
lyst descends slowly, withdrawing spent catalyst 
at the bottom of said reaction tower at a rate 
Corresponding approximately to the fresh cata 
lyst feed rate, maintaining said reaction tower 
at a temperature between about 40° F. and about 
300 F. by means of a surrounding temperature 
control jacket, feeding into the base of said reac 
tion tower a liquid comprising a major proportion 
Of normal paraffin containing at least 4 carbon 
atoms per molecule, whereby said normal par 
affin feed passes upwardly through the descend 
ing catalyst bed at a throughput velocity high 
enough under the reaction temperature used that 
the extent of conversion of normal paraffin to 
isoparaffin is Substantially less than the maxi 
mum attainable, withdrawing reaction products 
from the top of the reaction tower and recycling 
all of said reaction products through the reaction 
tower until the desired extent of conversion is 
attained, there being continuously maintained in 
Said reaction tower a small gas phase above the 
liquid phase, and maintaining in said gas phase 
a Sufficient partial pressure of hydrogen chloride 
to impart the desired concentration (between 
about 0.5% and 25%) of dissolved hydrogen chlo 
ride in the liquid phase for promoting the isom 
erization reaction. 

7. Process according to claim 6 followed, after 
the desired conversion is attained, by removal of 
the reaction products from the top of the reaction 
tower into a still from which unreacted normal 
paraffin is removed as bottoms and recycled to 
the reaction tower, and from which still lighter 
products are taken overhead including isoparaf 
fins formed by the reaction as well as hydrogen 
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halide promoter and reaction products lighter 
than the isoparaffin which may have been formed 
during the reaction, passing said overhead prod 
lucts into a Second Still from which the desired 
isoparaffins are withdrawn as bottoms and from 
which hydrogen halide and products lighter than 
the desired isoparaffins are taken overhead, and 
recycling at least a portion of said overhead 
products. 

8. A process which comprises continuously per 
colating at least one normal paraffin containing 
at least four carbon atoms and a small amount 
of hydrogen chloride through a reaction zone 
Substantially filled with granules of aluminum 
chloride, in the liquid phase, said Zone being 
maintained at a temperature between about 40 
F. and about 300 F, withdrawing the reaction 
mixture from said reaction zone, fractionating 
the desired branched chain paraffin from the re 
action mixture and returning hydrogen chloride, 
low boiling degradation products of the reaction, 
unreacted reactants and at least a portion of the 
reaction product to the reaction Zone together 
With the fresh feed. 

9. A process which comprises continuously per 
colating normal butane and a Small amount of 
hydrogen chloride through a reaction ZOne Sub 
stantially filled with granules of aluminum chlo 
ride, in the liquid phase, said Zone being main 
tained at a temperature between about 40 F. 
and about 300°F., withdrawing the reaction mix 
ture from said reaction zone, fractionating the 
desired branched chain paraffin from the reaction 
mixture and returning hydrogen chloride, low 
boiling degradation products of the reaction, un 
reacted reactants and at least a portion of the 

14 
reaction product to the reaction zone together 
with the fresh feed. 

M JAMES M. WHITELEY, JR. 
CHARLES S. LYNCH. 
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