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[DESCRIPTION]
[Invention Title}

CATALYTIC CRACKING PROCESS USING FAST FLUIDIZATION FOR THE

PRODUCTION OF LIGHT OLEFINS FROM HYDROCARBON FEEDSTOCK
[Technical Field]

The present invention relates to a catalytic cracking process for the production of light
olefins from a hydrocarbon feedstock using fast fluidization, and more specifically, to a catalytic
cracking process for the production of light olefins from a hydrocarbon feedstock, in which the
flow regime of a riser is maintained as a fast fluidization regime instead of a conventional dilute
pneumatic conveying regime, thus more efficiently producing light olefin hydrocarbons.

[Background Art])

These days, light olefins, in particular, light olefins such as ethylene or propylene, have
been widely used in petrochemical industries. Generally, such light olefins have been mainly
produced through steam cracking for thermally cracking (e.g., steam cracking) naphtha or
kerosene in the presence of steam. Further, light olefin compounds have been limitedly
produced as a by-product of FCC (Fluid Catalytic Cracking) mainly for use in the production of
gasoline.

The steam cracking technique is typically conducted in a manner such that naphtha or
kerosene is allowed to react at a high temperature of 800~900°C for a short residence time in
the presence of steam. According to the steam cracking technique, the resultant olefins are of
various types and have compositions that are determined within the limited range. In the
steam cracking technique, various attempts have been made to correspond to cracking reaction
conditions, such as high temperatures and short residence times, and to optimize energy
efficiency. However, it is not easy to control the composition of olefins using the present

steam cracking technique, and as well, the reaction takes place at 800~900°C and thus a lot of
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heat energy is required. Hence, there is a need for continuous advancement of the steam
cracking technique.

In addition, light olefin compounds may be produced through FCC. Such an FCC
process is a catalytic cracking technique using a catalyst in the form of fine particles which
behave like fluid when being aerated using steam. Such a catalytic cracking technique is
widely known in the art. Especially, in order to increase the yield of olefin (e.g., propylene)
instead of gasoline, DCC (Deep Catalytic Cracking) is known as a modification of the FCC
process. In the FCC process, a vacuum residue, an atmospheric residue, or gas oil has been

used as the feedstock. However, FCC suffers because olefins are produced as the by-product.

The representative product yields of the above-mentioned processes are shown in
Table 1 below.
TABLE 1
Yield through Steam Cracking Yield through FCC
Methane 16.13 1.2
Ethylene 32.05 1.9
Ethane 291 0.7
Propylene 16.65 4.8
Propane 0.35 0.7
C4 10.94 9.1
C5 5.71 1.1
C6 or more 14.18 79.6
Others 1.08 0.9

In regard to the production of light olefins, there has been proposed an olefin
production process through catalytic cracking, in addition to steam cracking and FCC.
Particularly useful is a fluidized bed catalytic cracking process in the presence of a solid acid
catalyst containing a large amount of HZSM-5 zeolite. Such olefin production processes

through catalytic cracking have been developed to realize high production yields of light olefins
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using various hydrocarbons as the feedstock. In particular, these processes are characterized
by high propylene yields, operation at lower temperatures than steam cracking, and easy
recirculation of by-products.

More specifically, the related techniques are as follows.

US Patent No. 4,065,379 discloses a method of producing light olefins at high yields
through FCC using a petroleum distillate, such as a vacuum residue, an atmospheric residue, or
gas oil, as a feedstock, which requires a very high reaction temperature and results in an
ethylene yield higher than a propylene yield.

US Patent No. 5,043,522 discloses a method of producing light olefins using a
feedstock including 40~95 wt% paraffins and 5~60 wt% olefins through a fluidized bed
catalytic cracking process, leading to 50 wt% or less reaction conversion rates.

US Patent No. 5,770,043 discloses a method of increasing the yield of light olefins
using two risers, using a petroleum distillate such as gas oil as a feedstock, and re-circulating
naphtha produced as an intermediate.

US Patent No. 6,307,117 discloses a method of separating a catalytic cracked product
into H2~C3 distillates and C4+ distillates. Further, a method of separation of the C4+
distillates into C4, C5~CS8 distillates, and C9+ distillates is disclosed. Still further, a method of
additionally converting the C4+ distillates using a steam cracking reactor is introduced.
However, these methods do not provide operation conditions for efficient use of the reaction
product, in consideration of the properties of the catalytic cracking reaction.

US Patent No. 6,342,153 discloses a method of preparing a catalyst for use in the
realization of high light olefin yields through an FCC process in a dilute pheumatic conveying
regime using a petroleum distillate such as a vacuum residue, an atmospheric residue or gas oil
as a feedstock.

US Patent No. 6,395,949 discloses a fluidized bed catalytic cracking process for
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enhancing the production of light olefins and aromatic compounds using a hydrocarbon
feedstock and additionally introducing iso-pentane.

US Patent No. 6,602,920 discloses a process scheme for sequentially using a thermal
cracking process, a hydrogenation process, and a catalytic cracking process to produce light
olefins using natural gas as a feedstock. However, the process disclosed in this patent cannot
be applied to the catalytic cracking process of the present invention using a hydrocarbon
feedstock, preferably naphtha or kerosene.

US Patent No. 6,791,002 schematically discloses a method of connecting a plurality of
risers in series or in parallel to increase the production of light olefins and a method for multiple
feed streams, but specific reaction conditions and reaction results are not mentioned therein.

US Patent No. 6,867,341 discloses a catalyst for use in cracking of naphtha by
controlling the distribution and crystal size of aluminum present in zeolite and a process
therefor. According to this patent, aluminum present outside the pores is chemically
neutralized to minimize the production of aromatic compounds on the surfaces of pores,
whereas an acid site density is increased inside the pores using a catalyst having a high
aluminum ion concentration, thus selectively increasing the production of ethylene and
propylene having small sizes. However, only the general operation conditions including
temperature and pressure of the catalytic cracking process are mentioned.

In this way, catalytic cracking processes for the production of light olefin
hydrocarbons using various hydrocarbons as the feedstock have been actively developed.
However, the additional development of processes for selectively producing light olefins, such
as ethylene and propylene, from hydrocarbons that have high economic availability and may be
used in great quantities as the feedstock, in particular, naphtha or kerosene, at high conversion
rates and high selectivity is still urgently required.

In the process for producing light olefin hydrocarbons from hydrocarbon feedstock,
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preferably naphtha or kerosene, through catalytic cracking, in order to selectively produce light
olefins such as ethylene and propylene at high conversion rates and high selectivity, the
operation conditions of a riser, in which the catalytic cracking process is mainly conducted, are
regarded as important. Especially, the fluidization and reaction in the riser may be more easily
understood in consideration of the following theory.

As shown in FIG. 1, when a gas is supplied into the lower portion of a container
packed with a solid catalyst, particles are fluidized. At a minimum fluidization velocity or
higher, the flow regime is specifically divided into five regimes, including a bubbling regime, a
slugging regime, a turbulent regime, a fast fluidization regime, and a dilute pneumatic
conveying regime, respectively having different particle mobilities. Thus, in the case of a
process using a fluidized bed reactor, a flow regime suitable for each process property should be
set.

FIG. 2 shows the volume fraction of the catalyst in the reactor varying depending on
the riser height, that is, on the flow regime. As shown in this drawing, it is confirmed that the
total amount of the catalyst substantially present in the reactor considerably depends on the
change in the flow regime. However, in the reaction involving the use of the catalyst, such as
the fluidized bed catalytic cracking process, the total amount of the catalyst positively affects the
performance of the process. Hence, the setting of the flow regime through the change in
process operation conditions has a great influence on the reaction result.

Moreover, with the intention of determining the flow regime of the riser in the
fluidization catalytic cracking process, many variables affecting the catalytic cracking reaction
must be considered. As such, such variables include reaction temperatures, endothermic
requirements, reaction times, catalyst sizes, catalyst circulation velocities, feedstock and catalyst
ratios, inactivation of the catalyst due to the production of coke, strength of the catalyst, etc.

In particular, since the catalytic cracking of the hydrocarbon compound is an
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endothermic reaction, a lot of heat is required. Thus, in the case of the fluidized bed catalytic
cracking process, desired reaction heat may be supplied through the circulation of hot catalyst,
which is referred to as a circulating fluidization process. Accordingly, the riser of the
circulating fluidization process for catalytic cracking of the hydrocarbon compound is operated
in the fast fluidization regime or dilute pneumatic conveying regime, thereby maintaining
efficient circulation of the catalyst.

As the typically commercialized catalytic cracking process of the hydrocarbon
compound, there is FCC (Fluid Catalytic Cracking) for production of gasoline from petroleum
distillate. Presently, the flow regime of the commercialized FCC is mainly operated in the
dilute pneumatic conveying regime.

Specific techniques concerning the flow regime are as follows.

US Patent No. 4,548,138 discloses a combustor used in a fast fluidization regime, and
the operation principle and mechanical device thereof are also mentioned.

US Patent No. 5,012,026 discloses a fluidized bed catalytic cracking process for
converting paraffin hydrocarbons into light olefin, in which a turbulent regime is adopted as the
main operation condition of the riser. In addition, a heat exchanger is used to supply heat
required for an endothermic reaction, and the circulation and regeneration of the catalyst are
minimized. However, there is no specific content related to a technique for realizing a high
catalyst circulation rate necessary for the catalytic cracking process in the turbulent regime.

Therefore, in the process of producing light olefin hydrocarbons from the hydrocarbon
feedstock, preferably naphtha or kerosene, using a fluidized bed catalytic cracking process, the
operation conditions of the riser for the reaction, in particular, more efficient flow regime and
process conditions thereof, are required.

[Disclosure]

[ Technical Problem]
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Accordingly, an object of the present invention is to provide a process of producing
light olefin hydrocarbons from a hydrocarbon feedstock, preferably naphtha or kerosene, using
a fluidized bed catalytic cracking process, in which a gas flow velocity and a catalyst supply
velocity, as operation conditions of a riser for the catalytic cracking, are controlled, thereby
providing a flow regime effective for the selective production of light olefins such as ethylene
and propylene at high conversion rates and high selectivity.

[Technical Solution]

In order to accomplish the above object, the present invention provides a catalytic
cracking process of producing light olefins, comprising (a) supplying a naphtha or kerosene
feedstock aﬁd dilution steam or lift gas into a riser in which a flow regime is a fast ﬂuidizétion
regime, thus inducing a catalytic cracking reaction in the presence of a catalyst; (b) separating
an effluent of the catalytic cracking reaction into the catalyst and a reaction product including
ethylene and propylene; (c) stripping the catalyst separated in (b) to remove a hydrocarbon
compound contained therein; (d) mixing the catalyst stripped in (c) with an oxygen-containing
gas, such as air, thus continuously regenerating the catalyst; () circulating the catalyst
regenerated in (d) into (a), thus re-supplying it into the riser; and (f) cooling, compressing and
separating the hydrocarbon compound as the reaction product separated in (b), thus preparing a
light olefin product.

[Advantageous Effects}

According to the present invention, in the process of producing light olefin
hydrocarbons from a hydrocarbon feedstock, for example, naphtha or kerosene, using a fluidized
bed catalytic cracking process, the gas flow velocity and catalyst supply velocity, as the operation
conditions of the riser for use in the catalytic cracking, are controlled, such that the flow regime of
the riser is maintained as a fast fluidization regime. Thereby, it is possible to provide a flow

regime effective for the selective production of light olefins such as ethylene and propylene at
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high conversion rates and high selectivity through maximization of the volume fraction of the
catalyst in the riser.
[Description of Drawings]

FIG. 1 is a view showing the general change in the fluidized bed in the flow regime
depending on variation in gas velocity;

FIG. 2 is a view showing the volume fraction of a catalyst in the fluidized bed varying
along the riser height;

FIG. 3 is a view schematically showing the catalytic cracking process of producing
light olefins used in the present invention;

FIG. 4 is a schematic view showing a fluidized bed cold model for use in testing the
flow regime at room temperature;

FIG. 5 is a graph showing the volume fraction of the catalyst in the fluidized bed in the
dilute pneumatic conveying regime, as the result of test of the cold model of Comparative
Example 1; and

| FIG. 6 is a graph showing the volume fraction of the catalyst in the fluidized bed in the
fast fluidization regime, as the result of test of the cold model of Example 1.

<Description of the Reference Numerals in the Drawings>

1: riser

2: stripper

3: regenerator

11: supply line of hydrocarbon feedstock

12: supply line of dilution steam or lift gas

13: regenerator stand pipe

15: gas reaction product

16: supply line of stripping steam
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17: stripper stand pipe

18: stripper slide valve

19: flue gas

20: oxygen-containing gas, such as air

21: regenerator slide valve

51: riser of cold model

52: cyclone of cold model

53: stand pipe of cold model

54: loop seal of cold model

60: main gas supply line of cold model

61: gas supply line for control of catalyst circulation of cold model

62: gas supply line of stand pipe of cold model

63: flue gas of cold model

[Best Model

Hereinafter, a detailed description will be given of the present invention.

In the present invention, the catalytic cracking process of producing light olefins
comprises (a) supplying a hydrocarbon feedstock and dilution steam or lift gas into a riser in
which a flow regime is a fast fluidization regime, thus inducing a catalytic cracking reaction in
the presence of a catalyst; (b) separating effluent of the catalytic cracking reaction into the
catalyst and a reaction product including ethylene and propylene; (c) stripping the catalyst
separated in (b) to remove hydrocarbon compounds contained therein; (d) mixing the catalyst
stripped in (c) with an oxygen-containing gas, such as air, thus continuously regenerating the
catalyst; (e) circulating the catalyst regenerated in (d) into (a), thus re-supplying it into the riser;
and (f) cooling, compressing and separating the hydrocarbon compound as the reaction product

separated in (b), thus preparing a light olefin product.
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The catalytic cracking process according to the embodiment of the present invention is
specifically described below, with reference to FIG. 3, but the scope of the present invention is
not limited thereto.

The feedstock mentioned above is supplied through line 11 of FIG. 3. In this case,
for more efficient reaction, the feedstock may be heated at 30~600°C and then supplied. In
addition, the feedstock may be supplied in the form of gas or dispersed liquid depending on the
composition thereof, however the present invention is not limited thereto. The feedstock of the
line 11 is mixed with dilution steam or lift gas supplied through a line 12 and is thus introduced
into a riser 1 that is a reaction zone, and is further mixed with a regenerated catalyst, which is
supplied through the regenerator stand pipe of a line 13, in the lower portion of the riser 1. The
steam or lift gas 12 is effectively supplied at a weight ratio of 0.01~10, and preferably 0.1~2.0
relative to the feedstock, and functions to increase the selectivity of light olefin hydrocarbon
while making the flow of the regenerated catalyst efficient. In addition, the process of mixing
the feedstock, the steam or lift gas, and the regenerated catalyst may be realized through various
methods known in the art, which are incorporated in the scope of the present invention.

The catalyst used in the process, that is, the regenerated catalyst, is supplied into the
riser 1 via the line 13 from a regenerator 3.  As such, the temperature is preferably maintained
at 550~800°C. That is, heat supplied by the regenerated catalyst 13 enables thorough
gasification of the feedstock 1 and the steam or lift gas 12 and realization of the temperature
required for the catalytic cracking reaction.

Subsequently, the feedstock and the catalyst mixed in the lower portion of the riser 1
are fluidized and moved toward the upper portion thereof while being subjected to catalytic
cracking in the riser 1. In such a case, when the catalytic cracking reaction, which is an
endothermic reaction, takes place, the temperature of the mixture decreases and thus the

temperature of the upper portion of the riser 1 is relatively lowered. The reaction product and
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the catalyst reaching the upper portion of the riser 1 are fed into a stripper 2, such that the gas
reaction product and the solid catalyst are separated from each other within a short time. In
order to increase the efficiency of such separation, a cyclone may be selectively used. The
separated gas product is discharged through a line 15, and the separated catalyst is moved
downward in the stripper 2 and accumulates therein.  As such, stripping steam is supplied into
the lower portion of the stripper 2 through a line 16. While the stripping steam 16 flows
upward along the stripper 2, it functions to remove a non-separated hydrocarbon reaction
product contained in the catalyst, which is then discharged through a gas reaction product line
15.

The catalyst situated in the lower portion of the stripper 2 is transferred into the
regenerator 3 via the stripper stand pipe of a line 17 under the control of a slide valve 18. At
this time, the catalyst may contain coke produced during the reaction. Into the regenerator 3,
an oxygen-containing gas such as air is supplied through a line 20, such that the coke contained
in the catalyst reacts with oxygen at a high temperature of 600°C or more to convert it into
carbon monoxide or carbon dioxide, which is then discharged as flue gas through a line 19.
Thereby, the amount of coke included in the catalyst may be drastically decreased.

The regenerated catalyst present in the lower portion of the regenerator 3 is supplied
again into the riser via the regenerator stand pipe of the line 13 under the control of the slide
valve 21, and thus may be recirculated in the process.

According to the process of the present invention, as the feedstock, a hydrocarbon
compound, specifically, full-range naphtha or kerosene, more specifically, a hydrocarbon
mixture having a boiling point of 30~350°C may be used. Preferably, such a hydrocarbon
mixture is exemplified by naphtha containing C,.;5 hydrocarbon, and more preferably by full-
range naphtha containing 60~90 wt% paraffin (n-paraffin and i-paraffin) and not more than 20

wt% olefin. In addition, the feedstock used in the process of the present invention includes a
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mixture of naphtha and Cy-5 hydrocarbon remaining after separation/recovery of light olefin.

Further, the catalyst used for catalytic cracking of the feedstock is not particularly
limited so long as it is generally known in the art as being able to convert a hydrocarbon
compound into light olefin through a catalytic cracking reaction. Preferably, a zeolite
compound, and more preferably, a ZSM-5 type zeolite-containing solid acid catalyst, is used.
Moreover, in order to increase the production of light olefin, the use of a predetermined amount
of HZM-5 is effective. The solid acid catalyst is composed of silica or alumina, and may also
include metal. Furthermore, the solid acid catalyst has an average size of 20~2000 um,
preferably 40~200 pm, and more preferably 60~150 um.

As mentioned above, the catalytic cracking reaction for conversion of the hydrocarbon
feedstock into light olefins takes place in the riser 1. Thus, main reaction conditions affecting
the yield of light olefin include the temperature in the riser, the dilution proportion of the
feedstock by the dilution steam or lift gas, the residence time of the reaction material in the riser,
the volume fraction and distribution of the catalyst in the riser, etc., which are specifically
described below.

The temperature of the riser is the highest at the lower portion thereof, and then
decreases toward the upper portion thereof. Thus, it is effective for the temperature of the lower
portion of the riser to be maintained at 550~800°C, preferably 630~760°C, and more preferably
650~740°C, whereas the temperature of the upper portion of the riser should be maintained at
500~720°C, preferably 600~700°C, and more preferably 640~690°C, provided that the
temperature of the lower portion of the riser is higher than that of the upper portion thereof for
efficient flow.

The dilution steam or lift gas is not particularly limited so long as it is known in the art,
and functions to make the flow of the regenerated catalyst efficient and also to decrease the partial

pressure of hydrocarbon in the riser so as to increase the selectivity of light olefins. Therefore,
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the dilution steam or lift gas may serve as an important reaction condition affecting the yield of
light olefin. Accordingly, the dilution steam or lift gas is supplied at a weight ratio of 0.01~10,
and preferably 0.1~2.0 relative to the feedstock.

In the catalytic cracking process for the production of light olefin using the zeolite-based
solid acid catalyst, the residence time of the reaction material in the riser may also act as an
important reaction condition determining the yield and composition of light olefin. While
conducting the catalytic cracking reaction through the riser, since the molecular number and flow
velocity of the gas change, a criterion for determining the residence time is required. In the
present invention, the residence time of the reaction material in the riser is determined to be a
numerical value obtained by dividing the volume of the riser by the volume velocity of the gas
discharged from the upper portion of the riser. In the catalytic cracking process of the present
invention, the residence time of the hydrocarbon feedstock in the riser is 0.01~600 sec, preferably
0.1~60 sec, and more preferably 0.5~5 sec.

The fluidized bed catalytic cracking reaction of the present invention is an endothermic
reaction, and thus heat required for the reaction is supplied through the recirculation of the hot
catalyst. In the present invention, the amount of recirculated catalyst is in the range of 10~100,
and preferably 20~60 at a weight ratio that is obtained by dividing the weight of the recirculated
catalyst by the weight of feedstock (naphtha or kerosene).

The volume fraction and distribution of the catalyst in the riser are greatly affected by
the flow regime.  As such, the flow regime is determined by the gas velocity in the riser and the
velocity of the catalyst to be supplied into the riser.

In the catalytic cracking process of the present invention, it is important to provide the
volume fraction and distribution of the catalyst so as to induce the catalytic cracking reaction in
the fast fluidization regime, as the flow regime of the riser, for the effective production of the light

olefin hydrocarbon from the hydrocarbon feedstock using the catalytic cracking process of
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producing light olefins.

Accordingly, the range of the fast fluidization regime should be more definitely
determined. To this end, this fast fluidization regime is mentioned compared to the turbulent
regime and the dilute pneumatic conveying regime adjacent thereto. As the gas flow velocity
increases, transition from the turbulent regime to the fast fluidization regime in which solid
particles are drastically entrained and thus removed from the riser takes place. Thus, in order to
maintain the amount of the catalyst in the riser at the gas velocity of the fast fluidization regime,
the catalyst must be continuously supplied into the lower portion of the riser. In the fast
fluidization regime, the volume fraction of the catalyst varies along the riser height, and a dense
region and a dilute region are present in the lower portion and the upper portion of the riser,
respectively.

Moreover, in the fast fluidization regime, when the velocity of the gas flowing upward is
further increased or the influx of solid particles is decreased, the volume of the catalyst in the riser
decreases and thus transition to the dilute pneumatic conveying regime takes place. In the dilute
pneumatic conveying regime, the volume fraction of the catalyst is very low, and also is only
slightly affected by the riser height.

As such, the volume of the catalyst means a volumetric space occupied by the catalyst,
with the exception of interstitial space of the catalyst particles, in a predetermined unit volume.
In the case of a porous catalyst, its volume contains macropores and micropores in the catalyst.

In addition, Kunii and Levenspiel (1991, Fluidization Engineering) have disclosed the
continuous supply of the catalyst to maintain the operation conditions in a normal state because
the entrainment of the catalyst allowing the catalyst to be removed from the riser takes place
rapidly in the fast fluidization regime. As shown in FIG. 3, the fast fluidization regime is
characterized as follows.

- The volume fraction of the catalyst is 0.2~0.4 relative to the volume of the riser in a
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short length section from the inlet of the lower portion of the riser.

- The volume fraction of the catalyst is constant at about 0.2 in a section between the
lower portion of the riser and a predetermined height from the lower portion. Such a section
therebetween is called the dense region.

- The volume fraction of the catalyst gradually varies in a section above the dense region
and thus is in the range of 0.02~0.05.

Although the qualitative properties of the fast fluidization regime are invariable under
various process conditions, the quantitative numerical value of the volume of the catalyst varies.
The quantitative value of the volume of the catalyst is changed depending on the physical
properties of the catalyst, that is, the inherent density and sphericity of the catalyst, and also
depending on the physical properties of gas, such as the density and viscosity of the gas due to the
change in the type of gas.

Therefore, the preferred fast fluidization regime for the fluidization catalytic cracking
process of the hydrocarbon compound according to the present invention is formed in such a
manner that the gas flow velocity in the riser is maintained higher than in the turbulent regime and
lower than in the dilute pneumatic conveying regime, and that a normal state for continuously
supplying the predetermined amount of the catalyst into the riser is maintained. Moreover, the
fast fluidization regime is represented by a flow regime in which the volume fraction of the
catalyst varies along the riser height and which has the dense region present in the lower portion
of the riser and the dilute region present in the upper portion of the riser. More particularly, the
fast fluidization regime may be formed and defined as follows.

1) The gas velocity should be maintained not lower than a gas flow velocity required to
efficiently remove the catalyst from the upper portion of the riser through entrainment, and the
catalyst should be continuously supplied into the lower portion of the catalyst.

2) As the gas flow velocity increases under the above conditions, the difference between
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the volume fractions of the catalyst at the 1/4 point and the 3/4 point from the lower portion of the
riser decreases. The velocities of gas and catalyst are controlled, and therefore the difference
between the volume fractions of the catalyst of the above two points is maintained at 0.02 or more,
and preferably 0.04 or more.

In the process of producing the light olefin hydrocarbon from the hydrocarbon feedstock,
preferably full-range naphtha or kerosene using a fluidized bed catalytic cracking process, the gas
velocity in the riser and the velocity .of the catalyst to be supplied into the riser are controlled
under the above conditions to induce the reaction in the fast fluidization regime, thus realizing the
maximum concentration of the catalyst in the riser. Thereby, the light olefin hydrocarbons,
preferably ethylene and propylene, may be provided at high conversion rates and high selectivity.

[Mode for Invention]

A better understanding of the present invention may be obtained through the following
examples which are set forth to illustrate, but are not to be construed to limit the present
invention.

Comparative Example 1: Dilute Fluidization Regime

A. Fabrication of Cold Model

In order to confirm variation in the flow regime depending on the velocities of gas and
catalyst at room temperature, a fluidized bed cold‘model was fabricated as shown in FIG. 4.
Solid particles passed through a loop seal 54 for controlling a solid circulating velocity were
supplied into a riser 51 of the cold model and then transferred upward along the riser by main gas
supply through a line 60. Subsequently, the gas was separated from the solid using a cyclone of
the cold modél, after which the gas was discharged as flue gas through a line 63, and the solid was
transferred downward along a stand pipe of the cold model. As such, the solid was efficiently
circulated by gas supplied through a line 62. The loop seal 54 of the cold model was used to

control the amount of catalyst to be circulated, by the use of gas supplied through a line 61 of the
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cold model for controlling catalyst circulation.

In Comparative Example 1, the riser of the cold model was fabricated to have a height
of 2.5 m and a diameter of 0.9 cm, and the stand pipe and the loop seal were fabricated for easy
circulation of the catalyst.

B. Catalyst

The catalyst used in the test had an average diameter of 84 pm and particle size
distribution of 10% of 57 pm or less, 40% of 57~84 pm, 40% of 84~115 um, and 10% of 115 um
Or more.

C. Test for Flow Regime

The test was conducted at room temperature under atmospheric pressure, and air was
used as a fluidization gas. The velocity of the fluidization gas was 2.2 m/s, and the velocity of
the catalyst to be circulated into the inlet of the lower portion of the riser was 20.2 kg/hr,
corresponding to 88.1 kg/mzs in the riser. Under the above conditions, the pressure drop value
was measured along the riser height, and thus the volume fraction of the catalyst, that is, the solid
fraction, was obtained (FIG. 5). In FIG. 5, the solid fractions were 0.049 and 0.040 at the 1/4
point and 3/4 point from the lower portion of the riser, respectively, and the difference
therebetween was 0.009. According to the definition of the preseht invention, the flow regime
was confirmed to be a dilute pneumatic conveying regime.

Example 1: Fast Fluidization Regime

A. Fabrication of Cold Model

A cold model was fabricated in the same manner as in Compafative Example 1, as
shown in FIG. 4.

B. Catalyst

The same catalyst as that used in Comparative Example 1 was used.

C. Test for Flow Regime
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The test was conducted in the same manner as in Comparative Example 1. The
velocity of the fluidization gas was 0.83 m/s, and the velocity of the catalyst to be circulated into
the inlet of the lower portion of the riser was 7.7 kg/hr, corresponding to 33.6 kg/m’s in the riser.
Under the above conditions, the pressure drop value was measured along the riser height, and thus
the solid fraction was obtained (FIG. 6). In FIG. 6, the solid fractions were 0.092 and 0.049 at
the 1/4 point and 3/4 point from the lower portion of the riser, respectively, the difference
therebetween being 0.043. According to the definition of the present invention, the flow regime
could be confirmed to be a fast fluidization regime.

Comparative Example 2

A. Preparation of Catalyst

HZSM-5 (Si/Al = 25, Zeolyst) and conc. phosphoric acid (85% H3POy) were added to
distilled water and stirred for about 20 min.  This mixture was added with La(NO3);xH,0 and its
pH was maintained at 7~8 using ammonia water and stirred at about 45°C for about 20 min.
Subsequently, the reaction mixture was stirred at about 50°C unti all of the water had evaporated,
and then vacuum filtered, thus separating a solid product. The separated solid product was
burned at about 500°C for 5 hours in air, thus preparing a La-H;PO4-HZSM-5 catalyst. The
weight ratios of material used were 10.00 of HZSM-5 (SV/Al = 25, Zeolyst), 0.74 of conc.
Phosphoric acid (85% H3POs), and 1.40 of La(NOs3);xH,0, based on 100 of distilled water.

Further, slurry comprising 6.6 kg of the La-H;POs-HZSM-5 catalyst thus prepared, 0.7
kg of Y zeolite, and 3 kg of an alumina binder was stirred and spray dried, thus preparing a
catalyst having an average size of 80 pum.

B. Treatment of Catalyst with Steam

In order to evaluate performance of thé catalyst at equilibrium, the catalyst was
maintained at 760°C for 24 hours in a 100% steam atmosphere.

C. Production of Light Olefin
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In Comparative Example 2, to measure the activity of the catalyst during the process of
producing light olefin as in FIG. 3, a fluidized bed reaction system was used. The fluidized bed
reaction system was composed of a riser, a regenerator, a stripper, and a stabilizer. The riser had
a height of 6.5 m and a diameter of 0.94 cm, the regenerator had a height of 1.5 m and a diameter
of 12 cm, the stripper had a height of 2 m and a diameter of 10 cm, and the stabilizer had a height
of 1.7 m and a diameter of 15 cm.

As the feedstock, typical naphtha resulting from a refining process was used, the specific

composition thereof vbeing shown in Table 2 below.

TABLE 2
n-Paraffin i-Paraffin Naphthene Aromatic
Naphtha 36.2% 49.3% 11.3% 3.2%

The feedstock, the steam and the catalyst were supplied into the inlet of the riser and
thus mixed together, the feedstock having conditions of 390 g/hr and 400°C, the steam having
conditions of 195 g/hr and 400°C, and the catalyst having conditions of 22000 g/hr and 725°C.
In consideration of the sectional area of the riser, the catalyst was supplied in an amount of 88.1
ke/m’s (the same as that of the cold model of Comparative Example 1).  Further, with the goal of
efficiently circulating the solid catalyst in the interest of the properties of the test system, 60 L/hr
of nitrogen was used for introduction of the regenerated catalyst.

In Comparative Example 2, the total velocity of the gas gasified at the inlet of the riser
was 2.2 m/s, the same as in Comparative Example 1. In consideration of the density and
viscosity of the gas, it was believed that the risers of Comparative Examples 1 and 2 were
operated in the same flow regime, that is, the dilute pneumatic conveying regime.

In Comparative Example 2, based on the gas velocity at an outlet of the riser, the

residence time of the gas in the riser was 2.2 sec, and the ratio of the weight of feedstock per time
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to the weight of steam and nitrogen per time, as the dilution proportion supplied into the inlet of
the riser, was 0.6. In addition, the ratio of the weight of the feedstock supplied into the inlet of
the riser per time to the weight of the regenerated catalyst supplied thereto per time was 56.

The fluidized bed catalytic cracking reaction occurred through the riser, and the
conditions of the outlet of the riser were 675°C and 25 psig. Subsequently, the mixture passed
through the riser was separated into the catalyst and distillate at 500°C using a stripper. Then,
the catalyst was circulated into the regenerator, while the distillate was supplied into the stabilizer.
The catalyst introduced into the regenerator was brought into contact with air and thus regenerated
at 725°C, after which the regenerated catalyst was supplied again into the riser. However, the
distillate introduced into the stabilizer was separated into gas and liquid at -10°C.

After the reaction, the gas product was quantitatively analyzed through on-line gas
chromatography (Model Name: HP 6890N). Meanwhile, the liquid product was recovered into
a storage tank and then quantitatively analyzed using gas chromatography (Model Name: DS
6200).

The results of the conversion rate and weight ratio of the reaction product are shown in

Table 3 below.

TABLE 3
Reaction Product (wt%)

Methane 11.0
Ethylene 14.6
Ethane 6.0
Propylene 16.9
Propane 1.7
C4 9.2

CS 8.3
C6 or more 274
Others 49
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Example 2

A. Preparation of Catalyst

A catalyst was prepared in the same manner as in Comparative Example 2.

B. Treatment of Catalyst with Steam

The catalyst was treated with steam in the same manner as in Comparative Example 2.

C. Production of Light Olefin

In Example 2, a fluidized bed reaction system the same as in Comparative Example 2 was
used, with the exception of the riser. As such, the riser had a height of 2.4 m and a diameter of
0.94 cm.

A feedstock having a composition the same as in Comparative Example 2 was used, and
the feedstock had conditions of 150 g/hr and 400°C, the steam had conditions of 45 g/hr and
400°C, and the catalyst had conditions of 8400 g/hr and 725°C. In consideration of the sectional
area of the riser, the catalyst was supplied in an amount of 33.6 kg/m®s (the same as that of the
cold model of Example 1). Further, in order to efficiently circulate the solid catalyst in the
interest of the properties of the test system, 60 L/hr of nitrogen was used for introduction of the
regenerated catalyst.

In Example 2, the total velocity of the gas gasified at the inlet of the riser was 0.83 m/s,
which was the same as in Example 1. Considering the gas density and viscosity, it was believed
that the risers of Examples 1 and 2 were operated in the same flow regime, that is, the fast
fluidization regime.

In Example 2, the residence time of the gas, the dilution proportion at the inlet of the riser,
and the ratio between the weights of the feedstock and the regenerated catalyst supplied into the
inlet of the riser per time were the same as in Example 1.

The results of the conversion rate and weight ratio of the reaction product are shown in

Table 4 below.
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TABLE 4
Reaction Product (wt%)

Methane 13.5
Ethylene 20.9
Ethane 8.3
Propylene 20.1
Propane 1.9
C4 6.9

C5 3.6
C6 or more 19.9
Others 4.9

In terms of the reaction product yields, the yields of light olefins, in particular, ethylene
and propylene, of Example 2 were much higher than those of Comparative Example 2. Thereby,
the catalytic cracking reaction in the fast fluidization regime of the present invention could be
confirmed to provide more efficient process conditions.

That is, the velocity of the gas and the amount of the catalyst controlled in the cold
models of Comparative Example 1 and Example 1 were set the same as in the flow regime of the
catalyst under the reaction conditions of Comparative Example 2 and Example 2. Through a
general method of confirming the flow of the fluidized bed reactor using the cold model as
mentioned above, it can be understood that the riser of Comparative Example 2 was operated in
the dilute pneumatic conveying regime the same as in Comparative Example 1, and the riser of
Example 2 was operated in the fast fluidization regime the same as in Example 1.

Therefore, as the result of the reaction product yields, light olefins of Example 2, for
example, ethylene and propylene, can be generated at very high yields. Compared to the result
of Comparative Example 2, the result‘of Example 2 can be found to be based on the operation in
the fast fluidization regime.

Although the preferred embodiments of the present invention have been disclosed for
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illustrative purposes, those skilled in the art will appreciate that various modifications, additions
and substitutions are possible, without departing from the scope and spirit of the invention as

disclosed in the accompanying claims.
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[CLAIMS]
[Claim 1]

A catalytic cracking process of producing light olefins, comprising:

(a) supplying a naphtha or kerosene feedstock and dilution steam or lift gas into a riser
in which a ﬂow regime is a fast fluidization regime, thus inducing a catalytic cracking reaction
in the presence of a catalyst;

(b) separating an effluent of the catalytic cracking reaction into the catalyst and a
reaction product including ethylene and propylene;

(c) stripping the catalyst separated in (b) to remove a hydrocarbon compound
contained therein;

(d) mixing the catalyst stripped in (c¢) with an oxygen-containing gas, including air,
thus continuously regenerating the catalyst;

(e) circulating the catalyst regenerated in (d) into (a), thus re-supplying it into the riser;
and

(f) cooling, compressing and separating the hydrocarbon compound as the reaction
product separated in (b), thus preparing a light olefin product.

[Claim 2]

The process according to claim 1, wherein the fast fluidization regime is formed by
maintaining a normal state in which the catalyst is continuously supplied in a predetermined
amount into the riser while a gas flow velocity in the riser is maintained higher than in a
turbulent regime and lower than in a dilute pneumatic conveying regime, and is a flow regime
in which a volume fraction of the catalyst varies along a height of the riser, and which has a
dense region present in a lower portion of the riser and a dilute region present in an upper
portion thereof.

[Claim 3]

24



10

15

20

25

WO 2007/108573 PCT/KR2006/002172

The process according to claim 2, wherein, in the fast fluidization regime, 1) the
catalyst is continuously supplied into the lower portion of the riser while the velocity of the gas
is maintained not lower than a gas flow velocity required to efficiently remove the catalyst from
the upper portion of the riser through entrainment, and ii) a difference between the volume
fractions of the catalyst at a 1/4 point and a 3/4 point from the lower portion of the riser
decreases as the gas flow velocity increases under the conditions of i), such that the difference
therebetween is 0.02 or more through control of the gas flow velocity and catalyst supply
velocity.

[Claim 4]

The process according to claim 3, wherein the difference between the volume
fractions of the catalyst at the 1/4 point and the 3/4 point from the lower portion of the riser is
0.04 or more.

[Claim 5]

The process according to claim 1, wherein the naphtha or kerosene is a hydrocarbon

feedstock having a boiling point of 30~350°C.
[Claim 6]

The process according to claim 1, wherein the naphtha or kerosene comprises 60~90

wt% paraffin (n-paraffin and i-paraffin) and not more than 20 wt% olefin.
[Claim 7]

The process according to claim 1, wherein the catalyst is a solid acid catalyst for use in

conversion into light olefins.
[Claim 8]
The process according to claim 7, wherein the solid acid catalyst is a zeolite

compound.

[Claim 9]
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The process according to claim 8, wherein the zeolite compound is HZM-5.
[Claim 10]

The process according to any one of claims 7 to 9, wherein the catalyst has an average

size of 20~2000 pm.
[Claim 11]

The process according to claim 10, wherein the catalyst has an average size of 40~200
pm.

[Claim 12]

The process according to claim 11, wherein the catalyst has an average size of 60~150
pm.

[Claim 13]

The process according to claim 1, wherein a temperature of the lower portion of the
riser is 550~800°C, and a temperature of the upper portion of the riser is 500~720°C, the
temperature of the lower portion of the riser being maintained higher than that of the upper
portion of the riser. |

[Claim 14]

The process according to claim 13, wherein the temperature of the lower portion of the

riser is 630~760°C, and the temperature of the upper portion of the riser is 600~700°C.
[Claim 15]

The process according to claim 14, wherein the temperature of the lower portion of the

riser is 650~740°C, and the temperature of the upper portion of the riser is 640~690°C.
[Claim 16]

The process according to claim 1, wherein a residence time of the naphtha or kerosene

in the riser for the catalytic cracking reaction is 0.1~600 sec.

[Claim 17]
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The process according to claim 16, wherein the residence time is 0.1~60 sec.
[Claim 18]

The process according to claim 17, wherein the residence time is 0.5~5 sec.
[Claim 19]

5 The process according to claim 1, wherein a weight ratio obtained by dividing a
weight of the catalyst re-supplied into the lower portion of the riser in (e) by a weight of the
naphtha or kerosene is 10~100.

[Claim 20]
The process according to claim 19, wherein the weight ratio is 20~60.

10 [Claim21]

The process according to claim 1, wherein the dilution steam or lift gas is supplied into
the riser at a weight ratio of 0.01~10 relative to the naphtha or kerosene.
[Claim 22]

The process according to claim 21, wherein the weight ratio is 0.1~2.0.
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