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This invention relates to processes and apparatus for 
oxidising hydrocarbons. 

It is known that it is possible to obtain valuable syn 
thetic products by controlled oxidation of hydrocarbons 
in the presence of catalysts. For example, phthalic an 
hydride can be obtained by oxidation of naphthalene or 
o-xylene by means of catalysts such as vanadium oxides. 
Generally speaking, the oxidising substance is simply at 
mospheric air in which the hydrocarbon to be oxidised is 
incorporated in the form of vapour in a quantity below 
the explosion threshold. 

It is also known that the temperature at which a particul 
lar product is obtained is somewhat critical. If this tem 
perature is not reached, the oxidation is not obtained, 
while if it is exceeded the oxidising reaction is accelerated 
and the hydrocarbon tends to be completely destroyed. 

Since the oxidising reaction is exothermic, it has al 
ready been proposed, in order to maintain the reaction 
temperature at the desired value, to incorporate in the 
catalysing chamber heat exchangers whose operating tem 
perature is stabilised by a thermostat, 

It has also been proposed to divide the reaction into a 
succession of stages each effected in a different catalysing 
chamber and, while circulating the reaction mixture from 
one chamber to the other, to cool this mixture as it leaves 
one chamber and before it enters the succeeding chamber. 

This cooling can be effected by means of a heat ex 
changer, or by injection of a cold fluid diluent into the 
mixture. In particular, it has been proposed to inject a 
predetermined quantity of liquid water between two suc 
cessive chambers, the vaporisation of this water effecting 
the desired cooling. 

Although the dilution of the reaction mixture by means 
of water scarcely has any disadvantages effect on the re 
action itself, the thermal energy dissipated by the evapora 
tion of this water is difficult to recover since, finally, the 
extraction of the product obtained is effected by condensa 
tion at low temperature. The water injected into the mix 
ture then condenses at this low temperature and inter 
feres with the said condensation without having any 
useful effect. 
The use of intermediate coolants between two Suc 

cessive reaction chambers complicates the construction 
of the installations and increases their cost when it is 
desired to recover the heat absorbed by these coolants. 

It is an object of the present invention to provide an 
oxidising process which obviates these disadvantages, 
and apparatus for carrying out such process. 
According to the present invention there is provided a 

process for the multistage exothermic oxidation of hy 
drocarbons by means of atmospheric air, which comprises 
bringing the reaction mixture of hydrocarbon vapour 
and oxidising gas in successive adiabatic stages into con 
tact with successive quantities of catalyst at a temperature 
below the optimum reaction temperature, and cooling the 
mixture, after the said contact, from the temperature, 
above the said optimum temperature, which it reaches, to 
the said lower temperature, the said cooling being effected 
by the addition of an appropriate quantity of air and 
the final mixture, obtained after the last stage, being di 
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2 
rected to at least one heat exchanger for recovering the 
heat content of the said mixture. 

Thus, a single heat exchanger may be sufficient to 
recover, at the temperature level at which the mixture is 
discharged, all the utilisable calories contained therein. 

Since the quantity of heat thus recovered is largely in 
excess of that required for the heating of the mixture en 
tering the installation, in an advantageous embodiment 
of the invention the flow leaving the last stage is divided 
into two portions entering two separate heat exchangers, 
one of which is intended for heating the initial mixture 
of air and hydrocarbons entering the installation, while 
the other supplies useful heat for the accessory services of 
this installation, for example for purifying by distillation 
the product obtained. 
As will hereinafter be shown, it is particularly ad 

vantageous for the quantities of air injected between two 
successive stages of the reaction to increase with a geo 
metrical progression, the ratio of which is low when the 
fraction of hydrocarbon converted at each of the stages 
is small. 
The apparatus for carrying out the process of the in 

vention may be very simple, since it is essentially sufficient, 
between two successive stages, to ensure an admission of 
air into the mixture and to effect homogenisation of 
this air and the mixture before it comes into contact with 
the catalyst of the succeeding stage. 

Consequently, in its preferred and simplest construc 
tional form, this apparatus comprises a vertical tower in 
which the reacting mixture circulates from the top down 
wards, which tower comprises a succession of permeable 
stages supporting beds of catalyst and, between two suc 
cessive stages a lateral air admission duct opening im 
mediately below one stage, and below this duct a diffusion 
grid which ensures homogenisation of the cooling air 
and of the mixture before they come into contact with 
the stage situated immediately below. 

Instead of introducing pure air for cooling the reaction, 
at each of the stages, it may be more advantageous to 
introduce air containing an addition of fresh hydrocarbon 
already homogenised in the said additional air. 

It is also possible to increase the yield of the successive 
catalyst beds and the final quantity of product obtained. 
The injection of fresh hydrocarbon between two stages 

of the reaction is known per se. However, the direct in 
jection of fresh hydrocarbon into the reaction mixture at 
high temperature, as already proposed, has serious dis 
advantages, because owing to the temperature of the mix 
ture, it is difficult with such an injection to avoid a local 
excessive concentration of hydrocarbon exceeding the 
ignition threshold of the latter. The risks of ignition and 
even explosion of the mixture are therefore very serious. 
On the other hand, if this fresh hydrocarbon is already 

diluted and homogenised with the additional cooling air 
when supplied, these dangers disappear and the opera 
tion can be carried out safely and with full advantage. 
The quantities of cooling air and of fresh hydrocarbon 

may be pre-adjusted. However, experience shows that 
the catalytic actions are not absolutely constant in time 
and that an additional adjustment may prove necessary. 
This adjustment has essentially the object of maintaining 
on entry into contact with a bed of catalyst and on 
leaving the latter, two clearly defined temperature levels 
on either side of the most favourable temperature level 
for the desired reaction. 

In accordance with one feature of the invention, the 
adjustment of the quantity of cooling air is rendered de 
pendent upon the temperature of the mixture before it 
comes into contact with a catalysing bed, while the ad 
justment of the quantity of fresh hydrocarbon added 
to this air is rendered dependent upon the temperature at 
which it leaves the said catalysing bed. 
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Thus, for example, when the entry temperature rises, 
the quantity of cooling air is increased, while it, for ex 
ample, the entry temperature is correct and the outlet 
temperature decreases, a further supply of fresh hydro 
carbon is sent into the mixture, which tends to raise the 
said outlet temperature. 

According to a further feature of this invention there 
is provided apparatus suitable for carrying out the afore 
said processes which comprises a vertical tower and means 
for feeding a reaction mixture through the tower from 
the top downwards, the said tower comprising a plurality 
of Superimposed units each comprising a stage to carry 
catalyst, a gas-diffusion grid located above the stage and 
spaced therefrom, and a lateral duct for the supply of 
air opening immediately below the stage of one unit and 
above the gas-diffusion grid of the next lower unit. 
A form of apparatus according to the present invention 

is illustrated in the accompanying drawings in which: 
FIGURE 1 is an overall diagrammatic view of an in 

stallation according to the invention. 
FIGURE 2 is a fragmentary section of the reaction 

tower in the simplest constructional form. 
FIGURE 3 illustrates a variant of the overall layout of 

the installation. 
FIGURE 4 is a fragmentary section of the tower illus 

trated in FIGURE 3. 
FIGURE 5 is a diagrammatic illustration of a reaction 

tower with which various rates of operation are possible. 
In the installation illustrated in FIGURE 1, the atmos 

pheric air entering through the filter 1 is sent by the 
compressor 2 into the duct 3, which divides it into two 
flows by means of the diffuser-distributor 4. 
The flow passing through the duct 5 is sent into a 

heater 6 having auxiliary heating, for example of electrical 
form, and then into a heating heat exchanger 7. It then 
enters the chamber 8 in which hydrocarbon under pres 
Sure, Supplied at evaporation temperature, is diffused 
through the nozzle 9. The diffusion grids 10 effect homog 
enisation of the mixture of air and hydrocarbon. 
On leaving the chamber 8, the mixture passes through 

a heater 11 and then through the heating heat ex 
changer 12. 
From there, the mixture passes through the duct 13 to 

the top of the reaction tower 14 which is divided into 
Stages. 
The second flow issuing from the diffuser-distributor 

4 first passes through a heat exchanger 15 and is then 
fed through a duct 16 which is vertical and parallel to 
the tower 14. There extends from this duct the pipes 
17 provided with adjustment valves 18, which thus feed 
air to each of the stages of the tower, except the top 
Stage. 
At the bottom of the tower, the gas flow which has 

passed therethrough and has undergone the action of the 
successive stages of catalyst, leaves by way of the pipe 
19. The diffuser-distributor 20 divides this flow into 
two, one of which is sent through the pipe 21 into the 
heat eXchanger 12 and the other through the pipe 22 
into the heat recovery exchanger 23. 
The outlets 24 and 25 respectively of the heat ex 

changers 23 and 12 are connected to form a commonduct 
26 which directs the cooled gas flow towards the conden 
sation chambers 27 in which the product obtained con 
denses. The outlet 28 from these condensation cham 
bers is directed towards the atmosphere after passing 
through a purifying device of any form (e.g. scrubbing 
tower or cyclone). 
The air leaving the compressor 2 is at a temperature 

of about 80 C. The exchanger 15 can restore it sub 
stantially to atmospheric temperature. In some cases, 
as will hereinafter be seen, this exchanger may be a 
heater. 

In the case of the conversion of naphthalene into 
phthalic anhydride, the heater 7 raises the temperature 
of the air from 80 to 140° C. This heater is formed 
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4. 
of parallel tubes 7a immersed in a hot liquid emanat 
ing from the heat recovery exchanger 23 and returning . 
thereto after cooling, as indicated by the circuits 30 
and 31. 
The naphthalene is injected at this temperature of 

140° C. into the chamber 8 through the nozzle 9. 
The heat exchanger 12 contains a cluster of parallel 

tubes 12a through which there flow the gases arriving 
through the pipe 21, while the air charged with naphtha 
lene is constrained to circulate helically around the said 
tubes by way of the sheet-metal screw 2b. 

This arrangement has the following advantage: The 
rectilinear tubes 12a, through which the hot gases con 
taining the condensable products pass, can readily be 
periodically cleaned, while the danger of condensation 
of the impurities of the naphthalene around these hot 
tubes is negligible. 

In the exchanger 12, the mixture of air and naphthalene 
flowing therethrough from right to left is brought from 
140 C. to about 350° C., while the gases coming from 
the pipe 21 and passing through the exchanger 12 from 
left to right enter the latter at about 380° C. and leave 
it at about 175 C. 
The heat recovery exchanger 23 operates with a liquid 

flowing over the cluster of rising tubes 23a. The gases 
entering by Way of the pipe 22 are also cooled therein 
from 380 to about 175° C. If it is necessary for the 
requirements of the installation, the heat recovery ex 
changer 23 may consist of a number of such exchangers 
through which the same flow of gas passes in series. 
The temperatures of the liquids employed in these suc 
cessive exchangers is thus graded and adapted to each 
particular application. 
At the temperature of 175° C., the gases carrying the 

products of the reaction are introduced into the con 
densing device 27, which may be of any type and more 
especially of the alternating type known as a “Von Hey 
den' condenser. 
The stages of the tower 14 (FIGURES 2 and 4) con 

sist of beds of catalysts in tablet form, for example, in 
the case of the preparation of phthalic anhydride, of 
s of silica gels impregnated with vanadium pent 
OXe. 

The said beds 331, 33, etc., are Supported by fine 
meshed grids 341, 342 . . . . Since the reaction mixture 
flows from the top downwards in the tower 14, the 
corresponding pipe 17 (171, 17 . . . ) introduces air 
through a diffusion nozzle 35, 352 below each bed of 
Catalyst. As illustrated, these nozzles may be hollow 
rings formed with peripheral orifices. Disposed below 
each nozzle 35 is a grid 36, 36 . . . which homogenises 
the mixture of gas and air in its downward path. 

It will be noted that the beds of catalyst are of increas 
ing thickness and that the pipes 17 to 173 and the nozzles 
also have increasing dimensions. 

Finally, thermometric measuring instruments 37, 37. 
give the temperature of the gas flow as it enters each stage 
for the control of the installation. 
The arrangement illustrated in FIGURES 1 and 2 is 

Suitable in cases where pure air is sent into the reaction 
mixture at each stage succeeding the first. 
On the other hand, when not only air, but also hydro 

carbon is Sent to each stage, the installation is advantage 
ously modified as illustrated in FIGURE 3. 

All the air Supplied by the compressor is sent into the 
chamber 8, in which this air is charged with hydrocarbon 
in a quantity below the explosion threshold. At the outlet 
of the chamber 8, the diffuser-distributor 55 directs the 
mixture thus obtained on the one hand into the pipe 16 
and on the other hand into the eXchanger 12. As will 
hereinafter be seen, the quantity of air sent into the pipe 
16 is then much greater than that sent into the eXchanger 
2. Moreover, the concentration of the mixture enter 

ing the tower, on the one hand, through the pipe 13 and 
on the other hand through the branches 17 of the pipe 16, 
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is the same and in addition this concentration is the 
highest possible which is compatible with the danger of 
Spontaneous ignition, which affords, a number of ad 
vantages, as will hereinafter be seen. 

Each of the stages of the tower is then preferably 
arranged as illustrated in FIGURE 4. 
Each pipe 7, 171, for example, widens into a chamber 

381 in which a small additional quantity of fresh hydro 
carbon emanating from the general duct 40 can be evap 
orated by Way of the nozzle 41 and homogenised by the 
grid 49. 
The control of the valve 181 is dependent upon the 

thermometric detector, for example a thermoelectric 
couple or a resistance 421 varying with the temperature 
and sensitive to the temperature at the entrance to the 
Succeeding bed of catalyst 33 through the electronic 
amplifier 43 and the servomotor 44. 
The valve 45 for supplying the additional hydrocarbon 

injected into the chamber 331 is controlled in dependence 
upon the thermometric detector 461 sensitive to the tem 
perature beyond the succeeding bed 332 by way of the 
electronic amplifier 47 and the servomotor 48. 
The servomechanism 421, 43, 44 is adjusted to increase 

the opening of the valve 181 in the event of an increase 
in the temperature of the thermometric device 421. Con 
sequently, if the mixture tends to arrive too hot at the 
catalysing stage 33 an increase in the quantity of air 
admitted through the nozzle 351 cools this mixture, and 
vice versa if the mixture arrives too cold at the level of 
the bed 332. 
On the other hand, the valve 451 is normally closed, 

since the air coming from the pipe 6 is already charged 
with the desired quantity of hydrocarbon. 
The servomechanism 4.61, 47, 48 is adjusted to permit 

the opening of the valve 451 in the event of a reduction 
in the temperature of the thermometric device 461. Thus, 
a small addition of oxidisable hydrocarbon enters the 
mixture, whereby the temperature of the reaction is in 
creased as it passes through the bed 332, and the ten 
perature at the outlet of this catalyst bed is increased. 
The formation of a predetermined reaction product 

from a given hydrocarbon in the presence of a particular 
catalyst takes place with its maximum yield at a well 
defined temperature. Below and above this temperature, 
the yield of the reaction rapidly decreases. 

Since the passage of the mixture through each catalyst 
bed is adiabatic, it is therefore desirable that the tempera 
ture of this mixture at the entrance to the bed should be 
lower than the optimum temperature and that it should 
leave the bed at a higher temperature. 
The optimum temperature difference AT is made the 

same for all the catalysing beds, so that the temperature 
conditions for all of them are the most favourable. The 
mixture thus enters the successive beds at the tempera 
ture 8 and leaves them at the temperature 0--AT. 

Since the mixture has constant specific heat (substan 
tially equal to that of the atmospheric air) and the pres 
sure is substantially constant, this temperature difference 
AT therefore corresponds to a like quantity of oxidised 
hydrocarbon per unit of volume of this mixture at each 
of the reaction levels. 
The gas flows before the stages 331, 332 . . . will be 

called D1, D. . . . D, and it will be assumed that the 
pipe 17 supplies to any stage a fraction ox of the flow at 
the entrance to this stage. 
Under these conditions, in relation to the preceding 

flow D-1, the flow D, is given by Da-Dn-1 (1--0). 
The temperature of the air contained in the pipe 6 

and fed through the pipes 17 will be called To. 
In order to restore the temperature of the mixture from 

the temperature 0--AT to the temperature 6, it is neces 
sary to have oD-1 (0-To)=Dn-1AT that is to say, the 
quantity of heat absorbed by the additional air is equal 
to the quantity of heat by which the mixture has become 
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6 
enriched in passing through the corresponding stage. 

There is deduced therefrom: 
AT 

Since AT, 6 and To are constant values, or itself is 
COnStant. 

In other Words, the proportion of air added after each 
Stage is constant, that is to say, that: 

D2=D1 (1-Ho.); D= D1 (1-1-ox)? . . . D-D(+), 2 

The supplies of mixture must therefore increase with 
the Successive stages with a geometrical progression of 
ratio 1--0. 

In the successive gas flows D1, D2 . . ., the concentra 
tion of the hydrocarbon, that is to say, the quantity of 
hydrocarbon contained per unit of volume, decreases but, 
for the reasons already indicated, the reduction y of con 
centration at each of the stages is constant in order to 
ensure a constant value of AT. 

If the hydrocarbon concentration before the stage in 
in the gas flow is denoted by C, the concentration C at 
the outlet from this stage will therefore be C=C-ty. 

In addition, the air fed through the pipe 17 before the 
stage in may contain a certain concentration c of fresh hy 
drocarbon (c. at the second stage, cs at the third stage, 
etc.). 
By writing that the total quantity of hydrocarbon con 

tained in the mixture before the stage in is equal to the 
quantity emanting from the preceding stage, plus the 
quantity introduced by means of the additional air, there 
is obtained 

Cn Dn=CnDn-1 (1--ox) =D-1 (Cn-1-y)-- ODn-1cn 
whence 

o Cn- -- cyc- y 
C = 1-H cy 

By recurrently calculating C from the concentration 
C of the mixture introduced at the inlet to the first stage, 
there is obtained: 

Cn 
1--cy 

--- C C2 

a- (1)n-ho (1-)-it 
-i. (II)-l Lic (1-)n-1 

However, there is no reason a priori to introduce at 
each stage different concentrations of fresh hydrocarbon 
into the additional air and, as is shown by FIGURE 3, 
with the simplest arrangement the same hydrocarbon con 
centration is given to the air sent to all the stages. 
We therefore have ca- . . . c-co and by Summating 

the geometrical progressions developed between the Square 
brackets, We obtain 

C cyco-y wn 1. =(1,----. 1 (1 tril 
The Equations 1, 2 and 3 make it possible to choose the 

dimensions of the apparatus in the various operating con 
ditions. Of all the possible operating conditions, two 
afford a particular interest, namely: 

(1) The case where all the hydrocarbon entering into 

Ca (3) 

reaction is introducd all at once into the mixture at the 
level of the first stage, and 

(2) The case where, on the contrary, there is intro 
duced before each stage a quantity of hydrocarbon which 
will be completely consumed in the course of the passage 
to the following stage. 

In the following, it will be shown that the first case 
gives the simplest constructional form, but necessitates 
the highest consumption of energy, while the second case, 
although involving more complex apparatus, makes it 
possible to use an installation having very great flexibility 
which in particular can be adapted to various hydrocar 
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bons as starting materials for supplying the same final 
product. 
When the hydrocarbon is introduced all at once, the 

apparatus is that illustrated in FIGURES 1 and 2, and the 
term in Equation 3 is zero. 
The original concentration C having been determined, 

the number of stages of the reaction tower is defined by 
the condition CSy. 

In fact, the reaction is substantially complete when the 
concentration obtained at a stage falls below the differ 
ence of concentration y obtained by the oxidation of the 
hydrocarbon in the passage to each of the stages. 

In accordance with Equation 3, it is then necessary 
to have: 

(1--cy) ni cy (1-cy)n- 
which may be written 

n- Clay -- y 
(1+a)-tail, 

Or 

Coy -- y 

--" (ii) log (1--a) 

The following specific examples will serve to illustrate 
the invention: 

Example I 
In the case of naphthalene oxidised by air in the pres 

ence of vanadium oxide, the concentration C1, at the 
limit of the explosion threshold, is about 30 g. per cubic 
metre of air at the temperature 6=350° C. 
With the knowledge of the heat evolved by the oxida 

tion of one molecule of naphthalene into phthalic anhy 
dride, it is possible to choose either the variation of con 
centration y, which gives the values of AT and conse 
quently, in accordance with Equation 1, that of oz by 
choosing the temperature To of the additional air, or to 
choose a priori AT in order to maintain a favourable 
temperature difference, whereby ox and y are determined, 
the choice of To remaining arbitrary. 

For example, by choosing y=3 g. per cubic metre, we 
find AT=33 C. (this reaction taking place between 350 
and 383 C.). 

If the additional air is injected at 20 C., we then find: 
AT 33 

-T, 350-90-0.1. 
The following is then deduced therefrom: 

3-4-3 in -iet logExpo 1. 

log 1.8 
- s n-lai is 6 

Seven stages are sufficient substantially to exhaust the 
naphthalene originally introduced. 
This result, which is surprising because it seems that 

ten stages at least would be necessary owing to the fact 
that the mixture originally contains 30 g. of naphthalene 
per cubic metre and the reduction of concentration is 
only 3 g. per cubic metre and per stage, is explained as 
follows: 

Since additional air is supplied to each stage, the con 
centration of the hydrocarbon in the mixture decreases 
more rapidly than if this reduction of concentration were 
due only to the oxidation of the hydrocarbon. In the 
catalysing beds succeeding the first one, the same reduc 
tion of concentration therefore corresponds to the oxida 
tion of a substantially larger quantity of hydrocarbon 
than would be the case if the mixture were not diluted. 
On the other hand, the thicknesses of the catalysing beds 
must follow a law of rapid increase. Moreover, the 
quantity of air employed is important, since the rate of 
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flow D. at the outlet from the last bed is in this example 
given (Formula 2) by D=DX (1.1)6=1.8D. 

Therefore, an 80% excess of air is utilised and the rate 
of flow in the duct 16 (FIGURE 1) is almost equal to 
the flow sent into the duct 5. 
The consumption of the compressor set is correspond 

ingly increased. However, since the number of stages 
is reduced, the grids 34, 36, which are one of the main 
causes of pressure drops, are small in number and the 
increase in the volume of the circulating gas is compen 
sated for by the lower pressure necessary for circulating 
this volume. 

Finally, the total balance is favourable because, in addi 
tion, almost all the heat generated is recovered in the 
exchangers 12 and 13. 
When additional hydrocarbon is supplied between two 

successive stages, the equation of the mixture of the flows 
leaving the stage in can also be written: 

CnDn=(Cn-1-y) Dn-1--O.Dn-1co 
Cn Dn-Cn-1 Dn-1-- (oco-y) Dn-1 

In this equation, CD and Cn-Dn-1 represent respec 
tively the quantities of hydrocarbon contained in the mix 
ture after and before it leaves the stage n, while 
(c.co-y) D-1 corresponds to the difference between the 
quantities of hydrocarbon added after this stage and con 
Sumed during the passage through the latter, respectively. 
Obviously, the mixture must not contain more hydro 
carbon at the outlet than at the inlet. Therefore, the 
quantity oco-y must be negative or at most zero if it 
is assumed that the mixture may contain at the start a 
certain quantity of hydrocarbon (and consequently of 
air), which quantity may be expected to be found in the 
mixture at the outlet or may be extracted in a final stage 
without injection of fresh hydrocarbon. 

Thus, it may be desirable, by making oco-y-0, to 
supply air and hydrocarbon as the reaction progresses, 
in quantities such that this air and this hydrocarbon are 
consumed at each of the stages to which they are sup 
piled. In this case, the initial supply of hydrocarbon 
is useful only for maintaining the hydrocarbon concen 
tration at a sufficient level for the speed of reaction to 
remain high, whereby it is possible to reduce the quantity 
of catalyst employed and to increase the yield of the 
latter, 

In this case, Equations 1 and 2 remain unchanged, 
Equation 3 being considerably simplified and becoming: 

C 
Ch-(1)- (3) 

The successive volumes of catalyst may be deduced 
therefrom. 

In that, the volume of catalyst V necessary at each 
stage is proportional to the rate of flow and inversely 
proportional to the hydrocarbon concentration in the 
mixture. 
At stage n, the mean concentration C is equal to the 

concentration before this stage less y/2, since the total 
reduction of concentration in the passage through this 
stage is ty. 
We therefore have: 

1 = - - - C.'-(1)-i- 5 
In addition, the quantity of catalyst is inversely pro 

portional to the coefficient K of the reaction. 
It will be recalled that a reaction for the oxidation 

of hydrocarbon in the presence of an excess of air is 
essentially a primary reaction for which the speed S of 
the reaction is governed by the differential equation: 

de 
d 

In this equation x is the number of molecules oxidised 
after the time t, and a is the number of hydrocarbon 
molecules intially present. 
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Finally, the volume V of catalyst necessary at stage 
in may be written: 

V-ix D.X. 
^s . al Y-- V. iD. (1+a) X C -2. 

(i--cy)n 2 

ad 
2n-2 m-m-m-m-m-m-m-www. D. (1+a) *2C, (+)- 

However, y is only a small fraction of C1 and c is also 
a small fraction in relation to unity. Consequently, if 
in remains relatively small, it is possible to neglect the 
quantity y(1--ox)n, and to write 

- V,-k 2(1+a)- (4) 
It will thus be seen that the quantity of catalyst em 

ployed in the successive beds are a geometrical progres 
sion whose ratio is (1--o). 
As previously, the number of stages to be used is ob 

tained by assuming that the concentration after the nth 
stage becomes lower than y, that is to say, in accordance 
with Equation 31; 

C 
Cat-(1-)-is 

C log. og, 
- - log (1-cy) 

Example II 
In the case where, for the production of phthalic an 

hydride, o-xylene is employed, which is oxidised at a 
temperature 0=350° C. using vanadium oxide catalyst, 
the concentration of the hydrocarbon in the mixture is 
always advantageously made as high as possible, pro 
vided that it remains below the explosion threshold. In 
fact, the higher the concentration the higher the speed 
of reaction and the larger the quantity of catalyst reduced. 
Thus, as in Example I, there may be chosen 

C=co-30 g/m3 
As in Example I, with the knowledge of the heat 

evolved by the oxidation of one molecule of o-Xylene 
into phthalic anhydride, it is possible to chose y or AT 
and to calculate the other from the chosen quantity. 

Thus, if y=3 g. per m.8 is chosen, then AT=23 C. 
In this case, o is determined by the relation oco-y-F0 

or 3Go-3-0. 
Therefore, c. must be equal to one-tenth (0.1). 
Equation 1 then gives the value of To: 

23 

- 

o 

and hence T=120° C. 
The injection of air charged with o-xylene must there 

fore be carried out at 120° C. in this case. In addition, 
it is necessary that the choice of cx, y and AT be such 
that the temperature T is high, because the hydrocar 
bon added at the same time as the air must be in the 
form of vapour therein. However, in the case of 
o-Xylene, the temperature may without disadvantage be 
very much lower than 120° C. 

Calculation of the number of stages then gives: 

3 log 10 
log 1.ilog 1. 

The number of stages required is therefore 27. 
This result can also be reached intuitively. 

26 n-is 

A certain quantity of hydrocarbon mixed with air is . 
introduced in the first stage of the apparatus. In the 

O 

20 

30 

40 

60 

65 

70 

75 

Succeeding stages, air and hydrocarbon are simultane 
ously added in quantities such that the air added is heated 
to the lower temperature level of the reaction, while the 
mixture is brought from the upper temperature of the 
reaction to the said lower temperature. In addition, the 
quantity of hydrocarbon added corresponds to that which 
is consumed at each stage. The initial quantity of hy 
drocarbon introduced is therefore maintained and is pro 
gressively diluted in an increasing quantity of air. 
The reaction is therefore completed when the concen 

tration of the initial quantity of hydrocarbon falls below 
the drop in concentration y at each stage. 

In the numerical example just considered, the initial 
concentration is 30 g. per cubic metre of air and the 
variation of concentration at each stage is 3 g. per cubic 
metre. The concentration of hydrocarbon will therefore 
fail below 3 g. per cubic metre when the volume of mix 
ture, i.e. substantially the volume of air, has been multi 
plied by ten. Now, this volume of air increases in ac 
cordance with the law of flow given by the Equation 2: 

D= (1-1-ox)nt D 
The reaction will be complete when 

10D=(1--c)n-l 
i.e. as before 

- log 10 log 10 
log (1--cy) Tlog 1.1 

This calculation also shows that the rate of flow D1 
is only one-tenth of the final rate of flow. 

Moreover, both before the first stage and in the course 
of the Succeeding stages, the air employed contains a 
constant concentration (C1=co) of hydrocarbon. 
This has two important consequences: 
(1) No excess of air over that necessary for main 

taining the hydrocarbon concentration below the explo 
sion threshold is ever introduced into the mixture, and 

(2) In the first stages of the reaction apparatus, the 
quantity of gas circulating is very Small and the gas flow 
reaches its complete magnitude only towards the last 
Stages, notably at the last stage. 

Consequently, the work which must be done by the 
compressor is a minimum since, on the one hand, the 
quantity of circulating air is reduced to what is essen 
tial and, on the other hand, the pressure drops due to 
the passage through the successive catalysing beds are 
also reduced to those which are absolutely necessary for 
causing the reaction mixture usefully to pass through the 
said catalysing beds. 
Such an arrangement affords a further advantage. 
It is known that, starting with different hydrocarbons, 

a particular catalyst is Substantially specific to the prepara 
tion of a given oxidised Substance. Thus, the higher 
oxides of vanadium makes it possible to prepare phthalic 
anhydride both from naphthalene and from Xylenes, and 
notably from o-xylene. Only the speed of reaction K 
is different. 

In accordance with Equation 4, the volumes of cata 
lysts increase in a geometrical progression whose ratio is 
(1-0), and in addition proportionally to the rate of 
flow D1 and, finally, inversely proportionally to K and 
tO C1. 
Assuming that the concentration (C), the rate of 

flow before the first bed of catalyst (D) and the 
quantity (c.) are constant, the volume of catalyst depends 
only upon K. 

For example, in the case of o-xylene, the speed of 
reaction K is three times higher than in the case of 
naphthalene. 

Therefore, a quantity of catalyst one-third as large 
will be sufficient to ensure the reaction in the first stage. 
Thereafter, in both cases, the laws of increase of the 
quantities of catalysts are the same. 

It is thus possible, as shown in FIGURE 5, to con 

n-1 
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struct the reaction tower with a succession of numerous 
catalysing beds 33 to 33 for which the quantity of cata 
lyst increases in accordance with the indicated geometri 
cal progression from the first (at the top) to the last 
(at the bottom). 
The pipe 16 with its branches 17, and the pipes 40 

for the additional supply of hydrocarbon extend over 
the entire height of the tower. In addition, in the top 
portion of the latter, the pipe 13 (FIGURE 1) is ex 
tended by an admission collector comprising the branches 
51 provided with valves opening between two beds of 
the upper stages. Similarly, a discharge pipe 52 pro 
vided with branches comprising valves 53 leads to the 
discharge pipe 19. 
Under otherwise equal conditions, for the treatment of 

o-xylene the reaction may commence at the bed 331 and 
end at the bed 33 (portion I of the tower), the gases 
entering through the branch 51 being discharged after 
reaction through the branch 53. 
On the other hand, when naphthalene is treated, the re 

action will start at the bed 33 (in which the quantity of 
catalyst is, by geometrical progression, equal to three 
times the quantity contained in the bed 331), the air con 
taining naphthalene entering at 51 and will continue to 
the bed 33 (portion II of the tower). 

In both cases, the same adjustments of the admission of 
additional air and hydrocarbon are suitable, since the con 
centrations C and Co are advantageously maintained at 
the value corresponding to the explosion threshold. 
The same installation (depending upon the hydrocar 

bon available as starting material) is suitable in both 
cases for the same total production. 

If the production is modified by varying the rate of 
flow D1, it is also possible to choose the discharge stage 
and the admission stage in such manner that the quanti 
ties of catalysts of the beds employed are also suitable. 
It is thus possible to change the rate of production of the 
installation without its even being necessary to stop the 
latter. 

It is likewise possible with a suitable catalyst, for exam 
ple for obtaining phthalic anhydride, to inject into the 
flow of air leaving the compressor before the exchanger 
7 (temperature about 80 C.), o-xylene and, after this 
exchanger (temperature 140 C.), naphthalene in order 
simultaneously to oxidise these two gases. 
The tower may be surrounded by a framework by which 

it can be raised and the various stages may consist of cylin 
drical rings which are detachable for the periodic renewal 
of the catalyst or for cooling the latter. 

I claim: 
1. A method of continuously oxidizing a hydrocarbon 

comprising forming and advancing a mixture of hydrocar 
bon with a large excess of atmospheric air; bringing the 
mixture in successive individually adiabatic stages into 
contact with successive and increasing quantities of cata 
lyst at a temperature 6 just below the optimum reaction 
temperature; limiting the reaction in each stage to a 
predetermined temperature rise AT; and cooling the mix 
ture after said contact from the temperature 0--AT above 
the optimum reaction temperature to the lower tempera 
ture 0, the said cooling being effected by addition of 
atmospheric air at a constant temperature To in an amount 
for each stage equal to a fraction 

of the reaction mixture flow whereby the supplies of mix 
ture to the successive stages increases in a geometrical 
progression of ratio 1--a with successive stages. 

2. A method according to claim 1 wherein additional 
air contains fresh hydrocarbon with a constant concen 
tration chosen so that the quantity of fresh hydrocarbon 
admixed with air before one stage is equal to that which 
is oxidized by the contact with the next succeeding quan 
tity of catalyst of the following stage, said successive in 
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12 
creasing quantities of catalyst being proportional to a 
geometrical progression of ratio (1--a). 

3. A method of continuously oxidizing a hydrocarbon 
comprising forming and advancing a mixture of hydro 
carbon with a large excess of atmospheric air, bringing the 
mixture in successive individually adiabatic stages into 
contact with successive and increasing quantities of cata 
lyst at a temperature below the optimum reaction tem 
perature, and cooling the mixture, after the said contact, 
from the temperature, above the said optimum tempera 
ture, which it reaches, to the said lower temperature, the 
said cooling being effected by the addition of air at a con 
stant definite temperature, the temperature rise of the 
mixture between the beginning and the end of the con 
tact with each quantity of catalyst being constant for each 
stage and the amounts of additional air being increased in 
a manner that the supplies of mixture increases in a 
geometrical progression with successive stages. 

4. A method of continuously oxidizing a hydrocarbon 
comprising forming and advancing a mixture of hydro 
carbon with a large excess of atmospheric air; bringing the 
mixture in successive individually adiabatic stages into 
contact with successive and increasing quantities of cata 
lyst at a temperature below the optimum reaction tem 
perature, and cooling the mixture, after the said contact, 
from the temperature, above the said optimum tempera 
ture, which it reaches, to the said lower temperature limit 
ing the reaction in each stage to a predetermined tempera 
ture rise, the said cooling being effected by the addition of 
an appropriate quantity of air at a constant definite tem 
perature admixed with a quantity of fresh hydrocarbon 
equal to that which is consumed by the contact with the 
next succeeding quantity of catalyst while the supplies 
of mixture to the successive stages is increased in a 
geometrical progression. 

5. A method of continuously oxidizing a hydrocarbon 
comprising forming and advancing a mixture of hydro 
carbon with a large excess of atmospheric air; bringing 
the mixture in successive individually adiabatic stages into 
contact with successive and increasing quantities of cata 
lyst at a temperature below the optimum reaction tem 
perature, and cooling the mixture, after the said contact, 
from the temperature, above the said optimum tempera 
ture, which it reaches, to the said lower temperature, the 
said cooling being effected by the addition of increasing. 
quantities of air at a constant definite temperature provid 
ing supplies of mixture increasing according to a geomet 
rical progression in the successive stages and the quan 
tities of catalyst being greater in the said successive stages 
in a geometrical progression in a ratio equal to the square 
of the progression ratio of the rates of mixture supplies. 

6. An apparatus for continuous catalytic partial oxida 
tion of hydrocarbon with air wherein the desired oxidation 
reaction takes place within a narrow temperature range 
including a vertical tower having a plurality of horizon 
tally supported catalyst beds, the quantity of catalyst in 
the beds increasing progressively from top to bottom of 
the tower, said beds being spaced apart to provide a sub 
stantial free space above each bed; means in the free 
space above the uppermost catalyst bed for evenly dif 
fusing a mixture of air and hydrocarbon into said space; 
means for maintaining the entering charge of air and 
hydrocarbon at a predetermined constant temperature 
below the desired reaction temperature; separate, indi 
vidual means in the free spaces above each of the cata 
lyst beds below the first, for diffusing air into the respec 
tive free spaces; corresponding separate means for sepa 
rately regulating the amount of air supplied to the diffus 
ing means, individual temperature sensing devices in each 
of the free Spaces except the first; means connecting the 
respective temperature sensing devices with the respec 
tive air regulating means whereby a sufficient amount of 
air is introduced to cool the reaction mixture, which has 
been heated by passage through the catalyst bed next 
above the free space, to Substantially the temperature of 
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the charge entering the tower; and means for conducting 
away the reaction product emerging from the lowermost 
catalyst bed. 

7. The apparatus according to claim 6 including means 
for adding additional feed hydrocarbon to the air sup 
plied to the free spaces between the catalyst beds. 

8. The apparatus according to claim 7 wherein there 
is a common source for all of the air supplied to the free 
spaces including means for supplying feed hydrocarbon 
to said source and means for individually supplying addi 
tional amounts of hydrocarbon to each of the diffusing 
leanS. 
9. The apparatus according to claim 6 wherein the 

ratio of increase of catalyst in the beds in the tower is sub 
stantially a geometric ratio. 
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