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FISCHER-TROPSCH PROCESS WITH A MULTISTAGE BUBBLE

COLUMN REACTOR

Abstract

Process for the optimum operation of a slurry bub-
5 ble column reactor in the presence of a gas phase

and a liquid phase, particularly for the Fischer-

Tropsch reaction, characterized in that:

1) the process is carried out in a number of sta-

ges in series of > 2;

10 2) the flow conditions of the gas phase and 1li-
quid phase containing the solids are essenti-
ally plug flow conditions, with a gas rate of
between 3 cm/s and 200 cm/s and a liquid rate
of between 0 and 10 cm/s;

15 3) the concentration of solids in each stage 1is

essentially constant and equal for each single

stage, and is between 5 and 50% (vol./vol.).
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FISCHER-TROPSCH PROCESS WITH A MULTISTAGE BUBBLE
COLUMN REACTOR

The present invention relates to a process for
optimally carrying out a three-phase reaction (so-
lid, liquid and gas), with the use of a bubble co-
lumn reactor with a number of stages equal to or

greater than two.

In the above bubble column reactors, the solid
particles are maintained in suspension in the 1li-
quid by means of gas bubbles introduced near the
lower part of the column.

The process of the present invention can be
particularly applied to the process for the produc-
tion of essentially linear and saturated hydrocar-
bons, preferably having at least 5 carbon atoms in
their molecule, by the reduction of the synthesis
gas CO-(CO,)-H,, or the mixture of CO and H,, and
possibly CO,, according to the Fischer-Tropsch pro-
cess.

The process of the present invention can be

even more particularly applied to exothermic reac-

tions which take place at relatively high tempera-
tures, for example over 100C.

EP-A-450.860 describes the conditions for op-

timally carrying out a three-phase reaction, parti-
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cularly a Fischer-Tropsch reaction, in a bubble
column reactor.

The disclosures of EP-A-450.860, based on the

hypothesis that there is a single phase, basically

5 relate to the greater convenience of plug flow (PF)

conditions with respect to complete mixture flow

(CSTR), particularly for high conversions of rea-

gents.

Contemporaneously, by working on the superfi-

10 cial gas velocity, EP'860 tries to avoid impulse

flow by means of very large bubbles, with dimen-

sions comparable to those of the reactor (slug
flow).

Example 1 of EP'860 shows that PF 1is better

15 than CSTR, but the comparison is carried out consi-
dering a single-phase reactor.

In reality the disclosure of EP'860 is defec-
tive in that it does not fully represent the com-
plexity of the three-phase system. In addition

20 EP'860 does not provide the necessary attention to
the problem of thermal exchanges, a particularly
significant problem in the case of exothermic reac-
tions such as in the case of the Fischer-Tropsch

process.

25 A process has now been found for the optimum
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operation of a bubble column reactor which overco-
mes the above inconveniences.

In accordance with this, the present invention
relates to a process for the optimum operation of a
slurry bubble column reactor in the presence of a
gas phase, a liquid phase and a solid phase, parti-
cularly for the Fischer-Tropsch reaction which in-
volves the formation of prevalently heavy

hydrocarbons starting from gas mixtures comprising

10 CO and H, in the presence of suitable catalysts,

15

20

25

characterized in that:

1) the process is carried out in a number of sta-
ges 1in serie's of > 2, preferably from 2 to 5,
even more preferably from 3 to 4, the tempera-
ture in each stage being controlled indepen-
dently;

2) the flow conditions of the gas phase and 1i-
quid phase containing the suspended solid are
essentially plug flow conditions, with a su-
perficial gas velocity of between 3 cm/s and
200 cm/s, preferably from 5 to 100 cm/s, even
more preferably from 10 to 40 cm/s and a su-
perficial liquid velocity of between 0 and 10
cm/s, preferably from 0 to 2 cm/s, even more

preferably from 0 to 1 cm/s;
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3) the concentration of solid in each step is es-
sentially constant and equal for each single
stage, and is between 5 and 50% (vol./vol.),
preferably from 10 to 45% v/v, even more pre-

5 ferably from 25 to 40% v/v.
"Independent control of the temperature in
each stage" indicates the possibility of obtaining

a constant or variable axial temperature profile.

In the preferred embodiment the temperature profile

10 is constant in each single stage and equal for all
stages.

In the process of the present invention the

concentration of éolid in each stage is essentially

constant and equal for each single stage. The quan-

15 tity of solid which is transported upwards from the

ligquid phase and then fed to the subsequent phase
is compensated by that coming from the previous
stage and by that possibly recycled. One form of
embodiment comprises the extraction of the liquid
20 produced plus that which has to be recycled from

the stage corresponding to the extreme top of the

column; this stream draws the suspended solid which
will be separated from the liquid phase (partially

or totally) and recycled to the bottom of the co-

25 lumn in the form of solid or suspension (concentra-
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ted or diluted). The recycled product can also be

partitioned and fed to the intermediate stages.
In the preferred embodiment of the present in-
vention, i.e. in the synthesis of hydrocarbons via
5 the reduction of CO, at least part of the solid
particles consist of particles of a catalyst selec-
ted from those, well known by experts in the field,
normally used for catalyzing this reaction. In the
process of the present 1invention any catalyst of
10 the Fischer-Tropsch synthesis can be used, particu-
larly those based on iron or cobalt. Catalysts ba-
sed on cobalt are preferably used, in which the
cobalt is present‘in a quantity which is sufficient
to be catalytically active for the Fischer-Tropsch
15 reaction. The concentrations of cobalt can normally
be at least 3% approximately, preferably from 5 to
45% by weight, more preferably from 10 to 30% by
weight, with reference to the total weight of the
catalyst. The cobalt and possible promoters are di-
20 spersed in a carrier, for example silica, alumina

or titanium oxide. The catalyst can contain other

oxides, for example oxides of alkaline, earth-alka-
line, rare-earth metals. The catalyst can also con-

tain another metal which can be active as

25 Fischer-Tropsch catalyst, for example a metal of
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groups 6 to 8 of the periodic table of elements, such as ruthenium, or it can be a
promoter, for example molybdenum, rhenium, hafnium, zirconium, cerium or
uranium. The metal promoter is usually present in a ratio, with respect to the

cobalt, of at least 0.05 : 1, preferably at least 0.1 : 1, even more preferably from
01:1t01:1.

The above catalysts are generally in the form
of fine powders usually having an average diameter
of between 10 and 70Qﬂm, preferably from 10 to 200

A, even more preferably from 20 to IOQ}m. The above
catalysts are used in the presence of a liquid pha-
se and a gaseous‘ phase. In the case of Fischer-
Tropsch, the liquid phase can consist of any inert

liquid, for example of one or more hydrocarbons ha-
ving at least 5 carbon atoms per molecule. Prefera-
bly, the 1liquid phase essentially cd;sists of
saturated paraffins or olefinic polymers having a
boiling point higher than 140°C approximately, pre-
ferably higher than about 280°C. In addition appro-
priate liquid media can consist of paraffins
produced by the Fischer—Tropsch reaction in the
presence of any catalyst, preferably having a boi-

ling point higher than 350°C approximately, prefe-

rably from 370°C to 560°C.
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The charge of solids, or the volume of ca-
talyst with respect to the volume of suspension or
diluent, can reach up to 50%, preferably from 5 to
40%.

In the case of Fischer-Tropsch, the feeding
gas comprising carbon monoxide and hydrogen, can be
diluted with other, denser gases up to a maximum of
30% in volume, preferably up to 20% in volume,
usually selected from nitrogen, methane, carbon
dioxide.

The feeding gas 1is normally introduced into
the bottom of the first stage of the reactor and
passes through thé stages up to the top of the re-
actor. The use of higher quantities of inert ga-
Seous diluents does not only limit the
productivity, but also requires costly separation
stages to eliminate the diluent gases.

The conditions, particularly of temperature
and pressure, for synthesis processes of hydrocar-
bons are generally well known. However in the pro-
cess of the present invention the temperatures can
range from 150°C to 380°C, preferably from 180°C to
350°C, even more preferably from 190°C to 300°C.

The pressures are generally higher than 0.5 MPa ap-

proximately, preferably from 0.5 to 5 MPa, more
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preferably from 1 to 4 MPa. An increase in tempera-
ture, with the other parameters remaining the same,
generally causes an increase in productivity; howe-
ver, in the case of Fischer-Tropsch, the selectivi-
5 ty to methane tends to increase and the stability
of the catalyst to decrease wilth an 1increase 1in
temperature.
As far as the ratio between hydrogen and car-
bon monoxide is concerned, this can vary within a
10 wide range.

Although the stoichiometric ratio H,:CO for

the Fischer-Tropsch reaction is about 2.1:1, most

processes in suspension use relatively 1low H,:CO

ratios. In the process of the present invention the

15 ratio H,:CO 1is from 1:1 to 3:1, preferably from
1.2:1 to 2.5:1.

The process of the present invention is illu-

strated hereafter with reference to figures 1 to 7.

Figure 1 shows the temperature profile (T in

20 Kelvin degrees) along the axis of the reactor in

adimensional co-ordinates (§¢) in the column reactor

considering plug flow conditions for both the gas
and the liquid/solid suspension and with a given

specific surface of thermal exchange per unit volu-

25 me (a,). The operating conditions are: surface ve-

8
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locity of the gas at the inlet of the reactor, U' =

0.30 m/s; volumetric fraction of catalyst in the

suspension, g, = 0.35; temperature at the inlet of

S

|

the reactor, T’ 513 K. In this figure the conti-

nuous line represents the temperature profile with

a, = 30.5 m°/m’, whereas the dashed line represents
the average temperature in the reactor, T = 513
K.

Figure 2 shows the temperature profile in the
column feactor considering plug flow conditions for
both the gas and the liquid-solid suspension, com-
paring the ideal isothermal case and the actual ca-

se. The operating conditions are: U' = 0.30 m/s;

S

= 0.35: T! 508.2 K; maximum limit temperature in-
side the reactor, T'"™ = 513 K. The continuous line
represents the actual case with a, = 32 m?/m’ whe-
reas the dashed line represents the ideal case.
Figure 3 shows the conversion profile of the
syngas in the column reactor considering plug flow

conditions for both the gas and the 1liquid-solid

suspension, comparing the ideal isothermal case and

the actual case. The operating conditions are: U' =

0.30 m/s; € = 0.35; T = 508.2 K; T = 513 K. The

S

continuous line represents the actual case with a

W

= 32 m’/m’' whereas the dashed line represents the
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ideal case.
Figure 4 shows the conversion of the syngas

(X) in relation to the superficial velocity of the

gas at the inlet of the reactor (U') and the number

5 of stages (N). For all the tests D 7 m; H= 30 m;
T = 513.2 K; P = 30 bars; (H,/CO) feed = 2.
Figure 5 shows the relative productivity (P,)

in relation to the superficial velocity of the gas

at the inlet of the reactor (U') and the number of

H

10 stages (N). The base case refers to N = 1, U!

0.10 m/s. For all the tests D = 7 m; H = 30 m; T

513.2 K; P 30 bars; (H,/CO) feeding = 2.
Figure 6 shows the increase in the specific
surface of thermal exchange per unit volume

15 [{a,(N)/a,(1)] in relation to the superficial velo-

city of the gas at the inlet of the reactor (U})

1

and the number of stages (N). For all the tests D

7 m; H= 30 m; T = 513.2 K; P = 30 bars; (H,/CO)

feed 2.

20 Figure 7 shows the partition of the specific
surface of thermal exchange per unit volume among

the various stages (a;) in relation to the number

of stages (N). For all the tests D 7 m; H= 30 m;

T = 513.2 K; P 30 bars; (H,/CO) feed = 2; the fi-

25 gure refers to a superficial velocity of the gas U

10
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= 0.30 m/s.

As 1is known to experts in the field, various
working regimes of the slurry bubble column can be
distinguished depending on the properties of the

5 gas, liquid and solids in question and on the ope-
rating conditions such as, temperature, pressure,
gas and liquid velocities, flow rates, concentra-
tion of the solids, design of the distributor.

At least two working regimes can be identi-

10 fied: homogeneous and heterogeneous. In the former
the gas phase flows through the suspension in the
form of small finely dispersed bubbles. The latter
can be represented by a generalized two-phase mo-
del, in which a first phase, called "diluted", con-

15 sists of the fraction of gas which flows through
the reactor in the form of large bubbles. The se-
cond ("dense") phase can be represented by the 1li-
quid phase 1in which the particles of solid are
suspended and the remaining gas fraction in the

20 form of small finely dispersed bubbles. The large

bubbles, having a greater rise velocity than the

small ones, can be essentially considered as being
in plug flow. The dense phase, consisting of the

liquid, the suspended solid and the small finely

25 dispersed bubbles, depending on the operating con-

11
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ditions and geometry of the reactor can be conside-

red as being in plug flow or completely mixed flow.

With reference to the Fischer-Tropsch reac-

tion, example 1 compares the expected conversion

5 level depending on the hypothetical flow conditions

for the gas phase and the liquid phase respecti-

vely. From the results of example 1, it can be ob-

served that although there is an evident advantage

in having plug flow conditions (rather than CSTR)

10 for the gas phase when there is a complete mixture

for the liquid phase, there is however as much evi-

dent an advantage when also the liquid phase (or
suspension) is in plug flow.

Similarly from example 2, referring to hetero-

15 geneous conditions, it can be observed that it is

again desirable and more convenient to have plug

flow conditions not only for the gas phase but also

for the liquid phase.
In exothermic processes, like the Fischer-
20 Tropsch process, creating PF conditions for the 1li-

quid leads to the disadvantage of having thermal

profiles in the column, i.e. temperature profiles
axially along the column. In Fischer-Tropsch type
processes, the operating temperature control in the

25 reactor 1is fundamental as it directly influences

12
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the selectivity of the reaction; it is also impor-
tant to prevent the catalyst from undesired over-
heating which could be harmful for it.

It is therefore essential to provide the reac-
tor with a suitable cooling system, consisting, for
example, of tube-bundles, coils or other types of
thermal exchange surfaces immersed in the bulk of
the slurry or situated in the internal surface of
the reaction column.

Example 3 (figure 1) shows, under the same
operating conditions and geometry of the reactor,
the comparison between the ideal case, assuming
isothermal conditions in the column, and the actual

case in which there is an axial profile and a maxi-

15 mum temperature can be identified, when plug flow

20

25

type conditions are adopted both for the gas phase
and for the liquid phase, containing the solids.
For each type of catalyst a temperature limit
(T''") can be identified above which it is not con-
venient to operate. This temperature (a function

not only of the typical properties of a catalyst,

such as activity and selectivity, but also of the
refractory properties of the catalyst itself) must

not be exceeded during the process.

Example 4 (figure 2) shows that by respecting

13
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the T''"™ value, an axial thermal profile should be
obtained which 1is completely below that of the
ideal 1isothermal profile; this implies that the
conversion reached with the actual plug flow case
(i.e. not isothermal) is lower than the ideal PF
case (i1.e. isothermal) as indicated in figure 3.
Under the typical operating conditions of co-
lumn reactors, the backmixing of the liquid-solid
suspension becomes more and more important as the
diameter of the column increases, to the point that
it can realistically be claimed that for industrial
reactor sizes the liquid phase is completely mixed
(when 1its superfiéial velocity is limited). On the
other hand it is just as legitimate to assume PF
for the gas, in proéesses in which its flow rate is
high and its superficial velocity is high.
Consequently from example 5, simulating the

slurry column with the CSTR model for the liquid

and PF for the gas, it can be observed that the fi-
nal conversion reached increases with the number of

stages, with the same total reaction volume. In ot-

her words what could be obtained in several reac-
tors 1in series, can be obtained in a single
multistage reactor.

From figure 4 it can be observed that already

14
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with 4-5 stages a 90% gain in conversion is obtai-
ned. This means that, with the same inlet gas flow
rate (or superficial velocity of the gas) and total
reaction volume, it is possible to obtain a higher
productivity (fig. 5) by adopting one or more sepa-
rating means.

Figure 5 shows that for a classical "single
stage” reactor (N=1), with an increase in the gas
flow rate (or superficial velocity of the gas), the
conversion in the reactor decreases whereas the

productivity increases.

This behaviour can be explained if we consider
that the reaction‘takes place in a completely mixed
ligquid phase (CSTR). As a result, the reaction rate
depends on the final concentration of the reagents
in liquid phase, concentration which is higher for
smaller conversions of the reagents. 1In other
words, with a higher concentration of the reagents
in liquid phase there is a higher reaction rate and
therefore a higher productivity. Consequently in

the case of the classical reactor (N=1) the increa-

se 1n productivity 1is detrimental to the conver-
sion; therefore the higher the productivity

required, the higher will be the quantity of non-

converted reagents to be recovered and/or recycled.

15
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One of the advantages of the process of the
present invention consists in the fact that it al-
lows (owing to a number of stages which is higher
than 1) an increase in productivity, also compensa-
ting the loss in conversion.

In fact it can be seen from figure 5 that,
with the same total reaction volume, a conversion
of at least 95% is obtained with a single stage
when the superficial velocity of the gas is 0.1
m/s, with at least 2 stages when the velocity is
0.2 m/s, with at least 3 stages when it is 0.3 m/s.
In this way the productivity is doubled by going
from 1 to 2 stageé (and from 0.1 to 0.2 m/s) and is
almost tripled when going from 1 to 3 stages (and
from 0.1 to 0.3 m/s).

It should be pointed out that for each flow
rate of gas (or superficial velocity of gas) and
total reaction volume, there is a conversion limit
increasing the number of stages, which corresponds
to that which would be obtained in the case of plug
flow of the liquid. In fact it can be observed in
figure 5 that when N=10 (practically corresponding
to a PF of the liquid), the conversion levels rea-

ched decrease with an increase in the superficial

velocity of the gas.

16
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The hypothesis of isothermicity can be validly
accepted owing to the fact that independent cooling
systems are adopted for each single stage.

In example 6, for the same operating condi-

5 tions applied in example 5, the specific heat ex-
change surface area was calculated per unit volume.
Figure 6 compares these values in relation to the
number N of stages and superficial velocity of the
gas. It can be observed that the specific exchange

10 surface area increases with the number of stages N

in relation to the increase in conversion induced
by the increase itself in the number of stages. To
ensure 1isothermal conditions along the reactor, or
in each stage, the heat exchange surface area ex-
15 pected for each stage is proportional to the quan-
tity of heat produced in the same stage. Figure 7
(example 6) shows how the heat exchange surface
area 1s distributed in each stage as a function of
the total number of stages into which the global
20 reaction volume is to be partitioned.

The following examples are provided for a bet-

ter understanding of the present invention.
EXAMPLE 1: Comparison between different ideal mo-

dels of three-phase column reactor operating in the

25 homogeneous regime, applied to the case of the Fi-

17
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scher-Tropsch synthesis.

To describe the behaviour of a three-phase column
reactor operating in the homogeneous regime at
least three ideal models can be identified:

l. a model in which both the gas phase and the 1i-
quid phase, containing the suspended solids, can be
considered as being completely mixed (CSTR) .

material balance in the gas phase:

CG.
QGCG j QGCG,I (kLa) ("—"' —Cr 1]

l

material balance in the liquid phase:

OLcLz Qreri =—(ka ),(S’gj{'_cl.:) +er VR,
wherein:
QJ = volumetric flow rate of gas at inlet of the
reactor;
Q; = volumetric flow rate of gas at outlet of the
reactor;
Q) = volumetric flow rate of liquid at inlet of

the reactor:

Q, = volumetric flow rate of liquid at outlet of

the reactor:

cg = molar concentration of the reagent i in the

, 1

gas phase at the inlet of the reactor;

C;,; = molar concentration of the reagent i in the

gas phase at the outlet of the reactor;

c,; = molar concentration of the reagent i in the

, 1

18
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liquid phase at the inlet of the reactor:

C,; = molar concentration of the reagent i in the

ligquid phase at the outlet of the reactor:

(k,a), = gas-liquid volumetric mass transfer coeffi-

5 cient referred to the reagent i;

H, = Henry constant referred to the reagent i;

1

€, = hold-up of the suspension (liquid plus solid);

V., = reaction volume;

R; = consumption rate of the reagent i in 1liquid
10 phase referred to the volume of non-aerated suspen-
sion;
i = H,, CO.
As the reaction rate takes place with consumption

of the number of moles, to take account of the vo-

15 lumetric contraction of the gas:

Q = 0°(1 +aX)

is introduced, wherein:

X = conversion of the synthesis gas;

a = contraction factor = [-Q(X=1)/Q(X=0).

20 2. A model in which it is assumed that only the 1li-
quid phase, containing the suspended solid, is com-
pletely mixed (CSTR), whereas the gaseous phase

flows in the column in plug flow (PF):

material balance in the gas phase:

a(UGCG,I’) CG,i

25 , g = Gy (e )

19
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material balance in the liquid phase:

CG.
QLC;, Qreri = *Af (kLa);("“L“CL:)dZ +e1 VR,

I

wherein:

u; = superficial velocity of the gas;

2 z = axial coordinate of the reactor;

A

i

free section of the reactor;

H = height of the aerated suspension (liquid plus

solid plus gas).

3. A model in which both the gas phase and the 1li-
10 quid phase, containing the suspended solid, are

considered as being in plug flow within the column

(PF) :

material balance in gas phase:

"(“G"Gi) CG.i .
——— = (kL ),(WL‘CL:)

dz

15 material balance in liquid phase:

d(’chL»i) CG,i

) () v

I

l

wherein:

u, = superficial velocity of the liquid phase.

The liquid phase, containing the suspended so-
20 lids can be under batch conditions or have a cocur-

rent flow with the gas stream fed to the reactor

from the bottom of the column.

The comparison among the different models is

made with the same total reaction volume and opera-

20
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ting conditions, assuming isothermal conditions.
The kinetic refers to a standard catalyst based on
Cobalt. The solid is considered as being uniformly
distributed in the whole length of the reactor. The
5 calculations are made using three different calcu-
lation programs specifically developed to describe
the above models applied to the Fischer-Tropsch
synthesis reaction. The geometry of the reactor,
the operating conditions and results obtained are

10 shown in table 1.

21
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Table 1
Reactor dimensions
Diameter 7 m
5 Height 30 m

Operating conditions
Temperature 240°C
Pressure | 30 bars
Composition of

10 inlet gas H,/CO = 2 (+ 5% inert products)
Assumed contraction
factor a = - 0.638
Inlet gas velocitf 12.5 cm/s
Inlet liquid velocity 1.0 cm/s

15 Solid concentration
(volume fraction) 0.20
Density of suspension 728 kg/m’
(liquid + solid)
Results of models: 1 2 3

20 Conversion of the
synthesis gas 74% 85% 05%

--*“_——_—-—“*—_-"—_—__-__—-“__-“——_-m-——**——- Ry whua GEEES S Wil abisse waband | ey

Table 1 clearly shows the gain in conversion obtai-
ned by shifting from completely mixed conditions

25 for both phases to conditions in which plug flow

22
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conditions are assumed, at least for the gas phase.
The greatest gain however is obtained when both
phases, gas and 1liquid, containing the suspended
solids, are in plug flow conditions. In this case,
5 for isothermal conditions, the conversion reached,
under the same conditions, is the maximum one.
EXAMPLE 2: Comparison between different ideal mo-
dels of three-phase column reactor operating in the
heterogeneous regime, applied to the case of Fi-
10 scher-Tropsch synthesis.
Operating in the heterogeneous regime there is a
distinction between the fraction of gas present in
the diluted =zone ‘and flowing in the column in the
form of large bubbles with a plug flow, and the re-
15 maining fraction of gas which is entrained in the
dense phase in the form of small bubbles, the dense

phase consisting of the liquid and dispersed solid.

Also in this case, as in the previous example, the

results obtained with three different ideal models
20 were compared:

1. A model in which the diluted phase is in plug

flow (PF), whereas the dense phase is completely
mixed (CSTR), but the contribution of the small

bubbles is ignored and it is assumed that the whole

25 flow rate of gas entering the column flows into the
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reactor in the form of large bubbles:

material balance in gas phase (diluted phase):

UGCG,,')

material balance in liquid phase (dense phase):

G,
S5 QLCL,—QLCL,:' . “"AI (kLa) (—“—L_CLI)dZ +8LVLR

l

2. A model in which the diluted phase is in plug
flow (PF), whereas the dense phase, including the
fraction of small bubbles, is completely mixed
(CSTR) :

10 material balance in gas phase (diluted phase):

d((uG — de)CG,large.i) ~ (k a) (CG,large,i . )
K A " CLi

material balance in gas phase (small bubbles in the

dense phase):

0 — (& CG.small i
Udg CG,:‘_CG,SmGH.f "' ( La)smaﬂ,,i H’, —CLi

15 material balance in liquid phase (dense phase):

Qgcg; QLCLI =
(CGlargei ) (CG,smalli )
~A | (kja ————cy ;1dz —A(k; a \——-C7 ;) +EI VI R;
I ( L )]arge;k H L,I} ( L )small”lk Hi L,l) L7 L1\

wherein the subscripts large and small refer to the

gas contained in the large bubbles and the gas con-

20 tained in the small bubbles, respectively, whereas:

u,, = superficial velocity of the gas in the dense
phase;
(u;-u,,) = superficial velocity of the gas in the

diluted phase.
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For all the other symbols the definitions indicated

in example 1 are valid.
3. A model in which both the diluted phase and the
dense phase are assumed to be in plug flow (PF):

material balance in gas phase (diluted phase):

d(uGcG.,-)

CG.i
" 7~ (kya .(——-—3—-—0 )
- (L ); Hi L.i

material balance in liquid phase (dense phase):

d("LCL,i) CG.i

— :—(k;la),.[—-i{-;—--c[h,-) + €7 R;

Also for this example the same assumptions made for
example 1 are valid, i.e. the liquid phase contai-
ning the suspended solid, can be batch or in a co-
current flow respect to the gas stream fed to the
reactor bottom; the comparison between the diffe-
rent models is carried out adopting the same total
reaction volume and operating conditions, assuming
isothermal conditions; the kinetics refers to a
standard catalyst based on Cobalt; the solid 1is

considered as being uniformly distributed within

the whole length of the reactor. The calculations
are made using the same calculation programs used

in example 1. The geometry of the reactor, the ope-
rating conditions and results obtained are shown in

Table 2.
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Table 2
Reactor dimen S
Diameter 7 m
5 Height 30 m

Operating conditions
Temperature 240°C
Pressure | 30 bars
Composition of inlet

10 gas IQ/CO = 2 (+ 5% inert products)
Assumed contraction
factor a = - 0.638
Inlet gas velocit? 30 cm/s
Inlet liquid velocity 1.0 cm/s

15 Solid concentration
(volume fraction) 0.35
Density of suspension 794 kg/m’
(liquid + solid)
Results of models: 1 2 3

20 Conversion of the
synthesis gas 89 % 87% 98%

D Pigic WHPEp SANJ) TIPS SIS GPEED AIIED WIIND GINND AINED I TENED TN GEEN T unveb cammy oyl A Sdewr b iy camme by wdmi S PRy SRR MR i) SEERE N I G SIS GEEED SIS IS TEEmn eampy amps annbtd eanih eonhi b whbiy wall ey dE—— -

From the results obtained, it can be seen that

the introduction of a certain degree of backmixing,

25 due to the effect of the small bubbles entrained in
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the completely mixed dense phase (model 2), reduces
the conversion of the synthesis gas. Also in this
case operating with both phases in plug flow gua-
rantees maximum conversion.
EXAMPLE 3: Temperature profile in the three-phase
column reactor when in the case of both the gas
phase and liquid phase, containing the suspended
solid, are considered plug flow conditions and heat
exchange is obtained with an internal cooling sy-
stem. Application to the Fischer-Tropsch synthesis.
The assumption of isothermicity for the three-
phase bubble column reactor operating in plug flow
conditions for both the gas phase and liquid phase,
containing the suspended solid, is not very reali-
stic if extremely exothermic reactions are conside-
red. Even if the heat is removed by an internal
cooling system, an axial temperature profile may be
established inside the column, whose maximum de-
pends on the conditions of the reaction system and
properties of the cooling system. If under the con-

ditions of table 2, instead of assuming isothermal

conditions, the heat balance is introduced:

Cp.SLPSL uz,g =g (-AH)coRco — hwaw (T - Ty)

wherein:

C,s, = specific heat of the suspension (liquid plus
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solid);

p.,, = density of the suspension (liquid plus solid);

T = temperature inside the reactor;

T = temperature of the cooling fluid;

5 h, = overall heat exchange coefficient;
a, = specific exchange surface area per unit volu-
me ;
(-AH)., = enthalpy of reaction referred to the rea-
gent CO;

10 R, = consumption rate of the reagent CO in the 1li-

gquid phase referred to the volume of non-aerated
suspension.
The temperature profile obtained, considering the
additional conditions described in table 3, is
15 shown in fig. 1. In this figure, curve A refers to
the temperature profile in the reactor, whereas 1li-
ne B on the other hand corresponds to the average
temperature inside the reactor. In the heat balance

indicated above the contribution of the gas phase

20 is neglected, whereas it is assumed that the gas,
ligquid and solid are at the same temperature 1in
each section of the reactor. The additional hypot-

hesis relating to the thermal exchange is that the

temperature of the cooling fluid is maintained con-

25 stant.
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Table 3

AEpEy PO s g ‘ennis onmms mminly Jenlk AW TEED FUUNR NP SEPEP SRS aEpR angipe eniagy Spapy ks wliinl chinly oap sanies wanil whinhd sk A L VMRS GEED VRS D AP TR TS AEND A AR Al D D A VYT IS Y TEED STV AN SN S e
@_*___——_m_*_*“““_u“_~_~“_-——__"_.—_—__m_

Additional operating conditions:

Temperature at inlet of

5 the reactor 240°C
Temperature of the cooling
fluid ' 230°C
Overall heat exchange
coefficient 0.39 kcal/m’skK

10 Specific exchange surface
area per unit volume 30.5 m*/m’
Heat of reaction referred

to the reagent CO ~41.09 kcal/mol CO

ek s dumms gt sumsk susmn abed shiehh mibiis SMED ARG A AR S oD Gl WalER JAEMD VD VD N D AN AN AEEE A D D IS D A T SN D AN G NN el D A SR vl ainl ARG AN AMEEE SIS SN G I el

15 EXAMPLE 4: Temperature profile in the three-phase

column reactor in the case that both the gas phase
and the liquid phase, containing the suspended so-

lid, are considered as being in plug flow and heat

exchange is obtained with an internal cooling sy-
20 stem. A maximum temperature limit, which can be re-
ached inside the reactor, is established.

Application to the Fischer-Tropsch synthesis.
For each type of catalyst a temperature limit,
T);n» can be identified, above which it is not con-

25 venient to operate. That means, assuming both the
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gas and the liquid with the suspended solid in plug
flow conditions, it 1s necessary to control the
temperature profile so as not to exceed this 1limit

value in any point of the column. In the case de-
scribed in example 3, if the value of 240°C is
fixed as T,, , to enable this limit to be satisfied
it is necessary to improve the thermal exchange, by
introducing for example a higher heat exchange sur-
face area. Table 4 indicates the new operating con-
ditions to bring the profile described in figure 1
(curve A) below the temperature limit.

Table 4

-—-——-—__“_—_*"““"“"“-——_—_-—_-—--“""““__-—__—__---
—_—_-__——__-__ﬂ—__-ﬂ_-“—“_——_————--—_.““_*u_—_—-—_———"m

New operating conditions:

Temperature at inlet of

the reactor 235°C
Temperature of cooling

device 230°C
Overall heat exchange

coefficient 0.39 kcal/m’sK
Specific exchange surface area

per unit volume 32 m’/m’
Heat of reaction referred

to the reagent CO ~41.09 kcal/mol CO

————nﬂ———-._—.—n-—-—“——w-——-—-—----w-“_mﬂ.-"-.-_____-_—____——__-
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With the new parameters deriving from iterati-
ve processes with the calculation model, the axial
temperature profile which is obtained in the reac-
tor is that described in fig. 2 (curve A). As in

5 the case of exothermic reactions, and in particular
the Fischer-Tropsch synthesis, the kinetics are ac-
tivated by the temperature. Operating with a tempe-
rature profile would mean, under the same
conditions, obtaining a lower yield if compared to

10 the case with constant temperature, equal to the

maximum limit at which it 1is possible to operate
with a certain catalyst (curve B, figure 2). Figure
3 shows the conversion profiles in the column in
the ideal isothermal case (curve B) and in the ac-
15 tual case (curve A) with the temperature profile
described in figure 2. As can be seen from figtire
3, the final conversion reached in the column reac-
tor with the ideal hypothesis corresponds to 98%,
whereas with the .actual hypothesis the conversion
20 of the synthesis gas is reduced to 93%.
EXAMPLE 5: Multistage reactor in which the gas pha-
se is considered as in plug flow in each stage,
whereas the liquid phase, containing the solids, is
completely mixed in each stage. Application to the

25 Fischer-Tropsch synthesis. I. Conversion of the
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synthesis gas and productivity of the column reac-
tor against the number of stages.
Adopting model 1 of example 2 to describe the
behaviour of each stage, the corresponding calcula-
5 tion program was modified to study the influence of
the number of stages into which a certain reaction
volume is divided, maintaining isothermal condi-
tions inside each stage and the whole column. The
comparison between the performances of the reactor
10 obtained with a varying number of stages was made
for different superficial velocities of the gas. In
this example it is assumed that the distance bet-
ween the separating means is constant, i.e. that

all the Stages have the same height. The operating

15 conditions are described in table 5.
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Dimensions of the reactor:

Diameter 7 m
5 Total height 30 m
Number of stages 1 - 10

Operating conditions:

Temperature 240°C
Pressure 30 bars
10 Composition of

gas feed H,/CO = 2 (+ 5% inert products)

Assuxﬁed contraction

factor a = - 0.638
Inlet gas velocity 10-40 cm/s
15 Inlet liquid velocity 1.0 cm/s

Solid concentration
(volume fraction) - 0.35
Density of suspension | 794 kg/m’
(liquid + solid)
20 ======s=sssssssososSsSosss=ssoosssSSossoomms==szoo=s
Figure 4 shows the final conversions obtained
at the outlet of the entire column for different

superficial velocity of the gas in relation to the

number of stages into which the column is divided.

25 As can be observed from figure 4, by increasing the
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number of stages, the final conversion level in-
creases, even if over a certain number of stages
the conversion tends to reach an asymptote. This
asymptote is that corresponding to the assumption
of plug flow conditions also for the liquid phase,
containing the suspended solid, under isothermal
conditions. From figure 4 it can also be noted that
90% of the gain in conversion already takes place
in the first 4 stages. As a result of the increase
in conversion, the productivity of the reactor in-
creases as the number of stages increases, the ot-
her conditions remaining the same. Figure 5 shows
the relative productivity values, PR, with a va-
rying number of stages and for different superfi-
cial velocity values of the gas at the inlet of the
reactor, referring to the base case corresponding
to the classical reactor, with a single stage and a
gas velocity of 10 cm/s. As can be noted in figure
5, which also indicates the respective conversion
levels for each relative productivity, the increase
in superficial velocity of the gas itself causes a
considerable increase in the productivity, to the
detriment however of the final conversion level re-

ached in the column. This means that the increase

in the gaseous flow rate in the classical reactor
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(with a single stage), on one hand improves the

productivity, but on the other hand implies a grea-
ter quantity of non-converted reagents which must
be recovered and possibly recycled, causing higher
5 plant and operating costs. The reactor with various
stages, on the contrary, allows high productivity
values, maintaining high conversion levels of the
reagents, in other words improving the performances
of the classical reactor with the same operating

10 conditions and geometry of the column.

EXAMPLE 6: Multistage reactor in which the gas pha-

se is considered as in plug flow in each stage,

whereas the liquidphase, containing the suspended

solid, is completely mixed in each stage. Applica-

15 tion to the Fischer-Tropsch synthesis. II. Increase

and partition of the heat exchange specific surface
area per unit volume.

In example 5, to maintain isothermicity within

each stage and in the whole column, all the heat

20 produced by the reaction was removed in each stage.

The heat exchange specific surface area per unit

volume to be introduced into each stage was calcu-
lated, while the heat exchange coefficient and tem-

perature of the cooling fluid remain the same. With

25 an increase in the number of stages, with the same
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reaction volume and operating conditions, the total
heat exchange surface area increases due to the in-
crease in conversion. Figure 6 shows the increases
in the specific heat exchange surface area,
5 a (N)/a (1), referred to the case of the classical
reactor (single stage), varying the number of sta-
ges (from 1 to 4) for different superficial velo-
city values of the gas. Table 6 shows, in the case
relating to 30 cm/s as superficial velocity of the
10 gas, the division of the specific heat exchange
surface area per unit volume among the various sta-

ges, a with a variation in the number of stages.

R
In figure 7, on tﬁe other hand, the values of table
6 are indicated in the form of a diagram. The same
15 distribution of the heat exchange surface area 1s

qualitatively verified with different gas velociti-

es.
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Table 6
Number of a,
stages
5 N, .=1 N..,.=2 N..,.=3 N...=4
I 1 0.642 0.437 0.328
II 0.358 0.378 0.31
III -~ 0.185 0.249
IV 0.113
10 total 1 1 1 1

—_-_——___"_———-_—ﬂmp“““-———"——ﬂt_-__——-“_-__—wa*“*"—“_—

From the examples described above, it can be
seen that Operatiﬁg under such conditions that both
the gaseous and liquid phase can be considered as

15 being in plug flow, improves the performance of the
reactor, with respect to both conversion and pro-
ductivity. However, the temperature profiles obtai-
ned in the column with a classical, single-stage
reactor, if plug flow conditions are verified for

20 both phases, are disadvantageous when operating un-

der a certain temperature limit. With the multista-
ge reactor it is possible:
1) to approach the plug flow behaviour of the gas

phase and liquid phase, containing the suspended

25 solid,
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2) to maintain the solid uniformly suspended owing

to the almost complete mixing conditions for the

ligquid phase within each stage,

3) to maintain isothermal conditions within each
5 stage and in the whole reaction column.

In this way the performances of the reactor

are improved in terms of conversion and productivi-

ty.
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WHAT IS CLAIMED |S:

A process for the optimum operation of a bubble column reactor in the
presence of a gas phase and a liquid phase with suspended solid, which
involves the formation of prevalently heavy hydrocarbons starting from

gaseous mixtures comprising CO and Ho in the presence of suitable

catalysts, characterized in that:

1) the process is carried out in a number of stages in series of 2 2,

the temperature in each stage being controlled independently;

2) the flow conditions or the gas phase and liquid phase containing

the suspended solid are essentially plug flow, with a gas velocity of
between 3 cm/s and 200 cm/s and a liquid velocity of between 0
and 10 cm/s;

3) the solid concentration in each stage is essentially constant and
equal for each single stage, and is between 5 and 50% (vol. /vol.).

The process according to claim 1, characterized in that the gas velocity

is from 5 to 100 cm/s, the liquid velocity is from O to 2 cm/s.

The process according to claim 2, characterized in that the gas velocity
is from 10 to 40 cm/s, the liquid velocity is from 0 to 1 cm/s.

The process according to claim 1, characterized in that the
concentration of solid in each stage is from 10 to 45% (v/v).

The process according fo claim 4, characterized in that the
concentration of solid in each stage is from 25 to 40% (v/v).
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The process according to claim 1, characterized in that the temperature
profile is constant in each single stage and equal for all the stages.

The process according to claim 1, characterized in that the number of
stages is from 2 t0 5.

The process according to claim 7, characterized in that the number of
stages is from 3 to 4.

The process according to anyone of claim 1 to 8, characterized in that

the process comprises a Fischer-Tropsch reaction.
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"y

o Ug =0,10 m/s
O u2-=0,20 m/s
A ug =0,30 m/s
X ug =040 m/s
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X:BS, °/o

X =99.7 %

o u% =010 m/s
0 u% =0,20 m/s
A u% =0,30 m/s
X UOG 30,40 m/s
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