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0   Process  for  selective  hydrogenation  of  dienes  in  pyrolysis  gasoline. 

A  process  for  the  selective  hydrogenation  of  dienes  in 
pyrolysis  gasoline  which  comprises  catalytic  hydrogenation 
of  the  pyrolysis  gasoline  in  at  least three  consecutive  reactors 
(R,,  R2  and  R,)  in  at  least two  of  the  said  consecutive  reactors 
recirculating  part  of the  hydrocarbon  mixture  emerging  from 
a  reactor  over  that  reactor,  (5  and  7)  no  recirculation  of  the 
hydrocarbon  mixture  emerging  from  the  last  of  the  consecu- 
tive  reactor  (R,)  being  carried  out  over  that  reactor. 





This  i nven t ion   r e l a t e s   to  a  process   for  the  s e l e c t i v e  

hydrogena t ion   of  dienes  in  p y r o l y s i s   g a s o l i n e .  

As  wil l   be  known,  p y r o l y s i s   gasol ine   is  obta ined  as  a  b y -  

product   in  the  p r e p a r a t i o n   of  ethene  and/or  propene  by  means  o f  

h i g h - t e m p e r a t u r e   p y r o l y s i s   (e .g .   cracking  in  the  presence  o f  

steam)  of  gaseous  or  l i q u i d   hydrocarbons ,   such  as  naphtha  o r  

gas  o i l .  

Py ro ly s i s   g a s o l i n e s   on  the  one  hand  are  extremely  u n s t a b l e  

owing  to  the  presence  of  a  r e l a t i v e l y   high  p r o p o r t i o n   of  h i g h l y  

o l e f i n i c a l l y   u n s a t u r a t e d   hydrocarbons ,   and  on  the  other  hand 

conta in   aromatic  compounds  and  alkenes  having  a  high  oc t ane  

number  which  are  p a r t i c u l a r l y   va luab le   and  are  in  t h e m s e l v e s  

use fu l   as  s t ab le   motor  gaso l ine   components .  

In  order  to  obta in   a  s t ab le   gasol ine   with  high  o c t a n e  

number  from  a  p y r o l y s i s   gaso l ine   the  highly  o l e f i n i c a l l y   un-  

s a t u r a t e d   compounds,  which  mainly  cons i s t   of  dienes,   for  example 

those  of  the  c y c l o p e n t a d i e n e   type,   have  to  be  removed  t h e r e -  

from.  This  removal  may  be  achieved  by  p a r t i a l   hydrogenat ion   o f  

the  dienes  to  mono-o l e f in s .   Because  the  hydrogena t ion   of  mono- 

o l e f i n s   in  general   leads  to  a  r educ t ion   in  octane  number,  such 

a  hydrogenat ion   is  to  be  avoided  as  much  as  p o s s i b l e .   Moreover ,  

in  doing  so  the  hydrogen  consumption  is  kept  to  a  des i red   low 

l e v e l .  



It  is  known  to  hydrogenate   dienes  p r e s e n t   in  p y r o l y s i s  

ga so l i ne s   s e l e c t i v e l y   with  the  aid  of  c a t a l y s t s   with  hyd rogen -  

a t ing   a c t i v i t y   such  as  supported  c a t a l y s t s   compris ing  a  m e t a l  

o f   Group  VI  and/or   Group  VIII  of  the  Pe r iod i c   System  o f  

E l e m e n t s .  

In  order  to  convert   a  high  p r o p o r t i o n   of  the  d i e n e s  

o r i g i n a l l y   p r e s e n t   without   i n c u r r i n g   u n a c c e p t a b l y   high  p r o c e s s  

t e m p e r a t u r e s ,   i t   has  been  proposed  to  r ecyc le   par t   of  the  p r o d u c t  

ob ta ined   a f t e r   the  s e l e c t i v e   hyd rogena t i on   to  the  r e a c t o r   i n  

which  the  s e l e c t i v e   hydrogena t ion   is  being  c a r r i e d   out.  How- 

ever,  i t   is  f e l t   as  a  drawback  t ha t   during  such  a  process   an 

a p p r e c i a b l e   amount  of  mono-o le f ins   is  also  hydrogena ted ,   which  

leads  to  an  u n a t t r a c t i v e l y   high  hydrogen  consumpt ion .  

The  i n v e n t i o n   provides   a  s o l u t i o n   for  t h i s   problem  by  u s i n g  

at  l e a s t   th ree   consecu t ive   r e a c t o r s   and  a  s p e c i f i c   r e c i r c u l a t i o n  

p a t t e r n .  

Accord ing ly ,   the  i nven t ion   p rov ides   a  p rocess   for  t h e  

s e l e c t i v e   h y d r o g e n a t i o n   of  dienes  in  p y r o l y s i s   gaso l ine   which  

comprises  c a t a l y t i c   hydrogena t ion   of  the  p y r o l y s i s   gaso l ine   i n  

at  l e a s t   th ree   consecu t ive   r e a c t o r s ,   in  at  l e a s t   two  of  the  s a i d  

consecu t ive   r e a c t o r s   r e c i r c u l a t i n g   par t   of  the  hydrocarbon  m i x t u r e  

emerging  from  a  r e a c t o r   over  tha t   r e æ t o r ,  n o   r e c i r c u l a t i o n   of  t h e  

hydrocarbon  mixture   emerging  from  the  l a s t   of  the  c o n s e c u t i v e  

r e a c t o r s   being  c a r r i e d   out  over  t ha t   r e a c t o r .  

It  is  to  be  unders tood  that   r e c i r c u l a t i n g   par t   of  the  h y d r o -  

carbon  mixture   emerging  from  a  r e a c t o r   over  tha t   r e a c t o r ,   s t a n d s  

for  the  d i r e c t   r e c i r c u l a t i o n   of  the  said  hydrocarbon  m i x t u r e ,  

no  f u r t h e r   hyd rogena t ion   t he r eo f   being  c a r r i e d   out  in  any 

subsequent   r e a c t o r   before   the  r e c i r c u l a t i o n .  

It  is  e s s e n t i a l  t h a t   in  at  l e a s t   two  of  the  c o n s e c u t i v e  

r e a c t o r s   r e c i r c u l a t i o n   of  part   of  the  hydrocarbon  m i x t u r e  

emerging  f rom each  of  these  r e a c t o r s   over  the  r e l e v a n t   r e a c t o r  

is  c a r r i e d   out,   because  in  case  two  consecu t ive   r e a c t o r s   a r e  



used  and  the  r e c i r c u l a t i o n  i s   c a r r i e d   out  over  one  r e a c t o r   o n l y  

the  amount  of  dienes  s t i l l   p resen t   in  the  u l t i m a t e   product   o f  

the  process   cannot  be  brought   to  an  accep tab l e   low  l eve l   w i t h o u t  

ex t ens ive   hyd rogena t ion   of  the  mono-o le f ins ,   the  l a t t e r   g i v i n g  

r i se   to  an  u n d e s i r e d   high  l eve l   of  hydrogen  c o n s u m p t i o n .  

P r e f e r a b l y ,   the  number  of  consecu t ive   r e a c t o r s   is  t h r e e .  

More  r e a c t o r s   may  be  used,  and  the  r e c i r c u l a t i o n   as  d e s c r i b e d  

may  be  c a r r i e d   out  over  more  than  two  r e a c t o r s ,   but  in  g e n e r a l  

the  advantage  to  be  achieved  ( less   hydrogena t ion   of  m o n o - o l e f i n s  

at  a  p re se t   amount  of  dienes  in  the  u l t i m a t e   product)   does  n o t  

compensate  for  the  drawbacks  which  cons i s t   of  b u i l d i n g   and 

handl ing   of  an  ex t ra   r e a c t o r .  

The  c a t a l y s t   with  hydrogena t ing   a c t i v i t y   to  be  used  in  t h e  

r e a c t o r s   very  s u i t a b l y   c o n s i s t s   of  a  support   compris ing  one  o r  

more  metals  of  Group  VIB  and/or   Group  VIII  of  the  Pe r iod ic   System 

of  Elements  and/or   compounds  of  these  meta ls .   The  support   v e r y  

s u i t a b l y   c o n s i s t s   of  alumina,  s i l i c a   or  s i l i c a   alumina.  C a t a l y s t s  

compris ing  p la t inum  or  pa l lad ium  are  very  s u i t a b l e .   The  most 

p r e f e r r e d   c a t a l y s t   comprises  p a r t i a l l y   su lph ided   n icke l   on 

alumina  as  a  s u p p o r t .  

The  c a t a l y s t   very  s u i t a b l y   is  in  the  form  of  one  or  more 

f ixed  beds  in  the  r e a c t o r s ,   and  the  c a t a l y t i c   hydrogena t ions   a r e  

p r e f e r a b l y   c a r r i e d   out  by  pass ing   a  mixture  of  l i q u i d   and 

h y d r o g e n - c o n t a i n i n g   gas  in  downflow  over  the  c a t a l y s t   a c c o r d i n g  

to  the  t r i c k l e   flow  t echn ique .   In  th is   t e chn ique ,   the  s t a r t i n g  

hydrocarbon  oi l   which  is  p r e sen t   pa r t l y   in  the  l i q u i d   p h a s e  

and  p a r t l y   in  the  vapour  phase  is  allowed  to  flow  downward  i n  

the  presence   of  hydrogen  or  of  a  h y d r o g e n - c o n t a i n i n g   gas  over  a 

c a t a l y s t   in  the  form  of  a  f ixed  bed,  the  unvapor ized   par t   o f  

the  s t a r t i n g   m a t e r i a l   flowing  over  the  c a t a l y s t   p a r t i c l e s   i n  

the  form  of  a  th in   l i q u i d   l a y e r .  

The  r e c i r c u l a t i o n   r a t i o s   over  the  r e s p e c t i v e   r e a c t o r s   a r e  

to  be  chosen  such  tha t   in  each  of  these  r e a c t o r s   the  r a t i o   o f  

the  dienes  hydrogenated   to  mono-olef ins   on  the  one  hand  and 



the  mono-o le f ins   hydrogena ted   to  p a r a f f i n s   on  the  other   h a n d ,  

is  high  because  in  t h i s   way  the  o v e r a l l   hydrogen  consumpt ion  

is  kept  low.  It  has  been  found  tha t   the  weight  r a t i o   of  t h e  

hydrocarbon  mixture  r e c i r c u l a t e d   to  the  f i r s t   r e a c t o r   and  t h e  

p y r o l y s i s   ga so l ine   fed  t h e r e t o   very  s u i t a b l y   is  from  5  to  15, 

in  p a r t i c u l a r   from  9  to  11.  The  p r e f e r r e d   weight  r a t i o   of  t h e  

hydrocarbon  mixture  r e c i r c u l a t e d   to  the  second  r e a c t o r   and  

the  hydrocarbon  mix ture   emerging  from  the  f i r s t   r e a c t o r   w h i c h  

is  fed  to  the  second  r e a c t c r ,   has  been  found  to  be  from  2  to  4.  

No  r e c i r c u l a t i o n   is  to  be  used  in  the  f i n a l   r e a c t o r   o f  

the  consecu t ive   r e a c t o r s ,   because  the  amount  of  dienes  s t i l l  

p r e sen t   in  the  hydrocarbon  mixture  fed  to  tha t   r e a c t o r   is  so 

low  tha t   at  r e l a t i v e l y   high  space  v e l o c i t y   hyd rogena t ion   t h e r e o f  

to  mono-o le f ins   can  lead  to  the  de s i r ed   c o n c e n t r a t i o n   of  d i e n e s  

in  the  e f f l u e n t   wi thout   undue  hyd rogena t ion   of  mono-o le f ins   t o  

p a r a f f i n s .  

The  hydrogen  to  be  employed  in  the  c a t a l y t i c   h y d r o g e n a t i o n  

may  be  pure  or  in  the  form  of  a  h y d r o g e n - c o n t a i n i n g   gas.  The 

gases  employed  should  p r e f e r a b l y   conta in   more  than  50%  by  volume 

of  hydrogen.  Very  s u i t a b l e   are,   for  example,  the  h y d r o g e n - c o n -  

t a i n i n g   gases  ob ta ined   in  the  c a t a l y t i c   reforming  or  s t e a m -  

reforming  of  ga so l ine   f r a c t i o n s ,   and  mixtures   of  hydrogen  and 

l i g h t   hydrocarbons .   Any  excess  of  h y d r o g e n - c o n t a i n i n g   gas  i s  

advan tageous ly   r e c y c l e d ,   p o s s i b l y   a f t e r   the  p rev ious   removal  o f  

undes i r ed   components  t h e r e f r o m .  

The  c a t a l y t i c   hyd rogena t i ons   are  very  s u i t a b l y   c a r r i e d   o u t  

at  the  fo l lowing   c o n d i t i o n s   in  the  r e a c t o r s :   a  t e m p e r a t u r e   i n  

the  range  from  50-250°C,  p r e f e r a b l y   50-150°C,  a  t o t a l   p r e s s u r e  
in  the  range  from  10-80  bar  a  and a  hydrogen  p a r t i a l   p r e s s u r e   i n  

the  range  from  5-60  bar  a .  

The  l i q u i d   hourly  space  v e l o c i t y   of  the  hydrocarbon  m i x t u r e  

which  is  fed  to  a  r e a c t o r   for  the  f i r s t   time  ( e . g . ,   the  f r e s h  

feed  fed  to  the  f i r s t   r e a c t o r   or  tha t   par t   of  the  e f f l u e n t   of  a 



r e a c t o r   which  is  fed  to  the  next  r e a c t o r )   may  vary  for  any  r e a c t o r .  

In  order  to  c a l c u l a t e   the  space  v e l o c i t y   of  the  mixture  o b t a i n e d  

a f t e r   combination  of  the  r ecyc le   l i q u i d   and  the  hydrocarbon  m i x t u r e  

which  is  fed  to  a  p a r t i c u l a r   r e a c t o r   for  the  f i r s t   t ime,  the  space  

v e l o c i t y   of  the  l a s t - m e n t i o n e d   hydrocarbon  mixture  is  to  be  

m u l t i p l i e d   by  the  r e c i r c u l a t i o n   r a t i o   used  for  that   r e a c t o r .  

Very  s u i t a b l y   t h e  l i q u i d   hourly  space  v e l o c i t i e s   of  the  m i x t u r e s  

ob ta ined   a f t e r   combinat ion  of  the  recyc le   l i q u i d   and  the  h y d r o -  

carbon  mixture  which  is  fed  to  a  p a r t i c u l a r   r e a c t o r   for  the  f i r s t  

t ime,  are  between  5 and  50  and  p r e f e r a b l y   between  10  and  20  kg 
mixture  per  l i t r e   c a t a l y s t   per  hour.  At  lower  space  v e l o c i t i e s  

the  extent   of  heat  r e l e a s e   of  the  hydrogena t ion   r e a c t i o n   may  be  

such  tha t   t empera tu re   con t ro l   becomes  d i f f i c u l t   if  not  i m p o s s i b l e .  

The  space  v e l o c i t i e s   of  the  hydrocarbon  mixtures   fed  for  t h e  

f i r s t   time  to  a  p a r t i c u l a r   r e a c t o r   to  which  r e c y c l i n g   is  t a k i n g  

p l ace ,   wil l   in  genera l   be  less   than  5  kg  per  l i t r e   c a t a l y s t   p e r  

h o u r .  

In  the  l a s t   r e a c t o r ,   the  feed  of  which  only  c o n t a i n s  

r e l a t i v e l y   low  amounts  of  d ienes ,   the  space  v e l o c i t y   very  s u i t -  

ably  ranges  from  2-20  and  p r e f e r a b l y   from  5-10  kg  feed  per  l i t r e  

c a t a l y s t   per  h o u r .  

The  r a t i o   of  f resh   gas  to  f resh  feed  very  s u i t a b l y   is  from 

50-500  Kl  gas  per  kg  feed,  and  the  r a t i o   of  recycle   gas  to  f r e s h  

feed  from  200-500  Nl  gas  per  kg  f e e d .  

The  accompanying  f i gu re   1  r e p r e s e n t s   a  s i m p l i f i e d   f low 

diagram  of  a  s u i t a b l e   embodiment  of  the  process   according  t o  

the  i nven t ion .   In  t h i s   f igure   var ious   a u x i l i a r y   devices ,   such 

as  pumps,  cocks,  va lves ,   con t ro l   va lves ,   etc.   have  been  

o m i t t e d .  

A  py ro ly s i s   gaso l ine   is  fed  in  via  l ine   1,  and  a f t e r   mix ing  

with  a  h y d r o g e n - c o n t a i n i n g   gas  suppl ied   via  l ine   2,  i n t r o d u c e d  

into  r e a c t o r   E1  via  l ine   3.  Reactor  R1  conta ins   one  or  more 

f ixed  beds  of  c a t a l y s t .   The  e f f l u e n t   of  R1  is  led  via  l i n e  

to  s e p a r a t i o n   vesse l   V1  in  which  gas  and  l i q u i d   (the  l a t t e r  



c o n s i s t i n g   s u b s t a n t i a l l y   of  hydrocarbons)   are  s e p a r a t e d .   P a r t  

of  the  l i q u i d   is  t r a n s p o r t e d   via  l ine   5,  mixed  with  p y r o l y s i s  

g a s o l i n e   from  l ine   1  and  r e c i r c u l a t e d   to  R1  via  l ine   3.  The 

remainder   of  the  l i q u i d   in  V1  and  the  gas  are  forwarded  v i a  

l ine   6,  mixed  with  a  l i q u i d   stream  emerging  from  s e p a r a t i n g  

v e s s e l   V2  via  l ine   7,  and  fed  to  r e a c t o r   R2  via  l ine   8. 

Reactor   R2  con ta ins   one  or  more  f ixed  beds  of  c a t a l y s t .   The 

e f f l u e n t   from  r e a c t o r   R2  is  forwarded  via  l ine   9  to  s e p a r a t i o n  

v e s s e l   V2,  in  which  vesse l   l i q u i d   and  gas  are  s e p a r a t e d .   P a r t  

of  the  l i q u i d   is  r ecyc led   via  l ine   7  as  d e s c r i b e d ,   and  t h e  

remainder   of  the  l i q u i d   and  the  gas  from  V2  are  fed  to  r e a c t o r  

R3  via  l i ne   10.  The  e f f l u e n t   from  r e a c t o r   R3,  which  r e a c t o r  

c o n t a i n s   one  or  more  fixed  beds  of  c a t a l y s t ,   is  led  t o  

s e p a r a t i o n   v e s s e l   V3  via  l ine   11.  In  V3  gas  and  l i q u i d   a r e  

s e p a r a t e d .   The  l i q u i d   is  removed  via  l ine   12  as  the  f i n a l  

p roduc t   of  the  p roces s ,   the  gas  from  V3  is  ( i f   de s i r ed   a f t e r  

p u r i f i c a t i o n )   forwarded  via  l i n e  1 3   to  l ine   2,  in  which  l i n e  

f resh   h y d r o g e n - c o n t a i n i n g   gas  is  fed  via  l ine   14. 

EXAMPLE 

The  p rocess   was  c a r r i ed   out  accord ing   to  the  flow  scheme 

given  in  Figure  I .  

Fresh  feed  in  l ine   1  c o n s i s t e d   of  a  p y r o l y s i s   g a s o l i n e  

which  con t a ined   60.2%w  dienes  and  20.0%w  m o n o - o l e f i n s .   Th is  

feed  was  added  at  a  space  v e l o c i t y   of  1.48  kg / l   c a t a l y s t   in  R1/ 

hour.   The  c a t a l y s t   in  a l l   r e a c t o r s   c o n s i s t e d   of  p a r t i a l l y  

s u l p h i d e d   n i cke l   on  alumina,  the  amount  of  n i cke l   being  10.7%w 

on  c a r r i e r .   The  i n l e t   t empera tu re   of  R1  was  63°C,  the  t e m p e r -  

a ture   at  the  o u t l e t   of  th i s   r e a c t o r   was  90°C,  the  a v e r a g e  

p r e s s u r e   in  R1  was  62.5  bar  a  (H2  p a r t i a l   p r e s s u r e   45.4  bar  a ) .  

The  e f f l u e n t   of  R1  was  s epa ra ted   in  V1  at  90°C,  and  10  t i m e s  

the  amount  of  l i q u i d   fed  via  l ine   1  was  r e c y c l e d   from  V1  v i a  

l i n e   5  ( r ecyc l e   r a t i o   10).  This  r e cyc l e   l i q u i d   conta ined   18.4%w 

d ienes .   The  remainder   of  the  l i q u i d   and  the  gas  in  V1  were  l e d  



via  l ine   6  at  a  space  v e l o c i t y   of  4.13  kg / l   c a t a l y s t   in  R2/hour  

to  r e a c t o r   R2.  The  i n l e t   t empera tu re   of  R2  was  83°C,  the  o u t l e t  

t empera tu re   104°C  and  the  average  p r e s s u r e   61.5  bar  a  (H2  p a r t i a l  

p r e s s u r e   40.6  bar  a).  The  e f f l u e n t   from  R2  was  s epa ra t ed   a t  
104°C  in  s e p a r a t o r   V2  in  l i q u i d   and  gas,  and  3.2  times  the  amount 

of  l i q u i d   fed  via  l ine   6  was  r ecyc l ed   from  V2  via  l ine   7  to  R2 

( r ecyc le   r a t i o   3 .2) .   The  r ecyc le   l i q u i d   con ta ined   5.8%w  d i e n e s .  

The  remainder   of  the  l i q u i d   and  gas  in  V2  were  forwarded  v i a  

l ine   10  to  r e a c t o r   R3  at  a  space  v e l o c i t y   of  6.89  kg/I   c a t a l y s t  

in  R3/hour.  The  i n l e t   t empera tu re   of  R3  was  90°C,  the  o u t l e t  

t empera tu re   123 C  and  the  average  t o t a l   p r e s s u r e   59.5  bar  a 

(H2  p a r t i a l   p re s su re   34.4  bar  a).  The  e f f l u e n t   of  R3  was 

s e p a r a t e d   in  V3,  and  the  l i q u i d   removed  as  f i n a l   product  o f  

the  process   via  l ine   12.  This  product   con ta ined   0.5%w  d i o l e f i n s  

and  72.7%w  m o n o - o l e f i n s .   The  gas  from  V3  was  r ecyc led   via  l ine  13 

and  mixed  with  f resh   h y d r o g e n - c o n t a i n i n g   gas,  the  l a t t e r   con- 

t a i n i n g   94.1  mol.%  hydrogen,   4.6  mol.%  methane,  1.0  mol.% 

n i t r o g e n   and  0.3  mol.%  water .   Fresh  gas  was  suppl ied   via  l i n e  

14  in  an  amount  of  233  Nl  H2/kg  f resh   feed.  Recycle  gas  v i a  

l i ne   13  amounted  tc  300  Nl/kg  f resh   feed  and  conta ined   75.0  mol.% 

hydrogen,  11.8  mol.%  methane,  6.2  mol.%  n i t r o g e n ,   2.0  mol.%  w a t e r ,  

the  remainder  c o n s i s t i n g   of  hydrocarbons  with  at  most  6  carbon 

atoms.  The  amount  of  hydrogen  consumed  per  kg  feed  for  u n d e s i r e d  

mono-o le f in   s a t u r a t i o n   was  0.002  kg.  

Comparative  Example 

The  process   was  c a r r i e d   out  according  to  the  flow  scheme 

given  in  Figure  2.  

Fresh  feed  in  l ine   1  cons i s t ed   of  a  p y r o l y s i s   gasol ine   which 

con ta ined   60.2%w  dienes  and  20.0/w  mono-olef ins .   This  feed  was 

added  at  a  space  v e l o c i t y   of  0.42  kg/I  c a t a l y s t   in  Rl/hour.   The 

c a t a l y s t   in  both  r e a c t o r s   c o n s i s t e d   of  p a r t i a l l y   sulphided  n i c k e l  

on  alumina,  the  amount  of  n icke l   being  10.7%w  on  c a r r i e r .   The 

i n l e t   t empera ture   of  R1  was  630C,  the  t empera tu re   at  the  o u t l e t  



of  t h i s   r e a c t o r   was  90°C,  the  average  p r e s s u r e   in  R1  was  6 2 . 5  

bar  a  (H2  p a r t i a l   p re s su re   of  40  bar  a  at  r e a c t o r   o u t l e t .   The 

e f f l u e n t   of  R1  was  s epa ra t ed   in  V1  at  90°C,  and  13  times  t h e  

amount  of  l i q u i d   fed  via  l ine   1  was  r e c y c l e d   from  V1  via  l ine   5 

( r ecyc l e   r a t i o   13).  This  r ecyc le   l i q u i d   con ta ined   5.8%w  d i e n e s .  

The  remainder   of  the  l i q u i d   and  the  gas  in  V1  were  f o r w a r d e d  

via  l i n e   6  to  r e a c t o r   R2  at  a  space  v e l o c i t y   of  6.89  k g / I  

c a t a l y s t   in  R2/hour.   The  i n l e t   t e m p e r a t u r e   of  R2  was  90oC, 

the  o u t l e t   t empera tu re   123°C  and  the  average  t o t a l   p r e s s u r e  

59.5  bar  a  (H2  p a r t i a l   p re s su re   32  bar  a  at  r e a c t o r   o u t l e t ) .  

The  e f f l u e n t   of  R2  was  s epa ra t ed   in  V2  and  the  l i q u i d   removed 

as  f i n a l   product   of  the  process   via  l ine   8.  This  p r o d u c t  

c o n t a i n e d   0.5%w  d i o l e f i n s   and  69.9%w  m o n o - o l e f i n s .   The  gas  
from  V2  was  r e cyc l ed   via  l ine   9  and  mixed  with  f r e s h  

h y d r o g e n - c o n t a i n i n g  g a s ,  c o n t a i n i n g   94.1  mol.%  hydrogen,  4 . 6  

mol.%  methane,   1.0  mol.%  n i t r ogen   and  0.3  mol.%  water .   F r e s h  

gas  was  supp l i ed   via  l ine   10  in  an  amount  of  244  N l / k g  f r e s h  f e e d .  

Recycle  gas  via  l i n e  9   amounted  to  300  Nl/kg  f resh   feed  and 

c o n t a i n e d   73.8  mol.%  hydrogen,  12.8  mol.%  methane,   6.7  mol.% 

n i t r o g e n ,   2.3  mol.%  water ,   the  remainder   c o n s i s t i n g   of  h y d r o -  

carbons  with  at  most  6  carbon  atoms.  The  amount  of  hydrogen  

consumed  per  kg  of  feed  for  u n d e s i r e d   mono-o l e f in   s a t u r a t i o n  

was  0.003  kg,  which  is  50%  higher   than  in  the  Example  a c c o r d i n g  

to  the  i n v e n t i o n .  



1.  A  process  for  the  s e l e c t i v e   hyd rogena t ion   of  dienes  i n  

p y r o l y s i s   gaso l ine   which  comprises  c a t a l y t i c   hydrogena t ion   o f  

the  p y r o l y s i s   ga so l ine   in  at  l e a s t   three   consecu t ive   r e a c t o r s ,  

in  at  l e a s t   two  of  the  said  consecu t ive   r e a c t o r s   r e c i r c u l a t i n g  

par t   of  the  hydrocarbon  mixture  emerging from  a  r e a c t o r   ove r  

tha t   r e a c t o r ,   no  r e c i r c u l a t i o n   of  the  hydrocarbon  mixture  emerg ing  

from  the  l a s t   of  the  consecu t ive   r e a c t o r s   being  c a r r i e d   out  o v e r  

that   r e a c t o r .  

2.  A  process  as  claimed  in  c l a im  1 ,   in  which  the  number  o f  

consecu t ive   r e a c t o r s   is  t h r e e .  

3.  A  process  as  claimed  in  claim  1  or  2,  in  which  the  c a t a l y s t  

used  for  the  c a t a l y t i c   hydrogena t ion   comprises  p a r t i a l l y   s u l p h i d e d  

nickel   on  alumina  as  a   s u p p o r t .  
4.  A  process  as  claimed  in  any one  of  the  p reced ing   claims,   i n  

which  the  weight  r a t i o   of  hydrocarbon  mixture  r e c i r c u l a t e d   t o  

the  f i r s t   r e ac to r   and  the  p y r o l y s i s   gaso l ine   fed  t h e r e t o   is  from 

5  to  15. 

5.  A  process   as  claimed  in  claim  4,  in  which  the  said  r a t i o   i s  

from  9  to  11. 

6.  A  precess   as  c l a m e d   in  any  one  of  the  p receding   claims,   i n  

which  the  weight  r a t i o   of  the  hydrocarbon  mixture   r e c i r c u l a t e d   t o  

the  second  r e a c t o r   and  the  hydrocarbon  mixture  emerging from  t h e  

f i r s t   r e ac to r   which  is  fed  to  the  second  r e a c t o r   is  from  2  to  4. 

7.  A  process   as  claimed  in  any one  of  the  p reced ing   c l a i m s ,  

in  which  the  t empera tu re   in  the  r e a c t o r s   is  in  the  range  from 

50  to  250°C,  the  t o t a l   p r e s su re   is  in  the  range  from  10  to  80 

bar  a,  and  the  hydrogen  p a r t i a l   p r e s su re   is  in  the  range  from 

5  to  60  bar  a .  

8.  A  process   as  claimed  in  any one  of  the  preceding   c l a i m s ,  

in  which  the  c a t a l y t i c   hydrogena t ion   is  c a r r i e d   out  in  down- 

flow  according  to  the  t r i c k l e   flow  t e c h n i q u e .  

9.  A  process  as  claimed  in  claim  1,  s u b s t a n t i a l l y   as  d e s c r i b e d ,  

with  specia l   r e f e r ence   to  the  Example. 
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