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Process for copolymerizing ethylene and esters of vinyl alcohol

Field of the invention

The present invention relates to a process for copolymerizing ethylene and esters of vinyl alcohol
in the presence of free-radical polymerization initiators at pressures in the range of from 110 MPa
to 500 MPa and temperatures in the range of from 100°C to 350°C in a continuously operated

polymerization apparatus.

Background of the invention

Polyethylene is the most widely used commercial polymer. It can be prepared by a couple of dif-
ferent processes. Polymerization in the presence of free-radical initiators at elevated pressures
was the method first discovered to obtain polyethylene and continues to be a valued process with

high commercial relevance for the preparation of low density polyethylene (LDPE).

A normal set-up of a plant for polymerizing or copolymerizing ethylenically unsaturated monomers
such as ethylene and esters of vinyl alcohol in the presence of free-radical polymerization initia-
tors consists essentially of a set of two compressors, a low-pressure and a high-pressure com-
pressor, a polymerization reactor, which can be an autoclave or a tubular reactor or a combination
of such reactors, and two separators for separating the monomer-polymer mixture leaving the
reactor, wherein in the first separator, the high-pressure separator, the ethylene and comonomers
separated from the monomer-polymer mixture are recycled to the reaction mixture between the
low-pressure compressor and the high-pressure compressor, and the ethylene and comonomers
separated from the mixture in the second separator, the low-pressure separator, are fed to the
low-pressure compressor where it is compressed to the pressure of the fresh ethylene feed, com-
bined with the fresh ethylene feed and the combined streams are further pressurized to the pres-
sure of the high-pressure gas recycle stream. Such a high-pressure polymerization unit normally
further includes apparatuses like extruders and granulators for pelletizing the obtained polymer. In
case of tubular reactors, monomer supply to the reactor can either be carried out solely in the
beginning of the reactor or only partly in the beginning with the other part fed via one or more side
feed entries. Moreover, it is also common to introduce initiator in more than one place down the

tube, thus creating more than one reaction zone.

The properties and the structure of the obtained ethylene polymers or copolymers, such as mo-
lecular weight, molecular weight distribution and the amount of short- and long-chain branching,
depend strongly on the reaction parameters pressure and temperature. That means control of the
reaction conditions is essential. There are of course additional possibilities to influence the nature
of the produced polymers, for example the addition of chain-transfer agents, which reduce the

molecular weight, however in general the possibilities to vary the reaction conditions while obtain-
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ing a specific target product are quite limited. A further limiting factor for the production of ethylene
polymers or copolymers is heat removal from the reactor, because the heat of polymerization of
ethylene is relatively high. That means, for obtaining different grades of polymers, i.e., polymers
which differ in melt flow rate (MFR) and density, it is in general necessary to adjust the operating

parameters, which might result in different output rates.

Radically initiated high-pressure polymerization is an appropriated method for producing copoly-
mers of ethylene and esters of vinyl alcohol, especially for preparing copolymers of ethylene and
esters of vinyl alcohol having a vinyl ester content in the range of from 1% of weight to 45% of
weight. Suitable reactors can be stirred autoclave reactors or tubular reactors. Such high-pressure
polymerizations are for example described in US 4,091,200, EP 012 368 A1 and WO 99/014251
A1. An obstacle for producing copolymers of ethylene and vinyl esters in high-pressure polymeri-
zation is however that the comonomers and the produced ethylene-vinyl ester copolymers can
degrade to acetic acid or other hydrocarbon acids which are highly corrosive for the polymeriza-

tion apparatuses.

Moreover, as in nearly all commercial processes, there is a permanent demand for improving the
efficiency of the production process. Accordingly, there is a continuous desire to increase the
capacity of existing polymerization plants by increasing the production rate of the polymerization

reactors without adversely affecting the properties of the produced ethylene copolymers.

Thus, it was the object of the present invention to overcome the disadvantages of prior art pro-
cesses for the preparation of copolymers of ethylene and esters of vinyl alcohol in the presence of
free-radical polymerization initiators and to reduce of the corrosion caused by degradation prod-
ucts of the comonomers and the obtained ethylene-vinyl ester copolymers and to provide a possi-
bility for increasing the production rate in high-pressure copolymerization of ethylene and vinyl

esters.

Summary of the invention

We found that this object is achieved by a process for copolymerizing ethylene and esters of vinyl
alcohol in the presence of free-radical polymerization initiators at pressures in the range of from
110 MPa to 500 MPa and temperatures in the range of from 100°C to 350°C in a continuously
operated polymerization apparatus comprising a polymerization reactor and one or more com-
pressors, which compress the monomer mixture fed to the polymerization reactor to the polymeri-

zation pressure,

wherein the monomer mixture is compressed by a sequence of compression stages in which the

compressed gas mixture is cooled after each compression stage and the fraction of the monomer
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mixture, which is liquid after this cooling, is separated off and returned to the polymerization appa-

ratus in liquid form, and

wherein at least a part of the liquid fractions obtained after compressing the monomer mixture in
the respective compression stage to a pressure of from 0.2 MPa to 10 MPa is purified before be-

ing returned to the polymerization process.

By purifying at least a part of the liquid fractions obtained after compressing the monomer mixture,
it is possible in the production of copolymers of ethylene and vinyl esters having a relatively high
molecular weight to increase the maximum polymerization temperature in the individual polymeri-
zation zones without inducing a drop in the average molecular weight. For polymerization in tubu-
lar reactors however, increasing the maximum polymerization temperature enables a higher heat
removal from the reactor and accordingly a higher turnover in the reaction mixture after having
passed the polymerization reactor. Since the throughput of the compressors of a specific polymer-
ization apparatus is more or less fixed, this also means that the capacity of the tubular reactor is
increased. Moreover, also for polymerization in autoclave reactors a higher maximum polymeriza-
tion temperature means a higher turnover and a higher capacity, since turnover and maximum
polymerization temperature are directly proportional in these adiabatic reactors. However, in
polymerization processes for preparing copolymers of ethylene and vinyl esters according to the
prior art, the limiting factor for the maximum polymerization temperature is, at a given vinyl ester

content, the average molecular weight of the produced ethylene copolymers.

Brief description of the drawings

The features and advantages of the present invention can be better understood via the following
description and the accompanying drawings where Figure 1 shows schematically a typical set-up
for a polymerization apparatus for copolymerizing ethylene and esters of vinyl alcohol such as
vinyl acetate according to the prior art and Figure 2 shows schematically such a set-up according

to the present invention.

Detailed description of the invention

The process of the invention refers to copolymerizing ethylene and esters of vinyl alcohol. Pre-
ferred comonomers are esters of vinyl alcohol which have a total of from 4 to 15 carbon atoms,
such as vinyl acetate, vinyl propionate and vinyl butyrate. An especially preferred comonomer is
vinyl acetate. The copolymerization can also be carried out in the presence of more than one of

these comonomers.

It is also possible to use additional comonomers beside ethylene and vinyl esters in the copoly-

merization. Examples of suitable additional comonomers are «,p-unsaturated C;-Cg-carboxylic
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acids, in particular maleic acid, fumaric acid, itaconic acid, acrylic acid, methacrylic acid and cro-
tonic acid, derivatives of a,3-unsaturated Cs-Cs-carboxylic acids, e.g. unsaturated C3-C5-
carboxylic esters, in particular esters of C4-Cs-alkanols, or anhydrides, in particular methyl meth-
acrylate, ethyl methacrylate, n-butyl methacrylate or tert-butyl methacrylate, methyl acrylate, ethyl
acrylate, n-butyl acrylate, 2-ethylhexyl acrylate, tert-butyl acrylate, methacrylic anhydride, maleic
anhydride or itaconic anhydride, and 1-olefins such as propene, 1-butene, 1-pentene, 1-hexene,
1-octene or 1-decene. Propene, 1-butene, 1-hexene, acrylic acid, n-butyl acrylate, tert-butyl acry-
late, or 2-ethylhexyl acrylate are particularly suitable as additional comonomer. However, most
preferably the copolymerization of the present invention is only a copolymerization of ethylene

and esters of vinyl alcohol.

The ethylene copolymers obtained by the process of the present invention have preferably a
comonomer content of from 3 to 50% by weight, more preferably from 5 to 45% by weight and
especially of from 10 to 40% by weight. In an especially preferred embodiment, ethylene-vinyl
acetate copolymers are obtained which having a vinyl acetate content of from 10 to 40% by

weight.

The proportion of comonomer or comonomers in the reaction mixture is accordingly preferably
from 3 to 50% by weight and more preferably from 5 to 45% by weight and especially of from 10
to 40% by weight, based on the amount of monomers, i.e. the sum of ethylene and all comono-
mers. Depending on the type of comonomer, it can be preferred to feed the comonomers at a

plurality of different points to the reactor.

For the purposes of the present invention, polymers are all substances which are made up of at
least two monomer units. They are preferably copolymers having an average molecular weight M,
of more than 20 000 g/mole. However, the method of the invention can also be advantageously
employed in the preparation of oligomers, waxes and polymers having a molecular weight M,, of
less than 20 000 g/mole.

Possible initiators for starting the free-radical polymerization in the respective reaction zones are
in general all substances that can produce radical species under the conditions in the polymeriza-
tion reactor. Examples for such free-radical polymerization initiators are organic peroxides or azo
compounds which both represent a preferred embodiment of the process of the present invention.
Examples of suitable organic peroxides are peroxy esters, peroxy ketals, peroxy ketones and
peroxycarbonates, e.g. di(2-ethylhexyl) peroxydicarbonate, dicyclohexyl peroxydicarbonate, diac-
etyl peroxydicarbonate, tert-butyl peroxyisopropylcarbonate, di-tert-butyl peroxide, di-tert-amyl
peroxide, dicumyl peroxide, 2,5-dimethyl-2,5-di-tert-butylperoxyhexane, tert-butyl cumyl peroxide,
2,5-dimethyl-2,5-di(tert-butylperoxy)hex-3-yne, 1,3-diisopropyl monohydroperoxide or tert-butyl
hydroperoxide, didecanoyl peroxide, 2,5-dimethyl-2,5-di(2-ethylhexanoylperoxy)hexane, tert-amyl

peroxy-2-ethylhexanoate, dibenzoyl peroxide, tert-butyl peroxy-2-ethylhexanoate, tert-butyl perox-
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ydiethylacetate, tert-butyl peroxydiethylisobutyrate, tert-butyl peroxy-3,5,5-trimethylhexanoate,
1,1-di(tert-butylperoxy)-3,3,5-trimethylcyclohexane, 1,1-di(tert-butylperoxy)cyclohexane, tert-butyl
peroxyacetate, cumyl peroxyneodecanoate, tert-amyl peroxyneodecanoate, tert-amyl peroxy-
pivalate, tert-butyl peroxyneodecanoate, tert-butyl permaleate, tert-butyl peroxypivalate, tert-butyl
peroxyisononanoate, diisopropylbenzene hydroperoxide, cumene hydroperoxide, tert-butyl perox-
ybenzoate, methyl isobutyl ketone hydroperoxide, 3,6,9-triethyl-3,6,9-trimethyl-triperoxo-
cyclononane and 2,2-di(tert-butylperoxy)butane. Azoalkanes (diazenes), azodicarboxylic esters,
azodicarboxylic dinitriles such as azobisisobutyronitrile and hydrocarbons which decompose into
free radicals and are also referred as C-C initiators, e.g. 1,2-diphenyl-1,2-dimethylethane deriva-
tives and 1,1,2,2-tetramethylethane derivatives, are also suitable. It is possible to use either indi-
vidual initiators or preferably mixtures of various initiators. A large range of initiators, in particular
peroxides, are commercially available, for example the products of Akzo Nobel offered under the

trade names Trigonox® or Perkadox®.

In a preferred embodiment of the process of the invention, peroxidic polymerization initiators hav-
ing a relatively high decomposition temperature are used. Suitable peroxidic polymerization initia-
tors include, for example, di-(2-ethylhexyl)peroxydicarbonate, tert-butyl peroxy-2-ethylhexanoate,
1,1-di(tert-butylperoxy)cyclohexane, 2,2-di(tert-butylperoxy)butane, tert-butyl peroxy-3,5,5-
trimethylhexanoate, tert-butyl peroxybenzoate, 2,5-dimethyl-2,5-di(tert-butylperoxy)hexane, tert-
butyl cumyl peroxide, di-tert-butyl peroxide and 2,5-dimethyl-2,5-di(tert-butylperoxy)hex-3-yne,
and particular preference is given to using tert-butyl peroxy-3,5,5-trimethylhexanoate, di-(2-

ethylhexyl)peroxydicarbonate or tert-butyl peroxy-2-ethylhexanoate.

The initiators can be employed individually or as a mixture in concentrations of from 0.1 mol/t to
50 mol/t of polyethylene produced, in particular from 0.2 mol/t to 20 molft, in each reaction zone.
In a preferred embodiment of the present invention the free-radical polymerization initiator, which
is fed to a reaction zone, is a mixture of at least two different azo compounds or organic perox-
ides. If such initiator mixtures are used it is preferred that these are fed to all reaction zones.
There is no limit for the number of different initiators in such a mixture, however preferably the
mixtures are composed of from two to six and in particular of two, three or four different initiators.
Particular preference is given to using mixtures of initiators which have different decomposition

temperatures.

It is often advantageous to use the initiators in the dissolved state. Examples of suitable solvents
are ketones and aliphatic hydrocarbons, in particular octane, decane and isododecane and also

other saturated Cg-C,5-hydrocarbons. The solutions comprise the initiators or initiator mixtures in
proportions of from 2 to 65% by weight, preferably from 5 to 40% by weight and particularly pref-
erably from 10 to 30% by weight.
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In the process of the invention, the molecular weight of the polymers to be prepared can as usual
be altered by addition of modifiers which act as chain-transfers agents. Examples of suitable mod-
ifiers are hydrogen, aliphatic and olefinic hydrocarbons, e.g. propane, butane, pentane, hexane,
cyclohexane, propene, 1-butene, 1-pentene or 1-hexene, ketones such as acetone, methyl ethyl
ketone (2-butanone), methyl isobutyl ketone, methyl isoamyl ketone, diethyl ketone or diamyl
ketone, aldehydes such as formaldehyde, acetaldehyde or propionaldehyde and saturated ali-
phatic alcohols such as methanol, ethanol, propanol, isopropanol or butanol. Particular preference
is given to using saturated aliphatic aldehydes, in particular propionaldehyde or 1-olefins such as

propene, 1-butene or 1-hexene, or aliphatic hydrocarbons such as propane.

The process of the invention is carried out at pressures of from 110 MPa to 500 MPa, with pres-
sures of from 160 MPa to 350 MPa being preferred and pressures of from 200 MPa to 330 MPa
being particularly preferred. The temperatures are in the range from 100°C to 350°C, preferably
from 120°C to 300°C and very particularly preferably from 130°C to 290°C.

The process of the present invention can be carried out with all types of high-pressure reactors
appropriate for high-pressure polymerization. Suitable high-pressure reactors are, for example,
tubular reactors or autoclave reactors or combinations of such reactors. Preferably the high-
pressure reactors are tubular reactors or autoclave reactors and in particular tubular reactors.
Common high-pressure autoclave reactors are stirred reactors and have a length-to-diameter
ratio of in the range from 2 to 30, preferably from 10 to 20. Appropriate tubular reactors are basi-
cally long, thick-walled pipes, which are usually from about 0.5 km to 4 km, preferably from 1 km
to 3 km and especially from 1.5 km to 2.5 km long. The inner diameter of the pipes is usually in
the range of from about 30 mm to 120 mm and preferably from 40 mm to 90 mm. Such tubular
reactors have preferably a length-to-diameter ratio of greater than 1000, preferably from 10000 to
40000 and especially from 25000 to 35000.

Preferred tubular reactors have at least two reaction zones, preferably from 2 to 6 reaction zones
and more preferably from 2 to 5 reaction zones. The number of reaction zones is given by the
number of feeding points for the initiator. Such a feeding point can, for example, be an injection
point for a solution of azo compounds or organic peroxides. Fresh initiator is added to the reactor,
where it decomposes into free radicals and initiates further polymerization. The generated heat of
the reaction rises the temperature of the reaction mixture, since more heat is generated than can
be removed through the walls of the tubular reactor. The rising temperature increases the rate of
decomposition of the free-radical initiators and accelerates polymerization until essentially all free-
radical initiator is consumed. Thereafter no further heat is generated and the temperature de-
creases again since the temperature of the reactor walls is lower than that of the reaction mixture.
Accordingly, the part of the tubular reactor downstream of an initiator feeding point in which the
temperature rises is the reaction zone, while the part thereafter, in which the temperature de-

creases again, is predominantly a cooling zone. The amount and nature of added free-radical
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initiators determines how much the temperature rises and accordingly allows adjusting that value.
Normally, the temperature rise is set to be in the range of from 70°C to 150°C in the first reaction
zone and 50°C to 110°C for the subsequent reaction zones depending on the product specifica-

tions and the reactor configuration.

The compression of the monomer mixture to the polymerization pressure according to the present
invention is carried out by at least two sequentially operating compressors in which a low-
pressure compressor first compresses the monomer mixture to a pressure of from 10 MPa to

50 MPa and a high-pressure compressor then further compresses the monomer mixture to the
polymerization pressure of from 110 MPa to 500 MPa. Preferably the low-pressure compressor
and the high-pressure compressor are multistage compressors. It is further possible to separate
one or more stages of one or both of these compressors and divide them into separated com-
pressors. However, usually a series of one low-pressure compressor and one high-pressure com-
pressor is used for compressing the monomer mixture to the polymerization pressure. In such
cases, sometimes the whole low-pressure compressor is designated as primary compressor.
However, it is also common to designate the one or more first stages of the low-pressure com-
pressor, which compress the recycle gas from the low-pressure separator to the pressure of the
fresh ethylene feed, as booster compressor and the one or more further stages as primary com-

pressor although they are all part of one apparatus.

Commonly the polymerization apparatus comprises, beside the polymerization reactor, a high-
pressure gas recycle line for recycling gas separated in a high-pressure separator from the reac-
tion mixture and a low-pressure gas recycle line for recycling gas separated in a low-pressure
separator from the reaction mixture. The gas recycled in the high-pressure gas recycle line is then
fed to the high-pressure compressor and the gas recycled in the low-pressure gas recycle line is
fed to the low-pressure compressor, preferably to the foremost of the stages. Preferably, the recy-
cled gas coming from the low-pressure gas recycle line is compressed by the booster compressor
to the pressure of the fresh feed of ethylenically unsaturated monomers, preferably ethylene,
thereafter combined with the fresh gas feed and the combined gases are further compressed in
the primary compressor, to the pressure of from 10 MPa to 50 MPa. Preferably, the low-pressure
compressor, i.e. the combination of booster compressor and primary compressor, comprises five
or six compression stages, two or three in the booster compressor before adding the fresh gas

and two or three in the primary compressor after adding the fresh gas.

As common for compressors utilized in the high-pressure polymerization of ethylene, according to
the present invention the compressed monomer mixture is cooled after each compression stage
of the low-pressure compressor and the fraction of the gas mixture, which is liquid after this cool-
ing, is separated off and returned to the polymerization apparatus in liquid form. Preferably the

liquid fractions obtained after the individuals compression stages are first combined before being
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returned to the polymerization apparatus. Preferably these liquids are recycled to a position be-

tween the low-pressure compressor and the high-pressure compressor.

According to the process of the present invention at least a part of the liquid fractions obtained
after compressing the monomer mixture in the pressure range of from 0.1 MPa to 10 MPa is puri-
fied before being returned to the polymerization process. That means, at least a part of the liquid
obtained after compressing in stages of the booster compressor are purified. Preferably the whole

amount of the liquids is purified.

Preferably the purification of the separated liquid fraction comprises a distillation step, more pref-
erably a two-step distillation. In a preferred embodiment of the present invention the liquid fraction
is fed to a first distillation column, preferably at a position in the center of the column. A relatively
high boiling fraction, which usually contains as main components hydrocarbons having eight or
more carbon atoms, for example isodocecane which is commonly used as solvent for initiators,
acetic acid and tert-butanol, is then withdrawn at the bottom of the column and preferably dis-
carded. A relatively low boiling fraction is withdrawn from the top of the column and transferred to
a second distillation column, preferably at a position in the center of the column. A relatively low
boiling fraction, which usually contains as main components acetaldehyde, acetone, methanol
and traces of water, is withdrawn at the top of the second distillation column and preferably dis-
carded. Purified vinyl esters such as vinyl acetate are then withdrawn from the bottom of second

distillation column.

It is also preferred that the purification of the separated liquid fraction comprises a step of water

removal by means of a molecular sieve.

In a preferred embodiment of the present invention the liquid fractions are both purified by distilla-
tion and by removing water by means of a molecular sieve. Then preferably the liquid fractions
are first purified by distillation, preferably a two-step distillation, and thereafter treated by a molec-
ular sieve. In such a set-up, the fresh comonomer feed is then preferably also first send to the
water removal unit and thereafter fed to the polymerization apparatus together with the purified
liquid coming from the distillation step. In such a case the water content of the fresh comonomer

is usually reduced from about 200 to 400 ppm (mass/mass) to less than 30ppm (mass/mass).

Preferably the content of esters of vinyl alcohol in the purified liquid fractions, that means before
being returned to the polymerization apparatus, is more than 99.5% of weight, more preferably
more than 99.7% of weight and especially more than 99.9% of weight. The water content of the

purified liquid fractions is preferably less than 30 ppm.

Figure 1 shows schematically a typical set-up for a polymerization apparatus with a tubular reac-

tor for copolymerizing ethylene and esters of vinyl alcohol such as vinyl acetate according to the
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prior art. The polymerization process is described on the basis of vinyl acetate as vinyl ester

comonomer.

The fresh ethylene, which has a pressure of 4.0 MPa, is added to the polymerization system up-
stream of a primary compressor (1), by which it is compressed together with recycle gas to a
pressure of about 28 MPa. The fresh vinyl acetate is added via line (2). Thereafter the gas mixture
is compressed to the polymerization pressure of about 300 MPa using a high-pressure compres-
sor (3). The monomer mixture leaving the high-pressure compressor (3) is fed to pre-heater (4),
where the reaction mixture is preheated to the reaction start temperature of from about 120°C to

180°C, and then conveyed to the tubular reactor (5).

The tubular reactor (5) is basically a long, thick-walled pipe with cooling jackets to remove the
liberated heat of reaction from the reaction mixture by means of a coolant circuit (not shown). It is
usually from about 0.5 km to 4 km, preferably from 1 km to 3 km and especially from 1.5 km to
2.5 km long. The inner diameter of the pipe is usually in the range of from about 30 mm to

120 mm and preferably from 60 mm to 90 mm.

The tubular reactor (5) shown in Figure 1 has four spatially separated initiator injection points (6a)
to (6d) for feeding initiators or initiator mixtures 11 to 14 to the reactor and accordingly also four
reaction zones. By feeding suitable free-radical initiators, which decompose at the temperature of
the reaction mixture, to the tubular reactor the polymerization reaction starts. The generated heat
of the reaction rises the temperature of the reaction mixture, since more heat is generated than

can be removed through the walls of the tubular reactor.

The amount and nature of added free-radical initiators determines how much the temperature
rises and accordingly allows adjusting that value. Normally, the temperature rise in the first reac-
tion zone is set to be in the range of from 70°C to 150°C and 50°C to 110°C for the subsequent
reaction zones depending on the product specifications and reactor configuration. The reaction
mixture leaves the tubular reactor (5) through a high-pressure let-down valve (7) and passes a
post reactor cooler (8). Thereafter, the resulting polymer is separated off from unreacted ethylene
and vinyl acetate and from other low molecular weight compounds (oligomers, polymers, addi-
tives, solvent, etc.) by means of a high-pressure separator (9) and a low-pressure separator (10),

discharged and pelletized via an extruder and granulator (11).

The part of ethylene and vinyl acetate which has been separated off in the high-pressure separa-

tor (9) is fed back to the inlet end of the tube reactor (5) in the high-pressure circuit (12) at

28 MPa. It is first freed from other constituents in at least one purification stage and then added to
the monomer stream between primary compressor (1) and high-pressure compressor (3). Figure

1 shows one purification stage consisting of a heat exchanger (13) and a separator (14). It is
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however also possible to use a plurality of purification stages. The high-pressure circuit (12) usu-

ally separates waxes.

The ethylene and the non-reacted vinyl acetate which have been separated off in the low-
pressure separator (10) and which further comprise, inter alia, the major part of the low molecular
weight products of the polymerization (oligomers), is worked up in the low-pressure circuit (15) at
a pressure of from about 0.1 to 0.4 MPa in a plurality of separators with a heat exchanger being
located between each of the separators and then fed to a booster compressor (21), in which it is
compressed to a pressure of about 4 MPa and then conveyed to primary compressor (1). Booster
compressor (21) and primary compressor (1) are preferably part of one low-pressure compressor,
i.e. of one apparatus powered by one motor. Figure 1 shows two purification stages consisting of
heat exchangers (16) and (18) and separators (17) and (19). It is however also possible to use
only one purification stage or preferably more than two purification stages. The low-pressure cir-

cuit (15) usually separates oil and waxes.

The gas mixtures compressed in the individual stages of the booster compressor (21) are cooled
after every stage by heat exchanges (22), (23) and (24). Caused by the limited solubility of vinyl
acetate in ethylene in the respective pressure range, a part of the vinyl acetate condenses by
cooling the gas mixture and is separated off in separators (25), (26) and (27). The gaseous phas-
es are returned to the corresponding next compression stages via lines (28), (29) and (30). The
liquid phases, mainly consisting of vinyl acetate, are combined and returned to the polymerization

process via line (31).

Figure 2 shows schematically a set-up for a polymerization apparatus with a tubular reactor for
copolymerizing ethylene and esters of vinyl alcohol such as vinyl acetate according to the present
invention. The polymerization process is described on the basis of vinyl acetate as vinyl ester

comonomer, however this non-limiting the scope of the invention.

Polymerization as well as separating off and recycling non-reacted ethylene and vinyl acetate are
carried out as in the scheme shown in Figure 1. Furthermore, also the gas mixtures compressed
in the individual stages of the booster compressor (21) are cooled after every stage by heat ex-
changes (22), (23) and (24), separated from condensed components in separators (25), (26) and

(27) and returned to the corresponding next compression stages via lines (28), (29) and (30).

The liquid phases obtained in separators (25), (26) and (27), which consist mainly of vinyl acetate,
are combined and transferred via line (32) to a distillation column (33). At the bottom of column
(33), a relatively high boiling fraction consisting mainly of hydrocarbons having eight or more car-
bon atoms, acetic acid and tert-butanol is withdrawn via line (34) and discarded. The relatively low
boiling fraction containing most of the vinyl acetate is withdrawn from the top of columns (33) and

transferred via line (35) to a second distillation column (36). At the top of column (36), a relatively
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low boiling fraction consisting mainly of acetaldehyde, acetone and methanol is withdrawn via line
(37) and discarded. Purified vinyl acetate is withdrawn from the bottom of column (36) and trans-
ferred via line (38) to water removal unit (39) and then recycled via line (40) to the polymerization
process. The water removal unit (39) usually comprises a molecular sieve. The fresh vinyl acetate
is added via line (41) and then also passed through water removal unit (39) before being fed to

the polymerization process via line (40).

An advantage of the process of the present invention is that it allows copolymerizing ethylene and
esters of vinyl alcohol at higher maximum polymerization temperatures without impacting the pol-
ymer properties such as a loss in molecular weight. Caused by the accordingly possible higher
heat removal from tubular reactors, a higher turnover in the reaction mixture after having passed
the polymerization reactor can be achieved and the capacity of the tubular reactor is increased.
Furthermore, a higher turnover is also achievable in autoclave reactors since the turnover is di-
rectly proportional to the maximum polymerization temperatures in these adiabatic reactors with-
out heat removal and the average molecular weight of the produced ethylene copolymers is, at a
given vinyl ester content, also for copolymerizing ethylene and vinyl esters in autoclave reactors
the limiting factor for the maximum polymerization temperature. Moreover, the process of the
present invention reduces the corrosion in polymerization apparatuses due to the removal of wa-

ter and acetic acid.

Examples

The melt flow rate MFR was determined according to DIN EN 1SO 1133:2005, condition D at a
temperature of 190°C under a load of 2.16 kg.

The vinyl acetate content of the copolymers was determined according to ASTM: D5594 — 98
(reapproved 2004), "Standard Test Method for Determination of the Vinyl Acetate Content of Eth-
ylene-Vinyl Acetate (EVA) Copolymers by Fourier Transform Infrared Spectroscopy (FT-IR)"

Example 1

A high-pressure copolymerization of ethylene and vinyl acetate was carried out in a high-pressure
tubular reactor of the design shown in Figure 2 with four initiator injection points having in total a
length of 1700 m and a diameter of 62 mm. Propene was used as molecular weight regulator in a

range of 0.5 to 2 kg per ton of produced ethylene-vinyl acetate copolymer.

The propene was added to the fresh ethylene stream entering the primary compressor (1). The
fresh vinyl acetate was metered to the process after the primary compressor (1) at the suction
side of the first stage of the high-pressure compressor (3). The polymerization initiators were me-

tered to the tubular reactor, using isododecane as additional solvent. The initiators used were tert-
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butyl peroxy-3,5,5-trimethylhexanoate, tert-butyl peroxypivalate and di(2-ethylhexyl) peroxydicar-
bonate. The temperature was measured at certain intervals along the reactor and the maximum
temperatures of the reaction mixture in the reaction zones following the initiator injection points

were adjusted to the desired levels by regulating the amount of added initiators.

The copolymerization was carried out at a reactor inlet pressure of 270 MPa. The ethylene
throughput of high-pressure compressor (3) was 78.7 t/h. The vinyl acetate throughput of high-

pressure compressor (3) was 17.3 t/h.

The condensed liquids obtained in separators (25), (26) and (27) of the three stages of booster
compressor (21), which contained mainly vinyl acetate, were sent to a distillation unit with two
distillation columns (33) and (36) and a water removal unit (39) before being recycled to the

polymerization.

An ethylene-vinyl acetate copolymer with a MFR at a temperature of 190°C under a load of
2.16 kg of 2.6 g/10 min and a vinyl acetate content of 18 wt.-% was prepared. It was possible to
produce the copolymer with an hourly production rate of 24.4 t/h when polymerizing with maxi-

mum polymerization temperatures in the range of from 240 to 250°C.

Comparative Example A

Example 1 was repeated, however utilizing a set-up as shown in Figure 1. That means, the con-
densed liquids obtained in separators (25), (26) and (27), which contained mainly vinyl acetate,

were returned to the polymerization without any further purification.

An ethylene-vinyl acetate copolymer with a MFR at a temperature of 190°C under a load of

2.16 kg of 2.7 g/10 min and a vinyl acetate content of 18 wt.-% was prepared. However, in order
to meet the specified MFR range of 2.3 to 2.9 g/10 min and not to result in too high MFR values, it
was necessary to limit the initiator feed to an amount that only maximum polymerization tempera-
tures in the range of from 235 to 245°C could be obtained. Accordingly, only an hourly production
rate of 22.1 t/h could be achieved.

Example 2
A high-pressure copolymerization of ethylene and vinyl acetate was carried out as in Example 1.
However, the ethylene throughput of high-pressure compressor (3) was 86.4 t/h and the vinyl

acetate throughput of high-pressure compressor (3) was 9.6 t/h.

An ethylene-vinyl acetate copolymer with a MFR at a temperature of 190°C under a load of

2.16 kg of 4.0 g/10 min and a vinyl acetate content of 10 wt.-% was prepared. It was possible to
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produce the copolymer with an hourly production rate of 27.3 t/h when polymerizing with maxi-

mum polymerization temperatures in the range of from 255 to 265°C.

Comparative Example B

Example 2 was repeated, however utilizing a set-up as shown in Figure 1, that means returning
the condensed liquids obtained in separators (25), (26) and (27) to the polymerization without any

further purification.

An ethylene-vinyl acetate copolymer with a MFR at a temperature of 190°C under a load of

2.16 kg of 4.1 g/10 min and a vinyl acetate content of 10 wt.-% was prepared. However, in order
to meet the specified MFR range of 3.6 to 4.4 g/10 min and not to result in too high MFR values, it
was necessary to limit the initiator feed to an amount that only maximum polymerization tempera-
tures in the range of from 245 to 255°C could be obtained. Accordingly, only an hourly production
rate of 24.5 t/h could be achieved.
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Claims

A process for copolymerizing ethylene and esters of vinyl alcohol in the presence of free-
radical polymerization initiators at pressures in the range of from 110 MPa to 500 MPa and
temperatures in the range of from 100°C to 350°C in a continuously operated polymeriza-
tion apparatus comprising a polymerization reactor and one or more compressors, which
compress the monomer mixture fed to the polymerization reactor to the polymerization

pressure,

wherein the monomer mixture is compressed by a sequence of compression stages in
which the compressed gas mixture is cooled after each compression stage and the fraction
of the monomer mixture, which is liquid after this cooling, is separated off and returned to

the polymerization apparatus in liquid form, and

wherein at least a part of the liquid fractions obtained after compressing the monomer mix-
ture in the respective compression stage to a pressure of from 0.2 MPa to 10 MPa is puri-

fied before being returned to the polymerization process.

A process for copolymerizing ethylene and esters of vinyl alcohol according to claim 1,

wherein the purification of the separated liquid fractions comprises a distillation step.

A process for copolymerizing ethylene and esters of vinyl alcohol according to claim 2,

wherein the distillation step comprises a two-step distillation.

A process for copolymerizing ethylene and esters of vinyl alcohol according to any of claims
1 to 3, wherein the purification of the separated liquid fractions comprises a step of water

removal by means of a molecular sieve.

A process for copolymerizing ethylene and esters of vinyl alcohol according to any of claims
1 to 4, wherein the content of esters of vinyl alcohol in the purified liquid fractions is more
than 99.5% of weight.

A process for copolymerizing ethylene and esters of vinyl alcohol according to any of claims

1 to 5, wherein the water content of the purified liquid fractions is less than 30 ppm.

A process for copolymerizing ethylene and esters of vinyl alcohol according to any of claims
1 to 6, wherein the proportion of comonomer or comonomers in the monomer mixture fed to

the polymerization reactor is from 3 to 50% by weight.
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15

A process for copolymerizing ethylene and esters of vinyl alcohol according to any of claims

1 to 7, wherein the ester of vinyl alcohol is vinyl acetate.

A process for copolymerizing ethylene and esters of vinyl alcohol according to claim 8,
wherein the obtained ethylene-vinyl acetate copolymer has a vinyl acetate content of from
10 to 40% by weight.

A process for copolymerizing ethylene and esters of vinyl alcohol according to any of claims

1 to 9, wherein the polymerization reactor is a tubular reactor or an autoclave reactor.
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