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Claims. 

This invention relates to the conversion of hy 
drocarbons into useful products and particularly 
into high quality gasolines and still more par 
ticularly aviation gasolines. The invention re 
lates eSpecially to the conversion of methane into 
heavier high quality hydrocarbon products. 
One of the outstanding problems in the oil and 

gas industry is the eficient and economic utiliza 
tion of methane. In the past methane has been 
utilized only for fuel value and in fact has often 
been completely wasted. Processes have hereto 
fore been known for the conversion of methane 
into heavier hydrocarbons and the conversion of 
methane to carbon monoxide and hydrogen fol 
lowed by the Fischer synthesis is an outstanding 
instance of this. In the Fischer process carbon 
monoxide and hydrogen are converted into liquid, 
gaseous and Solid hydrocarbons. However, this 
Fischer Synthesis is subject to very serious dis 
advantages since the products produced by it 
constitute very inferior motor fuels and the proc 
ess produces large quantities of wax and other 
fractions which are very difficult to utilize. 

I have provided a combination process in 
which methane taken from a gas well or from a 
high pressure well of the so-called distillate or 
condensate type can be processed by steps includ 
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into products rich in branched chain and/or aro 
matic hydrocarbons. 
A still further object of my invention is to uti 

lize my various processing steps in a way which 
makes possible the utilization of low grade by 
productS from one step for the production of high 
quality motor fuels or motor fuel components in 
another step. 
Other and more detailed objects, advantages 

and uses of my invention will become apparent 
as the description thereof proceeds. 
My invention will now be described in detail 

With particular reference to the accompanying 
flow diagram which illustrates various embodi 
ments of my process. It will be understood that 
this flow diagram is in highly simplified form 
and that modifications of it can and will be made 
by those skilled in the art. In particular I have 
omitted various features such as flow and tem 
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ing the Fischer synthesis and other operations 
to produce a highly superior product in very high 
yields. Moreover, I have combined the various 
steps of this process in certain new and advan 
tageous manners as will subsequently become ap 
parent, So that each of them contributes to the 
improved utility and efficiency of the other. Fur 
thermore, I have combined the processing of hy 
drocarbons resulting from methane with the 
processing of hydrocarbons heavier than meth 
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ane and particularly three and four carbon atom 
hydrocarbons and hydrocarbons of the gasoline 
boiling point range resulting from distillate recov 
ery Operations, as Will be described. 
One of the objects of my invention is to provide 

a more efficient method for the utilization of 
methane and in particular for the conversion 
of methane into high yields of motor fuels of 
unusually good quality. It is a more particular 
object of my invention to provide for the con 
version of methane into so-called aviation super 
fuels. Another object of my invention is to pro 
vide for the cooperative processing of methane 
and heavier hydrocarbons in such manner that 
the processing of each facilitates the processing 
of the other. 

It is also an object of my invention to convert 
hydrocarbons produced in the Fischer process 
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perature control. Furthermore, while this flow 
diagram illustrates a number of alternatives it 
will be understood that these alternatives will 
not all be used in connection with a single instal 
lation but that they have been combined into a 
single flow diagram in order to avoid needless 
multiplication of the drawings. 
Turning now to the drawings in more detail, 

the hydrocarbons used in my process can suitably 
come from a well which can be a gas well or, 
preferably, a well of the so-called distillate or 
condensate type. Since my invention in certain 
of its forms relates primarily to the processing 
of the products resulting from the Fischer Syn 
thesis, it will be apparent that the hydrocarbons 
used to Supply the synthesis gas can come from 
still other sources such as refinery gas or gas 
produced along with crude oil. In fact, while I 
prefer to make the Fischer Synthesis gas, con 
sisting of carbon monoxide and hydrogen, from 
hydrocarbon Sources and particularly from meth 
ane produced from oil or gas wells, this synthesis 
gas can be made from coal and Water or in other 
manners known to the art. 
Returning to well , it will be understood that 

while a single well is shown, a number of wells 
will usually be employed and in fact my process 
can be applied most economically to a large gas 
or distillate field including a considerabe num 
ber of wells. If well is a gas well, the gas is 
passed through valves 2, 3 and 4, and lines 5, 6, 
and 8 to a hydrogen sulfide removal plant 9 

which is shown merely as a rectangle since this 
Sulfur removal part of the process can be car 
ried out in various ways and is conventional. It 
should be mentioned, however, that one suitable 

  



2 
method of removing the hydrogen sulfide is to 
wash it with an alkaline purification medium and 
the ethanolamines including the mono-, di- and 
tri-ethanolamine are Suitable for this purpose. 
While my process can thus be applied to meth 

ane, usually containing small amounts of heavier 
hydrocarbons, produced from a gas well or to 
similar off gases from a natural gasoline plant, 
it is particularly advantageous as applied to Wells 
or fields of the so-called distillate or condensate 
t???. 
These distillate fields have become increasingly 

O 

common in recent years and are typified by high 
reservoir pressures within the retrograde con 
densation range with the result that the hydro 
carbons present in such a reservoir are Wholly or 
largely in a single phase which can be referred to 
as a vapor phase or Supercritical phase. When 
the pressure and temperature of such fluids are 
reduced in the course of their passage upward in 
a well, a portion of the heavier hydrocarbons is 
usually precipitated as a result of the cooling 
and particularly as a result of the retrograde Con 
densation resulting from the pressure drop. Fur 
ther quantities of valuable hydrocarbons includ 
ing propanes and butanes and particularly gaso 
line range hydrocarbons are then recovered to 
gether usually with some slight amount of heavier 
hydrocarbons by a distillate recovery process. 
This distillate recovery process can be of the 

retrograde condensation type in which the re 
covery is effectuated by further cooling the well 
fluids and reducing their pressure to a point with 
in the retrograde condensation range, for instance 
to a pressure of 700 to 1500 pounds per square 
inch. The pressure chosen will depend on the 
composition of the Well fluids and the economics 
of the particular situation. 

It is generally preferred, however, to recover 
these so-called distillate or condensate hydrocar 
bans by a high pressure absorption process in 
which the well fluids are contacted concurrently 
Or countercurrently with an absorption medium at 
a high pressure such as 1000 to 3000 pounds per 
Square inch, for instance 1500 pounds per square 
inch. The absorption medium chosen can be a 
portion of the heavy ends of the distillate itself 
but superior results can be obtained by the utiliza 
tion of other types of absorption media and the 
relatively heavy, predominantly aromatic hydro 
carbons resulting from processes such as catalytic 
aromatization have been found to be particularly 
Suitable. 

ASSunning that well is of the distillate type, 
the well fluids therefrom, after separation, if 
So desired, of the readily separated liquids are 
passed to an absorber O. Since pressure reduc 
tion is usually required, particularly when the 
Well operates at a very high pressure such as 4000 
Or 5000 pounds per square inch, these well fluids 
can advantageously be passed through an expan 
Sion engine with a resultant increase of the 
degree of cooling and with recovery of power 
Which can be utilized to supply part of the energy 
necessary to operate compressors f2 in connection 
With the plant itself or can be utilized in other 
WayS, 

In case the Well fluids contain an undesirable 
quantity of moisture, these fluids can be passed 
through one or more driers 3 by closing valve 3 
and opening valves 4 and f 5, thus avoiding the 
formation of natural gas hydrates which would 
otherwise interfere in some instances with the op 
eration of expansion engine i? and/or absorber 
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0. These driers can be of various types but 

simple calcium chloride driers are suitable, Pro 
vision can, of course, be made for regenerating 
the calcium chloride but in the interests of sim 
plicity this has not been shown. A separator be 
tween well and absorber fo is also often desir 
able to remove Water and liquid hydrocarbons. 

In any event all or most of the well fluids pass 
through valve 6 into absorber 10, valve 4 being 
closed. In absorber ?o the well fluids contact 
an absorption medium which is introduced froni 
line 7 through heat exchanger 8 and cooler 9 
into the top of absorber tower O in which the 
absorption medium passes downward countercur 
rent to the rising Well fluids and serves to absorb 
from the well fluids the desired normally liquid 
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hydrocarbons together with substantial quantities 
of propane and butanes and also some lighter hy 
drocarbons. Absorption plants of this type are 
Sometimes complicated and provision is often 
made for mist recovery and the like but again in 
the interests of simplicity the process has been 
shown in its elemental form. 
From the base of absorber tower O the rich oil 

is passed by means of line 20 through heat ex 
changer 8 wherein its temperature is raised and 
then into stripper tower 2. This stripper is 
heated at the base by means of coil 22, and the 
lean oil is removed from the base of the stripper 
and passed through valve 23, line T, heat ex 
changer 8 and cooler f9 into absorber tower 
0 by pump 24. Any excess absorption medium 
withdrawn through valve 25 and line 26 to tank 2. 
Returning to absorber tower O, part of the off 

gases, predominantly methane, pass through line 
28, valve 29 and line 30 to compressor 2 and 
are reinjected into a subsurface formation 
through line 3, valve 32 and well 33. A plurality 
of input wells can and usually will be used. This 
reinjection of gas serves an important purpose 
in increasing the ultimate recovery of valuable. 
hydrocarbons from the reservoir and in prevent 
ing retrograde condensation within the reservoir. 
The remainder of the predominantly methana 
ceous gas from absorber 10 passes through valve 
34 to hydrogen sulfide removal plant preWi 
Ously described. Since the hydrogen sulfide re 
moval operation normally operates at moderate 
pressures, these gases can suitably be passed 
through expansion engine 35 to recover power 
which can be utilized as described in the case of expansion engine fl. 
An additional source of gases for the hydrogen 

Sulfide removal plant is obtained by paSSing the 
overhead from stripper 2? through condensera 
to a separating drum 37. This condenser is Op 
erated at such temperature as to condense sub 
stantially all of the butane and heavier hydro 
carbons together with at least a substantial part 
of the propane coming overhead from the strip 
per. The uncondensed gases pass through välve 
38 and lines 7 and 8 to hydrogen sulfide removal 
plant 9. 8 

The liquid fraction from Separating drum 37 
passes to debutanizer tower 39 through valved 
pipe 40. The debutanizer tower is heated at the 
base by coil 4f and provided with reflux by means 
of condenser 42, separating drum 43 and pump 
4 which takes a portion of the liquid phase from 

Separating drum 43 and reintroduces it into the 
top of debutanizer tower 39 through valve 45 and 
line 46. The remainder of the liquid phase from 
Separating drum 43 together with the vapor phase 
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from this same drum pass to a stabilization tower 
47 through valved lines 48 and 49. Tower 47 is 
heated at the base by coil 50 and provided with 
reflux by means of condenser 5, separating drum 
52 and pump 53. 
mentioned separating drum passes through valve 
54 and lines 55, 7 and 8 to the hydrogen sulfide 
removal plant 9. The liquid phase from this 
separating drum is largely propane and passes 
through valved line 56 to storage tank 57. 

Reverting to debutanizer 39, a sidestream con 
posed predominantly of five and six carbon atom 
hydrocarbons can suitably be removed by means 
of trapout plate 58 and passed by means of pump 
59 through line 60, valved line 6 and line 62 to 6 
a so-called paraffin isomerization process which 
will later be described. The bottom from the . 
debutanizer tower consisting largely of the hep 
tane and heavier fraction of the distillate is pref 
erably passed by means of pump 63 through 20 
valved line 64 to a catalytic aromatization opera 
tion which will likewise be described subsequently. 

I have referred to various sources of hydrocar 
bon gas, consisting predominantly of methane, 
passing to hydrogen sulfide removal plant 9. It 2 
will, of course, be understood that it is not neces 
sary to use hydrocarbons from all these sources 
and it will likewise be understood that hydro 
carbons from still other sources can be introduced 
at this point. Furthermore, any available sources '' 
of methanaceous gases which are free of sulfur 
may be introduced directly into the Fischer proc 
ess synthesis gas manufacturing operation rather 
than passing through the hydrogen sulfide re 
moval plant but it is necessary to make a very 
thorough clean-up of sulfur since it tends to 
poison the catalysts normally used in the manu 
facture of synthesis gas for the Fischer process. 
From the hydrogen sulfide removal plant the 

purified gases pass through lines 65 and 66 to a 
reformer furnace 67. In line 66 they are joined 
with other hydrocarbon streams and also with 
steam introduced through valved line 68. The 
hydrocarbons and steam in line 6s are preferably 
preheated by closing valve 69 and opening valves 
70 and 7, thus passing them through a pre 
heater 72 wherein they pick up heat from the 
synthesis gas passing out of the furnace 6. 
In furnace 67 the feed gases pass through coils 50 

73 wherein they are heated to a temperature in 
the neighborhood of 1500 F. and substantially 
atmospheric pressure and then pass to catalyst 
tubes contained in reactor 74 at Substantially this 
same temperature and pressure. 
Reformer furnace 6 can be heated in various 

ways but the suitable sources of fuel include a 
portion of the hydrocarbon stream which would 
otherwise pass to coil 73. Thus valve 6 can be 
opened and fuel supplied to burner TT through so 
line 78. Alternatively, or in addition, fuel can 
be supplied from line 79 through line 80 and 
valved line 8. 
The reaction between methane and steam theo 

retically produces one mol of carbon monoxide 65 
to three mols of hydrogen and in practice the 
production is very similar. The presence of 
heavier hydrocarbons increases somewhat the 
mol ratio of carbon monoxide to hydrogen but in 
any event this mol ratio is lower than that re- 70 
quired in the conversion of this gas mixture into 
heavier hydrocarbons. This situation can be . 
remedied in various ways but I prefer to rectify 
the matter by removing carbon dioxide from flue 
gas, preferably made from sulfur-free fuel and 75 

The fixed gas from the last 5 
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introducing this into reformer furnace 67 where 
it is reduced to Carbon monoxide, 
Thus fue gas from fue 82 of reformer furinace 

67 can be passed through lines 83 and 84 into 
absorber tower 85 in which carbon dioxide from 
these flue gases is absorbed by passing an absorp 
tion medium such as a dilute alkaline solution, 
for instance sodium carbonate or mono-ethanol 
amine solution, downward through the absorber 
tower from line 86. The remaining flue gases 
are vented through vent line 87. The liquid from 
the base of absorber tower 85 is passed through 
line 88 and heater 89 into stripper tower 90, heat 
ed at the base by coil 9, and carbon dioxide re 
moved in the stripping operation is passed 
through lines 92 and 93 and 66 back to coil 73 of 
reformer furnace 67. The stripped absorption 
medium is, of course, removed from the base of 
stripper 90 and introduced by means of pump 94 
through heat exchanger 89, cooler 95 and line 6 
into absorber tower 85. Additional fue gas from 
the Catalytic aromatization process, which will 
subsequently be described, can likewise be passed 
through lines. 96, 9, 98 and 84 to this carbon 
dioxide recovery system. Flue gas resulting from 
revivification of aromatization catalyst can be 
used similarly if desired being introduced into 
absorber 85 through lines 99, 97, 98 and 84. The 
recovered carbon dioxide plays a part in the re 
actions within the reformer furnace 67 and re 
Sults in an increase in the ratio of carbon mon 
oxide to hydrogen. 

Synthesis gas from reformer furnace 67 passes 
out through preheater 72, heat exchanger f00 
and line of into the Fischer reactor 75. In line 
of the synthesis gas is preferably supplemented 

by hydrogen resulting from the catalytic aro 
matization process and introduced through line 
02 although, as will subsequently be described, 

4C. instead of introducing hydrogen through this 
line 02, it may sometimes be advantageous to 
utilize a portion of the Synthesis, gas passing 
through this line of from reformer furnace 6 
in another phase of my process; namely, the so 
called paraffin isomerization step. In the latter 
case the flow in line O2 is, of course, the reverse 
of that used when hydrogen is introduced from 
line O2 into line Of, 

In any event the composition of the synthesis 
gas passing to reactor 75 is adjusted by control 
ling the amount of carbon dioxide introduced 
into coil 3 or by controlling the amount of hy 
drogen, if any, introduced through. line 02 or 
by still other means in order to bring the mol 
ratio of carbon monoxide to hydrogen to the 
optimun figure desired in connection with the 
synthesis of heavier hydrocarbons in the Fischer 
synthesis. This optimum mol ratio is approxi 
mately 0.5 or slightly higher. 
In the manufacture of Fischer liquid from car 

bon monoxide and hydrogen the Synthesis gas 
is, contacted with a catalyst which can suitably 
be made of cobalt, thorium oxide and magnesium 
oxide mounted on kiesel guhr although other 
catalysts known to the art can, of course, be used. 
The reaction conditions for this conversion step 
include a temperature of about 350° F. to about 
450° F., for instance about 400° F. The tem 
perature must be controlled within very narrow 
limits. The reaction is carried on at a moderate 
pressure which may be atmospheric pressure or 
considerably higher. Thus the pressure can be 
from about minus 2 to about 25 pounds per 
Square inch gauge, for instance about 2 pounds 
per square inch gauge. Various types of reactors 

  



4. 
can be employed in contacting the synthesis gas 
made up of carbon monoxide and hydrogen with 
the Fischer catalyst, the main necessity being 
provision for removal of the exothermic heat 
of reaction for precise temperature control of 
the process. 

In the type of reactor shown the Catalyst is 
granular in form and is disposed in a large num 
ber of small tubes to facilitate removal of the 
heat of reaction. These tubes can Suitably be 
immersed in water maintained under pressure 
such that the boiling point is at the desired re 
action temperature. Steam thus generated can 
be used in the Synthesis gas manufacture step, 
being introduced through valved line 68. 
The Fischer products pass out through cooler 
O3 to separator 04. Cooler 03 is operated to 

condense the bulk of the gasoline range hydro 
carbons and these are removed from the base 
of separator 04 by pump 05 and pass through 
line 06 to bubble tower 07. This bubble tower 
is heated at the base by coil 08 and reflux is 
provided at the top by coil 109. The bubble 
tower is so operated as to take off as a bottom 
product material heavier than gasoline which is 
preferably passed through line if 0, pump 
and line 62, into the So-called paraffin isomeriza 
tion process which will be described later. The 
overhead from bubble tower to passes through 
line ff2 into fractionating tower 3. 
Reverting to separator 04, the vapor phase 

from this separator is drawn off through com 
pressors f l 4 into absorber 5 where it meets 
a descending Stream of absorption medium which 
can be a conventional absorber oil. Unabsorbced 
gas from absorber 5 is preferably used as fuel 
in reformer furnace 67 via line 80 and lines 8 
and 78. Alternatively, all or part of it can be 
vented through valVed line i 6 or Cycled to Coil 
73 in furnace 67 by means of line 80, valved line 

and line 66. 
The rich oil from the base of absorber tower 
5 is passed by means of pump 8 through heat 

exchanger 9 into Stripper tower 20 which is 
heated at the base by coil 12 and from which 
the previously absorbed hydrocarbons pass Over 
head through line .22 and condenser f23 to sep 
arator 24. The vapors from this separator can 
be recycled to the absorber through valved line 
25 and one of compressors if 4 or vented 
through valved line 26. Liquids from this sep 
arator are passed through line 27 by pump 28 
to the previously mentioned fractionating tower 

3. Lean oil from the base of stripper 20 is, 
of course, cycled through valve 29, heat ex 
changer f 9 and cooler 30 by means of pump 
3 to the top of absorber ff 5. Excess absorber 

oil can be removed or make-up absorber oil 
added by means of valved line f32. 

In fractionating column 3 the gasoline range 
and lighter hydrocarbons produced in the 
Fischer Synthesis are preferably fractionated 
into three cuts of which the lightest is made up 
of two, three and four carbon atom hydrocar 
bons, the intermediate is made up of light naph 
tha and the heaviest is made up of heavy naph 
tha, for instance a fraction containing seven car 
bon atom hydrocarbons and heavier and having 
an end point in the general vicinity of 400° F. 
The first fraction is withdrawn from the top of 
the column through line f33 and condenser 34 
to separator 35 from which fixed gases are 
vented through valved line f36 and the liquid is 
cycled in part back to the column as reflux by 
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the residue passes, as will subsequently be de 
scribed, through valve 40 and lines 4 and 2 
to the alkylation step which forms a part of the 
preferred embodiment of my process, 
The intermediate or light naphtha fraction 

from column 3 is withdrawn by means of trap 
out plate 43 and can be passed by means of 
line 44, pump 45, valve 46 and line 47 into 
storage tank 48, or, alternatively, can be passed 
in whole or in part through valve 49, pump 50 
and line 62 to isomerizer 5. However, this is 
not the preferred procedure since the light naph 
tha from the Fischer process contains a fairly 
high degree of unsaturation which makes it 
somewhat inferior as a paraffin isomerization 
process feed. The preferred procedure is to re 
move this unsaturation prior to isomerization by 
cycling all or part of this light naphtha fraction 
of the Fischer synthesis products through line 
44, pump 45, valve f52, and lines 4 and 42 

to the alkylation reactor 53. When all of the 
light naphtha, and the two, three and four car 
bon atom fractions are both to be sent to alkyla 
tion reactor 53, trapout plate 43 is, of course, 
unnecessary and all of these components can be 
taken overhead as a single fraction. 
The feed to the alkylation step of my process 

can come from various sources. In general this 
feed comprises one or more Sources of light olefins 
ranging from two to six carbon atoms per mole 
cule and one or more sources of branched chain 
paraffin hydrocarbons, particularly isobutane. 
AS previously mentioned, one Source of olefin hy 
drocarbons is the light naphtha from the Fischer 
process removed from fractionating column f 3. 
This feed contains substantial quantities of pen 
tenes and hexenes. The other preferred source 
of olefinic hydrocarbons is likewise from the 
Fischer process; namely, the normally gaseous 
olefins removed from the top of fractionating 
column 3 and passed into the alkylation sys 
tem through lines i 4 and 42. These light hy 
drocarbons normally predominate in three and 
four carbon atom hydrocarbons but may con 
tain large quantities of two carbon atom hydro 
carbons rich in ethylene. In general the lighter 
products from the Fischer synthesis are rich in 
olefins while the heavier fractions such as seven 
carbon atom hydrocarbons and heavier are made 
up very largely of Straight chain paraffinic hydro 
carbons. 
The olefins from the Fischer process together, 

if desired, with olefins produced by dehydrogena 
tion or otherwise, are introduced into an alkyla 
tion reactor 53 along with hydrocarbons rich in 
isobutane. The latter can suitably come from the 

65 

means of pump 37, valve 38 and line 39 while 5 

distillate recovery operation since many distill 
lates and natural gasolines are rich in isobutane. 
Such materials can be fractionated to secure a 
high concentration of isobutane but preferably 
a butane cut containing, normal as well as iso 
butane is utilized. This cut can, for instance, 
come from the base of the stabilizer column 
through line 54, valve 55 and lines 56 and f 42 
into alkylation reactor 53. Another and highly 
preferable Source of isobutane which can, if de 
Sied, constitute the only source used in the 
alkylation reaction, is the so-called parafin iso- . 
nerization process, which will later be described. 
Isobutane from this source passes into alkyla 
tion reactor 53 through lines 57 and 42. 
In the alkylation process the ratio of isobutane 

to olefins must be maintained high, for instance 
from 2:1 to 6:1 and preferably 3:1 or 4:1 with 
the result that the off gases from the alkyla 
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ucts are highly branched and therefore conn 
stitute extremely valuable motor fuel components 
particularly Where a Very high grade aviation 
motor fuel is required, 

I prefer that the charge to isomerization re 
actor 5 include as its main components the 
Fischer Synthesis products heavier than gasoline 
or a selected fraction of those products and bu 
tanes from the alkylation processor from the dis 
tillate recoVery operation or both. Thus the 
Fischer products boiling above 400° F. removed 
from the base of bubble tower 07 can be intro 
duced into isomerization reactor 5 by means of 
line 0, pump and line 62 together with the 
butane-containing fraction withdrawn from col 
umn 69 of the alkylation process through lines 
85 and 8. Similarly all or part of the butane 
from the distillate recovery operation can, if 
desired, be introduced into isomerization reactor 
5 through line 54, valve 86, pump 87, and 

lines 88 and 62. Another source of butane for 
the paraffin isomerization process is from the 
aromatization process which will later be de 
Scribed. The butane from this source can be in 
troduced into isomerization reactor f 5 through 
lines 89 and 62. 
While the main preferred charges to the so 

called paraffin isomerization process are the 
heavier-than-gasoline Fischer process products 
and butanes, five and six carbon atom hydrocar 
bons from the distillate recovery operation can 
likewise be charged to this reaction in order to 
isomerize them and improve their quality as mo 
tor fuel components and this can be accomplished 
by means of pump 59, line 60, valve 6 and line 
62. Another feed which can be used to advantage 
in the isomerization reaction is the heavy alkylate 
from lines 80, 8 and 62, as previously described. 
The light naphtha from the Fischer process can 
likewise go to isomerizer 5f through valve 49, 
pump 50 and line 62 but, as previously men 
tioned, it is preferable to send it to alkylation 
reactor 53. Similarly the heavy Fischer naph 
tha can be isomerized by introducing it into 
isonerizer 5 via pump 90, valve 9 and line 
62 but I prefer to aromatize this heavy naphtha 
as Will hereinafter appear. Hydrogen chloride 
or other promoter is likewise introduced into 
isonerizer 5 by means of valved line 92. 
The Optimum conditions existing in isomeriza 

tion reactor 5? are influenced to some extent by 
the nature of the charge to the isomerization re 
action and by the nature of the desired products 
as Well as by the precise catalyst chosen. How 
ever, in general these conditions include a tem 
perature of from about 100° F to about 4500 F., 
for instance 280° F. and a pressure sufficient to 
maintain at least a substantial portion of the 
charge in the liquid phase. While aluminum 
chloride is the preferred catalyst, aluminum bro 
mide and other polyvalent metallic halides can be 
used and the aluminum chloride or other neta 
halide forms a complex in the course of the re 
action, which complex in all probability acts as 
the actual catalyst. 

It is desirable to introduce hydrogen into 
isonerization reactor 5 in order to improve 
catalyst life, and the partial pressure of the hy 
drogen in the reactor can Suitably be from about 
50 to about 1500 or more pounds per square inch, 
for instance about 1000 pounds per Square inch. 
The lower the temperature, the lower should be 
the hydrogen partial pressure. In connection 
With my process, the hydrogen fed to the isomer 
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matization operation via valve 9, lines 4 and 
195, valve 1ss, compressor í7 (lf required), and 
lines 98 and 62, Alternatively it can come from 
the Fischer synthesis gas (particularly if the 
aromatization step is omitted) via line 02, valve 
02a, line 95, valve 99, compressor 97 and lines 
98 and 62. This synthesis gas contains, of course, 

carbon monoxide as Well as hydrogen but it can 
nevertheless be used effectively in the isoneriza 
tion reactor. Alternatively, however, Synthesis 
gas from line 02 can be passed through a carbon 
monoxide removal step shown diagrammatically 
as purifier 200 by closing valve 02a and opening 
valves 20Í and 202. This carbon monoxide puri 
fication can, for example, be carried out by oxi 
dation of the carbon monoxide to carbon dioxide 
With Steam followed by the removal of the carbon 
dioxide by Some Such means as absorber 85 and 
related elements. 
Warious types of isomerization reactors can be 

used, for instance a tubular reactor or a vessel 
equipped With an agitator as in the case of 
alkylation reactor 53. However, as shown, the 
charge is fed to a tower 5 which can be a bubble 
tOWer, packed tower, or baffle tower and is therein 
agitated with the aluminum chloride complex or 
other liquid catalyst entering through conduit 203. 
The products pass overhead through line. 204 to 
separator 205 in which any entrained catalyst to 
gether with some of the heavier product liquid 
Settles out and returns to the isomerizer through 
Valved conduit 203. The catalyst reaching the 
bottom of the isomerizer tower is removed by 
means of pump 206 and passed through valve 207 
to regenerator 208 and thence back to isomerizer 
5 through line 209, separator 205 and conduit 

203. Regeneration can be accomplished by hy 
drogenation or by decomposition and rechlorina- f' 
tion or by electrolytic or other means. However, 
this regeneration does not constitute a part of the 
present invention and is merely indicated dia 
grammatically. From time to time fresh catalyst 
must be added and this is accomplished by means 
of valved line 20. Similarly spent catalyst can 
be removed through valved line 2. 
The reaction liquid from isomerizer 5 passes 

into separator 205 and, as previously mentioned, 
* the l'auid catalyst separates out as a lower liquid 
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ization reactor preferably comes from the arO- 75 
A: 

phase and is returned under the control of the 
valve in conduit. 203. The hydrogen and other 
fixed gases likewise separate at the top of sepa 
rator 205 and are recycled by means of compressor 
22 and lines 98 and 62. 
The liquid isomerization product passes 

through line 23 to a wash tower 24 where re 
sidual hydrogen chloride is removed by an alka 
line and/or water wash, the wash liquid being in 
troduced by valved line 25 and withdrawn 
through valved line 26. The washed product 
then passes through line 2f1 to fractionating 
tower 28 where it is preferably divided into 
three fractions. This tower is heated at its base 
by reboiler coil 219. 
A light fraction is removed from tower 28 via 

line 220 and passed through condenser 22 to Sep 
arator 222 from which a portion of it is returned 
to the top of the tower as reflux by means of plumpo 
223, valve 224 and line 225, and the remainder, 
consisting largely of four carbon atom hydro 
Carbons and rich in isobutane, is preferably cycled 
through valve 226 and lines 227, 57 and 2 to 
alkylation reactor 53 and normally constitutes 
the main part of the iso-paraffin fed to the alkyla 
tion reaction. . . - 
The intermediate cut from fractionating tower 
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218 is withdrawn from trapout plate 228 and is 
used as a component of high grade motor fuel. 
This fraction is composed wholly or largely of hy 
drocarbons having from five to seven carbon 
atoms per molecule and is rich in branched chain 
hydrocarbons of high antiknock value. This frac 
tion passes to storage tank 229 through line 230 
and can be blended therein or otherwise with the 
isoheptane or isooctane fraction from the alkyla 
tion step and preferably also with the aromatic 
hydrocarbons produced in the aromatization re 
action, as will hereinafter appear. 

10 

Reverting to fractionating column 218, the 
heaviest fraction is preferably recycled to isomer 
izer i 5t by means of line 23 i, pump and line 
62. This heavy fraction tends to break down into 
lighter compounds in the presence of the butane 
which is likewise introduced into isomerizer 5 
and the process converts the heavy hydrocarbons 
charged to it in large measure into valuable motor 
fuel components and isobutane for use in the 
alkylation reaction. 
The process as thus far described converts into 

valuable motor fuel components practically all of 
the original well fluids with the exception of hy 
drocarbons boiling between the boiling point of 
the seven carbon atom hydrocarbons and the 
gasoline end point which is typically in the 
neighborhood of 400° F. These hydrocarbons 
can be utilized most effectively and efficiently by 
raising their antiknock value without any radical 
change in their volatility, thereby producing a 

, final motor fuel of balanced distillation range and 
of uniformly high antiknock quality throughout 
its distillation range. These heavy naphtha hy-i. 
drocarbons from the Fischer synthesis and also 
from the distillate recovery operation, if such op 
eration is utilized, constitute an extraordinarily 
effective charge for a catalytic aromatization. 
process. ". 

Processes of this latter type are sometimes re 
ferred to as catalytic reforming in the presence 
of hydrogen or as dehydroaromatization proc 
esses. They are also 'sometimes popularly de 
scribed as hydroforming processes. These proc 
esses are conducted in the presence of added hy 
drogen but nevertheless produce hydrogen since 
they operate by transforming naphthenic, olefinic 
and paraffinic hydrocarbons into aromatic hydro 
carbons with resultant dehydrogenation. In the 
present instance the charge is almost exclusively 
paraffinic and thus very substantial amounts of 
hydrogen are produced. Nevertheless the addi 
tion of hydrogen is essential in order to direct the 
reaction and particularly in order to prolong cata 
lyst life. 
Catalytic aromatization as contemplated in 

connection with the present invention is carried 
on in the presence of metal oxide catalysts and 
more particularly catalysts made up of oxides of 
one or more metals selected from the left hand 
ecolumns of groups IV, V and VI of the periodic 
table. These oxides, preferably vanadium oxide, 
chronium oxide or still better molybdenum oxide, 
are most effective when supported on alumina. 
Thus, for instance, one particularly suitable cata 
lyst is made up of about 8% molybdenum oxide 
precipitated on the surface of activated alumina. 
Reaction conditions are critical and include a 
pressure of from about 50 tp about 450 pounds 
per square inch, fer instance about 250 pounds 
per square inch, a temperature of from about 850 
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7 
volume of catalyst per hour, for instance about 
0.7 volume per volume per hour. The volume of 
catalyst referred to above is the volume which 
the catalyst Would occupy at rest or in a pelleted 
or compacted condition. The amount of hydro 
gen used should range from about 1 to about 10 
mols per mol of charge, for instance abOut 2 mols 
of hydrogen per mol of charge. 
This catalytic aromatization reaction can be 

carried out with the catalyst in a fixed bed or a 
moving bed but, as shown, it is carried out by 
the use of an upflow reactor in which the flow 
Velocity is adjusted to obtain a phenomenon 
sometimes known as hindered settling in which 
the catalyst is maintained in a state of agitation 
resembling in appearance a boiling liquid. Typi 
cally this flow velocity is from 0.2 to about 3.0 
feet per second, for instance 1.0 foot per second. 
These velocities are for finely powdered catalyst 
and the velocity used will vary with the particle 
size of the catalyst. The velocity should be high 
enough to avoid “bridging" of the catalyst, but 
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to about 1025 F., for instance about 975 F. 
a space velocity of from about 0.04 to about 10 

'from standpipe 247. 

low enough to maintain a dense catalyst suspen 
sion phase in the reactor. 
Turning more particularly to the flow diagram, 

the heavy naphtha from the Fischer process 
passes through pump 90, valve 232 and lines 233 
and 64 into coil 234 of aromatization furnace 235. 
Heavy naphtha from the distillate recovery op 
eration, if any, passes through pump 63 and joins 
the Fischer heavy naphtha, in line 64 and passes 
with it through coils. 234 and 236 in furnace 235 
and thence through transfer line 237 into upflow 
reactor 238. In this reactor the naphtha meets 
a stream of hydrogen which is preferably part 
of the hydrogen produced in the process recycled 
by means of valve 239, compressor 240, line 24 
and coils 242 and 243 of furnace 235. Alterna 
tively, the hydrogen and charge can be heated 
together but better control can be obtained by 
heating them in separate coils. 
As shown, the hot hydrogen is sent through 

valved line 244 and picks up regenerated catalyst 
from standpipe 245 and then enters the base of 
the reactor. A portion of the hydrogen can like 
wise be passed through valved line 246 and serves 
to introduce further catalyst into the reactor 

This latter catalyst is re 
cycled without regeneration since in general in 
this process catalyst can effectively be passed 
through the reactor more than once before re 
generation is required. Furthermore, in order 
to maintain the desired 'fluid' conditions within 
reactor 238 a high ratio of catalyst to oil fed 
to the reactor is required and this can effectively 
be maintained by recycling a portion of the cata 
lyst without regeneration, thereby reducing the 
load on the regeneration System. 
The upflowing catalyst for reaction gases passes 

through throat 248 to deflector 249 which causes 
the bulk of the catalyst to precipitate on top of 
baffle 250. Further means can be utilized to re 
cover residual catalyst including cyclone separa 
tors located in the separation Zone of the re 
actor and Cottrell precipitators but these have 
been omitted in the interests of simplicity. A 
portion of the catalyst passes through standpipe 
25 to conduit 252 where it is picked up in a 
stream of air introduced through valved line 253 
and passed to a regenerator 255 which is prefer 
ably of the upflow hindered settling type as de 
scribed previously. The amount of air intro 
duced is such as to oxidize the carbonaceous de 
posits on the catalyst and thus restore the cata 

volumes of charge measured as liquid per gross 75 lyst activity but is insufficient to cause overheat 
  



ing with consequent deleterious effect on the 
catalyst, Since the upflow type of reactor gives 
good heat distribution with practically no tem 
perature gradients, the problems of local hot 
spots usually encountered in other oxidation and 
revivification systems is avoided. 
As in the case of reactor 238, a portion of the 

catalyst reaching the top of regenerator 255 is 
cycled via standpipe 256 back to the regenerator 
while another portion passes through standpipe 
245 and is picked up by the stream of hydrogen 
and introduced into reactor 238 as previously de 
scribed. The catalyst passing through standpipe 
256 can advantageously be cooled by cooler 25l. 
The catalyst in standpipes 245, 247, 25 and 256 
is maintained in aerated condition by introduc 
ing small amounts of gas through valved lines 
258. As previously described, the flue gas from 
regenerator 255 can suitably be passed through 
lines 99, 97, 98 and 84 and stripped of its carbon 
dioxide in absorber 85, thereby augmenting the 
supply of carbon dioxide for use in connection 
with the manufacture of synthesis gas for the 
Fischer process. 
Returning to reactor 238, the products after 

catalyst removal pass through line 259 and con 
denser 260 to separator 26 and the hydrogen re 
maining uncondensed along with some contami 
nants passes in part back to the aromatization . 
process and in part to the so-called paraffin iso 
merization process via valve 93, lines 94 and 
f 95, valve 96, compressor 97 and lines 98 and 
62. Also, as previously mentioned, a portion of 
this hydrogen can be used as part of the syn 
thesis gas for the Fischer reaction, being sent to 
Fischer reactor 75 as hereinabove described. Ex 
cess hydrogen, if any, can be vented through 
valved line 262. 
The liquid from separator 26 passes through 

line 263 into fractionating tower 264 which serves 
to separate the aromatization products into the 
desired fractions. This aromatization product 
contains a very small amount of the C2 and C3 
hydrocarbons and the former can suitably be 
used in the manufacture of synthesis gas for the 
Fischer process being sent to the reformer coils 
73 and 74 from the top of fractionator 264 
through lines 285, T2 and 66. This gas can also 
be used as fuel for furnace 6 and/or 235 using 
valved line 6 in the first instance and Valved line 
286 in the second. 
The four carbon atom hydrocarbons are taken 

off from tower 264 through trapout plate 267 and 
can suitably constittue part of the feed to the so 
called paraffin isomerization process passing to 
that process through pump 268 and lines 269, 
270, 89 and 62. Any five carbon atom hydro 
carbons present in the products from the aroma 
tization reaction can, if desired, also be sent to 
this isomerization process and this is desirable 
since five carbon atom hydrocarbons cannot be 
aromatized but do form branched chain hydro 
carbons of high antiknock value in the isomeri 
zation reaction. Care should be taken, however, 
that no aromatics are cycled to the isomerization 
process since they poison the catalyst. 
Aromatization products heavier than Cs and 

within the motor fuel distillation range, Say up 
to 400 F, can be utilized in the manufacture of 
automotive and aviation motor fuels in various 
ways. Thus a cut rich in hydrocarbons having 
six and seven carbon atoms per molecule is par 
ticularly desirable for use in aviation gasoline of 
extremely high knock rating. A fraction of this 
type can be withdrawn from trapout plate 27 
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and passed through line 272 to storage tank 
for blending with an isoheptane and/or isooctane 
fraction from the alkylation operation, contained 
in tank 274, and/or with a branched chain frac 
tion from the so-called paraffin isonerization 
operation, contained in tank 229. This blend 
ing can be accomplished using super aviation 
gasoline tank 275, pump 276, line 277 and valved 
lines 278,279 and 280. 
The fraction from the aromatization operation 

which contains the xylenes and heavier Compo 
nents within the gasoline range can suitably be 
withdrawn from trapout plate 28 through line 
282 and introduced into storage tank 283 for sub 
sequent blending in the manufacture of high 
grade gasoline engine motor fuels since these 
heavier aromatics are somewhat inferior to the 
highly branched paraffins of like boiling point 
when used in high temperature engines such as 
are increasingly typical of aviation practice. 
The aromatization reaction produces a small 

quantity of hydrocarbons heavier than gasoline 
and these are often referred to as "polymer." 
Also when hydrocarbons heavier than gasoline 
from the distillate recovery process are charged 
to the aromatization step, they are aromatized 
and form a part of the heavy product. This 
heavier-than-gasoline aromatized fraction con 
stitutes an extremely effective absorption medium 
for use in connection with distillate recovery by 
high pressure absorption and all or a portion of 
this fraction can thus suitably be withdrawn from 
tower 264 by means of trapout plate 284 and di 
rected through line 285, valve 286, pump 28, 
lines 288 and 7, heat exchanger 8 and cooler 
9 into absorber 0. The remainder can be 

passed through valved line 289 to polymer stor 
age tank 290 and can subsequently be used in 
various ways suitable for highly aromatic ma 
terials of this boiling range. 
Any small amount of catalyst passing overhead 

from reactor 238 finds its way to the base of frac 
tionating tower 264 and can be recycled along 
with any extremely heavy hydrocarbons back into 
the aromatization reactor by means of pump 2, 
lines 292, coils 234 and 236 and transfer line 237. 
While I have described my invention in con 

nection with certain preferred embodiments 
thereof, it is to be understood that these are by 
way of illustration and not by way of limitation 
and I do not mean to be restricted thereto but 
only to the scope of the appended claims. 

I claim: 
1. A method for manufacturing high quality 

motor fuel comprising passing well fluids pro 
duced by a well of the distillate type into an ab 
sorption zone at high pressure, contacting said 
well fluids in said absorption zone with a heavy 
absorber oil comprising aromatic hydrocarbons 
produced by an aromatization operation, recov 
ering from the rich absorber oil a fraction rich 
in butanes and a heavy naphtha fraction, con 
pressing a portion of the unabsorbed gases from 
Said absorption Zone and injecting same into a 
subsurface hydrocarbon reservoir, passing a fur 
ther portion of the unabsorbed gases from said 
absorption Zone to a hydrogen sulfide removal 
Zone and removing hydrogen Sulfide from said 
gases in said last mentioned Zone, reacting said 
purified gases with steam in the presence of a 
catalyst to produce carbon monoxide and hy 
drogen therefrom, reacting said carbon monoxide 
and hydrogen in the presence of a catalyst of 
the Fischer synthesis type to produce a synthetic 
crude oil therefrom, fractionating said synthetic 
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crude oil to produce fractions including a pre 
dominantly paraffinic heavy naphtha fraction, 
passing at least a substantial part of said heavy 
naphtha fraction from said synthetic crude oil 
and at least a substantial part of said heavy 
naphtha fraction recovered from said rich ab 
SOrber oil to a catalytic aromatization zone and 
contacting it in said Zone with an aromatization 
catalyst of the metal oxide type in the presence 
of hydrogen to produce aromatic hydrocarbons. 
and hydrogen, fractionating said aromatic hy 
drocarbons into at least One gasoline range frac 
tion and at least one heavier-than-gasoline frac 
tion, and cycling at least a substantial part of 
said last mentioned fraction to said contacting 
step as said heavy absorber oil. 

2. A method for manufacturing high quality 
motor fuel comprising passing well fluids pro 
duced by a well of the distillate type into an 
absorption Zone at high pressure, contacting said 
well fluids in said absorption zone with a heavy 
absorber oil comprising aromatic hydrocarbons 
produced by an aromatization operation, recov 
ering from the rich absorber oil a fraction rich 
in butanes and a heavy naphtha fraction, Com 
pressing a portion of the unabsorbed gases from 
said absorption zone and passing said compressed 
gases to a subsurface hydrocarbon reservoir, 
reacting at least a substantial part of Said gases 
with steam in the presence of a catalyst to pro 
duce carbon monoxide and hydrogen therefrom, 
reacting said carbon monoxide and hydrogen in 
the presence of a catalyst of the Fischer syn 
thesis type to produce a synthetic crude oil there 
from, fractionating said synthetic crude oil to 
produce a light fraction rich in olefinic hydro 
carbons, a heavy naphtha fraction and a pre 
dominantly paraffinic fraction boiling predomi 
nantly above the gasoline boiling point range, 
passing at least a substantial part of said last 
mentioned fraction and at least a substantial 
part of said heavy naphtha fraction recovered 
from said rich absorber oil into a paraffin isom 
erization zone and contacting it therein with bu 
tane to react said predominantly paraffinic frac 
tion with said butane in the presence of a cata 
lyst of the aluminum chloride type to produce 
isobutane and predominantly branched chain 
hydrocarbons intermediate in boiling point be 
tween said butane and said predominantly par 
affinic fraction, passing at least a substantial 
part of said isobutane together with at least a 
substantial part of said light fraction from said 
synthetic crude oil to an alkylation zone and 
contacting said isobutane and Said last men 
tioned fraction with each other and with a cata 
lyst of the aluminum chloride type to produce 
a highly branched chain alkylation product to 
gether with a normal butane fraction passing 
through said alkylation zone, passing at least a 
substantial part of said normal butane fraction 
and at least a substantial part of said fraction 
rich in butanes recovered from said rich absorber 
oil to said isomerization zone as at least a part 
of the butane contacted in Said isomerization 
zone as aforementioned, passing at least a sub 
stantial part of said heavy naphtha fraction from 
said synthetic crude oil to a catalytic aromatiza 
tion zone and contacting it in said Zone with 
an aromatization catalyst of the metal oxide type 
in the presence of hydrogen to produce aromatic 
hydrocarbons and hydrogen, cycling at least a 
substantial portion of said produced hydrogen 
to said paraffin isomerization zone to increase the 
life of said catalyst of the aluminum chloride 
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type present in said isomerization zone, fraction 
atting said aromatic hydrocarbons into at least 
One gasoline range fraction and at least one 
heavier-than-gasoline fraction, cycling at least 
a substantial part of said last mentioned frac 
tion to the first mentioned contacting step as 
Said heavy absorber oil, and blending selected 
gasoline range fractions of the products produced 
in Said alkylation, isomerization and aromatiza 
tion steps to produce a superior motor fuel of 
high antiknock value. 

3. A method for manufacturing high quality 
motor fuel comprising passing well fluids pro 
duced by a Well of the distillate type into an 
absorption Zone at high pressure, contacting said 
well fluids in Said absorption zone with a heavy 
absorber oil comprising aromatic hydrocarbons 
produced by an aromatization operation, recov 
ering from the rich absorber oil a fraction rich 
in butanes and a heavy naphtha fraction, com 
pressing a portion of the unabsorbed gases from 
said absorption zone and passing said compressed 
gases to a subsurface hydrocarbon reservoir, pass 
ing a further portion of the unabsorbed gases 
from said absorption zone to a hydrogen sulfide 
removal ZOne and removing hydrogen sulfide from 
said gases in said last mentioned zone, reacting 
Said purified gases with steam in the presence of 
a catalyst to produce carbon monoxide and hy 
drogen therefrom, reacting Said carbon monoxide 
and hydrogen in the presence of a catalyst of the 
Fischer synthesis type to produce a synthetic 
crude oil therefrom, fractionating said synthetic 
crude oil to produce a light fraction rich in ole 
finic hydrocarbons, a heavy naphtha fraction and 
a predominantly paraffinic fraction boiling pre 
dominantly above the gasoline boiling point 
range, passing at least a substantial part of said 
last mentioned fraction and at least a substantial 
part of Said heavy naphtha fraction recovered 
from said rich absorber oil into a paraffin isom 
erization Zone and contacting it therein with bu 
tane to react said predominantly parafinic frac 
tion with said butane in the presence of a cata 
lyst of the aluminum chloride type to produce 
isobutane and predominantly branched chain hy 
drocarbons intermediate in boiling point between 
said butane and said predominantly parafinic 
fraction, passing at least a substantial part of 
said isobutane together with at least a substan 
tial part of said light fraction from said synthetic 
crude oil to an alkylation zone and contacting 
said isobutane and said last mentioned fraction 
with each other and with a catalyst of the alu 
minum chloride type to produce a highly branched 
chain alkylation product together with a normal 
butane fraction passing through said alkylation 
Zone, passing at least a substantial part of said 
normal butane fraction and at least a substan 
tial part of said fraction rich in butanes recov 
ered from said rich absorber oil to said isom 
erization Zone as at least a part of the butane 
contacted in Said isomerization zone as afore 
mentioned, passing at least a substantial part 
of said heavy naphtha fraction from said syn 
thetic crude oil and at least a substantial part 
of said heavy naphtha fraction recovered from 
said rich absorber oil to a catalytic aromatiza 
tion Zone and contacting it in said zone with an 
aromatization catalyst of the metal oxide type in 
the presence of hydrogen to produce aromatic 
hydrocarbons and hydrogen, cycling at least a 
Substantial portion of said produced hydrogen to 
Said paraffin isomerization zone to increase the 
life of Said catalyst of the aluminum chloride 
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type present in said isomerization zone, fraction 
atting said aromatic hydrocarbons into at least 
one gasoline range fraction and at least one 
heavier-than-gasoline fraction, cycling at least a 
substantial part of said last mentioned fraction 
to the first mentioned contacting Step as said 
heavy absorber oil, and blending Selected gasoline 
range fractions of the products produced in Said 
alkylation, isomerization and aromatization steps 
to produce a superior motor fuel of high anti 
knock value. 

4. A method for manufacturing high quality 
motor fuel from a stream of light and heavy 
hydrocarbon vapors comprising the combination 
of steps of contacting said stream with an ab 
sorber oil comprising aromatic hydrocarbons 
produced by a catalytic conversion, recovering 
from the rich absorber oil a heavy naphtha frac 
tion, subjecting at least a substantial part of said 
heavy naphtha fraction to a catalytic conversion 
in the presence of a catalyst of the metal oxide 
type to produce aromatic hydrocarbons, recover 
ing from the conversion products at least one 
fraction boiling in the motor fuel range and at 
least One heavy fraction containing Substantial 
amounts of aromatics, and Supplying at least a 
part of Said heavy fraction as the absorber oil in 
the contacting step. 

5. A method for manufacturing high quality 
motor fuel from a mixture of light and heavy 
hydrocarbon vapors comprising the combination 
of steps of contacting said mixture With an ab 
Sorber oil comprising aromatic hydrocarbons 
produced by subsequent catalytic conversion, re 
covering from the rich absorber oil a heavy 
naphtha fraction, recovering an unabSOrbed pre 
dominantly methane fraction from said mixture 
and producing a mixture of hydrogen and oxides 
of carbon therefron, preparing a synthetic crude 
oil by catalytic reduction of the oxides of carbon, 
fractionating the said Synthetic crude oil to pro 
duce fractions including a predominantly par 
affinic heavy naphtha fraction, subjecting at least 
a substantial part of Said paraffinic heavy naph 
tha, fraction from said synthetic crude oil to a 
catalytic conversion in the presence of hydrogen 
and a catalyst of the metal oxide type to pro 
duce aromatic hydrocarbons, recovering from the 
conversion products at least one fraction boiling 
in the motor fuel range and at least one heavy 
fraction containing Substantial amounts of aro 
matics, and Supplying at least a part of Said heavy 
fraction as the absorber oil to the contacting 
step. . 
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6. A method for manufacturing high quality 

motor fuel from a stream of light and heavy 
hydrocarbon vapors comprising the combination 
of steps of contacting said stream with an ab 
SOrber oil comprising aromatic hydrocarbons pro 
duced by a catalytic conversion, recovering from 
the rich absorber oil a heavy naphtha fraction, 
producing a mixture of hydrogen and oxides of 
carbon from the unabsorbed gases and preparing 
a Synthetic crude oil by catalytic reduction of 
the Oxides of carbon, recovering from the said 
Synthetic crude oil a fraction including a pre 
dominantly paraffinic heavy naphtha fraction, 
Subjecting at least a substantial part of said 
paraffinic heavy naphtha fraction from said 
Synthetic crude oil and said first mentioned heavy 
naphtha fraction to a catalytic conversion in the 
presence of hydrogen and a catalyst of the metal 
Oxide type to produce aromatic hydrocarbons, 
recovering from the conversion products at least 
one fraction boiling in the motor fuel range and 
at least one heavy fraction containing substan 
tial amounts of aromatics, and Supplying at least 
a part of said heavy fraction as the absorber oil 
in the contacting step. 

7. A method for manufacturing high quality 
motor fuel from a Stream of light and heavy 
hydrocarbon vapors comprising the combination 
of Steps of contacting Said stream with an ab 
SOrber oil comprising aromatic hydrocarbons pro 
duced by a catalytic conversion, recovering from 
the rich absorber oil a fraction rich in butanes 
and a heavy naphtha fraction, producing a mix 
ture of hydrogen and oxides of carbon from 
the unabsorbed gases and preparing a synthetic 
crude oil by catalytic reduction of the oxides of 
carbon, fractionating the said synthetic crude 
oil to produce fractions including a light olefinic 
fraction and a predominantly paraffinic heavy 
naphtha fraction, catalytically alkylating said 
butanes and Said light olefinic fraction to pro 
duce hydrocarbons boiling in the motor fuel 
range, Subjecting at least a substantial part of 
said paraffinic heavy naphtha fraction from said 
Synthetic crude oil to a catalytic conversion in 
the presence of hydrogen and a catalyst of the 
metal oxide type to produce aromatic hydrocar 
bons, recovering from the conversion products at 
least One fraction boiling in the motor fuel range 
and at least One heavy fraction containing Sub 
Stantial amounts of aromatics, and Supplying at 
east a part of Said heavy fraction as the absorber 
oil in the contacting step. 
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