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DESCRIPTION

FIELD

[0001] This invention relates to a catalytic conversion process. More particularly, the invention
relates to a catalytic conversion process for converting heavy feedstocks into high octane
gasoline and an enhanced yield of propylene, wherein the yields of dry gas and coke decrease
significantly, thereby petroleum oil resources are utilized efficiently.

BACKGROUND

[0002] Light olefins such as propylene are important organic chemical feedstocks. Commercial
propylene 1s used to produce polypropylene, acrylonitrile and other chemicals. The propylene
requirement Is increasing year by year with a sharply increasing demand for polypropylene
derivates. Worldwide annual propylene requirement amount increased from 15.2 million tons of
twenty years ago to 51.2 million tons in 2000 and average annual increasing rate was 6.3%. It
IS estimated that there will be 86 million tons of propylene requirement in 2010 and average
annual increasing rate will be 5.6% during that period.

[0003] Steam cracking and fluid catalytic cracking (FCC) are the main processes to produce
propylene. Light oil such as naphtha can be used as the feedstock In steam cracking to
produce ethylene and propylene, and the yield of propylene i1s only about 15% by weight.
However, the feedstock of FCC process Is heavy oll such as vacuum gas oil (VGO). Currently,
61% amount of propylene is from a byproduct of steam cracking process which produces
ethylene, and 34% amount of propylene Is produced by FCC, and about 5% amount of
propylene is produced by propane dehydrogenation and ethylene-butene metathesis process.

[0004] Petrochemical industry will face to the shortage of light feedstock, deficiency of the
processing capacity, high cost and other restrictive factors if ethylene and propylene are
produced by the conventional petrochemical process such as steam cracking.

[0005] The role of FCC Is Increasingly concerned since FCC has advantage of wide
adaptability of feedstock and flexible operation. Almost 50% amount of propylene is from FCC
In U.S.A. The catalytic cracking technology with enhanced propylene yield is being improved
quickly.

[0006] U.S. Patent No. 4,980,053 discloses a process to produce gaseous olefins by catalytic
conversion of hydrocarbons. Various fractions of petroleum, including residual oils and crude
olls, are catalytically converted in fluidized or moving bed reactors with solid, acidic catalysts at
a temperature of 500°C to 650°C, and a pressure of 0.15MPa to 0.3MPa, with a weight hourly

space velocity of 0.2 hr'! to 20 hr'! and catalyst to oil ratio of 2 to 12. Catalyst is continuously
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recycled between the reactor and the regenerator. The total yield of propylene and butene is
about 40% by weight of the feedstock, and propylene yield is about 26.34% by weight of the
feedstock.

[0007] WOO00/31215A1 discloses a process for catalytic cracking to produce light olefin, which
uses the catalyst comprising ZSM-5 and/or ZSM-11 as active component and much of inert
substance as matrix. However, the yield of the propylene is less than 20% by weight of VGO.

[0008] U.S. Patent No. 4,422,925 discloses a fluid catalytic cracking process In which a
plurality cracking performance of hydrocarbon feedstocks Including at least one gaseous
paraffinic hydrocarbon feedstock and at least one liquid hydrocarbon feedstock are subjected
to different cracking reaction conditions in several reaction zones Iin the present of regenerated
catalyst to produce enhanced yield of light olefins.

[0009] U.S. Patent No. 5,326,465 relates to a process for the production of LPG rich in olefins
and high quality gasoline.

[0010] WO2008/028343 relates to a process for catalytic converting of hydrocarbons.
[0011] EP 1 734 098 relates to a process of production of lower olefins and aromaticas.
[0012] EP 1 798 259 relates to a cracking catalyst for hydrocarbons and its preparation.

[0013] US Patent No. 6 416 656 relates to a catalytic cracking process for increasing
simultaneously the yields of diesel oil and liquefied gas.

[0014] Preserved amount of gasoline automobile has progressed rapidly due to economic
development and the requirement of high quality gasoline Is increasing. Presently improving
gasoline octane number technologies include catalytic reforming, alkylation, isomerization,
adding an gasoline octane number enhancing additive, and the like. The advantage of catalytic
reforming IS the heavy fraction of gasoline having high octane number, however, the octane
number of light fraction gasoline is lower, in particular, the reforming catalyst cost is higher and
the quality of feedstock is strictly required. Alkylation and isomerization technology can produce
high octane number and good sensitivity gasoline which 1s a desirable high octane number
clean gasoline component, there is, however, corrosion and environmental protection problem
with the used catalyst. The octane number enhancing additive such as MTBE and ETBE can
Increase gasoline octane number and improve automobile performance, but the cost is higher.
Catalytic cracking gasoline 1s a main source of automobile gasoline pool. The octane number
of catalytic cracking gasoline Is affected by lower octane number heavy gasoline fraction.
Generally, the quality of FCC diesel i1s worse than straight-run diesel oil. FCC diesel oll is rich In
mono ring aromatic hydrocarbons, which can be catalytically converted to high octane gasoline
component and propylene product.

[0015] The known technologies are Insufficient in paraffin molecules catalytic conversion,
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therefore the dry gas Is Increasing sharply when the propylene yield grows. Because of
underutilization of the gasoline potential content of diesel oil which can produce high octane
gasoline and light olefins, there still have room to improve for the quality and yield of gasoline.
Therefore, It I1s desirable to develop a process for catalytic cracking of heavy feedstocks to
produce an enhanced yield of high octane number gasoline and an enhanced yield of
propylene to meet the market requirements of light olefin and gasoline.

SUMMARY

[0016] An object of the present invention Is to provide a catalytic conversion process; In
particular, for converting heavy feedstocks into high octane gasoline and an enhanced yield of
propylene, wherein the yields of dry gas and coke decrease significantly, thereby petroleum oll
resources are utilized efficiently.

[0017] Aspects of the Invention are defined In the accompanying claims. Any examples
described below which do not fall within the scope of the appended claims are provided as
comparative examples.

[0018] The Invention concerns a process for producing propylene and high octane number
gasoline, which comprises:

1. (1) A feedstock comprising hard crackability feedstock is contacted with a medium pore
size zeolite enriched catalyst and cracked in a reactor under the conditions of a reaction

temperature between 600°C and 750°C , a WHSV between 100h™! and 800 h™', a
reaction pressure between 0.10MPa and 1.00MPa, a C/O between 30 and 150 and a
steam/hard crackability feedstock ratio between 0.05 and 1.00 by weight,

2. (2) Areaction stream containing hard crackability feedstock, along with easy crackability
feedstock, Is further cracked under the conditions of a reaction temperature between

450°C and 600°C , a WHSV between 5h-1 and 100 h‘1, a reaction pressure between
0.10MPa and 1.00MPa, a C/O between 1.0 and 30.0 and a steam/easy crackability
feedstock ratio between 0.05 and 1.00 by weight,

3. (3) Spent catalyst and product vapors are separated by cyclone separator. Optionally,
spent catalyst Is charged into stripping section and stripped. The stripped spent catalyst
IS regenerated by burning off the coke and returns to reactor. The product vapors are
separated to obtain a product comprising propylene, high octane number gasoline and
FGO,

4. (4) Said FGO i1s hydrotreated or/and is extracted with aromatic hydrocarbons to obtain
hydrotreated FGO (HFGO) or/and a raffinate of FGO (RFGO). Said HFGO or/fand RFGO
return to step (1) or/and step (2) as hard crackability feedstock or/and easy crackability
feedstock.
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[0019] Said hard crackability feedstock is one selected from or includes slurry, diesel, gasoline
and hydrocarbons with 4-8 carbon atoms or mixture thereof. Said easy crackability feedstock Is
selected from or Includes petroleum hydrocarbons and/or other mineral oils, wherein the
petroleum hydrocarbon is one selected from the group consisting of VGO, AGO, CGO, DAO,
VR and AR or mixtures thereof, and the other mineral oil 1Is one selected from the group
consisting of coal liquefied oll, tar sand oil and shale oil or mixtures thereof. Said gasoline Is
one selected from or includes gasoline obtained from this process, catalytic cracking gasoline,
straight-run gasoline, coker gasoline, pyrolysis gasoline, thermal cracking gasoline and
hydrogasoline or mixture thereof, wherein catalytic cracking gasoline, straight-run gasoline,
coker gasoline, pyrolysis gasoline, thermal cracking gasoline and hydrogasoline are those that
are not obtained from the process of the present disclosure. Said diesel is one selected from or
Includes diesel obtained In this process, catalytic cracking diesel, straight-run diesel, coker
diesel, pyrolysis diesel, thermal cracking diesel and hydrodiesel or mixture thereof, wherein
catalytic cracking diesel, straight-run diesel, coker diesel, pyrolysis diesel, thermal cracking
diesel and hydrodiesel are those that are not obtained from the process of the present
disclosure. Said hydrocarbon with 4-8 carbon atoms Is one selected from or includes those
obtained from this process, or those that may be obtained from conventional catalytic cracking
process, coking process, pyrolysis process, thermal cracking process, hydrotreating process
and the like.

[0020] Said catalyst comprises zeolite, inorganic oxide and optional clay, which account for the
following percent of the total weight of the catalyst respectively: zeolite 1~50% by weight,
Inorganic oxide 5~99% by weight, and clay 0~70% by weight. Said zeolite 1s selected from
medium pore size zeolite and optional large pore size zeolite. Said medium pore size zeolite
accounts for 51~100% of the total weight of the zeolite and said large pore size zeolite
accounts for 0~49% of the total weight of the zeolite. The medium pore size zeolite is selected
from ZSM series zeolites and/or ZRP zeolites, or ZSM and ZRP zeolites modified with
nonmetal elements such as phosphor and/or transition metal elements such as iron, cobalt and
nickel. See US Pat. No. 5,232,675 for more detailed description of ZRP zeolites. The ZSM
series zeolite 1s one selected from the group consisting of ZSM-5, ZSM-11, ZSM-12, ZSM-23,
LSM-35, ZSM-38, ZSM-48, and other zeolites with similar structure, or mixture thereof. See US
Pat. No. 3,702,886 for more detailed description of ZSM-5 zeolties. The large pore size zeolite
IS one selected from Y series zeolites, which include: rare-earth Y (REY), rare-earth HY
(REHY), ultrastable Y and high silica Y obtained by different processes or mixtures thereof.
The inorganic oxide as a binder is selected from silica (S105) and/or alumina (Al,O3). The clay

as a matrix (1.e. support) I1s selected from kaolin and/or halloysite. The catalytic cracking
catalyst in each reactor may be identical or different.

[0021] In the more preferred example, product vapors in step (3) can be separated to obtain a
fraction of distillation range 180~260°C. The fraction can return to step (1) or/and step (2) as
hard crackability feedstock or/and easy crackability feedstock.

[0022] Said fraction of distillation range 180~260°C may be either obtained from this process,
or from conventional catalytic cracking process, coking process, pyrolysis process, thermal
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cracking process, hydrotreating process and the like, or includes any other fraction rich In
mono-ring aromatics.

[0023] In the more preferred example, said reactor is selected from a riser, an iso-linear speed
fluidized bed, an iso-diameter fluidized bed, a descending transfer line and a ascending
transfer line or a combination thereof, or a combination of same reactors (two or more
reactors), wherein said combination Includes cascade or/and parallel. Said riser Is a
conventional iso-diameter riser or various diverse diameter risers. The velocity of the gas In the
fluidized bed Is between 0.1m/s and 2.0 m/s (catalyst is neglected). The velocity of the gas In
the riser I1s between 2m/s and 30 m/s (catalyst i1s neglected).

[0024] One example I1s conducted in a diverse diameter riser reactor. More detailed description
of this reactor is referred to Chinese Patent Application CN1237477A

[0025] In order to Increase the catalyst/feedstock ratio in a downstream zone of the reactor
and the catalyst activity, a part of medium can be fed, which i1s selected from or/and includes
hot/cooled regenerated catalyst, regenerated catalyst, semi-regenerated catalyst, spent
catalyst, fresh catalyst and the like. The cooled regenerated catalyst and the cooled semi-
regenerated catalyst are obtained by cooling catalyst through catalyst cooler after the spent
catalyst is regenerated in two-stage and one-stage regeneration respectively. The regenerated
catalyst refers to a catalyst that has a residual carbon content of below 0.1% by weight, more
preferably below 0.05% by weight. The semi-regenerated catalyst refers to a catalyst that has
a residual carbon content of from 0.1% to 0.9% by weight, more preferably from 0.15% to 0.7%
by weight. The spent catalyst refers to a catalyst that has a residual carbon content of above
0.9% by weight, more preferably from 0.9% to 1.2% by weight.

[0026] The process for separating products such as propylene from the reaction product is the
same as those well known to the ordinary skilled in the art. The fraction of distillation range
180~260°C, more preferably 190~250°C can be separated in an existing FCC fractionation
column or an individual fractionation column. For the FGO fraction having an initial boiling point
of above 250°C or above 260°C or above 330°C, 1t can be conveyed to an extractor to obtain
heavy aromatic products and non-aromatic products (i.e. raffinate oil), or a hydrotreater to
obtain the hydrotreated FGO, or it also can be used as the feedstock of FCC.

[0027] The extraction solvent of FGO Is one selected from or includes dimethyl sulfoxide,
furfural, dimethylformamide, monoethanolamine, ethylene glycol and 1.,2-propanediol or
mixture thereof. The extraction solvent can be recycled. The extraction temperature i1s 100°C,
and the solvent/feedstock ratio 1s between 0.5 and 5.0 by volume. The extracted heavy
aromatics are desired products, and the FGO raffinate oll (i.e. non-aromatic hydrocarbons) can
be used as one of the FCC feedstocks.

[0028] The hydrotreating of FGO Is conducted In the presence of hydrogen gas by contacting
with a catalyst at the following conditions: hydrogen partial pressure 3.0MPa ~ 20.0 MPa,
reaction temperature 300~450°C, hydrogen/olil ratio 300~2000 by volume, and volume hourly



DK/EP 2184335 T3

space velocity 0.1~3.0h"1. The hydrotreated FGO can be used as the feedstock of FCC.

[0029] The example(s) of the present disclosure can integrate the fluid catalytic cracking
process with the FGO hydrotreating process or/and the solvent extraction process of the
aromatics of FGO to obtain a high octane gasoline and an improved yield of light olefins,
particularly propylene, from heavy feedstocks having a relative low hydrogen content. The
arrangements of the presently described examples of the disclosure can provide several
advantages in that:

1. 1. The propylene yield and the propylene selectivity in LGP are improved greatly, and
the propylene yield is as high as 27% by weight.

2. 2. The gasoline yield increases obviously, and the gasoline octane number Is improved
significantly.

3.3. The yields of dry gas and coke decrease while the propylene yield Iincreases
markedly.

4. 4. The light oll yield increases and the slurry yield decreases significantly; therefore, the
process of the present disclosure can utilize petroleum olil resources efficiently.

5. 5. The run period of hydrotreating units increases considerably.

BRIEF DESCRIPTION OF DRAWINGS

[0030]
FIG. 1 1s a schematic representation for a first comparative example.
FIG. 2 I1s a schematic representation for a second comparative example.

FIG. 3 Is a schematic representation of the invention.

DETAILED DESCRIPTION

[0031] The accompanying drawing, which I1s hereby Incorporated In this specification,
llustrates comparative examples and the invention and together with the description serve to
explain but not limit the scope of the present invention. Thus, it will be apparent to one skilled
In the art that certain modifications may be made to the Iinvention as described without
departing from the scope of the claims set out below.

[0032] The process according to a first comparative example can be carried out according to
the scheme shown in FIG. 1.
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[0033] A prelift medium 1s Introduced via a line 1 into the bottom of a riser reactor 2. The
regenerated catalyst from a standpipe 16 is lifted by the prelift medium and moves upward. A
portion of the feedstock from a line 3, along with the atomized steam from a line 4, Is injected
Into the bottom of the reaction zone | of the riser reactor 2 and mixed with the existing stream
In the riser reactor. Said feedstock cracks on the hot catalyst, and it moves upward. Another
portion of feedstock from a line 5, along with the atomized steam from a line 6, Is injected into
the middle upper part of the reaction zone | of the riser reactor 2, and mixed with the existing
stream In the riser reactor. The feedstock cracks on the lower catalyst having a deposited coke
thereon, and it moves upward into the reaction zone |l to continue to react. The resulting
reaction product vapors and the deactivated spent catalyst, through a line 7, enter a cyclone
separator of a disengager 8, wherein the spent catalyst and the reaction product vapors are
separated. The reaction product vapors exit the cyclone and flow into a plenum chamber 9.
Fine catalyst particles go back to the disengager via a dipleg. The spent catalyst in the
disengager flows into a stripping section 10 and contacts with a steam from a line 11. The
reaction product vapors stripped out of the spent catalyst enter the plenum chamber 9, via the
cyclone. The stripped spent catalyst flows into a regenerator 13 via a standpipe 12. Amain air
enters the regenerator via a conduit 14 to burn off the coke deposited on the spent catalyst
and regenerate the deactivated spent catalyst. Flue gas flows into turbine via a line 15. The
regenerated catalyst is recycled into the riser reactor via the standpipe 16.

[0034] Reaction product vapors In the plenum chamber 9 are transported via a transfer line 17
and Introduced into a sequent separation system 18. The separated LPG product is removed
via a line 20; the separated gasoline product is removed via a line 21; the separated dry gas
product is removed via a line 19; the separated diesel product is removed via a line 22; and the
separated FGO product i1s removed via a line 23. The boiling ranges of various fractions can
be adjusted according to the requirements of refinery.

[0035] The process according to a second comparative example can be carried out according
to the scheme shown in FIG. 2.

[0036] A prelift medium Is Introduced via a line 1 into the bottom of a riser reactor 2. The
regenerated catalyst from a standpipe 16 is lifted by the prelift medium and moves upward. A
hard crackability feedstock from a line 3, along with the atomized steam from a line 4, is
Injected into the bottom of the reaction zone | of the riser reactor 2 and mixed with the existing
stream In the riser reactor. Said hard crackability feedstock cracks on the hot catalyst, and it
moves upward. An easy crackability feedstock from a line 5, along with the atomized steam
from a line 6, Is Injected into the middle upper part of the reaction zone | of the riser reactor 2,
and mixed with the existing stream In the riser reactor. The easy crackability feedstock cracks
on the lower catalyst having a deposited coke thereon, and it moves upward into the reaction
zone |l to continue to react. The resulting reaction product vapors and the deactivated spent
catalyst, through a line 7, enter a cyclone separator of a disengager 8, wherein the spent
catalyst and the reaction product vapors are separated. The reaction product vapors exit the
cyclone and flow into a plenum chamber 9. Fine catalyst particles go back to the disengager
via a dipleg. The spent catalyst in the disengager flows into a stripping section 10 and contacts
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with a steam from a line 11. The reaction product vapors stripped out of the spent catalyst
enter the plenum chamber 9, via the cyclone. The stripped spent catalyst flows Into a
regenerator 13 via a standpipe 12. A main air enters the regenerator via a conduit 14 to burn
off the coke deposited on the spent catalyst and regenerate the deactivated spent catalyst.
Flue gas flows Into turbine via a line 15. The regenerated catalyst is recycled into the riser
reactor via the standpipe 16.

[0037] Reaction product vapors in the plenum chamber 9 are transported via a transfer line 17
and introduced Iinto a sequent separation system 18. The separated propylene product Is
removed via a line 219; the separated propane product is removed via a line 228; the C4 olefin
IS removed via a line 220 and a portion thereof Is recycled back to the riser reactor 2; the
catalytic cracked dry gas i1s removed via a line 221; the boiling range 180~260°C fraction is
recycled back to the riser reactor 2 via a line 222; the boiling range 260~330°C diesel fraction
may be removed via a line 229, or may be removed along with the FGO Into an extraction unit
224: the FGO is Introduced via a line 223 into the extraction unit 224, wherein the separated
heavy aromatics product is removed via a line 226 and the RFGO is recycled back to the riser
reactor 2 via a line 225; the high octane number gasoline product (C5~180°C) I1s removed via a

ine 227. The boiling ranges of various fractions can be adjusted according to the requirements
of refinery.

[0038] The process according to the invention can be carried out according to the scheme
shown In FIG. 3.

[0039] A prelift medium Is Introduced via a line 1 into the bottom of a riser reactor 2. The
regenerated catalyst from a standpipe 16 is lifted by the prelift medium and moves upward. A
hard crackability feedstock from a line 3, along with the atomized steam from a line 4, is
Injected into the bottom of the reaction zone | of the riser reactor 2 and mixed with the existing
stream In the riser reactor. Said hard crackability feedstock cracks on the hot catalyst, and it
moves upward. An easy crackability feedstock from a line 5, along with the atomized steam
from a line 6, Is Injected Into the middle upper part of the reaction zone | of the riser reactor 2,
and mixed with the existing stream In the riser reactor. The easy crackability feedstock cracks
on the lower catalyst having a deposited coke thereon, and it moves upward into the reaction
zone |l to continue to react. The resulting reaction product vapors and the deactivated spent
catalyst, through a line 7, enter a cyclone separator of a disengager 8, wherein the spent
catalyst and the reaction product vapors are separated. The reaction product vapors exit the
cyclone and flow into a plenum chamber 9. Fine catalyst particles go back to the disengager
via a dipleg. The spent catalyst in the disengager flows into a stripping section 10 and contacts
with a steam from a line 11. The reaction product vapors stripped out of the spent catalyst
enter the plenum chamber 9, via the cyclone. The stripped spent catalyst flows Into a
regenerator 13 via a standpipe 12. A main air enters the regenerator via a conduit 14 to burn
off the coke deposited on the spent catalyst and regenerate the deactivated spent catalyst.

Flue gas flows Into turbine via a line 15. The regenerated catalyst is recycled into the riser
reactor via the standpipe 16.
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[0040] Reaction product vapors in the plenum chamber 9 are transported via a transfer line 17
and introduced Iinto a sequent separation system 18. The separated propylene is removed via
a line 319; the separated propane is removed via a line 328; the C4 olefin i1s removed via a line
320 or may be recycled back to the bottom of the reaction zone | of the riser reactor 2; the
catalytic cracked dry gas i1s removed via a line 321; the catalytic cracked gasoline is remove via
a line 327; the boiling range 180~260°C fraction is recycled back to the bottom of the reaction
zone | of the riser reactor 2 via a line 322; the boiling range above 260°C fraction Is introduced
via a line 323 Into a hydrotreating unit 324, wherein the separated light component is removed
via a line 325 and the HFGO Is recycled back to the middle upper part of the reaction zone | of
the riser reactor 2 via line 326. The boiling ranges of various fractions can be adjusted
according to the requirements of refinery.

[0041] The following examples are used to demonstrate the effect of the present invention and
are not intended to limit the scope of the invention to the detailed examples shown herein. The
properties of the feedstocks are listed in table 1.

[0042] Catalyst used In the examples was prepared as follows:

1. 1) 20g NH4Cl was dissolved in 1000g water, and 100g (dry basis) crystallized product

ZRP-1 zeolite (an MFI-structured zeolite produced in Qilu Petrochemical Co. with a
SI05/Al,03 molar ratio of 30, a content of rare earth RE,O43=2.0% by weight) was added

to this solution, after exchanging at 90°C for 0.5h, filtering to yield a filter cake. 4.0g of
H3PO4 (with a concentration of 85wt%) and 4.5g of Fe(NO3)3 were dissolved Iin 90g

water to obtain a solution. The filter cake was impregnated with the obtained solution
and dried. The resultant solid was calcined at 550 °C for 2 hours to yield an MFI-
structured medium pore sized zeolite containing phosphor and iron. The anhydrous
chemical formula of the catalyst was

0.1Na50-5.1A1,03.2.4P,0=-1.5F e,05-3.8RE,04.88.1SiO.,.

2. 2) 75.4kg halloysite clay (an industrial product of Suzhou Porcelain Clay Co. with a solid
content of 71.6% by weight) was slurried with 250kg deionized water, whereto 54.8kg
pseudo-boehmite (an industrial product of Shandong Alumina Plant with a solid content
of 63% by weight) was added. The PH value was adjusted at 2-4 with hydrochloric acid.
The slurry was uniformly stirred and laid aside for aging at 60~70°C for 1 hour. The
temperature was decreased to below 60°C while maintaining the PH value at 2-4, and
then 41.5kg alumina sol (a product of Qilu Petrochemical Co. with an Al,O4 content of

21.7% by weight) was added. After stirring for 40 min, a mixed slurry was obtained.

3.3) 22.5kg (dry basis, prepared in step 1) MFIl-structured medium pore sized zeolite
containing phosphor and iron and 2.0kg (dry basis) DASY zeolite (an ultrastable zeolite-
Y product of Qilu Petrochemical Co. with a unit cell size of 2.445~2.448nm) were added
Into the mixed slurry (prepared In step 2) and uniformly stirred to yield a slurry. The
obtained slurry was shaped by spray drying, and the product was washed off the free

Na®™ with ammonium dihydrogen phosphate solution (phosphor content 1% by weight).
After drying, a sample of the catalytic cracking catalyst was obtained. The composition of
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the catalyst was 18 by weight of MFI-structured medium pore sized zeolite containing
phosphor and iron, 2% by weight of DASY zeolite, 28% by weight of pseudo-boehmite,
% by weight of alumina sol, and balanced kaolin.

Comparative Example 1

[0043] The experiment of the present example was carried out according to the scheme
shown In FIG 1. Feedstock A was directly used as the feedstock of catalytic cracking and the
experiment was conducted in a pilot riser reactor plant. Feedstock A was Injected into the
reaction zone, wherein the catalytic cracking reaction was conducted. The reaction

temperature was 530°C, the WHSV was 30h‘1, the C/O was 10, and the weight ratio of
steam/the feedstock was 0.15. Reaction product vapors and the coked spent catalyst were
separated In the disengager, and then the products were separated, wherein propylene, the

gasoline and the FGO were withdrawn. Operating conditions and product slate were listed In
table 2.

[0044] It can be seen from Table 2 that the yield of propylene attains as high as 18.29% by
weight and those of dry gas and coke are only 2.36% and 3.95% by weight respectively, and
the FGO yield 1s 30.12% by weight whose hydrogen content is 11.08% by weight.

Comparative Example 2

[0045] The experiment of the present example was carried out according to the scheme
shown In FIG 2. Feedstock A was directly used as the feedstock of catalytic cracking and the
experiment was conducted In a pilot riser reactor plant. Easy crackability feedstock was
Injected into the middle-upper portion of reaction zone |, wherein the reaction temperature was

580°C, the WHSV was 60h-! the catalytic cracking catalyst/the easy crackability feedstock
(m/m) was 10, the weight ratio of steam/the easy crackability feedstock was 0.15. Hard
crackability feedstock was charged in the bottom of the reaction zone |, wherein the reaction

temperature was 640°C, the WHSV was 180h’!, the catalytic cracking catalyst/the hard
crackability feedstock (m/m) was 60, and the weight ratio of steam/the hard crackability
feedstock was 0.20. In reaction zone |l, the reaction temperature was 540°C, the WHSV was

30h-1, and the weight ratio of steam/the easy crackability feedstock was 0.15. Reaction product
vapors and the spent catalyst were separated in the disengager, and then the products were
separated, wherein propylene and the gasoline were withdrawn and a portion of C4 olefin and
180~260°C fractions were returned to the riser reactor. The FGO (the yield was 28.45% by
weight and the hydrogen content was 11.01% by weight) was extracted with furfural, wherein
the extraction temperature was 100°C, the solvent/FGO ratio was 3.0 (v/v), and then non-
aromatic hydrocarbons and heavy aromatics were separated. The RFGO (that Is said non-
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aromatic hydrocarbons) was mixed with the easy crackability feedstock and returned to the
riser reactor. Operating conditions and product slate were listed in table 3.

[0046] It can be seen from Table 3 that the yield of propylene attains as high as 29.02% by
weight; the gasoline yield is 33.71 % by weight, and its research octane number (RON) and
motor octane number (MON) are as high as 96.0 and 84.0 respectively.

Comparative Example 3

[0047] The experiment of the present example was carried out in the same plant as that In
Example 2. Feedstock B was directly used as the feedstock of catalytic cracking and the
experiment was conducted In a pilot riser reactor plant. Easy crackability feedstock was
Injected into the middle-upper portion of reaction zone, wherein the reaction temperature was

580°C, the WHSV was 60h!, the catalytic cracking catalyst/the easy crackability feedstock
(m/m) was 10, and the weight ratio of steam/the easy crackability feedstock was 0.15. Hard
crackability feedstock was charged in the bottom of the reaction zone, wherein the reaction

temperature was 640°C, the WHSV was 180h!, the catalytic cracking catalyst/the hard
crackability feedstock (m/m) was 60, and the weight ratio of steam/the hard crackability
feedstock was 0.20. In addition, a portion of the stripped spent catalyst was introduced from
the stripping section into the bottom of the reaction zone |l so as to decrease the temperature
and the WHS3V In the reaction zone Il. In the reaction zone Il, the reaction temperature was

530°C, the WHSV was 20h-!, and the weight ratio of steam/the easy crackability feedstock was
0.15. Reaction product vapors and the spent catalyst were separated in the disengager, and
then the products were separated, wherein propylene and the gasoline were withdrawn and a
portion of C4 olefin and 190~250°C fraction were returned to the riser reactor. The FGO (the
yield was 32.83% by weight and the hydrogen content was 10.98% by weight) was extracted
with furfural, wherein the extraction temperature was 100°C, the solvent/FGO ratio was 3.0
(v/v), and then non-aromatic hydrocarbons and heavy aromatics were separated. The RFGO
(that Is said non-aromatic hydrocarbons) was mixed with the feedstock and returned to the
riser reactor. Operating conditions and product slate were listed in table 3.

[0048] It can be seen from Table 3 that the yield of propylene attains as high as 28.01 % by
weight; the gasoline yield is as high as 35.20% by weight, and its research octane number
(RON) and motor octane number (MON) are as high as 97.1 and 85.0 respectively.

Example 4

[0049] The experiment of the present example was carried out according to the scheme
shown In FIG 3. Feedstock A was directly used as the feedstock of catalytic cracking and the
experiment was conducted In a pilot riser reactor plant. Easy crackability feedstock was
Injected into the middle-upper portion of reaction zone |, wherein the reaction temperature was
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580°C, the WHSV was 60h™! the catalytic cracking catalyst/the easy crackability feedstock
(m/m) was 10, and the weight ratio of steam/the easy crackability feedstock was 0.15. Hard
crackability feedstock was charged in the bottom of the reaction zone |, wherein the reaction

temperature was 640°C, the WHSV was 180h-!, the catalytic cracking catalyst/the hard
crackability feedstock (m/m) was 60, and the weight ratio of steam/the hard crackability
feedstock was 0.20. In reaction zone |l, the reaction temperature was 540°C, the WHSV was

30h-1, and the weight ratio of steam/the easy crackability feedstock was 0.15. Reaction product
vapors and the spent catalyst were separated in the disengager, and then the products were
separated, wherein propylene and the gasoline were withdrawn and a portion of C4 olefin and
180~260°C fractions were returned to the riser reactor. The FGO (the initial boiling point is
above 260 °C and the yield was 28.46% by weight and the hydrogen content was 11.01 % by
weight) was hydrotreated, wherein the reaction temperature was 350°C, the hydrogen partial
pressure was 18.0MPa, the hydrogen/oil ratio was 1500 by volume, and the volume hourly

space velocity was 1.5h™1. The resulting HFGO was returned to the above-mentioned pilot riser
reactor. Operating conditions and product slate were listed in table 4.

[0050] It can be seen from Table 4 that the yield of propylene attains as high as 30.02% by
weight; the dry gas yield is only 3.32% by weight, and the liquid yield i1s 90.68% by weight.

Example $

[0051] The experiment of the present example was carried out in the same plant as that In
Example 4. Feedstock B was directly used as the feedstock of catalytic cracking and the
experiment was conducted In a pilot riser reactor plant. Easy crackability feedstock was
Injected into the middle-upper portion of reaction zone |, wherein the reaction temperature was

580°C, the WHSV was 60h-"!, the catalytic cracking catalyst/the easy crackability feedstock
(m/m) was 10, and the weight ratio of steam/the easy crackability feedstock was 0.15. Hard
crackability feedstock was charged in the bottom of the reaction zone |, wherein the reaction

temperature was 640°C, the WHSV was 180h!, the catalytic cracking catalyst/the hard
crackability feedstock (m/m) was 60, and the weight ratio of steam/the hard crackability
feedstock was 0.20. In addition, a portion of the stripped spent catalyst was introduced from
the stripping section into the bottom of the reaction zone |l, so as to decrease the temperature
and the WHSYV In the reaction zone Il. In the reaction zone Il, the reaction temperature was

530°C, the WHSV was 20h-!, and the weight ratio of steam/the easy crackability feedstock was
0.15. Reaction product vapors and the spent catalyst were separated in the disengager, and
then the products were separated, wherein propylene and the gasoline were withdrawn and a
portion of C4 olefin and 180~260°C fractions were returned to the riser reactor. The FGO (the
Initial boiling point Is above 260 "C and the yield was 32.56% by weight and the hydrogen
content was 10.97% by weight) was hydrotreated, wherein the reaction temperature was
450°C, the hydrogen partial pressure was 10.0MPa, the hydrogen/oll ratio was 500 by volume,

and the volume hourly space velocity was 0.5h"1. The HFGO was returned to the above-
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mentioned pilot riser reactor. Operating conditions and product slate were listed in table 4.

[0052] It can be seen from Table 4 that the yield of propylene attains as high as 27.55% by
weight; the dry gas yield i1s only 3.16% by weight, and the liquid yield i1s 90.64% by weight.
Table 1

Examples 1,2,4 Examples 3, 5

R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R ) R R R R R R R R R R R

Density (20°C), g/cm

- 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - & - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4

Sulfur content, ppm 4700 5800
Nitrogen content, ppm “«

Aromatics m% 26.3 :

B T T T T T T T T T T T T T T T T T T T T T T T T T T T T T T T T e e e R I R R R R R R R R R R R R R R R R R R R R R R R R R R )

B T T T T T T T T T T T T T T T T e e )
-

LY
SN N T N N N T T T T T T T N

Boiling range (ASTMD-1160) ¢ | 0 00|
0% I .

R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R ) R R R R I e

0%
0%

- 4 Ea Y - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - - - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 \
. .

Table 2

No. Feedstock
Operation condition
Reaction temperature, °C

EY - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4

. -
- \d
- *

Propylene

R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R B R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R T e

Gasoline 21.53
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Product distribution, m%
Diesel 2.36

FGO 30.12
Hydrogen content, m%

\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\E\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\é\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘\\‘

EP
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Coke 3.95

Total 100.00
Table 3

[4
L 4

MR R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R R . 0C.0C.0C.0C.0C.0C.0C.0C.0C.0..0..0..0..0..0..0..0’

Catalytic cracking unit &

‘Q‘C\EQ‘C\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6\‘0‘6@6\‘0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0

Riser reaction zone |l

B T T T T T T T T T T T T T T T T T T T T T s T T T T T T T T T T T T T T T e e ) I R R R R R R R R R R R R R R R R R R )

WHSV, h-1

Riser reaction zone |

Reaction temperature, °C

C/O, m/m | 60/10 60/10 ‘

WHSV, h-1 180 /60

§000H000000000000000000000000000000000000000000000000000000000000000000000000000000000000000000000000000000000000000000000000000000\0”000 000000000000000000000000000000000000000000000000\

Steam/feedstock ratio, m/m 0.20/0.15 0.20/0.15

-
"“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘““"“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“"."“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘“‘““““““““““““
L R R R R R R R I R R R T T T T T T T T T T T T T T T N N R R N N N N O R N R N O O N O N O O N O N O O R R N O N N R R O R O R O N R R O R R R R R N N N N N N N . R R R R R R R I R I R R R N N I R R T .

Solvent/FGO, v/v

AARARARHALRARHRRALRARELALRERHAL AR RAR AR A LAL AR AR AR LAL AR RAE LA R EAL AR R RAL AR LR AR RA LA R HA LA R ARER AR R LR LREAHAR AR LA L AR HRE LA EA R AR R RRER AR R AR R R AR R AR AR ER R AR AR R AR AR R AR AR RR R AR AR R AR AR AR AR R A R AR AR AR AR AR AR AR N AR AR RN AR R AR R AN AR AR N AR R AN RN AR N AN AR NN A NN AN AN \\‘

Product distribution, m%
Dry gas

Gasoline 33.71 35.20

B T T T T T T T T T T T T T T T T T T T T T s T T T T T T T T T T T T T T T e e ) « 4 4

Heavy aromatics “
Total 100.00 100.00

I R R R R R R R R R R R R R R R R R R )
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RON
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Table 4
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Catalytic cracking unit
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peration condition
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Riser outlet temperature, °C

4
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Riser reaction zone Il
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Steam/feedstock ratio, m/m
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Riser reaction zone |

Reaction temperature, °C 640/580 640/580
C/O, m/m 60/10 60/10

WHSV, h-? 180 /60 180 /60
Steamlfeedstock ratio, m/m 0 20/0 15 0 20/0 15

Hydrogen partial pressure, Mpa

30MCQ.CQ.CQ00000000000000000000000000000000000000000000000000000000000000000000000000000000000000000000000000000000Q.CQ.CQ.CQ.CQ.H R R R R R R I R R R R R R R R R R R R R e )

Hydrogen/feedstock ratio, v/v ““

Volume hourly space velocity, h-1

N e N N

Product distribution, m%
Dry gas

EY - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 - 4 .

Propylene m 27.55
Gasoline 31.12 33.05
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Diesel 9.47

Total 100.00 100.00
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Patentkrav

1. Fremgangsmade ti1l katalytisk omdannelse for at fremstille

propylen og benzin med hgjt oktantal, kendetegnet wved, at det

5 omfatter:

(1) Et ramateriale, der omfatter svart nedbrydelilgt

ramaterilale, kommer 1 kontakt med en zeolit-beriget

katalysator med mellemstor porestgorrelse og nedbryvdes 1 en en

—
e

roggasomdanner under forholdene af en reaktionstemperatur

10 mellem 600 °C og 750 °C, en vaegtbaseret rumhastighed pr. time
mellem 100h!t og 800 ht, et reaktionstryk mellem 0,10 MPa og

1,00 MPa, et forhold mellem katalysator og svert nedbrydeligt

ramateriale mellem 30 og 150 samt et forhold mellem damp og

svert nedbrydeligt ramateriale mellem 0,05 og 1,00 efter vagt,

15 (2) Fn reaktionsstrom, der 1ndeholder svaert nedbrydellgt
ramateriale sammen med et let nedbrydeligt ramateriale,
vderligere nedbryvdes under forholdene aft en

reaktionstemperatur mellem 450 °C og 600 °C , en vagtbaseret
rumhastighed pr. time mellem 5 hl og 100 ht, et reaktionstryk
20 mellem 0,10 MPa og 1,00 MPa, et forhold mellem katalysator og

svert nedbrydeligt ramateriliale mellem 1,0 og 30,0 samt et

forhold mellem damp og svaert nedbrydeligt ramateriale mellem

0,00 og 1,00 efter vaqgt,

(3) Brugt katalysator ole produktdampe adskilles med

25 cyklonseparator, Dbrugt katalysator "yvldes valgfrit 1nd 1
adskillelsessektion og adskilt, 1det det adskillte Dbrugte

katalysator regenereres ved at afbrende koksen og fores

tilbage til rogggasomdanneren, 1det produktdampene adskilles

for at opna et produkt, der omfatter propvlen, benzin med hgjt

30 oktantal og flydende gasolie ti1l katalytisk krakning.

(4) Den flydende gasolie t1l katalytisk krakning

hvdrogenbehandles og/eller udtrakkes med aromatiske kulbrinter

for at opna en hydrogenbehandlet flyvdende gasolilie til

— —

"1nat af flydende gasolie

katalytisk krakning og/eller et ra
35 t1l katalytisk krakning, 1det den hydrogenbehandlede flydende

pre—— pr——

gasolie til katalvyvtisk krakning og/eller raffinatet af

flydende gasolie til katalytisk krakning vender tilbage til

trin (1) eller/and trin (2) som svart nedbrvydeligt ramateriale
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eller/og let nedbrydeligt ramateriale,

hvor det svaert nedbrydellige ramateriale udvalges fra eller

1ndbefatter cementslam, diesel, benzin, kulbrinter med 4-8

pre——

kulstofatomer eller en blanding deraf,

benzinen udvalges fra eller 1ndbefatter benzin, der er opnas

ved denne fremgangsmade, katalytisk krakningsbenzin, straight-

run—-benzin, coker-benzin, pyrolysebenzin, termisk

pr——

krakningsbenzin og hydrobenzin eller en blandling deraf, hvor

katalytisk krakningsbenzin, stralght-run-benzin, coker-benzin,
pvrolysebenzin, termisk krakningsbenzin og hydrobenzin er de,
der ikke opnas ved  denne katalvytiske omdannelse ti1l

pre——

fremstilling af propvlen og benzin med heogjt oktantal,

dieselen udvaelges fra eller 1ndbefatter diesel, der er opnas

ved denne fremgangsmade, katalytisk krakningsdiesel, stralght-

run—-dilesel, coker—-diesel, pvrolysedlesel, termisk

pr——

krakningsdiesel og hydrodiesel eller en blanding deraf, hvor

katalvtisk krakningsdiesel, straight-run-diesel, coker-diesel,
pvrolysediesel, termisk krakningsdiesel og hvydrodiesel er de,
der ikke opnas ved  denne katalvytiske omdannelse ti1l

pre——

fremstilling af propylen og benzin med hgjt oktantal,

p—

den kulbrinte med 4-8 kulstofatomer er en, der udvalges fra

eller 1indbefatter de, der er opnaet ved denne katalytiske

pr—

omdannelse til fremstilling af propylen og benzin med hg]lt

oktantal, eller de, som kan opnas ved konventilionel katalytisk

krakning, forkoksning, pyvrolyse, termisk krakning,

hvdrogenbehandling og lignende,

det let nedbrydelilge ramateriale udvaelges fra eller

indbefatter petroleumskulbrinter og/eller andre mineralolier,

hvor petroleumskulbrinten er en, der er udvalgt fra gruppen

—

bestaende af vakuumgasolie, atmosfarisk gasolle, cokergasolie,

deasfalteret ol1ie, vakuumrest og atmosfaerisk rest eller

pr—

blandinger deraf, og den anden milineralolle er en, der er

—
-

udvalgt fra gruppen bestaende af kulflydende olie,

pre——

tjeresandsolilie og skiferolie eller blandilinger deraft,

hvor den zeollt-berigede katalysator omfatter zeollt,
uorganisk ox1d ole] valgfrit ler, der udgor folgende
procentandel at den samlede vaegt aft katalysatoren,

henholdsvis: zeolit 1-50% efter wveaegt, uorganisk oxid 5-99%
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efter vegt og ler 0-70% efter vegt, hvor zeolitten udvelges

mellem zeolit med mellemstor porestorrelse og valgfrit zeolit

med stor

poresteorrelse, 1det Zzeollt med mellemstor

pr—— pr——

porestorrelse udggr 51-100% af den samlede vegt af zeolit, og

pr—

zeollt med stor porestgorrelse udgeor 0-49% af den samlede vegt

pre——

af zeolit,
fra ZSM-zeoliltter
cgrrelse udvaelges fra Y-zeolitter, den uorganiliske

bindemiddel

og/eller aluminiumoxid

stor pores

oxid som

1det zeollt med mellemstor porestgorrelse udvalges

og/eller ZRP-zeolitter, og zeolitten med

udvelges fra si1liciumdioxid (S102)

(Al1203), leret som en Jgrundmateriale

(dvs. stotte) udvalges fra kaolin og/eller hallovysit.
2. Fremgangsmaden ifeglge krav 1, kendetegnet ved, at
produktdampene 1 trin (3) kan adskilles for at opna en

C1lbage

fraktion af

—

C11

destillationskurve 180-260 °C, fraktionen vender

crin (1) eller/og trin (2) som svert nedbrydeligt

ramateriale eller/og let nedbrydeligt ramateriale.

3. Fremgangsmaden 3
roggasomdanneren

hastigheds:

diameter, en

"oglge krav 1, kendetegnet ved, at

udvaelges fra et dampror, et 1so-lineert
"luidiliseret leje, an fluldiseret leje med 1s0-
faldende fgdeledning og en stigende fodeledning

p— p—

eller en komblnation deraf, eller en kombination af to eller

eller/og parallel,

flere ens

reaktorer,

hvor kombinationen 1ndbefatter kaskade

hvor damproret er et konventionelt dampror

med 1so-diliameter eller dampror med forskelllge dlametre.
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