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57 ABSTRACT 
Methane is upgraded to aromatic hydrocarbons and 
other valuable C3-plus hydrocarbons by contact with a 
catalyst comprising gallium and a ZSM-type zeolite 
incorporated in a phosphorous-containing alumina at 
relatively low temperature conditions. 

10 Claims, No Drawings 
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1. 

AROMATIZATION OF METHANE USING 
ZEOLITE INCORPORATED IN A 

PHOSPHORUS-CONTAINING ALUMNA 

FIELD OF THE INVENTION 

The invention relates to a hydrocarbon conversion 
process used for upgrading methane into more valuable 
hydrocarbons. The invention specifically relates to a 
process for the conversion of methane into aromatic C6 
to C10 hydrocarbons. The scope of the invention is 
preferably limited to aromatization of methane using a 
zeolitic catalyst incorporated in a phosphorus-alumina 
matrix in the substantial absence of free oxygen. 

PRIOR ART 

There has been a recognition in the prior art that it is 
desirable to convert methane into a higher molecular 
weight hydrocarbon. For instance, it is known that it is 
normally commercially unfeasible to transport methane 
produced with crude oil or natural gas from a well site 
to a distant location for consumption as fuel. Often the 
transportation problems relate to the extremely low 
temperatures needed to liquefy methane or to liquefy a 
gas mixture containing large amounts of methane. It is 
normally very costly to separate other light hydrocar 
bons such as ethane from methane and it is undesirable 
to admix methane with other hydrocarbons prior to 
transport. The result has been that large amounts of 
methane are essentially disposed of in a wasteful manner 
as by flaring without utilization of the hydrocarbona 
ceous nature of the methane. 

U.S. Pat. No. 4,567,311 issued to L. DeVires et al. is 
believed pertinent for its teaching of the recognition of 
the general problem of methane utilization and also for 
its presentation of a process for the upgrading of meth 
ane using a specific silicon-containing catalyst. This 
reference provides an excellent discussion of the prob 
lems involved with methane utilization and provides a 
summary of the prior art relating to other methods of 
converting methane to ethylene or other C2 - hydro 
carbons. 

U.S. Pat. No. 4,565,897 issued to B.R. Gane et al. is 
believed pertinent for its teaching of the conversion of 
C2-plus hydrocarbons using a catalyst comprising a 
ZSM-5 variety zeolite and gallium. The catalyst em 
ployed within the process of the reference therefore 
shares two common characteristics with the preferred 
catalyst employed in the subject process. 

U.S. Pat. No. 4,654,455 issued to T. Chao is believed 
pertinent for its teaching relative to the preparation and 
use of a catalyst similar to that employed in the subject 
process. The catalyst of this reference comprises a phos 
phorous-containing alumina, a gallium component and a 
crystalline aluminosilicate such as a ZSM zeolite. The 
reference is directed to the conversion of C2-C5 ali 
phatic hydrocarbons to aromatic hydrocarbons. 

U.S. Pat. No. 4,727,206 issued to D.M. Clayson et al. 
is believed pertinent for its teaching in regard to the 
conversion of methane to aromatic hydrocarbons at 
600-800 degrees C. using a catalyst which comprises an 
aluminosilicate such as a ZSM-5 variety zeolite which 
has been exchanged or loaded with (i) gallium or a 
compound thereof and (ii) a metal or a compound 
thereof from Group VIIB of the Periodic Table. The 
preferred group VIIB metal is rhenium. This reference 
is pertinent for its teaching at line 39-41 of column 1 
that the feedstream may contain at least 50 percent and 
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2 
preferably at least 70 weight percent methane. The 
three examples all specify the aromatization of methane 
by contacting the catalyst with methane. 

SUMMARY OF THE INVENTION 
It has now been discovered that methane can be aro 

matized using a catalyst comprising a gallium-loaded 
zeolite bound in a phosphorus-modified alumina. The 
process operates at relatively low-severity conditions in 
the absence of oxygen. The catalyst is stable and suit 
able for multiple regenerations in a moving bed reac 
tor/regenerator system. 
One embodiment of the invention can be character 

ized as a process for the conversion of methane into 
C3-plus hydrocarbons which comprises contacting a 
feed stream, which is rich in methane, with a catalyst 
comprising a crystalline aluminosilicate incorporated 
within a phosphorous-containing alumina at conversion 
conditions which include a temperature of 550-750° C., 
a pressure less than 10 atmospheres absolute and a gas 
hourly space velocity of about 400-7,500 hr-1, and 
recovering product C2-plus hydrocarbons. 

DETAILED DESCRIPTION OF THE 
INVENTION 

As mentioned briefly above, methane is often consid 
ered to be of relatively low value. Among the reasons 
for this is a low heat of combustion per volume, the 
difficulty associated with liquefying methane or me 
thane-containing hydrocarbon mixtures, the relative 
inertness which has limited its use as chemical feedstock 
and the problems encountered in transporting large 
volumes of methane. It has been estimated that the 
methane produced with crude oil and subsequently 
flared (burned) for disposal is equivalent to 1 million 
barrels of oil per day. At the same time, it is realized that 
additional large amounts of methane are available from 
natural gas, coal beds and as by-products of petroleum 
refining. Methane can also be synthesized. It is an objec 
tive of the subject invention to provide a process for 
upgrading methane into higher molecular weight hy 
drocarbons having greater economic value and which 
are more easily transported or stored and which are 
suitable as feed stocks in present commercial petro 
chemical manufacturing processes. It is also an objec 
tive of the subject invention to provide a process for 
converting methane into aromatic hydrocarbons. 
The subject invention comprises contacting the me 

thane-containing feed stream with a solid catalyst main 
tained at conversion conditions in a reaction zone. The 
feed stream can be a stream of essentially pure methane 
although even a pure methane stream is likely to contain 
some small amount, up to about 1.5 mole percent or 
more, of higher hydrocarbons due to the less than per 
fect separations which must be accepted in commercial 
scale processes. The feed stream could also contain 
nitrogen and possibly other inorganic species, but is 
preferably free of any compound containing sulfur. The 
feed stream may contain recycled methane and also 
recycled low carbon number hydrocarbons such as 
ethane, ethylene, propane and butane. It is preferred 
that the feed stream is rich in methane. As used herein 
the term "rich' is intended to indicate a molar concen 
tration of the indicated compound or class of com 
pounds above 50 percent. It is more preferred that the 
feed stream contain over 80 mole percent methane and 
it is highly preferred that the feed stream contain over 
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95 mole percent methane. The remaining portion (non 
methane portion) is preferably made up from paraffinic 
and/or olefinic hydrocarbons. 

In a limited embodiment of the invention, the feed 
stream may contain hydrogen. In this embodiment of 
the invention, it is preferred that the feed methane be 
adjusted to contain at least 0.5 mole percent hydrogen. 
A highly preferred hydrogen concentration in the feed 

5 

to the reaction zone, if there is a hydrogen cofeed, is . 
from about 2 to 10 mole percent. 
The feed stream is brought into contact with the 

catalyst in a reaction zone which may comprise a single 
reactor or several separate reactors. The catalyst may 
be in a fluidized state within the reactor or maintained 
as an immobile or fixed bed. It is preferred that the 
catalyst is retained in a radial flow moving bed reactor 
similar in general nature to those described in U.S. Pat. 
Nos. 3,907,511; 4,040,794; 4,411,870 and 4,567,023, 
Which are incorporated herein by reference. A moving 
bed reactor system has the advantage of allowing con 
tinuous removal of catalyst from the reactor, with the 
withdrawn catalyst being replaced by fresh or regener 
ated catalyst. This allows the process to be operated at 
uniform conditions and produce an effluent stream of 
uniform composition at all times while onstream. The 
use of a moving bed reactor eliminates shutdowns for 
catalyst replacement or regeneration and therefore pro 
vides better equipment utilization at a lower labor cost. 
Finally, the use of a moving bed allows operation at 
more severe conditions or any set of conditions which 
causes such significant catalyst deactivation that the 
process would be commercially impractical in a fixed 
bed system. The beds of methane conversion catalyst 
are preferably stacked directly above each other to 
allow transport of catalyst downward by gravity. 
Moving bed reactor systems are normally coupled 

with a moving bed or continuous catalyst regeneration 
system. An example of such a system is provided in U.S. 
Pat. No. 3,978, 150. Further information on the transfer 
of catalyst may be obtained from available reference 
sources such as U.S. Pat. Nos. 4, 110,197 and 4,403,909. 
The regeneration of catalysts in a moving bed system is 
described in detail in U.S. Pat. Nos. 4,094,814 and 
4,094,815. Although these references are directed pri 
marily to catalytic reforming, their teaching in regard 
to reactor design and catalyst handling is applicable to 
all similar moving catalyst bed processes. U.S. Pat. No. 
4,724,271 is also a beneficial source of instruction on 
catalyst regeneration as it is directed to regeneration of 
a catalyst similar to the methane conversion catalyst 
described below. 
The upgrading of methane to higher hydrocarbons 

involves endothermic reaction steps. As a result the 
overall reaction to produce aromatics is very endother 
mic. The cooling effect caused by the reaction will 
lower the reactant temperature enough to greatly re 
duce the reaction rate if heat is not provided in some 
manner. The heat required to sustain the reaction could 
be supplied by indirect heat exchange against a heating 
fluid flowing through the reaction zone or surrounding 
the catalyst. For instance, the catalyst could be inserted 
in relatively small e.g. 2.5 to 5 cm diameter tubes sur 
rounded by a circulating heat transfer fluid in order to 
maintain the catalyst bed at a relatively uniform temper 
ature. This form of heating, however, is not preferred as 
it is not believed compatible with the preferred moving 
bed reactor design. 

10 

15 

4. 
The preferred method of supplying heat to the reac 

tion is the provision of several sequential reaction zones, 
preferably three to five, with means to reheat the reac 
tants provided between the reaction zones. In this inter 
stage reheating the reactant effluent of a first bed of 
catalyst is heated to the desired inlet temperature of a 
second downstream bed of catalyst. 
One method of interstage reheating comprises the use 

of indirect heat exchange. In this method the effluent 
from an upstream reaction zone is passed through a heat 
exchanger in which it is heated, and the reactants are 
then passed into the subsequent reactor. This method is 
widely employed on moving bed reforming processes as 
referred to above. The high temperature fluid employed 
in this indirect heat exchange method may be high ten 
perature steam, combustion gases, a high temperature 
process stream or other readily available high tempera 
ture fluids. This method of interstage heating does not 
dilute the reactants but does impose some pressure drop 

0 in the system and can expose the reactants to undesir 
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ably high temperatures. 
Another method of interstage heating is the oxidative 

reheat method. This involves the admixture of a con 
trolled amount of oxygen into the reactants and the 
selective oxidation of hydrogen. The driving force for 
employing the oxidative reheat method is the recogni 
tion that the combustion of the hydrogen generated in 
an aromatization process normally performs two func 
tions which are beneficial in an endothermic hydrogen 
producing process. First, the consumption of the hydro 
gen is beneficial in shifting the equilibrium of the reac 
tion to favor increased amounts of conversion. Second, 
the combustion of the hydrogen will release heat suffi 
cient to reheat the reactants to the desired methane 
conversion conditions. The oxidation is preferably ac 
complished in the presence of a catalyst which selec 
tively promotes the oxidation of hydrogen as compared 
to the destructive combustion or oxidation of the more 
valuable feed and product hydrocarbons. 

Oxidative reheating is the preferred method of re 
heating the reactants if more than one stage of conver 
sion is performed in the process. The amount of oxygen 
combustion required is readily calculated on the basis of 
the mass flow rate of the reactants and the required 
temperature increase. Essentially 100 percent conver 
sion of the added oxygen prior to the contact of the 
reactants with the methane aromatization catalyst is 
preferred. The oxidation step is preferably performed 
using a radial flow bed of catalyst located a small dis 
tance upstream of the aromatization catalyst bed. The 
bed of selective oxidation catalyst is most preferably 
located adjacent to the aromatization catalyst sharing a 
common vertical catalyst retention screen. The oxida 
tion catalyst bed is preferably fixed in place but could be 
a moving bed system. The required oxygen can be 
added from a variety of gases including pure oxygen 
and air. Pure oxygen has the advantage of not adding 
nitrogen and other hard-to-condense gases to the reac 
tants and hence makes product separation and recovery 
easier. The added oxygen is preferably diluted with 
steam to minimize the possibility of an explosion or 
localized high temperatures due to oxygen concentra 
tion profiles. The oxidation catalyst bed is preferably 
located in the centerpipe of the annular conversion 
catalyst bed. 
The oxidation catalyst employed in the subject pro 

cess to promote the interstage hydrogen oxidation may 
be any commercially suitable catalyst which meets the 
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required standards for stability and activity and which 
possesses high selectivity for the oxidation of hydrogen 
as compared with the oxidation of the feed or product 
hydrocarbon. That is, the oxidation catalyst must have 
a high selectivity for the oxidation of hydrogen with 
only small amounts of the feed or product hydrocarbon 
being oxidized. 
The oxidation catalyst will preferably have a differ 

ent composition than the aromatization catalyst. The 
preferred oxidation catalyst comprises a Group VIII 
noble metal and a metal or metal cation which possesses 
a crystal ionic radius greater than 1.35 angstroms, with 
both of these materials being present in small amounts 
on a refractory solid support. The preferred Group 

5 

O 

VIII metals are platinum and palladium, but the use of 15 
ruthenium, rhodium, osmium and iridium is also con 
templated. The Group VIII metal is preferably present 
in an amount equal to 0.01 to 5.0 wt.% of the finished 
catalyst. The metal or metal cation having a radius 
greater than 1.35 angstroms is preferably chosen from 
Groups IA or IIA and is present in an amount equal to 
about 0.01 to about 20 wt.% of the finished catalyst. 
This component of the catalyst is preferably lithium, but 
the use of other metals including barium, rubidium, or 
cesium is also contemplated. The oxidation catalyst may 
also contain a Group IVA component, preferably tin, at 
0.01 to 10 wt.%. 
The preferred solid support for the oxidation catalyst 

is alumina having a surface area between 1 and 300 
m2/g, an apparent bulk density of between about 0.2 
and 1.5 g/cc, and an average pore size greater than 20 
angstroms. The metal-containing components are pref 
erably impregnated into solid particles of the solid sup 
port by immersion in an aqueous solution followed by 
drying and calcination at a temperature of from about 
500 to 600° C. in air. The support may be in the form of 
spheres, pellets or extrudates. The total amount of oxi 
dation catalyst present within a reaction zone is prefera 
bly less than 30 wt.% of the total amount of methane 
conversion catalyst and more preferably is between 5 
and 15 wt.% of this total amount of methane conversion 
catalyst. Further information on the composition of a 
suitable selective oxidation catalyst is provided in U.S. 
Pat. Nos. 4,435,607 and 4,565,898, which are incorpo 
rated herein by reference. It is preferred that the oxida 
tion catalyst is retained in a fixed bed adjacent to the 
methane conversion catalyst. 
The conditions utilized during the contacting of the 

reactant streams with the different beds of oxidation 
catalyst will be set to a large extent by the desired meth 
ane conversion conditions. The preferred outlet temper 
ature of any bed of oxidation catalyst is the preferred 
inlet of the immediately downstream bed of aromatiza 
tion catalyst. The temperature rise across any bed of 
oxidation catalyst is preferably at least 100 Celsius de 
grees to compensate for the cooling described below. 
Without such cooling only a smaller amount of heating 
is required in the oxidation catalyst bed. The liquid 
hourly space velocity, based on the liquid hydrocarbon 
charge at 60 F., is preferably between 2 and 10 hr. 
The subject process is preferably operated at rela 

tively low temperatures for methane conversion. A 
portion of this preference results from the desire to 
avoid the metallurgical and processing problems associ 
ated with high temperatures. A more fundamental rea 
son for this preference is the increased selectivity for 
hydrogen oxidation at lower temperatures. At 500 de 
grees C. the selectivity is about 100 percent but this 
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6 
drops rapidly above 600 degrees C. and can be as low as 
20 percent at 850 degrees C. It is therefore preferred to 
operate at a temperature below 675 degrees C. This is 
intended to refer to the temperature at the outlet of an 
oxidation catalyst bed, which is expected to be the high 
est temperature in the oxidation catalyst bed. 
One objective of using selective hydrogen combus 

tion within the overall process is to shift the equilibrium 
to favor more methane conversion by consuming one of 
the reaction products. It is to be noted that the greatest 
benefit of hydrogen consumption is achieved when the 
reaction products are close to equilibrium. The produc 
tion of one mole of benzene yields nine moles of hydro 
gen. The removal of hydrogen can therefore have a 
large impact on conversion and is very beneficial. It is 
accordingly preferred to cool the reactants prior to or 
during the selective hydrogen combustion step as by 
indirect heat exchange as taught in U.S. Pat. No. 
4,739,124, which is incorporated herein for this teach 
ing. Use of this technique should greatly increase the 
rate of methane conversion which can be achieved. 
Calculated values for a four methane reaction zone 
process are in the range of 15-22 wt percent conversion 
when interstage cooling and selective oxidation are 
employed. 
One feature which distinguishes the subject process 

from the above cited reference is that it is necessary to 
cool to a very extreme degree which is beyond that 
required for ethane, propane or butane dehydrogena 
tion in order to achieve these high methane conversion 
rates. Cooling may be used to reduce the reactant tem 
perature down to about 250 degrees C. and possibly 
even 200 degrees C. It is preferred to cool the reactants, 
or to remove heat equivalent to cooling, by at least 100 
C. degrees. Cooling by up to about 400 C. degrees may 
be used, with a preferred range of cooling being from 
about 250 to 350 C. degrees. 
The methane conversion catalyst is preferably spheri 

cal. Refractory inorganic oxide particles of spherical 
shape offer numerous advantages when employed as a 
support or carrier material for catalytically active me 
tallic components. When disposed in a fixed bed in a 
reaction or contact zone, the spherical particles permit 
more uniform packing and reduce the tendency of the 
reactant stream to channel through the catalyst bed. 
When employed in a moving bed type of operation, that 
is, where the particles are transported from one zone to 
another by the reactants, an extraneous carrying me 
dium or gravity, the spheroidal particles have a further 
advantage in that there are no sharp edges to break or 
wear off during processing, thus creating a tendency to 
restrict the flow through process equipment. 
One preferred method of preparing the refractory 

inorganic oxide as spheroidal particles is by the gelation 
of a hydrosol precursor of the refractory inorganic 
oxide in accordance with the oil-drop method. Suitable 
hydrosols may be prepared by the general method 
whereby an acid salt of an appropriate metal is hydro 
lyzed in aqueous solution and the solution treated at 
conditions to reduce the acid compound concentration 
thereof, as by neutralization. The resulting olation reac 
tion yields inorganic polymers of colloidal dimension 
dispersed and suspended in the remaining liquid. For 
example, an amorphous alumina hydrosol can be pre 
pared by the hydrolysis of an acid salt of aluminum, 
such as aluminum chloride, in aqueous solution, and 
treating said solution at conditions to reduce the result 
ing chloride compound concentration thereof, as by 
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neutralization, to achieve an aluminum/chloride com 
pound weight ratio from about 0.70:1 to about 1.5:1. 
The aluminum chloride hydrosol is typically pre 

pared by digesting aluminum in aqueous hydrochloric 
acid and/or aluminum chloride solution at about reflux 
temperature, usually from about 80 to about 105 C., 
and reducing the chloride compound concentration of 
the resulting aluminum chloride solution by the device 
of maintaining an excess of the aluminum reactant in the 
reaction mixture as a neutralizing agent. The alumina 
hydrosol is an aluminum chloride hydrosol variously 
referred to as an aluminum oxychloride hydrosol, alu 
minum hydroxychloride hydrosol, and the like, such as 
is formed when utilizing aluminum metal as a neutraliz 
ing agent in conjunction with an aqueous aluminum 
chloride solution. In any case, the aluminum chloride 
hydrosol is prepared to contain aluminum in from about 
a 0.70:1 to about 1.5:1 weight ratio with the chloride 
compound content thereof. 

In accordance with the method of the present inven 
tion, a phosphorus-containing compound is added to the 
above-described hydrosol to form a phosphorus-modi 
fied hydrosol. Representative phosphorus-containing 
compounds which may be utilized in the present inven 
tion include H3PO4, H3PO2, H3PO3, (NH4)H2PO4, 
(NH4)2HPO4, K3PO4, K2HPO4, KH2PO4, Na3PO4, 
Na2HPO4, NaH2PO4, PX3, RPX2, R2PX, R3P, X3PO, 
(XO)3PO, (XO)3P, R3PO, R3PS, RPO, RPS, RP(O)- 
(OX)2, RP(S)(SX)2, R2P(O)OX, R2P(S)SX, RP(OX)2, 
RP(SX)2, ROP(OX), RSP(SX)2, (RS)2PSP(SR)2, and 
(RO)2POP(OR)2, where R is an alkyl or aryl, such as a 
phenyl radical, and X is hydrogen, R, or halide. These 
compounds include primary, RPH2, secondary, R2PH 
and tertiary, R3P phosphines such as butyl phosphine, 
the tertiary phosphine oxides R3PO, such as tributyl 
phosphine oxide, the tertiary phosphine sulfides, R3PS, 
the primary, RP(O)(OX)2, and secondary, R2P(O)OX, 
phosphonic acids such as benzene phosphonic acid, the 
corresponding sulfur derivatives such as RP(S)(SX)2 
and R2P(S)SX, the esters of the phosphonic acids such 
as dialkyl phosphonate, (RO)2P(O)H, dialkyl alkyl 
phosphonates, (RO)2P(O)R, and alkyl dialkyl-phosphi 
nates, (RO)P(O)R2; phosphinous acids, R2POX, such as 
diethylphosphinous acid, primary, (RO)P(OX)2, sec 
ondary, (RO)2POX, and tertiary, (RO)3P, phosphites, 
and esters thereof, such as the monopropyl ester, alkyl 
dialkylphosphinites, (RO)PR2 and dialkyl alkylphosphi 
nite, (RO)2PR, esters. Corresponding sulfur derivates 
may also be employed including (RS)2P(S)H, 
(RS)2P(S)R, (RS)P(S)R2, R2PSX, (RS)P(SX)2, 
(RS)2PSX, (RS)3P, (RS)PR2 and (RS)2PR. Examples of 
phosphite esters include trimethylphosphite, triethyl 
phosphite, diisopropylphosphite, butylphosphite, and 
pyrophosphites such as tetraethylpyrophosphite. The 
alkyl groups in the mentioned compounds preferably 
contain one to four carbon atoms. 

Other suitable phosphorus-containing compounds 
include ammonium hydrogen phosphate, the phospho 
rushalides such as phosphorus trichloride, bromide, and 
iodide, alkyl phosphorodichloridites, (RO)PCl2, dialk 
ylphosphorochloridites, (RO)2PCl, dialkylphosphino 
chloridites, R2PCl, alkyl alkylphosphonochloridates, 
(RO)(R)P(O)Cl, dialkylphosphinochloridates, 
R2P(O)Cl and RP(O)Cl. Applicable corresponding 
sulfur derivatives include (RS)PCl2, (RS)2PCl, 
(RS)(R)P(S)C and R2P(S)Cl. 
A 1:1 molar ratio of aluminum to phosphorus in the 

phosphorus-modified sol corresponds to a final calcined 
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8 
spheroidal particle composition containing 24.74 wt.% 
phosphorus and 20.5 wt.% aluminum, while a 1:100 
molar ratio corresponds to a final composition of 0.6 wt. 
% phosphorus and 52.0 wt.% aluminum. 

In accordance with the above description, phos 
phorus-modified alumina particles can be prepared by a 
method which comprises admixing the alumina hydro 
sol with a phosphorus-containing compound, the phos 
phorus to aluminum molar ratio in the resulting phos 
phorus-modified admixture being from 1:1 to 1:100 on 
an elemental basis and subsequently gelling said admix 
ture to obtain said particles. 

Gelation can be effected by commingling the phos 
phorus-modified admixture with a gelling agent which 
is hydrolyzable at an elevated temperature, dispersing 
said commingled admixture as droplets in a suspending 
medium under conditions effective to transform said 
droplets in a suspending medium into hydrogel parti 
cles, aging said hydrogel particles in a suspending me 
dium, washing said hydrogel particles with water, dry 
ing, and calcining said hydrogel particles to obtain 
phosphorus-modified alumina spheroidal particles. Al 
ternatively gelation may be carried out by spray drying 
the above-described phosphorus-modified alumina hy 
drosol or commingling the subject hydrosol with a 
gelling agent and then spray drying. Spray drying is 
typically carried out at a temperature of 800 F. (425 
C.) to 1400 F. (760 C.) at about atmospheric pressure. 
The gelling agent is typically a weak base which, 

when mixed with the hydrosol, will cause the mixture 
to set to a gel within a reasonable time. In this type of 
operation, the hydrosol is typically set by utilizing an 
monia as a neutralizing or setting agent. Usually, the 
ammonia is furnished by an ammonia precursor which is 
added to the hydrosol. The precursor is suitably hexa 
methylenetetramine, or urea, or mixtures thereof, al 
though other weakly basic materials which are substan 
tially stable at normal temperatures, but decompose to 
form ammonia with increasing temperature, may be 
suitably employed. It has been found that mixing equal 
volumes of the hydrosol and of the hexamethylenetetra 
mine solution is satisfactory, but it is understood that 
this may vary somewhat. The use of a smaller amount of 
hexamethylenetetramine solution tends to result in soft 
spheres while, on the other hand, the use of larger vol 
umes of base solution results in spheres which tend to 
crack easily. Only a fraction of the ammonia precursor 
is hydrolyzed or decomposed in the relatively short 
period during which initial gelation occurs. 
An aging process is preferably subsequently en 

ployed. During the aging process, the residual ammonia 
precursor retained in the spheroidal particles continues 
to hydrolyze and effect further polymerization of the 
hydrogel whereby desirable pore characteristics are 
established. Aging of the hydrogel is suitably accom 
plished over a period of from about 1 to about 24 hours, 
preferably in the oil suspending medium, at a tempera 
ture of from about 60 to about 150° C. or more, and at 
a pressure to maintain the water content of the hydrogel 
spheres in a substantially liquid phase. The aging of the 
hydrogel can also be carried out in aqueous NH3 solu 
tion at about 95 C. for a period up to about 6 hours. 
Following the aging step, the hydrogel spheres may be 
washed with water containing ammonia. 

After the hydrogel particles are aged, a drying step is 
effected. Drying of the particles is suitably effected at a 
temperature of from 38 to about 205 C. Subsequent to 
the drying step, a calcination step is effected at a tem 
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perature of from about 425 to about 760 C. for 2 to 12 
hours or more which may be carried out in the presence 
of steam. The calcined particles may then be impreg 
nated with other catalytic components. Further infor 
mation on the preparation of the phosphorouscontain 
ing alumina component may be obtained from U.S. Pat. 
Nos. 4,636,483 and 4,654,455 which are incorporated 
herein by reference. 
The phosphorus-modified alumina should possess a 

high surface area and a high micropore volume. The 
total pore volume of porous refractory inorganic oxide 
particles utilized in a catalyst support is typically ex 
pressed in terms of pore size distribution, that is, in 
terms of the pore volume attributable to macropores 
and pore volume attributable to micropores. The total 
pore volume is determined by the mercury intrusion 
method. The total surface area of the refractory inor 
ganic oxide particles is a function of the micropore 
volume, substantially all of the surface area being asso 
ciated with pores of less than about 600 Angstroms in 
diameter. The surface areas of the phosphorous-modi 
fied alumina used in the present invention is believed 
substantially greater than the surface area of conven 
tional gamma-alumina manufactured by the oil-drop 
method and alumina-aluminum phosphates by precipita 
tion methods. The conventional oil-dropped alumina 
possesses a surface area of up to about 250 m2/g. The 
finished particles manufactured for use with the present 
invention possess a surface area of up to about 450 
m2/g. A minimum surface area of 300 m2/g is preferred. 
The catalytic composite employed in the subject 

invention may accordingly be characterized as a cata 
lytic composite having low cracking activity and com 
prising a pentasil Zeolite and an amorphous phosphorus 
modified alumina having a molar ratio on an elemental 
basis of phosphorus to aluminum of from about 1:1 to 
1:100 and a surface area of from about 140 to 450 m2/g; 
said hydrogel being formed by the gelation of a homo 
geneous hydrosol having an aluminum to chloride con 
pound weight ratio of from about 0.70:1 to 1.5:1. The 
catalyst preferably has a surface area of from about 225 
to 450 m2/g and a molar ratio of phosphorus to alumi 
num on an elemental basis of about 1:1.6 to 1:100. The 
catalyst preferably contains at least 10 wt percent phos 
phorous-modified alumina and more preferably at least 
15 wt percent phosphorous-modified alumina. 
The zeolitic component of the catalyst may be incor 

porated into the hydrosol prior to dropping. The zeo 
lites are, of course, crystalline, three-dimensional, stable 
structures containing a large number of uniform open 
ings or cavities interconnected by smaller, relatively 
uniform holes or channels. The effective pore size of 
synthetic zeolites is between 6 Angstroms and 15 Ang 
stroms in diameter. The overall formula for the zeolites 
can be represented as follows: 

where M is a metal cation and n is its valence and x 
varies from 0 to 1 and y is a function of the degree of 
dehydration and varies from 0 to 9, M is preferably a 
rare earth metal cation such as lanthanum, cerium, pra 
seodymium, neodymium, etc., or mixtures of these. 
The zeolite component of the catalyst used in the 

present invention may be a pentasil crystalline alumino 
silicate zeolite. "Pentasil' is a term used to describe a 
class of shape selective zeolites. This novel class of 
zeolites is well known to the art and is typically charac 
terized by a silica-to-alumina ratio of at least about 12. 
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10 
Suitable descriptions of the pentasils may be found in 
U.S. Pat. Nos. 4,159,282; 4,163,018; and 4,278,565, all of 
which are incorporated herein by reference. Of the 
pentasil zeolites, the preferred ones are ZSM-5, ZSM-8, 
ZSM-11, ZSM-23, and ZSM-35, with ZSM-5 being 
particularly preferred. Zeolite ZSM-5 is described in 
greater detail in U.S. Pat. Nos. 3,702,886 and Re.29,948. 
ZSM-11 is described in U.S. Pat. No. 3,709,979 and 
ZSM-5/ZSM-11 intermediate compositions are de 
scribed in U.S. Pat. No. 4,229,424 which is incorporated 
herein by reference. A listing of patents relevant to 
other ZSM zeolites is found in U.S. Pat. No. 4,657,874. 
Omega zeolites may be employed in the subject cata 
lyst. Zeolite Omega is described in U.S. Pat. No. 
4,780,436. 
The term "zeolite' as used herein contemplates not 

only aluminosilicates, but substances in which the alu 
minum is replaced in part or in whole by gallium and 
substances in which the silicon is replaced by germa 
nium. The preferred zeolites will have a silicon to alu 
minum framework ratio above 20:1. 
The methane conversion catalyst will preferably con 

tain a significant amount of the zeolite component. The 
catalyst should contain at least 40 wt. percent Zeolite. A 
ZSM-5 content over 50 wit percent is highly preferred, 
with concentrations of about 65 to about 85 wt percent 
being contemplated. A total zeolite content less than 90 
wt percent is preferred, with the remainder of the meth 
ane conversion catalyst being the metal component(s) 
and phosphorous-containing alumina. 
The methane conversion catalyst used in the subject 

process preferably contains a metal component which 
may be added by impregnation or ion exchange after 
the zeolite-alumina composite is formed. The preferred 
metal component is gallium or a gallium compound 
such as an oxide or halide. Other metal components 
contemplated for use in the catalyst comprise platinum, 
rhodium, ruthenium and iridium or a mixture of two or 
more of these metals. The catalyst may therefore com 
prise a mixture of gallium and platinum, gallium and 
iridium, platinum and iridium, platinum and rhodium, 
etc. The final finished catalyst composite should contain 
less than 9 wt. percent metal component as measured on 
an elemental basis. It is preferred that the finished com 
posite contains from 0.1 to about 5.0 wt.% total metal 
component. A preferred concentration for gallium on a 
finished methane conversion catalyst is from about 0.1 
to about 2.0 wt. percent. 

It is presently preferred that the methane conversion 
catalyst does not contain a catalytically effective 
amount of a metal other than those set out above. Ac 
cordingly, the concentration of Group VIB and Group 
VIIB metals, iron, cobalt and nickel are preferably less 
than 0.1 wt. percent. References herein to the Periodic 
Table are to that form of the table presented inside the 
front cover of the 4th edition of Chemical Engineers' 
Handbook, McGraw-Hill, 1963. 
The metal component can be added to the catalyst by 

methods well known in the art. Preferably the metal 
component is added by a method which tends to locate 
the metal component on or near the zeolitic component. 
One suitable method is to immerse the particles in an 
aqueous solution of a water soluble metal salt such as a 
chloride of the metal. The particles are then drained and 
calcined. 
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It is preferred that the metal component(s) are uni 
formly distributed throughout the finished catalyst 
rather than surface impregnated. 
The effluent of the final contacting step may be sepa 

rated to recover the products using several techniques 
known to those skilled in the art of hydrocarbon con 
version process design. A presently preferred method 

5 

of product recovery comprises the steps of cooling the . 
effluent by indirect heat exchange for heat recovery and 
then by exchange against a cooling media such as air to 
a temperature below 150 F. to effect condensation of 
many of the C4-plus and most of the C6-plus product 
hydrocarbons. The liquid hydrocarbons are then sent to 
fractional distillation columns which will normally 
comprise a stripping column and one or more product 
separation columns. The uncondensed portion of the 
effluent stream is compressed and further cooled to 
recover additional product hydrocarbons. Cryogenic 
(cold box) technology can be employed to separate the 
hydrogen and light hydrocarbons (methane, ethane, 
ethylene, etc.) which remain in the uncondensed gases. 
This overall flow would resemble portions of that 
shown in U.S. Pat. No. 4,634,799. An alternative 
method of processing the gases remaining after conden 
sation of hydrocarbons present in the reaction zone 
effluent stream is shown in U.S. Pat. No. 4,528,412. This 
is an "autorefrigeration' method wherein the gas is 
compressed, dried, cooled and separated into conden 
sate liquid and vapor phases. The resultant cool vapor is 
then expanded to effect further cooling and condensa 
tion of additional hydrocarbon liquids. 
More than one product stream may be recovered 

from the process. For instance, the C4-plus hydrocar 
bons produced in the process may be separated into 
C6-minus and C6-plus fractions to concentrate the aro 
matic product hydrocarbons into a single process 
stream. Light and heavy aromatic fractions may also be 
withdrawn separately. Hydrogen is also a valuable 
product of the process. It may be recovered in the 
above described manner or by the use of adsorptive 
separation, such as a pressure-swing adsorption unit, or 
by the use of membrane separation technology. 
One or more of the components of the reaction zone 

may be recycled to the inlet of the reaction zone from 
the product recovery facilities. These products may be 
recycled individually or in admixture. One embodiment 
of the subject process comprises the recycling of low 
molecular weight hydrocarbons. For instance, ethane 
and propane or ethane and ethylene recovered from the 
final reaction zone effluent stream may be recycled by 
admixture into the methane feed stream. As a limited 
embodiment of the present invention, the hydrocarbon 
recycle stream is contacted with portions of the catalyst 
which are maintained at preferred conditions for further 
hydrocarbon upgrading rather than initial methane con 
version. That is, only a portion of the catalyst descend 
ing through the preferred radial flow multibed moving 
bed reactor would be contacted with recycle hydrocar 
bons. For instance, the recycled hydrocarbons may be 
passed into the third or fourth reaction zone in a series 
of reaction zones rather than into the first reaction zone. 
This contacting may be done at conditions which differ 
in temperature and space velocity from the conditions 
employed in the reaction zones being used primarily for 
the conversion of methane. In general the conversion of 
propane and butane to aromatics is performed at a tem 
perature of 400 to 550 degrees C. and a liquid hourly 
space velocity of about 0.5 to about 2.0 hr-l. 
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12 
As mentioned above, in another embodiment of the 

invention hydrogen is charged to the initial reaction 
zone in admixture with the feed methane. In this em 
bodiment the combined feed stream should contain at 
least 0.5 mole % hydrogen. Fresh or recycled hydrogen 
is charged to the initial reaction zone at a rate sufficient 
to provide a hydrogen to hydrocarbon mole ratio 
greater than 0.005:1.0 and preferably above 0.02:1.0. 
The production of hydrogen within the process will 
normally result in the reaction zone effluent stream 
containing a higher ratio of hydrogen to hydrocarbon 
than the combined feed stream. The consumption of 
methane will also increase the ratio of hydrogen to 
hydrocarbons. 
One embodiment of the invention may accordingly 

be characterized as a process for aromatization of meth 
ane which comprises the steps of passing a combined 
feed stream, which comprises over 50 mole percent 
methane and added hydrogen, into a reaction zone hav 
ing at least one bed of solid catalyst comprising a pen 
tasil zeolite and phosphorous-containing alumina at 
inlet conversion conditions which include a tempera 
ture of about 600-675 C., a pressure less than 10 atmo 
spheres absolute, a hydrogen to hydrocarbon mole ratio 
of between 0.005 and 0.1 to 1 and a gas hourly space 
velocity of 400-7,500 1 hr 1 and producing a reaction 
zone effluent stream comprising methane, hydrogen, at 
least 3 mole % C2 hydrocarbons and at least 5 mole % 
C6-C8 aromatic hydrocarbons, recovering C6-C8 aro 
matic hydrocarbons as a product, and recycling a por 
tion of the hydrogen present in the effluent stream to 
the reaction zone. 
The methane conversion reaction is promoted by low 

pressures. An operating pressure less than 2 atmo 
spheres absolute is preferred. More preferred is an out 
let pressure of the last methane conversion zone of from 
0.4 to 1.5 atmospheres absolute. 
The use of oxidative reheat will result in the reaction 

zone effluent stream containing water vapor. It is pres 
ently preferred that no steam is intentionally added to 
the reaction zone as by admixture into the feed stream 
and that all recycle streams are relatively dry. This 
preference recognizes that an equilibrium amount of 
water vapor may be present in some recycled vapor 
streams if no specific drying step is provided. The only 
exception to this preference is any steam used to dilute 
oxygen charge to the selective combustion catalyst. 
The use of oxidative reheat could cause some small 

amount of oxygen to unintentionally reach the methane 
conversion catalyst. However, the methane conversion 
reaction is preferably performed in the substantial ab 
sence of oxygen. That is, the reactants entering the 
methane conversion catalyst bed should contain less 
than 0.1 mole percent oxygen. 
The performance of the subject process is further 

illustrated by this example of small scale pilot plant 
results. In this test 5.31 grams of the preferred catalyst 
comprising 80 wt.% ZSM-5 zeolite and 1.0 wt.% gal 
lium was used. The remainder of the catalytic compos 
ite was the phosphorous-containing alumina described 
herein. The composite was formed by the oil dropping 
method set out above with the zeolite powder admixed 
into the alumina sol prior to formation of the spheres. 
The test was performed using spheres of about 0.16 cm 
diameter. The catalyst was contacted with a stream of 
essentially 100 mole percent methane at a flow rate of 

- about 1.4 hr 1 LHSV at an inlet temperature of approx 
imately 750 degrees C. The reactor was operated at 
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atmospheric pressure (0 psig) at the outlet. A single bed 
of catalyst surrounded by an electrical heating furnace 
was employed. 
The effluent of the reaction zone was cooled to -78 

C. to condense product hydrocarbons. The gas and 
liquid phases were analyzed to obtain product distribu 
tion data provided below in Table The overall methane 
conversion was 3.5 mole percent in the single pass and 
the selectivity to C2-plus hydrocarbons was 72 percent. 
It was noted that the reaction products ranged from 
ethylene to C10-plus hydrocarbons including naphtha 
lene but are relatively low in aliphatic hydrocarbons. 
The process should provide a high percentage of aro 
matic hydrocarbons, with yields over 50 weight percent 
aromatics being preferred. The selectivity to coke was 
28 wt. percent. 

TABLE 1. 
Product Distribution Wt. Percent 

ethylene 1.1 
ethane 2.8 
C3 not detected 
C4 not detected 
C5 not detected 
C6 not detected 
benzene 33.4 
toluene not detected 
xylenes not detected 
naphthalene 52.7 

At the high temperature employed in this test the 
presence of propane, butane or xylene in the product 
distribution is expected to be very small. Propane and 
butane are unstable and xylene will be thermally dealk 
ylated. This is borne out by the analysis of the effluent 
as shown above. The level of detection of the on-line 
analytical instruments was 0.1 wt. percent. The operat 
ing temperature of the reaction zone will have a signifi 
cant impact on the product distribution. 
What is claimed: 
1. A process for aromatization of methane which 

comprises the steps of passing a feed stream, which 
comprises over 0.5 mole percent hydrogen and 50 mole 
percent methane, into a reaction zone having at least 
one bed of solid catalyst comprising a pentasil zeolite 
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14 
and phosphorous-containing alumina at conversion con 
ditions which include a temperature of about 550-750 
C., a pressure less than 10 atmospheres absolute and a 
gas hourly space velocity of 400-7,500 hu and pro 
ducing a reaction zone effluent stream comprising 
methane, hydrogen, at least 3 mole % C2 hydrocarbons 
and at least 5 mole % C6-C8 aromatic hydrocarbons, 
and recovering C6-Cs aromatic hydrocarbons as a 
product. 

2. A process in accordance with claim 1 wherein the 
catalyst comprises a ZSM zeolite. 

3. A process in accordance with claim 1 wherein the 
catalyst comprises about 0.1 to about 2.0 wt.% gallium. 

4. A process in accordance with claim 1 the catalyst 
contains a zeolite having a silicon to aluminum ratio 
above 20:1. 

5. A process in accordance with claim wherein the 
catalyst comprises 1.0 to 20 wt.% phosphorous. 

6. A process in accordance with claim 5 wherein the 
catalyst contains at least 40 wt. percent zeolite. 

7. A process for aromatization of methane which 
comprises the steps of passing a feed stream, which 
comprises over 50 mole percent methane, and at least 
0.5 mole percent added hydrogen into a reaction zone 
having at least one bed of solid methane conversion 
catalyst comprising a zeolite and phosphorous-contain 
ing alumina at inlet conversion conditions which in 
clude a temperature of about 600-675 C., a pressure 
less than 10 atmospheres absolute and a gas hourly 
space velocity of 400-7,500 hri and producing a reac 
tion zone effluent stream comprising methane, hydro 
gen, at least 3 mole % C2 hydrocarbons and at least 5 
mole % C6-C8 aromatic hydrocarbons, recovering 
C6-C8 aromatic hydrocarbons as a product, and recy 
cling a portion of the hydrogen present in the effluent 
stream to the reaction zone. 

8. A process in accordance with claim 7 wherein the 
catalyst comprises a ZSM zeolite. 

9. A process in accordance with claim 8 wherein the 
catalyst comprises over 50 wt percent ZSM-5 zeolite. 

10. A process in accordance with claim 7 wherein the 
catalyst comprises about 0.1 to about 2.0 wt.% gallium. 
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