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This invention relates to a hydrocarbon oil conversion 
process. Particularly, it relates to a hydrocarbon oil 
conversion process comprising an initial hydro?ning treat 
ment of a nitrogen-containing feed stock to partially re 
duce its total nitrogen content, and subsequent hydro 
cracking of the partially hydro?ned feed stock with a 
nitrogen-tolerant hydrocracking catalyst to produce valu 
able lower boiling petroleum products. More particu 
larly, the invention is concerned with an integrated hy 
dro?ning and hydrocracking process utilizing a hydro 
cracking catalyst comprising a crystalline alumino-silicate 
zeolite containing or supporting a platinum group metal. 

Hydrocracking has recently become a subject of con 
siderable interest within the petroleum industry because 
of certain particularized advantages it oiiers over conven 
tional catalytic cracking processes. Chemically, hydro 
cracking may be considered as a combination of hydro 
genation and catalytic cracking, and is e?ected in the 
presence of a suitable bifunctional catalyst capable of 
simultaneously cracking high boiling hydrocarbons to 
lower boiling fractions and hydrogenating ole?nic and 
aromatic materials into saturated para?ins and naph 
thenes. Among the advantages offered by hydrocrack 
ing are the ability to selectively convert a wide variety 
of feed stocks, including refractive heavy aromatic feeds, 
to lower boiling distillates, with signi?cantly less gas and 
coke yield and higher quality liquid products than are 
usually produced by catalytic cracking; the adjustability 
of hydrocracking selectivity to produce high yields of 
speci?c liquid products, e.g. gasoline, middle distillate, 
etc., and the ability to maintain a high selectivity to the 
desired products over a wide range of conversion levels 
up to and including extinction recycle. 

Generally, hydrocracking ?nds its highest utility in 
cracking hydrocarbons boiling in the heavy naphtha and 
gas oil range; however, it may also be applied to a variety 
of feed stocks which may include virgin and catalytic 
naphthas, gas oils, kerosenes, cycle oils from conventional 
cracking operations, shale oils, alkyl aromatics, etc. The 
hydrocracking process is accomplished by passing a high 
boiling feed stock over a suitable hydrocracking catalyst 
in the presence of hydrogen and at elevated temperature 
and pressure su?icient to produce the desired conversion 
to lower boiling products, e.g. products boiling within 
the gasoline range. A ?xed, moving, or fluidized cata 
lyst bed may be used. 

It is well known in the prior art that conventional 
hydrocracking catalysts may be poisoned to a large de 
gree by contact with nitrogen-containing compounds. 
The activities of such conventional catalysts (e.g. cobalt 
molybdate-alumina, nickel sul?de-alumina, and other 
metallic compounds on alumina and/or silica-alumina) 
are accordingly reduced with a resultant loss in operating 
ef?ciency, less desirable product distribution, and neces 
sarily frequent regenerations. Furthermore, since the 
reaction temperature necessary to obtain the desired con 
version level has been found to be directly proportional 
to the nitrogen content of the feed stock, the heat re 
quirement for processing high nitrogen content feeds is 
accordingly increased. In addition, the resulting high 
temperatures often alter the selectivity of the catalyst 
thereby causing an increase in the yield of undesirable 
products, e.g. light gases and coke. 
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Because of the sensitivity to nitrogen of the above 
mentioned conventional hydrocracking catalysts, it has 
heretofore generally been deemed essential that the feed 
stock possess certain characteristics; for example, that it 
be essentially free of nitrogen-containing compounds, e.g. 
less than about 10 p.p.m., preferably about 1-2 p.p.m. 
nitrogen; or that it have a substantial aromatic content, 
e.g. at least about 30%, so as to obtain reasonable yields 
of good quality gasoline. The feed stocks which are 
most suited for hydrocracking, however, usually contain 
an appreciable quantity of nitrogen, e.g. at least about 
200 p.p.m., more usually at least about 500 p.p.m., and 
a reduction in nitrogen content is, therefore, necessary 
prior to contact with the hydrocracking catalyst. This 
is conveniently accomplished by hydro?ning the feed 
stock to convert organic nitrogenous compounds into a 
readily removable form, such as ammonia gas. How 
ever, the required severity of this hydro?ning pretreat 
ment, which has usually proved quite high, particularly 
with heavy feed stocks such as cycle oils, residuals, etc., 
has inherent disadvantages. For example, the severity of 
hydro?ning conditions required to obtain a negligible 
level of nitrogen content is both costly and time-consum 
ing. It has been particularly found that the most di?i 
cultly convertible fraction of organic nitrogen compounds 
is represented by a total nitrogen content of below about 
50 p.p.m., and that conversion and removal of this frac 
tion requires a very extensive hydro?ning treatment with 
an increase in the severity of hydro?ning conditions to 
an even greater degree than is initially required. As a 
result of these necessarily severe hydro?ning conditions, 
partial conversion of the feed stock is dif?cult to avoid, 
since hydrocracking conditions may well be approached. 
It will thus be readily apparent to those skilled in the 
art that premature conversion in the hydro-?ning stage 
may adversely affect the desired conversion, selectivity, 
and quality (e.g. octane number) of the products leaving 
the hydrocracking stage, due to alteration of the com 
position of the hydro?ned feed. For example, severe 
hydro?ning of the feed stock may result in premature 
hydrogenation of multi-ring aromatics to form condensed 
naphthenes, with resulting overconversion in the hydro 
cracking stage and a lower gasoline yield being thereby 
obtained. It is apparent, therefore, that a reduction in 
the severity of hydro?ning conditions which would reduce 
the nitrogen content of the feed stock to an intermediate 
range, as opposed to an essentially nitrogen-free state, 
would be economically attractive and would provide prod 
uct distribution and quality advantages, provided that the 
activity of the hydrocracking catalyst could be suitably 
maintained in the presence of the partially hydro?ned 
nitrogen~containing feed. 
The present invention is concerned with an improved 

hydrocarbon conversion process involving an initial hy 
dro?ning stage and a subsequent hydrocracking stage, 
wherein the hydro?ning stage is performed under rela 
tively mild operating conditions as compared to the severe 
conditions conventionally utilized, so as to obtain an es 
sentially unconverted hydro?ned e?luent containing an 
intermediate range of nitrogen content as opposed to a 
substantially nitrogen-free et?uent; and wherein the hydro 
cracking stage is performed in the presence of a recently 
developed nitrogen-tolerant hydrocracking catalyst ca 
pable of maintaining a relatively high catalytic activity 
in the presence of a substantial amount of nitrogen. By 
means of this process, a substantial economic saving is 
realized over the aforementioned conventional processes 
which involve essentially complete removal of nitrogen 
rather than the partial removal herein contemplated. 
Additionally, the overall performance of the process is 
unexpectedly improved by hydrocracking the partially 
hydro?ned feed containing the predetermined intermedi 
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ate nitrogen content range, as evidenced by superior selec 
tivity and distribution of products in the e?iuent from 
the hydrocracking stage. 
The process of the present invention comprises an inte 

grated hydro?ning and hydrocracking treatment of a suit 
able feed stock substantially (e.g. 95%) boiling above 
about 400° F. and initially containing at least about 100 
p.p.m. nitrogen. The hydro?ning step is effected in the 
presence of hydrogen and a conventional hydro?ning, i.e. 
hydrogenation, catalyst, at elevated temperature and pres 
sure su?‘icient to convert the desired proportion of nitro 
gen compounds to a readily removable form of nitrogen, 
e.g. ammonia, without substantial conversion of the hydro 
carbon materials in the feed. The hydro?ned effluent 
produced should have an intermediate nitrogen content 
range of about 15 to about 200 p.p.m., preferably about 
15 to about 100, more preferably about 15 to about 50 
p.p.m. total nitrogen. This desired intermediate range of 
nitrogen content should be produced with essentially no 
change, e.g. less than about a 5% reduction in the total 
aromatics content of the feed. However, hydrogenation 
of polycyclic aromatics to monocyclic aromatics is per 
missible, if not desirable, provided that the formation of 
condensed naphthenes is avoided and the total aromatics 
content thereby remains essentially unchanged. Addi 
tionally, conversion of 430° F.+ hydrocarbon fractions 
in the feed to fractions boiling below about 430° F. should 
be minimized in order to avoid overconversion in the 
hydrocracking stage. It will be appreciated, however, 
that some production of lower boiling fractions will be 
inevitable due to the general lowering of the boiling point 
usually associated with hydrogenation, desulfurization 
and denitrogenation reactions, and that the actual quan 
tity of lower boiling fractions produced in the hydro?ning 
stage will be dependent upon the characteristics of the par 
ticular feed used. Speci?cally, conversion of the feed 
hydrocarbons in the hydro?ning stage to fractions boiling 
below about 430° F. should be limited to less than about 
10 volume percent, preferably less than about 5 volume 
percent, based on the volume of feed. 

After separation of the ammonia gas formed in the 
hydro?ning stage, the hydro?ned feed is subjected to 
hydrocracking to convert the high boiling petroleum frac 
tions into valuable lower boiling fractions. Hydrocrack 
ing is effected at elevated temperature and pressure in the 
presence of added hydrogen and a hydrocracking catalyst 
comprising a crystalline alumino-silicate zeolite having 
a platinum group metal deposited thereon or incorporated 

’ therein. As hereinbefore mentioned and to be hereinafter 
illustrated, this hydrocracking catalyst is signi?cantly more 
nitrogen-tolerant than the conventional hydrocracking 
catalysts of the prior art and is characterized by a high 
activity maintenance in the presence of nitrogen com 
pounds thus enabling the initial hydro?ning treatment to 
be conducted under less severe conditions than conven 
tionally employed. The catalyst is also characterized 
by a reversible nitrogen poisoning effect; i.e. it has been 
found that any poisoning action of a high nitrogen feed 
is only temporary depending upon continued contact with 
nitrogen and that the catalyst will recover its original 
activity when subsequently contacted by a lower nitrogen 
content or nitrogen-free feed. Additionally, the yield, 
distribution and quality of the products obtained with 
this catalyst in the presence of nitrogen are markedly 
superior to those obtained with conventional catalysts. 
In summary, the zeolitic catalyst employed in the hydro 
cracking stage of the present process exhibits superior 
properties as compared to the conventional hydrocracking 
catalysts of the prior art, which properties include high 
activity and activity maintenance, nitrogen-tolerance, re 
generability, and high selectivity to desired products, with 
accompanying economy of operation. The use of this 
catalyst determines to a large degree the successful opera 
tion of the process of the present invention and is, there 
fore, regarded as critical. 
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The process of the present invention is applicable to 

a variety of feed stocks having higher initial boiling 
points than gasoline, i.e. higher than about 400° F., and 
95% boiling ranges of about 405 to 1100° F. or higher, 
preferably 405 to 850° F. For certain applications, e.g. 
for middle distillate or jet fuel production, 5% boiling 
points of about 500—650° P. will be desirable. Addi 
tionally, in order to be advantageously used in the present 
process, the feed stocks should have a nitrogen content 
of at least about 100 p.p.m., preferably at least about 200 
p.p.m., and most preferably at least about 500 p.p.m. 
While those feeds having nitrogen contents between 100 
and 200 p.p.m. will already have the desired intermediate 
range of 15 to 200 p.p.m. nitrogen, it will still be ad 
vantageous to hydro?ne them down to the more pre 
ferred ranges of 15 to 100 p.p.m. or 15 to 50 p.p.m. Ex 
amples of suitable feed stocks include whole crudes, heavy 
naphthas, gas oils, kerosenes, refractory catalytically 
cracked cycle stocks, high boiling virgin and coker gas 
oils, residual oils, etc. These materials, when subjected 
to hydrocracking, are converted to gasoline, middle dis 
tillate, etc. as determined by control of the hydrocracking 
operating conditions. 
The hydro?ning stage of the present process is effected 

in the presence of a conventional hydro?ning or hydro 
genation catalyst. Such catalysts are well known in the 
art and are characterized by their resistance to poisoning, 
particularly sulfur poisoning. Suitable catalysts of this 
type include the oxides or sul?des of metals of Groups VI 
and VIII of the Periodic Table, either alone or in ad 
mixture with each other, composited with an inert metal 
oxide support, wherein the metal oxide is selected from 
the group consisting of silica, oxides of metals in Groups 
II-A, III—A, and IV-B of the Periodic Table, and mix 
tures thereof. Examples of the Group VI metals are 
tungsten and chromium, with the preferred Group VI 
metal being molybdenum in the form of a molybdate; 
examples of the Group VIII metal components are co 
balt and nickel; and examples of the metal oxides in the 
inert support are alumina, zirconia, magnesia, titania, 
ceria, thoria, etc. In particular, such catalysts are typi 
?ed by nickel sul?de-tungsten sul?de, molybdenum sul 
?de or oxide, combinations of metal sul?des or oxides 
such as ferric oxide, molybdenum oxide or sul?de, and 
cobalt oxide, all of which are supported on the above 
inert metal oxide supports. A particularly prefered cata 
lyst is cobalt molybdate on alumina. Preferred composite 
catalysts will contain from about 1 to about 6, preferably 
3 to 4 wt. percent of a Group VIII metal oxide, e.g. 
cobalt oxide, and from about 9 to 18, preferably 12 to 15 
wt. percent of a Group VI metal oxide, e.g. molybdenum 
oxide (M003); on a metal oxide support, e.g. alumina 
or silica-alumina. 

The hydro?ning treatment preferably involves a ?xed 
bed operation with the oil feed ?owing downwardly over 
the catalyst bed. Suitable operating conditions for hy 
dro?ning the feed stock in accordance with the present in 
vention will of course vary with the nitrogen content of 
the raw ‘feed in order to produce the desired intermediate 
range of nitrogen content in the hydro?ned e?luent to be 
fed to the hydrocracking stage. In general, hydro?ning 
operating conditions for a feed stock initially containing 
from about 100 to 3000 (or higher) p.p.m. nitrogen will 
include a temperature of from about 500 to about 800° 
F., preferably 625 to 725° F.; a pressure of from about 
500 to about 3000 p.s.i.g., preferably 1200 to 2000 p.s.i.g.; 
a liquid hourly space velocity of from about 0.1 to about 
10, preferably 0.1 to 3 volumes of feed per volume of 
catalyst per hour; and a hydrogen gas rate of from about 
1,000 to about 20,000, preferably 2,000 to 12,000 stand 
ard cubic feet (s.c.f.) per barrel of feed. It will be 
understood that with nitrogen-containing feed stocks hav 
ing nitrogen contents higher than about 3000 p.p.m. a 
greater degree of hydro?ning will *be required to reduce 
the nitrogen level to within the desired range. This may 
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be accomplished by increasing the severity of hydro?ning 
conditions of temperature and pressure or by reducing the 
space velocity, i.e. residence time, provided that substan 
tial conversion of the hydrocarbon materials in the feed 
is avoided. If substantial hydrocarbon conversion can 
not be avoided, the ‘hydro?ning conditions may be main 
tained at a suitably mild level and the hydro?ned effluent 
recycled to the hyd-ro?ner until the nitrogen content of 
the feed is reduced to within the desired range. 

Subsequent to the hydro?ning stage, the ammonia and 
hydrogen sul?de formed from the hydrogenation of nitro 
gen and sulfur compounds are removed prior to intro 
duction of the hydro?ned stream into the hydrocracking 
stage by conventional gas separating means. The par 
tially hydro?ned oil stream, freed of ammonia and hy 
drogen sul?de and having a nitrogen content within the 
aforementioned range, is then preferably passed down 
wardly over a ?xed bed of the zeolitic hydrocracking 
catalyst to be hereinafter fully described. 

Hydrocracking of the partially hydro?ned feed stock 
is accomplished in the presence of added hydrogen and 
catalyst at a temperature of from about 450 to about 800° 
F., preferably 600 to 750° F; a pressure of from about 
500 to about 3000 p.s.i.g., preferably 1200 to 1800 p.s.i.g.; 
a liquid hourly space velocity of from about 0.1 to about 
10, preferably 0.5 to 3 volumes of feed per volume of 
catalyst per hour; and a hydrogen feed rate of from 
about 1000 to about 20,000, preferably 2000 to 12,000 
s.c.f. per barrel of feed. The conversion, expressed as 
volume percent conversion of fractions boiling above 
about 430° F. to products ‘boiling below about 430° F. 
for the production of gasoline (or to products boiling 
below about 500~650° F. for the production of higher 
boiling distillates), will generally be maintained at about 
30 to 80%, preferably 50 to 75%, which conversion is 
readily attainable at operating conditions within the above 
ranges. Such conversions have generally been found to 
achieve Optimum economy of operation. However, for 
certain desired results, higher or lower conversion ranges 
may also be utilized, as will be determined by appropriate 
adjustments of the various operating variables, i.e. tem 
perature, pressure, and space velocity. Such adjustments 
will be readily determinable by those skilled in the art 
with a view towards obtaining the desired selectivity of 
products, product distribution, and product quality, all of 
which are functions of the operating conditions and con 
version levels utilized in the hydrocracking reactor. 
The hydrocracked e?’luent is fractionated to separate 

the desired products, and the high boiling fractions are 
preferably recycled to extinction by return to the hydro 
cracking reactor. Thus, as the process proceeds, all 
material boiling above the desired cut-off point is prefer 
ably eventually converted to lower boiling products with— 
in the desired ranges. The cut-01f points will, of course, 
vary depending upon the boiling range of the products 
desired; e.g. naphtha (boiling in the range of about 375 
to 425° E), jet fuel (boiling in the range of about 450 
to 550° F.), middle distillate (boiling in the range of 
about 650 to 750° F.), etc. 
The hydrocracking catalyst speci?cally useful in the 

process of the present invention comprises a crystalline 
metallo alumino-silicate zeolite, well known in the art 
as a “molecular sieve,” having a platinum group metal 
(e.g. palladium) deposited thereon or composited there 
with. These crystalline zeolites are characterized by their 
highly ordered crystalline structure and uniformly dimen 
sioned pores, and have an alumino~silicate anionic cage 
structure wherein alumina and silica tetrahedra are inti 
mately connected to each other so as to provide a large 
number of active sites, with the uniform pore openings 
facilitating entry of certain molecular structures. It has 
been found that crystalline alumino-silicate zeolites hav 
ing effective pore diameters of 6 to 15 A., when com 
posited with the platinum group metal, and particularly 
after base exchange to reduce the alkali metal (e.g. 
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NazO) content of the zeolite to less than about 10 wt. 
percent, are effective hydrocracking catalysts, particularly 
for the hydro?ned feeds herein contemplated, i.e. those 
having nitrogen contents within the aforementioned 
ranges. 

Naturally-occurring large pore crystalline alumino-sili 
cate zeolites ‘may be exempli?ed by the mineral faujasite. 
Synthetically produced alumino-silicate zeolites having 
large pore diameters are also available and will be pre 
ferred in the present invention. In general, all crystalline 
alumino-silicate zeolites, in natural or synthetic form con 
tain a substantial portion of an alkali metal oxide, nor 
mally sodium oxide. 
More speci?cally, the support for the hydrocracking 

catalyst used in the present invention is a crystalline 
alumino-silicate zeolite having an effective pore diameter 
of about 6 to 15 A., wherein a substantial portion of the 
alkali metal, e.g. sodium, has been replaced with a cation 
(either a metal cation or a hydrogen-containing cation, 
e.g. NHJ) so as reduce the soda (Na2O) content to less 
than 10 wt. percent and preferably to about 1 to 5 wt. 
percent (based on zeolite). The anhydrous form of the 
base-exchanged large pore‘ crystalline alumino-silicate 
zeolite prior to compositing with platinum group metal 
may be generally expressed in terms of moles by the 
formula: 

Wherein Me is selected from the group consisting of 
hydrogen and metal cations (so that the Na2O content is 
less than 10 ‘Wt. per-cent of the zeolite), n is its valence 
and X is a number from 2.5 to 14, preferably 3 to 10 and 
most preferably 4 to 6. Crystalline zeolites having these 
ratios have been found to be highly active, selective and 
stable. 
The processes for synthetically producing crystalline 

alumino-silicate zeolites are well known in the art. They 
involve crystallization from reaction mixtures containing: 
A1203 as sodium aluminate, alumina sol and the like; 
SiOz as sodium silicate .and/ or silica gel and/ or silica sol; 
and Na2O as sodium hydroxide. Careful control is kept 
over the soda (N20) concentration of the mixture, as 
well as the proportions of silica to alumina and soda 
to silica, the crystallization period, etc., to obtain the 
desired product. A conventional scheme for preparing 
a crystalline alumino-silicate zeolite having a silica to 
alumina mole ratio of about 4 to 6 is as follows: 

Colloidal silica is mixed with a solution of sodium 
hydroxide and sodium aluminate at ambient temperature 
to produce a reaction mixture having the following molar 
ratios of reactants: 

TABLE I 
Reactants: Molar ratio 

N|a2O/SiO2 _____________________ __ 0.218 to 0.45 

SIO2/Al2O‘3 ______________________ __ 8 to 30 

H2O/Na2O ____________________ __ to 

The reaction mixture may then be allowed to digest at 
ambient temperatures for up to 40 hours or more in order 
to aid crystallization, after which period it is heated at 
180° to 250° F., e.g. 200° F., for a suf?cient time to 
crystallize the product, e.g. 24 to 2001 hours or more. 
The crystalline, metallo alumino-silicate is separated from 
the aqueous mother liquor by decantation or ?ltration 
and Washed to recover a crystalline product. 
For hydrocracking use the zeolite is preferably base~ 

exchanged with a hydrogen-containing or metal cation to 
reduce the soda content to below 10 wt. percent. Suitable 
metal cations include ions of metals in Groups I to VIII 
and rare earth metals, and preferably metals in Groups 
II, III, IV, V, VI-B, VII-B, VIII, and rare earth metals. 
Where a hydrogen-containing cation is used to replace 
the sodium, the “hydrogen” or decationized form of the 
zeolite is produced. A convenient method of preparing 
the “hydrogen” or decationized form is to subject the 
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zeolite to base-exchange with an ammonium cation solu 
tion followed by controlling heating at elevated tempera 
ture, eg 600 to 1000° F., to drive off ammonia and 
Water. 
The base-exchanged crystalline zeolite is then com 

posited with the platinum group metal by treatment (e.g. 
wet impregnation or base-exchange) with a platinum or 
palladium salt or ammonium complex, e.g. ammonium 
chlonoplatinate, palladium chloride, etc. The amount of 
catalytic metal in the ?nished catalyst is ordinarily be 
tween 0.01 and about 5.0 wt. percent, preferably 0.1 to 
3.0 wt. percent, based on the zeolite. Normally the 
catalyst is subjected to a heat or hydrogen treatment at 
elevated temperatures, e.g. 500° to 1500“ F., to reduce 
the platinum group metal, at least in part, to its elemental 
state. 
The zeolitic catalyst may be utilized in the above 

described form or may be suitably embedded in an amor 
phous material such as silica gel, or a cogel of silica and 
at least one other metal oxide wherein the metal is selected 
from Groups II~A, III-A, and IV-B of the Periodic 
Table, e.g. alumina, titania, magnesia, etc. The use 
of such composite materials, eg crystalline noble metal 
containing zeolite embedded in .a silica-alumina cogel 
matrix, has been found useful in certain applications. 
For example, the activity of the pure crystalline zeolite 
is very often too high for some applications and to achieve 
desired selectivities in the hydrocracked product streams 
it is often desirable to utilize a composite form of zeolite 
mat-rix catalyst. Additionally, for ?uidized and moving 
bed operations, the crystals of zeolite are often too ?ne 
for successful ?uidization due to excessive attrition and 
carry-over losses. The use of a composite catalyst com 
prising zeolite crystals embedded in a suitable matrix, 
e.g. a silica~alumina matrix, obviates these di?iculties 
since the composite material can be formed into particles 
of a desired size range. A convenient means of forming 
the composite form of catalyst is to incorporate the 
zeolite crystals into a suitable hydrogel, erg. a silica~ 
alumina hydrogel; subject the resulting mixture to high 
agitation conditions with added water, if necessary, to 
produce a homogeneous ?uid dispersion; and ?nally spray 
dry the resulting mixture to form particles of the desired 
size. The ?nal composite may contain 5 to 80 wt. per 
cent zeolite. 
The process of the present invention will now be de 

scribed in further detail, with reference being made to 
the accompanying drawing which is a simpli?ed ?ow 
diagram of a preferred embodiment of the process. 
A suitable oil feed charge is introduced through line 

10 and is mixed with hydrogen being introduced through 
line 11. The resulting admixture of feed charge and hy 
drogen is heated to hydro?ning temperature in heater 12, 
and passed through line 13 into hydro?ner 14, where it 
?ows downwardly over hydro?ning catalyst of the type 
hereinbefore described. The hydro?ning operating con 
ditions are determined by the nitrogen content of the feed 
charge and will be su?‘icient to reduce the nitrogen con 
tent to within the desired range without substantial con 
version of the hydrocarbons in the feed. ‘In hydro?ner 14, 
the nitrogen-containing and sulfur-containing compounds 
in the feed are substantially converted to ammonia and 
hydrogen sul?de, respectively. The total effluent from 
hydro?ner 14 containing excess hydrogen, hydrogen sul 
?de, ammonia and substantially unconverted liquid petro~ 
leum hydrocarbon fractions is withdrawn through line 15, 
and passed to gas separator 16, to separate the gaseous 
phase from the liquid phase. The gaseous phase, includ 
ing hydrogen, ammonia and hydrogen sul?de, passes 
through line 17 into gas treater 18, wherein the hydrogen 
sul?de and ammonia are removed by scrubbing or other 
suitable means. The remaining gas stream composed sub 
stantially of hydrogen is recycled to the system via line 
19 which joins line 11. Alternatively, the hydrogen sul 
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?de and ammonia may be removed by a gas treater in line 
15. 
The essentially unconverted liquid petroleum stream is 

withdrawn from gas separator 16 through line 20, and 
passed via lines 21 and 22 into heater 23, wherein it is 
heated to hydrocracking temperature. The heated liquid 
stream passes through line 24, mixes with a hydrogen 
stream ?owing through line 25, and the combined admix 
ture of hydrogen and oil streams enters hydrocracker 27 
through line 26, where it ?ows downwardly over hydro 
cracking catalyst of the type hereinbefore described. The 
hydrocracking operating conditions in hydrocracker 27 
are suf?cient to obtain the desired degree of conversion 
per pass. The etliuent stream from hydrocracker 27 is 
withdrawn through lne 28, and passes to gas separator 
29, which serves to separate the liquid and gaseous phases. 
The gaseous phase containing hydrogen, and minor 
amounts of ammonia and hydrogen sul?de leaves gas sep 
arator 29 through line 30 and passes to gas treater 31, 
where the ammonia and hydrogen sul?de may be removed 
by scrubbing or other suitable means. The use of gas 
treater 31 is optional depending upon the amounts of 
ammonia and hydrogen sul?de in the recycle gas. The 
gas stream composed substantially of hydrogen is then 
recycled through line 32, along with make-up hydrogen 
being introduced through line 33. The combined hy 
drogen stream is heated to the desired operating tempera 
ture in heater 34, passes through line 25, and joins with 
the partially hydro?ned oil feed in line 26 as hereinbefore 
described. The use of heater 34 is optional. - 

Liquid petroleum products are withdrawn from the bot 
tom of gas separator 29 through line 35, and are con 
ducted to fractionator 36, wherein light hydrocarbons and 
gases are removed as overhead through outlet 37. Al 
ternatively, a stabilizer can be utilized in line 35 for the 
removal of light hydrocarbons and gases. Intermediate 
fractions of light naphtha, heavy naphtha and light fuel 
oil may be withdrawn respectively from fractionator 36 
through lines 38, 39 and 40. The heavy oil bottoms prod 
uct is withdrawn through outlet 41 and recycled through 
line 42, where it joins with the hydro?ned separated liq 
uid oil stream in line 20 for recycle to hydrocracker 27 
via lines 21, 22, 24 and 26. The process is thus character 
ized by a recycle to extinction of the fractionator bottoms 
which are converted to lower boiling fractions in hydro 
cracker 27. 

It is to be understood that the process of the invention 
is subject to minor variations and is not to be limited to 
the speci?c embodiment described. For example, while 
the present process as speci?cally described, includes a 
single hydro?ning stage and a single hydrocracking stage, 
it will be realized that additional stages may ‘be included. 
It may thus be preferable for certain applications to utilize 
a multiple stage hydrocracking operation, with the frac 
tionator bottoms product being hydrocracked in a sep 
arate hydrocracking reactor, rather than the recycle to 
extinction process hereinbefore described. Such conven 
tional processing variations, being well within the under 
standing of those skilled in the art, are intended to be in 
cluded within the scope of the present invention. 
The invention will be further understood by reference 

to the following examples, which are not intended to be 
limiting. 

Example I 

A crystalline alumino-silicate zeolite hydrocracking 
catalyst was prepared by the following procedure: 
A mixture of sodium aluminate, sodium hydroxide and 

silica sol was heated at about 212° F. in such proportion 
and for such time as to produce a crystalline zeolite. 
Speci?cally, a slurry mixture of 35 grams of commercial 
sodium aluminate containing 65 wt. percent NaAlO2, and 
125 grams of sodium hydroxide (97% NaOH), con 
tained in 447 grams of water, was added with rapid stir 
ring to 846 grams of a commercially available colloidal 
silica sol containing 30 wt. percent silica (“Ludox”'solu 
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tion, supplied ‘by E. I. du Pont de Nemours & Co. Inc.). 
Mixing was conducted at ambient temperature of 75° F. 
Stirring was continued to form a homogeneous mixture 
and the composite slurry was then kept at ambient tem 
perature with stirring for a digestion period of about 11/2 
hours, after which time it was heated in an open vessel 
to 212° F. over a period of 30 minutes. The vessel was 
then sealed to eliminate evaporation losses and heated 
at 212° F. for a period of 69 hours to attain maximum 
crystallinity as determined by periodic sampling and X-ray 
diffraction analysis. The product crystals were then ?l 
tered, and ion-exchanged with a 28 wt. percent aqueous 
ammonium sulfate solution by slurrying 100 grams of 
crystals in about 350 grams of solution followed by ?lter 
ing and water washing. After three ion-exchange and 
washing operations the resulting ammonium form of the 
zeolite was separated by ?ltration and treated with a solu 
tion containing the ammonium complex of palladium 
chloride, in an amount su?icient to produce about a 0.5 
Wt. percent palladium catalyst. The catalyst was then 
?ltered, washed, oven-dried at 212° F, and ?nally 
calcined at 1000° F. It contained 0.48% palladium, had 
a uniform pore size of about 15 A. and a silica to alumina 
mole ratio in the zeolite component of about 55:1. 
The above catalyst was utilized in the integrated hy 

dro?ning-hydrocracking process of the present invention 
using the processing scheme hereinbefore described and 
illustrated in the accompanying drawing with the excep 
tions that ammonia and hydrogen sul?de gases were re 
moved from the system by water scrubbing the streams 
in lines 20 and 22, and a stabilizer was used in line 35 to 
remove light hydrocarbons and gases (C4_). 
The hydro?ning catalyst utilized was a cobalt molybdate 

on alumina catalyst containing 16.5 wt. percent cobalt 
molybdate (3.9 wt. percent 000, 12.6 wt. percent M003). 
The feed stock contained 758 p.p.m. nitrogen and was 

a blend of 28.7 vol. percent coker gas oil, 35.1 vol. per 
cent coker heating oil and 36.2 vol. percent catalytic 
cycle oil. 
Two runs were performed to demonstrate the desirabil 

ity of hydro?ning the feed to an intermediate nitrogen 
content level, as opposed to an essentially nitrogen-free 
feed. In Run A the feed was hydro?ned to a level of 1 
p.p.m. nitrogen, and in Run B it was hydro?ned to a level 
of 28 p.p.m. nitrogen. The results were compared to 
those obtained by hydrocracking the raw feed, designated 
as Run C. 

The feed properties, operating conditions of the hydro 
?ning and hydrocracking stages, yields and selectivity data 
for the three runs are summarized in the following table: 

TABLE II 

Raw Hydro?ned 
Feed Hydroeraeker Feed 

Run Number ___________________________ __ C B A 

Feed Properties: 
Total Nitrogen p.p.m ______________ __ 758 28 1.0 
Analine Point, F_ 121. 5 136 143 
Pour Point, ° F._ 35. 0 45. 0 50. 0 
Gravity, ° API.. 27. 1 31. 9 32. 9 
Sulfur, wt. percen 0. 49 0. 04 0. 04 
R1. at 67° C ____ __ l. 4881 1. 4637 1. 4594 

Distillation Range: 
I.B.P., ° F _________________________ __ 366 341 328 
5% at ° F ____ __ 409 391 
10% at ° F___ 428 409 
50% at ° F 556 538 
90% at 740 728 
F.B.P., _________________________ __ 774 780 

Hydro?ning Conditions: 
Catalyst ____________________________________ __ COM'OOJ/AlgOa 
Temperature, ° F _ 700 
Space Velocity, v. _ 0.5-0.7 
Pressure, p.s.i.g_ , _ 1,500 
Hydrogen Rate, s.c.f./b_ ,____ 10,000 

Hydrocracking Conditions: 
Catalyst ____________________________ _, Pd on crystalline zeolite 
Temperature, ° F _______ ,_ ..> 798 ’ 645 618 

Space Velocity, v./v./hr___ _ 1. 09 1. 01 0. 94 
Pressure, p.s.i.g,_.._____ _ 1,340 1, 485 1, 500 
Hz Rate, set/b ____________________ __ 6, 630 8, 150 13, 800 
Conversion to 430° F.-, v01. percent_ _ 38. 8 60 62. 8 
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TABLE II.-Continued 

Raw 
Hydrocracker Feed 

Run Number ___________________________ ._ C B A 

Yields on Raw Feed: 
(13-, wt. percent ____________________ __ 
04, vol. pereent___ 
05, vol. percent _______ -_ 

no 
5 

___ 4. 

(Ii/430° F., v01. percent _____________ _. 39. 
Selectivity~ 1 

1 Selectivity: YieldXlOO/Conversion. 

As shown in the above table there is a distinct selectivity 
advantage in hydro?ning to an intermediate range of nitro 
gen content. Thus, Run B, which involved hydro?ning 
the feed to an intermediate level of 28 p.p.m. nitrogen, 
produced a higher C5/ 430° F. gasoline selectivity and 
lower C3: C4, and C5 selectivities than either Run C (raw 
feed, 758 p.p.m. nitrogen) or Run A (hydro?ned feed to 
l p.p.m. nitrogen). 

Example 2 

A blended feed of two-thirds coker gas oil and one 
third steam cracked cycle oil, containing 812 p.p.m. nitro 
gen, was hydro?ned and hydrocracked in substantial ac 
cordance with the procedure of Example 1. Hydro?ning 
was accomplished with the cobalt molybdate on alumina 
catalyst of Example 1, at two severity levels. Blend D 
was hydro?ned to a level of 158 p.p.m. nitrogen and then 
hydrocracked with a 2% palladium hydrocracking catalyst 
prepared by the procedure of Example 1, except that a 
more concentrated palladium solution was used in the ?nal 
metal deposition step. Blend E was severely hydro?ned 
to a 10 p.p.m. nitrogen level and hydrocracked with the 
0.5% palladium catalyst used in Example 1. 
The feed properties of the initial blend ‘and hydro?ned 

blends, the operating conditions of hydro?ning and hydro 
cracking, and the yields and product quality data resulting 
from the integrated hydro?ning-hydrocracking operation 
are shown in the following table: 

TABLE III 

Hydro?ned 
Raw Hydrocracker Feed 
Feed __ 

Mild Severe 

Feed Properties: 
Total Nitrogen, p.p.m ______________ __ 158 10 
Gravity, ° API _____ ,_ 27. 8 29. 6 
Aniline Pt., ° F__._ 124. 0 135. 5 
Sulfur, Wt. percent_ 0.05 0. 00 
R1. at 67° C _______________________ .. 1. 4781 1. 4697 

Distillation Range: 
.B.P., ° _________________________ __ 391 372 366 
10% at ° F _ 465 453 446 
50% at ° F. . 544 538 532 
95% at ° F _ 809 780 780 

llydroiining C 
Catal _______ ._ COLIOO4/A1ZO3 
Temperature, ° F"... 700 700 
Spice Velocity, v./v./l1r_ 1.0 0.5 
Pressure, p.s.i.g___,_ ._ 1, 500 2,300 
Hz Rate, s.e.i./b ____________________ __ 

Hydrocracking Conditions: 
Catalyst ____________________________ a . 

5, 000 10, 000 

Pd on crystalline 
te zeoli 

2. 0 0. 5 
717 621 
1. 1 1. 0 

1, 475 1, 460 
7,050 8,030 
61. 5 63.9 

03-, wt. percent ___________________ __ . 1.8 0. 9 
Ci. Vol. percent ______ __ __ 7. 6 6.7 

Q5/41300 F., V01. percent _____________________ __ 69. 1 70. 4 
05/430“ F. Quality: 

° API ______________________________________ ._ 49.0 49. 7 
RON+3 cc.. ___ ______ a. 88 82.5 

MON+3 cc ___________ __ _ ______ 0 85 83 

Aromatics, Vol. percent ___________________ >_ 22 8 

I On 65—430° F. fraction. 
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As shown in the above table, the octane number of the 
C5/430" F. gasoline, fraction obtained from the mildly 
hydro?ned feed was signi?cantly greater than for the 
severely hydro?ned blend. A distinct product quality 
advantage is therefore offered by limiting the severity of 
the hydro?ning treatment to produce an intermediate ni 
trogen content range. I 

What is claimed is: 
1. A process for hydrocracking a hydrocarbon oil feed 

having a nitrogen content within the range of about 28 
to about 200 parts per million comprising contacting said 
feed in the presence of hydrogen with a hydrocracking 
catalyst comprising a crystalline alumino-silicate zeolite 
composited with a platinum group metal, said zeolite hav 
ing pore openings of about 6 to about 15 Angstrom units 
and containing less than about 10 wt. percent alkali metal 
oxide, at hydrocracking conditions su?icient to obtain the 
desired conversion to lower boiling product. 

2. The process of claim 1, wherein said zeolite is com 
posited with 0.01 to 5.0 wt. percent platinum group 
metal. 

3. The process of claim 1, wherein said platinum group 
metal is palladium. 

4. The process of claim 1, wherein said alkali metal 
oxide is Na2O. 

5. The process of claim 1, wherein said hydrocracking 
conditions include a temperature of from about 450 to 
about 800° F., a pressure of from about 500 to about 
3000 p.s.i.g., ‘a liquid hourly space velocity of from about 
0.1 to about 10 volumes of feed per volume of catalyst 
per hour, and a hydrogen rate of from about 1000 to 
about 20,000 standard cubic feet per barrel of feed. 

6. A process for hydrocracking a hydrocarbon oil feed 
having a nitrogen content within the range of about 28 
to about 200 parts per million said feed substantially 
boiling above about 400° F. to obtain lower boiling 
product which comprises contacting said feed in the 
presence of hydrogen with a hydrocracking catalyst com 
prising a crystalline alumino-silicate zeolite composited 
with 0.01 to 5.0 wt. percent platinum group metal, said 
zeolite having pore openings of about 6 to about 15 
Angstrom units and containing less than about 10 wt. per 
cent NaZO, at a temperature of from about 450° F. to 
about 800° F., a pressure of from about 500 to about 
3000 p.s.i.g., a liquid hourly space velocity of from about 
0.1 to about 10 volumes of feed per volume of catalyst 
per hour, and a hydrogen rate of from about 1000 to 
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about 20,000 standard cubic feet per barrel of feed, and 
recovering lower boiling product. 

7. The process of claim 6, wherein said zeolite is com‘ 
posited with 0.1 to 3.0 wt. percent palladium. 

8. The process of claim 6, wherein said hydrocracker 
feed has a nitrogen content within the range of about 
28 to about 100 p.p.m. nitrogen. 

9. The process of claim 6, wherein said hydrocracker 
feed has a nitrogen content within the range of about 
28 to about 50 p.p.m. nitrogen. 

10. A process for hydrocracking a hydrocarbon oil 
feed substantially boiling above about 400° F. and having 
a nitrogen content in the range of about 28 to about 50 
p.p.m. nitrogen to obtain lower boiling product, which 
process comprises contacting said feed in a hydrocracking 
zone, in the presence of hydrogen, with a hydrocracking 
catalyst comprising a crystalline alumino-silicate zeolite 
composited with a platinum group metal, said zeolite 
having pore openings of about 6 to about 15 Angstrom 
units and containing less than about 10 wt. percent NaZO, 
at a temperature of from about 600 to about 750° F., a 
pressure of from about 1200 to about 1800 p.s.i.g., a 
liquid hourly space velocity of from about 0.5 to about 
3 volumes of feed per volume of catalyst per hour, and a 
hydrogen rate of from about 2000 to about 12,000 stand 
ard cubic feet per barrel of feed, and recovering said lower 
boiling product from the e?luent of said hydrocracking 
zone. 

11. The process of claim 10, wherein said zeolite is 
composited with 0.01 to 5.0 wt. percent platinum group 
metal. 

12. The process of claim 10, wherein said zeolite is 
composited with 0.1 to 3.0 wt. percent palladium. 

13. The process of claim 10 which further comprises 
separation of hydrocarbon fractions boiling higher than 
desired lower boiling product and recycle of said frac 
tions to said hydrocracking zone. 
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