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The present invention relates to the production of 
aromatic hydrocarbons and is particularly concerned 
with disproportionation reactions of alkyl-aromatic com 
pounds effected in the presence of catalysts, such ̀ as >the 
conversion of toluene to desirabl-y high yields of vbenzene 
and Xylenes. 
The former demand _for toluene, particularly during 

Vthe war years, as an intermediate for the manufacture of 
explosives and other organic chemicals has been Well 
met by petroleum conversion processes, so that the in 
creased outputs of toluene may be diverted to other out 
lets. There is an increasing demand nfor xylenes `prin 
cipally for use in the manufacture of benzene dicarboxylic 
acids as starting materials for important polymerization 
and condensation derivatives thereof including the new 
synthetic ñbers known as “Daeron” and “Terylene” The 
demand for benzene has remained steady over many 
years and, because ot its increasing use as an intermediate 
for the production of styrene as well as adipic acid used 
respectively in synthetic resins and synthetic iibers, has 
been progressively rising despite the installation of in 
creased facilities for its production. One of the prin 
cipal advantages of the present invention lies in the fact 
that benzene and xylene of required purity -are obtained 
from inexpensive starting materials including crude 
toluene of considerably below “nitrationrgrade” in purity. 
Under conditions hitherto investigated and suggested 

for dealkylation of alkyl-aromatic compounds over crack 
ing catalysts of the silica-alumina type, it was found Ywhile 
-at about atmospheric pressure substantially complete de 
alkylation of C3 to C5 alkyl substituted benzenes to ben 
zene and corresponding olelins could be obtained, in the 
case of benzene compounds having lower alkyl groups 
attached to the ring the reaction under the same condi 
tions of severity was too slow and even under more 
severe processing conditions toluene was very resistant 
to dealkylation. At high pressure, however, higher alkyl 
benzenes also tend to produce chiefly methyl and ethyl 
substituted benzenes. This reported behavior of ben 
zene is consistent with the fact that gasoline obtained by 
catalytic cracking is generally poor in benzene and com 
paratively rich in toluene and in polymethylated ben 
zenes. Deeper catalytic cracking of aromatic hydro 
carbons results in total rupture of the ring with the forma 
tion of hydrogen, coke and gaseous hydrocarbons, and 
even under conditions wherein dealkylation of alkyl aro 
matic compounds can be effected without substantial 
rupture of the ring, large quantities of coke are produced 
apparently as a result of polymerization of the oleñnic 
radicals split off. 

vIt ~has also been previously proposed to etïect dealkyla 
tion of alkyl aromatic hydrocarbons by hydrogenolysis 
-in the presence of added hydrogen and over catalysts 
promoting hydrogenation such as nickel. Under -these 
conditions, however, only relatively poor yields of ben 
zene are obtained with accompanying extensive splitting 
0f the ring. 

It :has _now Abeen found that exceptionally good yields 

aired States Patent 

20 

25 

30 

35 

40 

45 

50 

55 

60 

65 

70 

Patented June 11, 1957 ice 
2 

of benzene and xylenes are obtained by disproportiona 
tion of toluene over a solid cracking-type catalyst at „a 
hydrogen partial .pressure above atmospheric. Only a 
relatively small amount of the charge is cracked to n_on 
aromatic hydrocarbons, and coke production is corn 
.paratively small. 

In accordance with the invention a charge composed 
of or rich in toluene is passed over siliceous cracking 
catalyst, such as silica-alumina, at a temperature inthe 
order of 850-l150° F. together with added 'hydrogen 
(or recycled hydrogen-rich gas) in the ratio of -at 'least 
one mol of hydrogen per mol of toluene charged, and 
at a total operating pressure of from about 200 to 600 
pounds per square inch gauge. Space vrates of the ,order 
of 0.5 to 5.0 or more volumes (as liquid) of vchargeper 
hour -per volume of catalyst can be employed. LUnder 
the preferred conditions yields as high as 70% of the 
thermodynamic equilibrium for conversion to >benzene 
and xylene are realized. 

'While coke production in the described process of the 
invention is quite low for the conversion level vattained 
as compared with hitherto known disproportionation yand 
dealkylation processes, it is nevertheless desirable to pro 
vide for the periodic regeneration of the catalyst in order 
to maintain more economic activity levels. To effect re 
generation of the catalyst the process can be operated 
by known fixed catalyst bed procedures .with periodic 
regeneration of the catalyst in situ, or by employing any 
of the well known moving catalyst systems wherein the 
catalyst is continuously recycled from the hydrocarbon 
conversion zone to a ,separate regeneration zone and 
returned. 

In the operation of the process an equilibrium mixture 
of the various isomeric xylenes is produced. From the 
separated xylene fraction a cut consisting predominantly 
of meta and para-xylene can be separated from the 
ortho-xylene and the latter purified, if desired, to the ex 
tent required in known manner. Separation of the meta 
and para xylenes can be effected in various ways known 
to the art, such as by continuous low temperature selec 
tive crystalization of the para-isomer. The metaxylene 
rich cut may> then be subjected to isomerization, as here 
inafter described, for recovery of additional quantities 
of the more valuable para-xylene. 
The invention will be best understood and other aspects 

and advantages thereof appreciated from the detailed 
description which follows read in connection with the 
accompanying drawings, wherein: 

Figure l is a schematic flow diagram of a preferred 
processing technique. 

Figure 2 is a schematic flow diagram relating partic 
ularly to the disproportionation reaction and illustrat 
ing the use of moving catalyst in a “íluidized” condi 
tion. 

Figure 3 is a schematic ñow diagram of an alternative 
modiûcation employing a compact moving catalyst bed. 

Referring now more particularly to Figure l there is 
shown a system including a iixed bed reactor 1 into which 
the toluene fraction coming from a preheater is pumped 
through a line 2, the reactor being ñlled with suitable 
catalytic material such as synethtic cracking catalyst of 
the silica-alumina or silica-magnesia type or with acid 
activated clay or like known cracking catalyst. There 
is also charged to this reactor, hydrogen-rich gas by 
means of line 3. The hydrogen-toluene mixture is passed 
through the reactor under appropriate operating condi 
tions hereinafter described for an on-stream period de 
termined by the conversion level sought to be maintained, 
and when the lcatalyst activity falls below this level >the 
catalyst is regenerated in suitable manner. In practical 
operation, to maintain continuity, several of such re 
actors 1 operating in parallel will be provided so that 
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during the regeneration period of one of said reactors the 
charge to be converted will be passed to the other reactor 
for the appropriate on-_stream period. 
The products leaving reactor 1 through line 4 are 

passed through a condenser (not shown) and the liquid 
product introduced into a receiver 5 where it is degassed. 
The oli gas then passes through line 6 to a vessel 7, 
wherein the gas is subjected to countercurrcnt scrubbing, 
such as by means of a suitable hydrocarbon liquid, to 
remove hydrocarbon gases from the hydrogen. The thus 
enriched hydrogen is then recycled to the reactor 1 by 
line 8 and the hydrocarbon scrubbing liquid passed to 
vessel 9 by means of line 10. In vessel 9 the scrubbing 
liquid is degassed; the gases being vented overhead at 
11 and the hydrocarbon liquid being recycled for further 
use in scrubbing through line 12. 
The degassed mixture from vessel :3, containing ben 

zene, toluene and xylenes is passed by line 13 to a frac 
tionating column 14 wherein a benzene out is separated 
out overhead and passed to storage or other treatment ~ 
through line 15. The bottoms fraction from the column 
is passed by line 16 to a second column 1'7 wherein a 
toluene cut is taken overhead and recycled, by line 18, 
to reactor 1. The Xylene containing bottoms fraction 
from column 17 is passed through line 19 to a third frac 
tionator 20 to separate out any ethyl benzene, which is 
withdrawn overhead through a line 21. A middle cut 
consisting predominantly of meta-xylene and para~ 
xylene is withdrawn through line 22 close to the top of 
the fractionator, while the bottoms, which consist mostly 0 
of ortho-xylene, are removed through line 23, and sent 
to further fractionation or other desired purification. 
The xylenes fraction withdrawn through line 22 is 

subjected to low temperature crystallization in vessel 24 
from which the para-xylene fraction is removed by line 
25 and sent to storage. 

lf desired, particularly if the mixture from vessel 5 
contains significant quantities of paraflins forming azeo 
tropes with the aromatics present, parañîns may be re» 
moved from the mixture by chromatographic adsorption, 
selective extraction or other known techniques, before it 
is sent to fractionator 14. 
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The meta-xylene fraction from the crystallizer is passed l 
by line 26 to a low pressure reactor Z7 containing catalytic 
material, which may be the same as that in reactor 1 or 
other catalytic material eíective in promoting isomeriza 
tion. In reactor Z7 the meta-xylene is isomerized under 
conditions to produce para-xylene, which product con 
tains other isomers. Hydrogen is charged to vessel 27 
by means of line 28 and the conversion products with~ ‘f 
drawn through line 29. 

If desired all or a portion of the ethylbenzene and 
ortho-xylene may be charged to the isomerization reactor 
27. 
The product withdrawn through line 29 is passed to 

fractionator 20, after intermediate degassing, if neces 
sary. lu some instances, if substantial amounts of toluene 
are formed, the isomerized product in line 29 may be 
passed to fractionator 17 for separation. As in the case 
of reactor 1, regeneration of the catalyst in reactor Z7 
may be elïected by the provision of a similar parallel 
reactor, to maintain the continuity of the process. 

Instead of employing a fixed catalyst bed, as illustrated 
in Figure l, a moving catalyst system may be substituted. 
Thus, as illustrated in Figure 2, the fresh toluene feed 
including recycle feed from the fractionators is passed 
by line 59 through a preheater and into a “iluidized” 
catalyst reactor 51, in which reactor ñnely divided or 
powdered catalyst of suitable particle size is maintained 
in iluidized condition by the addition of hydrogen-rich 
gas through line 52. A light phase region of materially 
reduced solid particle concentration is maintained in the 
upper portion of the reactor. The mixture of fluid con 
version products and suspended solid particles passes 
from the light phase to suitable solid particle separating 
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equipment, such as the cyclone separator 53, wherein 
entrained solid particles are removed from the out 
going stream of fluid conversion products; the separated 
solid particles being returned through a standpipe 54 
while the lluid conversion products pass overhead through 
line 55. ’ 

A standpipe S6 is provided within the reactor ter 
minating at a level beneath the upper extremity of the 
dense phase, through which pipe a column of solid par 
ticles is continuously withdrawn and passed through the 
flow control valve 57 into the transfer line 5S. In this 
line the solid particles are contacted with a stream of 
regenerating gasV supplied thereto through line 59. A 
sutlîcient pressure drop is maintained across valve 57 to 
prevent upward passage of the regenerating gas into the 
standpipe, and the regenerating gas serves to transport the 
solid particles through line 58 into the lower portion of 
the regen'erator 60. In known manner the regenerator 
60 as well as the reactor 56 is provided near lthe> bottom 
thereof with suitable perforated platesl or distributing 
grids (not shown) through which the iluidizing gas passes 
upwardly at required velocity to maintain the solid par 
ticles in turbulent iluidized condition or in a state of 
hindered settling. 

In the regenerator 60 the finely divided catalyst par 
ticles are subjected to combustion of coke therein by the 
oxygen content of the regenerating gas. If required for 
control of temperature within the regenerator, a portion 
of the catalyst may be withdrawn from the upper portion 
of the vessel and returned through a suitable side arm 
cooler to the lower portion thereof in conventional 
manner. 

Steam or other stripping or sealing gas is supplied by 
a line 62 to the lowerv part of standpipe 56 just above 
the valve 57 to help prevent the passage of light products 
and occluded hydrocarbon vapors into the transfer line 58. 
As in the reactor 51 there is also provided in the 

regenerator 60 a cyclone separator 63 associated with a 
solid particle return line 64 and a vapor ‘withdrawal line 
65 operating in similar manner to that described for the 
like parts in reactor 51. A standpipe 66 terminates at 
an appropriate level within the regenerator, through 
which pipe a column of catalyst is withdrawn and passed 
into line 52, being transported vtherethrough intoY the 
reactor 51 by the hydrogen rich gas admitted through 
line 67. Standpipe 66 is`pro`vided'with va flow control 
valve 68v and a gas line @operating similarly to analo 
gous parts in standpipe S6. By adjustment of the density 
and/or height of the dense phase portion of the catalyst 
in these vessels respectively, in known manner, the re 
generator 60 may be operated at any desired pressure 
equal to or below that of reactor 51. 
The vapor products from line 55 after suitable cooling 

are passed into a ilash drum 70 from which gas is with 
drawn through line 71 and the major portion thereof 
recompressed and recycled by line 72 through the heater 
for return to the reactor through line 67. The liquid 
product withdrawn from the bottom of drum ’70 is sent 
to fractionation in a manner already described in con 
nection with Figure 1. 
The process can also be operated in a system ern 

ploying granular or pelleted catalyst as a compact mov 
ing bed. Thus as shown in Figure 3, the toluene charge 
together with hydrogen or hydrogen-rich recycle gas, hav 
ing been suitably heated, is passed into a compact mov 
ing bed reactor 80 and passed therethrough in concur 
rent relation to the catalyst, as illustrated; if desired, the 
hydrocarbon charge may be passed upwardly through 
the gravitating catalyst bed. The vapor products are 
separated from the gravitating catalyst near the bottom 
of the reactor by known gas disengaging devices or ar 
rangements (not shown) and withdrawn through line 
81, by which line thev products are sent to suitable means 
for separation of hydrogen-rich gas and subsequent frac- 
`donation of _ the liquid product,` as already above de 
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scribed. Below the Agas disengaging level in reactor V80 
the-catalyst is stripped b_y gas or vapor introduced through 
line 82 and passed by a conduit 83 into a gas lift engager 
84 forming a bed of catalyst therein. Lift gas enters the 
lift engager through a line 85 and together with catalyst 
engaged thereby passes upwardly into the lift pipe 86 
discharging into a vessel 87. >In the particular system 
herein illustrated, regeneration of the catalyst is effected 
partly in the lift 86 and completed within the vessel 87. 
For this purpose the liftpgas employed is composed of or 
comprises air or other oxygen-containing gas suitable for 
eifecting combustion of the coke contained in the cata 
lyst during its passage through the lift. 
The lift gas together with the catalyst discharge up 

wardly into the vessel 87 and, after the momentum ve 
locity of the catalyst has been spent as a result of the 
expanded ,area of the vessel, the catalyst falls downward 
to form a ,compact moving bed within the vessel sup 
ported >by a tube sheet or other suitable means 88. The 
regenerating gas still containing combustion supporting 
oxygen ̀ passes downwardly through the bed of catalyst 
in vessel 87 »and is disengaged at an intermediate level 
therein by a series of inverted channel members 89, the 
>spent ñue gas being withdrawn through a line 90 com 
municating with a discharge beam into which the gases 
collected by the channel members ñow. Below the level 
of channel members 89 a similar series of inlet channels 
91 are providedfor the introduction of air or other fresh 
oxygen containing gas by means of line 92, a portion of 
which gas passes upwardly through the bed of catalyst 
above channel members 91 to discharge through lline 90 
and the remaining portion passing downwardly through 
the bed together with the gravitating catalyst discharging 
through a series of downcomers 93 arranged in _the 
tube sheet 88. The downcomers 93 discharge catalyst 
and gas within the vessel ̀ 87 at an appropriate level above 
.the bottom thereof to form a layer providing a gas dis 
engaging and collecting space between the surface of 
,the layer and the bottom of tube sheet S8. The gas is 
collected in this space and withdrawn by means of a line 
»94 communicating therewith, while the regenerated cata 
.lyst continues its _downward movement through a conduit 
.or leg 95 returning the catalyst Vto the top of reactor 80. 

Instead of particular system shown in Figure 3 where 
in initial combustion is effected in the lift, inert gas might 
be employed for circulating the catalyst with the provi 
sion of a suitable separate regeneration >vessel as is gen 
erally known in the art. To avoid excess temperatures, 
suitable provision is made for heat removal during regen 
eration of catalyst vessel 87. 

In the initial conversion reactor, such as vessel 1 in 
Figure l, or vthe corresponding vessels 51 and 80 respec 
tively is Figures 2 and 3, reaction temperatures are in 
the Vrange of ‘S50-1150” F. preferably at 950-l050° F., 
and the vessels are operated at a pressure of from about 
200-600 pounds per square inch. While regeneration of 
Vthe catalyst can be effected at such pressure, it is `gener 
ally preferred to carry out regeneration at lower pres 
sure, as at about _'50-,100 Yor more pounds below the pres 
sure `in ythe reaction vessel. Regeneration at as low as 
atmospheric „pressure is possible, but introduces greater 
complexity of equipment and loperation from the stand 
point of the extent of depressuring and repressuring there 
by required. 
The following examples illustrate, without limitation 

thereto, various conditions that may be employed in oper 
ation of the invention and typical yields. 

EXAMPLE I 

A ñxed bed reactor capable of being pressurized was 
charged with a silica-alumina catalyst (87.5% SiOz, 
12.5% A1203) having a CAT-A activity of 45 (see Lab 
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oratory Method for Determining the Activity of Crack- K f 
ing Catalyst by J. Alexander and H. G. Schimp, National 'i 
Petroleum News, Technical Section, August 2, 1944, 

Page .ll-_5.3.7,Lthecata1yst being ̀ iu the form of cylindri 
.Cal pellets „of approximately .4 mm. size. The reactor 
was brought Aup .to operating temperature and pressurized 
with hydrogen after flushing the system with inert gas. 
A charge of toluene together with the stated molar quan 
tity of hydrogen was simultaneously passed into the reac 
tor rat the .indicated charging rates shown below. The 
several runs made .under lthe listed operating conditions 
produced the following yields. 

Table I 

Run._., _____________ _.,.__._ ________ ___ ___________ ._ A B 

Temperature, ° F ...... .; _______________________ __ 1, 050 1,000 
Pressurap. s. Lg _______ _ _ _ _ _ _ _ _ _ ._ 400 ' .400 

Space Arate (as liquid) Vol./hr./vol. Cat .... __, .... _. 3.0 <1.5 
Hi/toluene ratio __________________________________ _. 1.0 1.0 

Mol Percent of 
Charge 

17. 8 16. 7 
A12. 9 13. 7 
64. 9 65.6 
4. 4 4.0 

vloco ioòfo 

Under the conditions of the «above runs the amount of 
toluene demethanation occurring is quite small, the eiflu 
`ent A-gas containing ’90,95% H2. ’Since it would :be pos 
sible to employ ¿recirculated hydrogen in the process o_f 
even as low ,as ¿S0-8,5% purity, enrichment of the efñuent 
gas as by scrubbing is not always necessary; a portion ,of 
recycled gas can be vented and replaced by fresh by 
drogen lto maintain desired purity. , 
While >other processes vare 'available „for the purpose, 

the isomerization of the -rneta-xylene concentrate ob 
tained by fractionation and separation of the products, 
can be carried out over the same ¿type of catalyst em 
ployed ~in »the disproportionation reaction. The meta 
xylene concentrate -was passedvover this catalyst at >950° 
F. at a pressure >of »90 mm. _of mercury at a rate -pro 
vidinga contact time of approximately two seconds, with 
Ythe resulting conversion of approximately 30% of the 
meta-xylenes _in the ̀ charge to predominantly yparafxylene 
with _the ,formation of lesser quantities of ortho-xylene 
and ethyl-benzene. 

lt is important gto maintain subatmospheric pressure 
during isomerization, since at about atmospheric pres 
sure and »particularly above, in the ¿presence vof hydrogen, 
a larger portion of the xylene Ais reconverted by dealkyla 
tion, and/or by-disproportionation `to >toluene and higher 
alkyl benzenes. 

Suitable conditions for isomerization of meta-xylene 
over silica-alumina or -other siliceous `>cracking Acatalyst 
include temperatures of from about 85051200“ F.,~~p1îes 
sures of from about 0.1 to 0.5 atmosphere, and space 
rates of from about-0.1 to 3 volumes of charge (as liquid) 
per hour per =volume »of catalyst. _Coke «production is 
comparatively ̀ low in these operations. 

EXAMPLE II 
Following generally the procedure described in ¿Ex 

ample vI »another run was >carried out 'by passing toluene 
.over the same «.typecatalyst at :1100° F., at a pressureof 
300 pounds per square inch gauge and at a space rate of 
0.75 (vol./hr./vol. cat), with addition of 3 mols hy 
drogen per mol of toluene charged. Under these con 
ditions 29.6 mol percent of the toluene was converted to 
benzene. 
By continuously running under the above conditions 

over a 4-hour period the respective amounts of benzene 
and xylene produced, tended to become equalized; with 
the production during this period of 20.2 mol percent 
benzene and 16.6 mol percent xylenes per mol of toluene 
charged. 
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From the above described runs and numerous others 
made under various operating conditions, it appears that 
with increasing severity resulting from raising the tem 
perature and/'or lowering the space rate, while keeping 
other process variables constant, the production of in 
creased yields of benzene and xylene is favored, but 
simultaneously there is also an increase in the extent of 
cracking to gas and coke. From overall considerations 
temperatures generally in the range of S50-1150*’ F. are 
advocated, at space rates of 1-3 volumes hydrocarbon 
charge per hour per volume of catalyst. The presence 
of added hydrogen is highly effective in reducing the 
production of compounds below Cs, thereby significantly 
increasing the yields of desired benzene and xylene. With 
high molar ratios of hydrogen to toluene the production 
of benzene is favoreduover that of Xylenjes, indicating 
that some hydrogenation of hydrocarbon fragments is 
occurring at the higher hydrogen partial pressure. 
At low operating pressures Yin the order of less than 

about 3 atmospheres, the yields of benzene and xylene 
are quite low; at 1100” F. and atmospheric pressure con 
version to benzene was only 2.4%. The best yields of 
benzene and xylene are obtained at pressures of about 
3D0-400 pounds per square inch; at higher pressures above 
about 600 pounds per square inch the extent of cracking 
becomes excessive. 

While the invention has been described with particular 
reference to disproportionation of toluene, it will be 
understood that the principles thereof are also applicable 
in similar conversion of other alkyl-aromatic compounds, 
particularly methylated and ethylated benzene and naph 
thalene. Y ì 

Obviously many modifications and variations of the 
invention as hereinbefore set forth may be made with 
out departing from the spirit and scope thereof, and there 
lfore only such limitations should be imposed as are indi 
cated in the appended claims. 
What is claimed is: 
l. The process «of convert-ing toluene to benzene and 

xylenes which comprises contacting a toluene-rich hydro 
carbon feed material in a reaction Zone with a silica 
alumina cracking catalyst at 850 to 1150” KF., from 200 to 
600 pounds per square inch, Iat space rates of from 0.3 to 
5 volumes of toluene per Ivolume 'of catalyst per hour and 
`in 'the presence of from one to three mols ̀ of added hydro 
gen per mol «of toluene. 

2. The process lof converting toluene to benzene and 
Xylenes which comprises contacting ̀ a toluene-rich hydro 
carbon feed material in a reaction zone with a silica 
alumina cracking catalyst at a temperature of about 850° 
to 1100° F., a pressure of about 200 to 600 pounds per 
square inch, at space rates of from -about 0.3 to ̀ 1.0 volume 
of toluene per volume of catalyst per lhour and in the 
presence of from one to three mols of added hydrogen 
per mol of toluene. 

3. The process of converting `toluene to benzene and 
xylenes which comprises contacting a toluene-rich hydro 
carbon charge in a reaction zone with siliceous cracking 
catalyst at ya Itemperature of 850 to 1150u F. under a total 
pressure of 200 to 600 pounds per square inch gauge in an 
atmosphere of hydrogen providing at least one -rnol hydro 
gen per mol `of toluene charged, separat-ing from the 
effluent produc-ts hydrogen-rich gas vand recycling such gas 
to ~the reaction zone, condensing the normally liquid hy 
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droc-arbons in the product and fractionating the same to 
produce at least cuts predominating respectively in ben 
zene, toluene and Xylenes, recycling toluenes 'to said re 
action zone for further conversion to benzene and Xylenes, 
separating said Xylenes linto ortho, meta and para fractions, 
and isomerizing the meta xylene fraction over solid crack 
ing catalyst in the presence of hydrogen and under sub 
a‘tm-ospheric pressure to produce further quantities of para 
xylene. 

4. In the production of high yields of para Xylene from 
toluene the method which compnises contacting «toluene 
with siliceous cracking catalyst at elevated temperature 
and under a total pressure of 30G-400 pounds per square 
inch in the presence of at least one mol hydrogenper mol 
of toluene, recycling hydrogen-rich gas separa-ted from 
the etliuent products, separating -a para-xylene fraction and 
a meta-xylene fraction from the normally liquid products 
in 4the effluent, isomeriz-ing the meta-xylene fraction over 
siliceous cracking catalyst in the presence of hydrogen at 
subatmospheric pressure, separating par-a Xylene from the 
isomerate product formed, and recycling at least a portion 
of the remaining isomerate to further isomerization. 

5. The -method of producing high yields of para xylene 
from .a converted naphtha fraction containing aroma-tic 
hydrocarbons boiling 'over the range from benzene through 
ortho xylene, which comprises the steps of -fractionating 
said naphtha fraction to separate Aout benzene from toluene 
and Xylenes, further separating the toluene and subjecting 
the same to disproportionation to produce further quanti 
ties of benzene yand xylenes, collecting the xylene fractions 
obtained «from the naphtha fractionation rand frompthe 
toluene disproportionation, and subjecting the same to 
fractional distillation to separate the same into a mixed 
cut composed predominantly of meta and para xylene 
and a separate cut 4of orthoxylene, any ethyl benzene 
present being also thus separated out, subjecting the mixed 
cut to low temperature selective crystallization to crystal 
lize :out the para xylene, collecting ythe remaining liquid 
nich in met-a Xylene and subjecting such liquid to ,isomeriza 
tion at sub-atmospheric pressure `over 'a cracking type 
solid catalyst in the presence of hydrogen to form an 
isomerate containing para Xylene, and recycling said iso 
merate to said fractional distillation t-o separate there 
from further quantities of para Xylene. 
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