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(22) Flled' NOV‘ 30’ 2010 mixtures thereofs Wherein a gaseous feed containing alkanes 
. . may be reacted With a dry bromine Vapor to form alkyl bro 

Related U's'Apphcatlon Data mides and hydrobromic acid Vapor. The mixture of alkyl 
(63) Continuation of application No. 12/ 123,924, ?led on bromides and hydrobromic acid then may be reacted Over a 

May 20, 2008, Continuation-in-part of application No. 
12/112,926, ?led on Apr. 30, 2008, Continuation of 
application No. 11/254,438, ?led on Oct. 19, 2005, 
noW abandoned, Continuation-in-part of application 
No. 11/101,886, ?led on Apr. 8, 2005, noW Pat. No. 
7,348,464, Continuation-in-part of application No. 
10/826,885, ?led onApr. 16, 2004, noW Pat. No. 7,244, 
867. 

synthetic crystalline alumino-silicate catalyst, such as a 
ZSM-5 or an X orY type Zeolite, at a temperature of from 
about 2500 C. to about 5000 C. so as to form hydrobromic acid 
Vapor and higher molecular Weight hydrocarbons, ole?ns or 
mixtures thereof. Various methods are disclosed to remove 
the hydrobromic acid Vapor from the higher molecular Weight 
hydrocarbons, ole?ns or mixtures thereof and to generate 
bromine from the hydrobromic acid for use in the process. 



Patent Application Publication Mar. 24, 2011 Sheet 1 0f 15 US 2011/0071326 A1 

Nab; 

20:38 @832 QEEDEGMEJ A8238 

:8 m2 6 QQEOBLBQEV 53x0 765520 

626% @503 520% 

zomm?omgz Kong @2595 E62 

EE; SE 20 

213% 

$9081 

638% 205M248 zoiziomm “w 520% ix? wz<5< 

ZQEEQEE \ 
\ 

355m 92 51 m<w 5% + $381k 

~ .UHW 



Patent Application Publication Mar. 24, 2011 Sheet 2 0f 15 US 2011/0071326 A1 

FIG. 2 
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FIG. 8 
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PROCESS FOR CONVERTING GASEOUS 
ALKANES TO LIQUID HYDROCARBONS 

REFERENCE TO RELATED PATENT 
APPLICATION 

[0001] This application is a continuation-in-part of copend 
ing U.S. patent application Ser. No. 12/112, 926 ?iedApr. 30, 
2008 and entitled “Process for Converting Gaseous Alkanes 
to Ole?ns” Which is a continuation of Us. patent application 
Ser. No. 11/254,438 ?led on Oct. 19, 2005 and entitled “Pro 
cess for Converting Gaseous Alkanes to Ole?ns,” Which is a 
continuation-in-part of Us. Pat. No. 7,348,464 issued on 
Mar. 25, 2008 and entitled “Process for Converting Gaseous 
Alkanes to Liquid Hydrocarbons,” Which is a continuation 
in-part ofU.S. Pat. No. 7,244,867 issued on Jul. 17, 2007 and 
entitled “Process for Converting Gaseous Alkanes to Liquid 
Hydrocarbons”. 
[0002] This application is related to the folloWing copend 
ing patent applications: U.S. patent application Ser. No. 
11/778,479 ?led on Jul. 16, 2007 and entitled “Process for 
Converting Gaseous Alkanes to Liquid Hydrocarbons” ; and 
Us. patent application Ser. No. 11/957,261 ?led on Dec. 14, 
2007 and entitled “Process for Converting Gaseous Alkanes 
to Liquid Hydrocarbons”. 

BACKGROUND OF THE INVENTION 

[0003] 1. Field of the Invention 
[0004] The present invention relates to a process for con 
verting loWer molecular Weight, gaseous alkanes to ole?ns, 
higher molecular Weight hydrocarbons, or mixtures thereof 
that may be useful as fuels or monomers and intermediaries in 
the production of fuels or chemicals, such as lubricant and 
fuel additives, and more particularly, in one or more embodi 
ments, to a process Wherein a gas containing loWer molecular 
Weight alkanes is reacted With a dry bromine vapor to form 
alkyl bromides and hydrobromic acid Which in turn are 
reacted over a crystalline alumino-silicate catalyst to form 
ole?ns, higher molecular Weight hydrocarbons or mixtures 
thereof. 
[0005] 2. Description of RelatedArt 
[0006] Natural gas, Which is primarily composed of meth 
ane and other light alkanes, has been discovered in large 
quantities throughout the World. Many of the locales in Which 
natural gas has been discovered are far from populated 
regions Which have signi?cant gas pipeline infrastructure or 
market demand for natural gas. Due to the loW density of 
natural gas, transportation thereof in gaseous form by pipe 
line or as compressed gas in vessels is expensive. Accord 
ingly, practical and economic limits exist to the distance over 
Which natural gas may be transported in gaseous form. Cryo 
genic liquefaction of natural gas (LNG) is often used to more 
economically transport natural gas over large distances. HoW 
ever, this LNG process is expensive and there are limited 
regasi?cation facilities in only a feW countries that are 
equipped to import LNG 
[0007] Another use of methane is as feed to processes for 
the production of methanol. Methanol is made commercially 
via conversion of methane to synthesis gas (CO and H2) at 
high temperatures (approximately 10000 C.) folloWed by syn 
thesis at high pressures (approximately 100 atmospheres). 
There are several types of technologies for the production of 
synthesis gas from methane. Among these are steam-methane 
reforming (SMR), partial oxidation (PDX), autothermal 
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reforming (ATR), gas-heated reforming (GHR), and various 
combinations thereof. SMR and GHR operate at high pres 
sures and temperatures, generally in excess of 6000 C., and 
require expensive furnaces or reactors containing special heat 
and corrosion-resistant alloy tubes ?lled With expensive 
reforming catalyst. PDX and ATR processes operate at high 
pressures and even higher temperatures, generally in excess 
of 10000 C. As there are no knoWn practical metals or alloys 
that can operate at these temperatures, complex and costly 
refractory-lined reactors and high-pressure Waste-heat boil 
ers to quench and cool the synthesis gas ef?uent are required. 
Also, signi?cant capital cost and large amounts of poWer are 
required for compression of oxygen or air to these high 
pressure processes. Thus, due to the high temperatures and 
pressures involved, synthesis gas technology is expensive, 
resulting in a high co st methanol product Which limits higher 
value uses thereof, such as for chemical feedstocks and sol 
vents. Furthermore production of synthesis gas is thermody 
namically and chemically inef?cient, producing large 
excesses of Waste heat and unWanted carbon dioxide, Which 
tends to loWer the conversion e?iciency of the overall process. 
Fischer-Tropsch Gas-to-Liquids (GTL) technology can also 
be used to convert synthesis gas to heavier liquid hydrocar 
bons, hoWever investment cost for this process is even higher. 
In each case, the production of synthesis gas represents a large 
fraction of the capital costs for these methane conversion 
processes. 
[0008] Numerous alternatives to the conventional produc 
tion of synthesis gas as a route to methanol or synthetic liquid 
hydrocarbons have been proposed. 
[0009] HoWever, to date, none of these alternatives has 
attained commercial status for various reasons. Some of the 
previous alternative prior-art methods, such as disclosed in 
Us. Pat. Nos. 5,243,098 or 5,334,777 to Miller, teach react 
ing a loWer alkane, such as methane, With a metallic halide to 
form a metal halide and hydrohalic acid Which are in turn 
reduced With magnesium oxide to form the corresponding 
alkanol. HoWever, halogenation of methane using chlorine as 
the preferred halogen results in poor selectivity to the 
monomethyl halide (CH3Cl), resulting in unWanted by-prod 
ucts such as CH2Cl2 and CHCl3 Which are dif?cult to convert 
or require severe limitation of conversion per pass and hence 
very high recycle rates. 
[0010] Other prior art processes propose the catalytic chlo 
rination or bromination of methane as an alternative to gen 
eration of synthesis gas (CO and H2). To improve the selec 
tivity of a methane halogenation step in an overall process for 
the production of methanol, U.S. Pat. No. 5,998,679 to Miller 
teaches the use of bromine, generated by thermal decompo 
sition of a metal bromide, to brominate alkanes in the pres 
ence of excess alkanes, Which results in improved selectivity 
to mono-halogenated intermediates such as methyl bromide. 
To avoid the drawbacks, of utiliZing ?uidized beds of moving 
solids, the process utiliZes a circulating liquid mixture of 
metal chloride hydrates and metal bromides. Processes 
described in Us. Pat. Nos. 6,462,243 B1, US 6,472,572 B1, 
and Us. 6,525,230 to Grosso are also capable of attaining 
higher selectivity to mono-halogenated intermediates by the 
use of bromination. The resulting alkyl bromide intermedi 
ates such as methyl bromide, are further converted to the 
corresponding alcohols and ethers, by reaction With metal 
oxides in circulating beds of moving solids Another embodi 
ment of Us. Pat. No. 6,525,230 avoids the drawbacks of 
moving beds by utiliZing a Zoned reactor vessel containing a 
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?xed bed of metal bromide/oxide solids that is operated cycli 
cally in four steps. While certain ethers, such as dimethyl 
ether (“DME”) are a promising potential diesel engine fuel 
substitute, as of yet, there currently exists no substantial mar 
ket for DME, and hence an expensive additional catalytic 
process conversion step Would be required to convert DME 
into a currently marketable product. Other processes have 
been proposed Which circumvent the need for production of 
synthesis gas, such as US. Pat. No. 4,467,130 to Olah in 
Which methane is catalytically condensed into gasoline-range 
hydrocarbons via catalytic condensation using superacid 
catalysts. HoWever, none of these earlier alternative 
approaches have resulted in commercial processes. 
[0011] It is knoWn that substituted alkanes, in particular 
methanol, can be converted to ole?ns and gasoline boiling 
range hydrocarbons over various forms of crystalline alu 
mino-silicates also knoWn as zeolites. In the Methanol to 
Gasoline (MTG) process, a shape selective zeolite catalyst, 
ZSM-5, is used to convert methanol to gasoline. Coal or 
methane gas can thus be converted to methanol using conven 
tional technology and subsequently converted to gasoline. 
HoWever due to the high cost of methanol production, and at 
current or projected prices for gasoline, the MTG process is 
not considered economically viable. Thus, a need exists for an 
economic process for the conversion of methane and other 
alkanes found in natural gas to ole?ns, higher molecular 
Weight hydrocarbons or mixtures thereof Which, due to their 
higher density and value, are more economically transported 
thereby signi?cantly aiding development of remote natural 
gas reserves. Further, a need exists for such a process that is 
relatively inexpensive, safe and simple. 

SUMMARY OF THE INVENTION 

[0012] To achieve the foregoing and other objects, and in 
accordance With the purposes of the present invention, as 
embodied and broadly described herein, one characterization 
of the present invention is a process comprising: 
[0013] separating hydrobromic acid from a gaseous stream 
comprising hydrobromic acid and hydrocarbons; converting 
saidhydrobromic acidto at least bromine; and contacting said 
bromine With gaseous alkanes to form bromination products 
comprising alkyl bromides. 
[0014] In another characterization of the present invention, 
a process is provided that comprises: contacting a gaseous 
stream comprising hydrobromic acid and hydrocarbons With 
an aqueous solution comprising a base selected from the 
group consisting of a metal hydroxide, a metal oxybromide 
species, and combinations thereof such that the hydrobromic 
acid is neutralized to form a metal bromide salt in the aqueous 
solution; oxidizing said aqueous solution containing said 
metal bromide salt to form oxidation products comprising 
bromine and said base; separating said bromine from said 
aqueous solution comprising said base; and contacting said 
bromine With gaseous alkanes to form alkyl bromides. 
[0015] In another characterization of the present invention, 
a process is provided that comprises: contacting a gaseous 
stream comprising hydrobromic acid and hydrocarbons With 
Water, Wherein said hydrobromic acid dissolves in said Water 
to form an aqueous solution comprising said Water and said 
hydrobromic acid; neutralizing said hydrobromic acid to 
form a metal bromide salt; oxidizing said metal bromide salt 
to form an oxidation product comprising bromine; and con 
tacting said bromine With gaseous alkanes to form bromina 
tion products comprising alkyl bromides. 

Mar. 24, 2011 

[0016] In another characterization of the present invention, 
a process is provided that comprises: reacting hydrobromic 
acid With a metal oxide to form reaction products comprising 
a metal bromide and steam, Wherein said hydrobromic acid is 
contained in a gaseous stream comprising said hydrobromic 
acid and hydrocarbons; reacting said metal bromide With a 
gas comprising oxygen to form reaction products comprising 
bromine and said metal oxide; and contacting said bromine 
With gaseous alkanes to form bromination products compris 
ing alkyl bromides. 

BRIEF DESCRIPTION OF THE DRAWINGS 

[0017] The accompanying draWings, Which are incorpo 
rated in and form a part of the speci?cation, illustrate the 
embodiments of the present invention and, together With the 
description, serve to explain the principles of the invention. 
[0018] In the draWings: 
[0019] FIG. 1 is a simpli?ed block ?oW diagram of an 
embodiment of the process of the present invention; 
[0020] FIG. 2 is a schematic vieW of one embodiment of the 
process of the present invention; 
[0021] FIG. 3 is a schematic vieW of another embodiment 
of process of the present invention; 
[0022] FIG. 4A is schematic vieW of another embodiment 
of the process of the present invention; 
[0023] FIG. 4B is a schematic vieW of the embodiment of 
the process of the present invention illustrated in FIG. 4A 
depicting an alternative processing scheme Which may be 
employed When oxygen is used in lieu of air in the oxidation 
stage; 
[0024] FIG. 5A is a schematic vieW of the embodiment of 
the process of the present invention illustrated in FIG. 4A 
With the How through the metal oxide beds being reversed; 
FIG. 5B is a schematic vieW of the embodiment of the process 
of the present invention illustrated in FIG. 5A depicting an 
alternative processing scheme Which may be employed When 
oxygen is used in lieu of air in the oxidation stage; 
[0025] FIG. 6A is a schematic vieW of another embodiment 
of the process of the present invention; 
[0026] FIG. 6B is a schematic vieW of the embodiment of 
the process of the present invention illustrated in FIG. 6A 
depicting an alternative processing scheme Which may be 
employed When oxygen is used in lieu of air in the oxidation 
stage; 
[0027] FIG. 7 is a schematic vieW of another embodiment 
of the process of the present invention; 
[0028] FIG. 8 is a schematic vieW of the embodiment of the 
process of the present invention illustrated in FIG. 7 With the 
How through the metal oxide beds being reversed; and 
[0029] FIG. 9 is a schematic vieW of another embodiment 
of the process of the present invention. 
[0030] FIG. 10 is a graph of methyl bromide conversion and 
product selectivity for the oligimerization reaction of the 
process of the present invention as a function of temperature; 
[0031] FIG. 11 is a graph comparing conversion and selec 
tivity for the example of methyl bromide, dry hydrobromic 
acid and methane versus only methyl bromide plus methane; 
[0032] FIG. 12 is a graph of product selectivity from reac 
tion of methyl bromide and dibromomethane vs. product 
selectivity from reaction of methyl bromide only; 
[0033] FIG. 13 is a graph of a Paraf?nic Ole?nic Napthenic 
and Aromatic (PONA) analysis of a typical condensed prod 
uct sample of the process of the present invention; and 
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[0034] FIG. 14 is a graph of a PONA analysis of another 
typical condensed product sample of the present invention 

DETAILED DESCRIPTION OF THE PREFERRED 
EMBODIMENTS 

[0035] As utilized throughout this description, the term 
“loWer molecular Weight alkanes” refers to methane, ethane, 
propane, butane, pentane or mixtures thereof. As also utiliZed 
throughout this description, “alkyl bromides” refers to mono, 
di, and tri brominated alkanes. Also, the feed gas in lines 11 
and 111 in the embodiments of the process of the present 
invention as illustrated in FIGS. 2 and 3, respectively, is 
preferably natural gas Which may be treated to remove sulfur 
compounds and carbon dioxide. In any event, it is important 
to note that small amounts of carbon dioxide, e.g. less than 
about 2 mol %, can be tolerated in the feed gas to the process 
of the present invention. 
[0036] A block ?oW diagram generally depicting an 
embodiment of a process of the present invention is illustrated 
in FIG. 1, While speci?c embodiments of the process illus 
trated in FIG. 1 are illustrated in FIGS. 2 and 3. Referring to 
[0037] FIG. 1, a gas stream comprising recycle gas and a 
natural feed gas is combined With dry bromine vapor and fed 
to an alkane bromination reactor. The recycle gas and the 
natural gas feed may comprise loWer molecular Weight 
hydrocarbons. In the alkane bromination reactor, the gas 
stream and the dry bromine vapor are reacted to produce 
gaseous alkyl bromides and hydrobromic acid vapors. As 
illustrated, gaseous alkyl bromides and hydrobromic acid 
vapors are fed to the alkyl bromide conversion reactor. In the 
alkyl bromide conversion reactor, the gaseous alkyl bromides 
are reacted to form higher molecular Weight hydrocarbons 
and additional hydrobromic acid vapors. In the illustrated 
embodiment, the hydrobromic acid vapors are then removed 
from the higher molecular hydrocarbons in the hydrobromic 
acid removal unit by a recirculated aqueous solution. As 
illustrated in FIG. 1, the recirculated aqueous solution carries 
the hydrobromic acid (or metal bromide salt if the acid is 
neutraliZed by the aqueous solution) to the bromide oxidation 
unit. As Will be discussed in more detail beloW, the hydrobro 
mic acid may be neutraliZed in the bromide oxidation unit to 
form a metal bromide salt. Oxygen or air is supplied to the 
bromide oxidation unit to oxidiZe the metal bromide salt to 
form the bromine, Which is then recycled to the alkane bro 
mination reactor. 

[0038] In the illustrated embodiment, a natural gas feed is 
also introduced into the hydrobromic acidremoval unit. From 
the hydrobromic acid removal unit, the natural gas feed and 
the higher molecular hydrocarbons are fed to the dehydration 
and product recovery unit. In the dehydration and product 
recovery unit, Water is removed from the higher molecular 
Weight hydrocarbons and a hydrocarbon liquid product is 
produced. In addition, a gas stream of recycle gas and the 
natural gas feed are conveyed to the alkane bromination reac 
tor. Accordingly, the process illustrated in FIG. 1 may be used 
to produce a liquid hydrocarbon product from loWer molecu 
lar hydrocarbons. 
[0039] Referring to FIG. 2, a gas stream containing loWer 
molecular Weight alkanes, comprised of a mixture of a feed 
gas plus a recycled gas stream at a pressure in the range of 
about 1 bar to about 30 bar, is transported or conveyed via 
line, pipe or conduit 62, mixed With dry bromine liquid trans 
ported via line 25 and pump 24, and passed to heat exchanger 
26 Wherein the liquid bromine is vaporized. The mixture of 
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loWer molecular Weight alkanes and dry bromine vapor is fed 
to reactor 30. Preferably, the molar ratio of loWer molecular 
Weight alkanes to dry bromine vapor in the mixture intro 
duced into reactor 30 is in excess of 2.5: 1. Reactor 30 has an 
inlet pre-heater Zone 28 Which heats the mixture to a reaction 
initiation temperature in the range of about 250° C. to about 
400° C. 

[0040] In ?rst reactor 30, the loWer molecular Weight 
alkanes are reacted exothermically With dry bromine vapor at 
a relatively loW temperature in the range of about 250° C. to 
about 600° C., and at a pressure in the range of about 1 bar to 
about 30 bar to produce gaseous alkyl bromides and hydro 
bromic acid vapors. The upper limit of the operating tempera 
ture range is greater than the upper limit of the reaction 
initiation temperature range to Which the feed mixture is 
heated due to the exothermic nature of the bromination reac 
tion. In the case of methane, the formation of methyl bromide 
occurs in accordance With the folloWing general reaction: 

[0041] This reaction occurs With a signi?cantly high degree 
of selectivity to methyl bromide. For example, in the case of 
bromination of methane, a methane to bromine ratio of about 
4.5:1 increases the selectivity to the mono-halogenated 
methyl bromide to that obtained using smaller methane to 
bromine ratios. Small amounts of dibromomethane and tri 
bromomethane are also formed in the bromination reaction. 
Higher alkanes, such as ethane, propane and butane, are also 
readily brominated resulting in mono and multiple bromi 
nated species such as ethyl bromides, propyl bromides and 
butyl bromides. If an alkane to bromine ratio of signi?cantly 
less than about 2.5 to 1 is utiliZed, a loWer selectivity to 
methyl bromide occurs and signi?cant formation of undesir 
able carbon soot is observed. Further, the dry bromine vapor 
that is feed into ?rst reactor 30 is substantially Water-free. 
Applicant has discovered that elimination of substantially all 
Water vapor from the bromination step in ?rst reactor 30 
substantially eliminates the formation of unWanted carbon 
dioxide thereby increasing the selectivity of alkane bromina 
tion to alkyl bromides and eliminating the large amount of 
Waste heat generated in the formation of carbon dioxide from 
alkanes. 

[0042] The e?°luent that contains alkyl bromides and hydro 
bromic acid is WithdraWn from the ?rst reactor via line 31 and 
is partially cooled in heat exchanger 32 before ?oWing to a 
second reactor 34. The temperature to Which the ef?uent is 
partially cooled in heat exchanger 34 is in the range of about 
150° C. to about 350° C. When it is desired to convert the alkyl 
bromides to higher molecular Weight hydrocarbons in second 
reactor 34, or to range ofabout 150° C. to about 450° C. When 
it is desired to convert the alkyl bromides to ole?ns a second 
reactor 34. In second reactor 34, the alkyl bromides are 
reacted exothermically over a ?xed bed 33 of crystalline 
alumino-silicate catalyst, preferably a Zeolite catalyst. The 
temperature and pressure employed in second reactor, as Well 
as the Zeolite catalyst, Will determine the product(s) that is 
formed from the reaction of alkyl bromides occurring in 
second reactor 34. 

[0043] The crystalline alumino-silicate catalyst employed 
in second reactor 34 is preferably a Zeolite catalyst and most 
preferably a ZSM-5 Zeolite catalyst When it is desired to form 
higher molecular Weight hydrocarbons, Although the Zeolite 
catalyst is preferably used in the hydrogen, sodium or mag 
nesium form, the Zeolite may also be modi?ed by ion 
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exchange With other alkali metal cations, such as Li, Na, K or 
Cs, With alkali-earth metal cations, such as Mg, Ca, Sr or Ba, 
or With transition metal cations, such as Ni, Mn, V, W, or to the 
hydrogen form. Other Zeolite catalysts having varying pore 
siZes and acidities, Which are synthesized by varying the 
alumina-to-silica ratio may be used in the second reactor 34 as 
Will be evident to a skilled artisan. 

[0044] When it is desired to form ole?ns from the reaction 
of alkyl bromides in reactor 34, the crystalline alumino-sili 
cate catalyst employed in second reactor 34 is preferably a 
Zeolite catalyst, and most preferably an X type or Y type 
Zeolite catalyst. A preferred Zeolite is 10 X orY type Zeolite, 
although other Zeolites With differing pore siZes and acidities, 
Which are synthesiZed by varying the alumina-to-silica ratio 
may be used in the process of the present invention as Will be 
evident to a skilled artisan. Although the Zeolite catalyst is 
preferably used in a protonic form, a sodium form or a mixed 
protonic/sodium form, the Zeolite may also be modi?ed by 
ion exchange With other alkali metal cations, such as Li, K or 
Cs, With alkali-earth metal cations, such as Mg, Ca, Sr or Ba, 
or With transition metal cations, such as Ni, Mn, V, W, or to the 
hydrogen form. These various alternative cations have an 
effect of shifting reaction selectivity. Other Zeolite catalysts 
having varying pore siZes and acidities, Which are synthe 
siZed by varying the alumina-to-silica ratio may be used in the 
second reactor 34 as Will be evident to a skilled artisan. 

[0045] The temperature at Which the second reactor 34 is 
operated is an important parameter in determining the selec 
tivity of the reaction to higher molecular hydrocarbons or to 
ole?ns. 

[0046] Where a catalyst is selected to form higher molecu 
lar Weight hydrocarbons in reactor 34, it is preferred to oper 
ate second reactor 34 at a temperature Within the range of 
about 150° to 450°. Temperatures above about 300° C. in the 
second reactor result in increased yields of light hydrocar 
bons, such as undesirable methane, Whereas loWer tempera 
tures increase yields of heavier molecular Weight hydrocar 
bon products. At the loW end of the temperature range, With 
methyl bromide reacting over ZSM-5 Zeolite at temperatures 
as loW as 150° C. signi?cant methyl bromide conversion on, 
the order of 20% is noted, With a high selectivity toWards C5+ 
products. Notably, in the case of the alkyl bromide reaction 
over the preferred Zeolite ZSM-5 catalyst, cycliZation reac 
tions also occur such that the C7+ fractions are composed 
primarily of substituted aromatics. At increasing tempera 
tures approaching 300° C., methyl bromide conversion 
increases toWards 90% or greater, hoWever selectivity 
toWards C5+ products decreases and selectivity toWards 
lighter products, particularly undesirable methane, increases. 
Surprisingly, very little ethane or C2,-C3 ole?n components 
are formed. At temperatures approaching 450° C., almost 
complete conversion of methyl bromide to methane occurs. In 
the optimum operating temperature range of betWeen about 
300° C. and 400° C., as a byproduct of the reaction, a small 
amount of carbon Will build up on the catalyst over time 
during operation, causing a decline in catalyst activity over a 
range of hours, up to hundreds of hours, depending on the 
reaction conditions and the composition of the feed gas. It is 
believed that higher reaction temperatures above about 400° 
C., associated With the formation of methane favor the ther 
mal cracking of alkyl bromides and formation of carbon or 
coke and hence an increase in the rate of deactivation of the 
catalyst. Conversely, temperatures at the loWer end of the 
range, particularly beloW about 300° C. may also contribute 

Mar. 24, 2011 

to coking due to a reduced rate of desorption of heavier 
products from the catalyst. Hence, operating temperatures 
Within the range of about 150° C. to about 450° C., but 
preferably in the range of about 300° C. to about 400° C. in the 
second reactor 34 balance increased selectivity of the desired 
C5+ products and loWer rates of deactivation due to carbon 
formation, against higher conversion per pass, Which mini 
miZes the quantity of catalyst, recycle rates and equipment 
siZe required. 
[0047] Where a catalyst is selected to form ole?ns in reac 
tor 34, it is preferred to operate second reactor 34 at a tem 
perature Within the range of about 250° C. to 500° C. Tem 
peratures above about 450° C. in the second reactor can result 
in increased yields of light hydrocarbons, such as undesirable 
methane and also deposition of coke, Whereas loWer tempera 
tures increase yields of ethylene, propylene, butylene and 
heavier molecular Weight hydrocarbon products. Notably, in 
the case of the alkyl bromide reaction over the preferred 10 X 
Zeolite catalyst, it is believed that cycliZation reactions also 
occur such that the C7+ fractions contain substantial substi 
tuted aromatics. At increasing temperatures approaching 
400° C., it is believed that methyl bromide conversion 
increases toWards 90% or greater, hoWever selectivity 
toWards C5+ products decreases and selectivity toWards 
lighter products, particularly ole?ns increases. At tempera 
tures exceeding 550° C., it is believed that a high conversion 
of methyl bromide to methane and carbonaceous, coke 
occurs. In the preferred operating temperature range of 
betWeen about 300° C. and 450° C., as a byproduct of the 
reaction, a lesser amount of coke probably Will build up on the 
catalyst over time during operation, causing a decline in cata 
lyst activity over a range of hours, up to hundreds of hours, 
depending on the reaction conditions and the composition of 
the feed gas. It is believed that higher reaction temperatures 
above about 400° C., associated With the formation of meth 
ane favor the thermal cracking of alkyl bromides and forma 
tion of carbon or coke and hence an increase in the rate of 
deactivation of the catalyst. Conversely, temperatures at the 
loWer end of the range, particularly beloW about 300° C. may 
also contribute to coking due to a reduced rate of desorption 
of heavier products from the catalyst. Hence, operating tem 
peratures Within the range of about 250° C. to about 500° C., 
but preferably in the range of about 300° C. to about 450° C. 
in the second reactor 34 balance increased selectivity of the 
desired ole?ns and C5+ products and loWer rates of deactiva 
tion due to carbon formation, against higher conversion per 
pass, Which minimiZes the quantity of catalyst, recycle rates 
and equipment siZe required. 
[0048] The catalyst may be periodically regenerated in situ, 
by isolating reactor 34 from the normal process How, purging 
With an inert gas via line 70 at a pressure in a range from about 
1 to about 5 bar at an elevated temperature in the range of 
about 400° C. to about 650° C. to remove unreacted material 
adsorbed on the catalyst insofar as is practical, and then 
subsequently oxidiZing the deposited carbon to CO2 by addi 
tion of air or inert gas-diluted oxygen to reactor 34 via line 70 
at a pressure in the range of about 1 bar to about 5 bar at an 
elevated temperature in the range of about 400° C. to about 
650° C. Carbon dioxide and residual air or inert gas is vented 
from reactor 34 via line 75 during the regeneration period. 
[0049] The e?luent Which comprises hydrobromic acid and 
higher molecular Weight hydrocarbons, ole?ns or mixtures 
thereof is WithdraWn from the second reactor 34 via line 35 
and is cooled to a temperature in the range of 0° C. to about 
























